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Transactions of The Institution of Chemical Engineers 


EDITORIAL 
Sixty Years of Publication 


Close on the heels of the Jubilee celebrations of the 
Institution comes the sixtieth anniversary of publication 
of The Transactions. Under its new title of Chemical 
Engineering Research and Design the journal will con- 
tinue the policy of publishing research papers, review 
papers and book reviews for those interested in inno- 
vation in chemical engineering with a special emphasis 
on applications to design. 

On this occasion a look back at previous issues is 
fascinating. Volume | (1923) is a slim volume of 120 
pages containing only four papers in addition to a 
history of the formation of the Institution and a bibli- 
ography of filtration and allied subjects covering the 
period 1900-23. There is a massive article (87 pages) on 
“Industrial Oxygen” by T. Campbell Finlayson and the 
remaining three papers were all contributed by M. B. 
Donald. Two (on absorption towers and filtration) arose 


from his MS studies at MIT and the other is a review of 


the then state of knowledge on corrosion. In all, the first 
volume has a distinctive chemical engineering flavour. 
The anonymous editor of 1923 had set a pattern for his 
successors to follow. 

Ten years later The Transactions had grown to 228 
pages and 16 papers. The Honorary Editor was S. G. M. 
Ure (who had been awarded the Osborne Reynolds 
Medal in 1932 for his work as editor) and the papers 
covered a range of subjects from sewage disposal, 
through the metallurgy, mechanical properties and cor- 
rosion of materials of construction, to sedimentation. 
The Moulton and Junior Moulton Medals were estab- 
lished by now and the Junior medal was awarded in 1933 
to E. H. T. Hoblyn for his paper on “Solvent Extraction 
of Sulphur from Sicilian Ores”. This contribution was 
based on Hoblyn’s PhD thesis—a route to publication 
since followed by many authors. 

Not surprisingly the 1943 issue is very slim, contain- 
ing 9 papers in 60 pages. The Honorary Editor (and 
Recorder) A. Parker produced, at the height of the War, 
a volume which included not only papers on familiar 
topics such as solvent extraction, multiple-effect evapo- 
ration and the mixing of solids (by P. M. C. Lacey) but 
also forward looking articles on “The Future of the 
Chemical Industry” by Lord McGowan and “Petroleum 
as a Base Material for Chemical Industry” by J. C. G. 
Boot. 

By 1953 the post-war developments foreshadowed in 
1943 brought a 400 page volume containing 28 papers 
under the editorship of J. M. Pirie. The journal was now 
a quarterly and is perhaps most notable for two aspects. 
The majority of papers were now contributions submit- 
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ted for publication rather than first read at meetings, and 
the authors include a number of members who con- 
tributed notably to the growth and development of the 
profession at and after this period such as J. M. Coulson, 
N. L. Franklin, D. C. Freshwater, F. H. Garner, G. G. 
Hasledon, J. M. Pirie and F. E. Warner. 

At the publication of Volume 41 (1963), still under the 
editorship of J. M. Pirie, the Institution has already 
established a sister journal The Chemical Engineer. De- 
spite this counter-attraction The Transactions main- 
tained its size at 396 pages but, significantly, the number 
of papers published rose to 40. In response to the rising 
of number of papers submitted for publication, the 
editor (then as now) was obliged to limit the length of 
papers. The lengthy, more discursive (more informa- 
tive?) papers of previous decades were a form which 
could no longer be afforded. One further point of note 
is that at least five papers included “Design” in their 
titles. 

This upward trend was continued in 1973 under the 
editorship of D. Harrison. Fifty-six papers were pub- 
lished in 378 pages and the Annual Report promised an 
effort to reduce the backlog of papers awaiting publica- 
tion. To some extent the increase was also due to the 
advent of the Shorter Communication, a form of publi- 
cation which continues to be useful and popular. 

We hope that the journal will continue to develop and 
adapt to the needs of the profession in the future as well 
as it has in the past sixty years. An important aspect of 
development is its international dimension. The Trans- 
actions ceased some time ago to be only the domestic 
house journal of the Institution. Chemical Engineering 
Research and Design will seek to increase its inter- 
national appeal to both authors and readers. Associate 
Editors have been appointed in a number of countries 
who will review papers and advise potential authors 
From 1983 overseas subscribers will be able to obtain the 


journal more easily through our new association with 


Pergamon Press Ltd. Information on this service to 
subscribers appears inside the back cover. 

In the international context it is a happy (and in no 
way contrived) coincidence that the first issue of Chem- 
ical Engineering Research and Design contains papers 
from Belgium and France, Saudi Arabia, India and 
Australia as well as from the four home countries 
England, Northern Ireland, Scotland and Wales 


Brian Gay 
Hon. Editor 





Chemical Engineering Research & Design 
Notes for Authors of Papers and Shorter Communications 


Editorial Standards 

1. Papers and Shorter Communications published in the 
Journal will be original contributions to chemical engineering 
knowledge, not previously published. They may include the 
results of research or experimental work which throw new light 
on established principles, or which are the basis for novel 
theory or speculation. They may deal with new developments 
of plant or processes if these developments are related to 
underlying principles and can be given quantitative expression. 

Papers which identify problems not yet solved, or which 
indicate those practical areas to which research effort may 
usefully be applied, are also invited. Papers from industry and 
from research establishments are particularly welcome. 


2. Authors need not be members of the Institution. 


3. Papers should not normally exceed 4000 words, including 
Appendices. 

4. The Editorial Board will welcome Shorter Communi- 
cations (approximately 2000 words) for consideration for 
publication. A fast refereeing procedure has been arranged for 
such Communications. 


5. Papers and Shorter Communications must be in English. 


6. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. 


Manuscript Requirements 

1. The text should preferably be typed, on one side of the 
paper, double-spaced and with adequate margins to allow for 
revision and copy preparation marks. 


2. A summary, preceding the text, should briefly describe 
the essential original contents of the paper. 


3.. Mathematical expressions can sometimes be more easily 
interpreied by the printer if carefully written by hand. Care 
must be taken to see that all symbols are unambiguous (e.g. the 
subscripts O for oxygen, o for outlet, 0 for initial value). Where 
many equations appear, a list of the symbols used should be 
inserted at the end of the paper. 


4. SI units should a/ways be used. The negative index 
notation is preferred to the oblique stroke (ms~' not m/s). 
British Standards Institution publication PD5686 “The Use of 
Si Units” is an appropriate standard. 


5. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 
numbers, followed by name and town of publisher in the case 
of a book. 


6. Tables should be typed on separate sheets at the end of 
the manuscript and not be interspersed in the text. Each table 
must have a heading as well as a number, and column headings 
should not be abbreviated excessively. Tabulated data should 
not duplicate values detailed in the text or on graphs. 


7. Drawings submitted should be clear and complete but 
need not be in a form suitable for direct reproduction, since 
they can be traced and re-lettered for this purpose by the 
publishers. 


8. Photographs should be restricted to the minimum neces- 
sary. Each print should be separate and be whole-plate or 
half-plate size. If lettering or other marks are to be super- 
imposed on a2 photograph, two copies are requested, one with 
and one without inscription. 


Submission of Papers 


1. Three copies of each Paper or Shorter Communication 
should be sent to 


The Honorary Editor, 

Chemical Engineering Research & Design, 
institution of Chemical Engineers, 

George E. Davis Building, 165-171 Railway Terrace, 
Rugby CV21 3HQ, England 


In regions where there is an Associate Editor they may be 
sent to the local editor as follows: 


Australia: 

Prof R. G. H. Prince, 

Department of Chemical Engineering, 
University of Sydney, 

Sydney 2006, New South Wales, Australia. 


Continental Europe: 

Prof Dr J. R. Bourne, 
Technisch-Chemisches Laboratorium, 
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Switzerland. 
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School of Engineering, 

University of Canterbury, 
Christchurch 1, New Zealand. 

USA: 

Prof J. O. Wilkes, 

Department of Chemical Engineering, 
The University of Michigan, 

Ann Arbor, Michigan 48109, USA 


2. A full address to which readers may send correspondence 
should be specified, including the post code. The address at 
which the work was carried out, if different, should also be 
indicated. Where there are several authors, one should be 
nominated to check proofs and to receive all correspondence. 


3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
cannot be incorporated at this late stage without incurring 
higher printing costs, and extensive alterations would necessi- 
tate postponement of publication of the paper to a later issue. 


4. Following publication the nominated author will receive 
50 off-prints of the paper ( or 25 where there is just one author). 
Any further off-prints required should be ordered at proof 
stage. Reprints, ordered after publication, are more expensive. 





CHARACTERISTIC VARIABLE, PREDICTION AND 
SCALE-UP FOR HEAT TRANSFER TO COILS 
IN AGITATED VESSELS 


Part I: Newtonian Fluids in the Turbulent 
Region 


H. DESPLANCHES, M. BRUXELMANE, J. L. CHEVALIER and J. DUCLA 


Faculté Polytechnique de Mons, Belgium and Faculté de Saint Jérome, Marseille, France 


Heat transfer coefficients } between a helical coil and an agitated Newtonian fluid were measured in the turbulent region. 
Pitched-blade, disc and hub mounted flat-blade turbines were used. The effects upon / of the height of liquid in the tank, 
of the impeller rotational speed, diameter, height and number of blades, as well as of the coil tube, the mean helix and 
the vessel diameters were determined. The main characteristic variable which controls the value of / is the mean fluid velocity 
in the vicinity of the coil. Henceforth, the influence of impeller geometry on / can be predicted, the scaling up and design 
rules can be obtained and the determination of the optimal geometry of the stirring system, at any scale, becomes possible. 


INTRODUCTION 

The geometrical and operating parameters character- 
ising the performance of a stirred tank are numerous. 
Consequently, a rational approach of a mixing system 1s 
difficult considering the multiplicity of factors that must 
be taken into account and that can be modified. Before 
being able to specify the value for these factors, the 
design engineer must decide upon the two following 
items: 

1. Selection of the impeller type. 

2. Ascertainment of the optimum geometry and 

operating conditions of the stirred tank. 


The achievement of these two objectives involves many 
interdependent considerations, as follows: 


(a) First, the exact purposes of the mixing operation 
considered must be defined. This requires 
specification of the design parameters and the 
hydrodynamical actions required from the mixer. 
it is then necessary to determine the characteristic 
variables which control the value of the design 
parameters to achieve the desired process results. 
These variabies could be, for example, the power 
per unit mass, the Froude number or the mean 
liquid circulation velocity. 

Then, scale-up criteria and (at a given scale) 

design criteria can be specified. 

Finally, the following factors must be taken into 

account: 

(i) mechanical considerations (i.e. torque, shaft 
critical speed, . . .), 

(ii) economical aspects (i.e. investment, power 
consumption, . . .), 


(ili) Operating constraints (corrosion problems, 
abrasion of particles, limited shear 
rates, .. .). 


This paper is concerned with heat transfer between 
agitated Newtonian liquids and a helical coil. In this 
case, the value of the process side heat transfer 
coefficient h or more exactly the product HA, quantifies 
the purpose of the mixing operation considered. The 
characteristic variable which controls the value of / in 
the turbulent region will be specified. For this purpose, 
the effects of the following parameters upon A were 
investigated: rotational speed N, diameter d, height C 
and blade number n, of 45 degree pitched-blade turbines 
(PBT) pumping downwards, as well as coil tube diameter 
d., mean helix diameter D., height H, of liquid in the 
tank and vessel diameter D. Experiments were also 
carried out with a hub mounted flat-blade turbine (FBT) 
and a Rushton disc turbine (RDT). The PBT’s are 
circulation axial flow impellers whereas the FBT’s and 
RDT’s are shear radial flow impellers. 

The experimental results will lead to a general scale-up 
and design criterion. Furthermore, it appears that this 
study will also furnish the information needed for selec- 
tion of the impeller type and for specification of the 
optimum geometry and operating conditions of the 
mixer, at any scale; mechanical, economical and 
operating considerations being also taken into account. 


EXPERIMENTAL EQUIPMENT 


Measurements were carried out in two batch 
cylindrical standard vessels (H,/D = 1) filled with a 
Newtonian liquid (water or dilute aqueous solutions of 
sodium alginate). The vessel bottoms were flat; the heat 
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Table 1. Geometrical characteristics of the stirred tanks used 


Vessel | 


Tank 

Diameter D (m) l 
Liquid height H, (m) | 
Volume V,; (m°*) 0.765 
Number of baffles ng, 4 
Baffle width B (m) 0.083 
Coil 

Mean helix diameter D. (m) 0.815 
Helix height H, (m) 0.808 
Helix clearance C,, (m) 0.1 
Outside tube diameter d. (m) 0.018 
Coil pitch p. (m) 0.054 


Impellers 

PBT, FBT and RDT 

Diameter d (m) 0.33 
0.417 
0.50t 

Blade number n, 4; 6 

Blade width » 


{PBT d 


Height C for ) FBT H,)3 


Vessel 2 Vessel 1 Vessel 2 


0.63 
0.63t 
0.190 
4 

0.053 


0.51t 
0.5 
0.07 
0.012t 
0.036 


0.21 
0.33t 


0.3337 
0.524+ 


4+; 6T 
w/d 1/5 
dt C/d l 
C/A, 1/3 


+ Not for FBT and RDT; moreover, for RDT: 1, = 6; d/l/w = 20/5/4. 
t The effect of this parameter upon A was also investigated (see the section on 
effects of geometrical parameters, and Table 4). 


transfer surface was a copper helical coil immersed in the 
agitated liquid. Four baffles were placed symmetrically 
inside the coil. The impeller rotational speeds were 
varied from 33 up to 360 rpm (Re > 10* for FBT and 
RDT: Re >2 x 10* for PBT). Geometrical character- 
istics of the stirring systems used are presented in Tables 
1 and 2. 

Volumetric flow rate of cooling water inside the coil, 
Q., was kept constant and measured with a flowmeter. 
The water inlet and outlet temperatures 6;, and 6;, were 
determined by two thermocouples. Six thermocouples 
placed inside fine copper tubes at different axial 
locations (r/R = 0.54; h,/H, = 0.1; 0.5; 0.7), as well as 
different radial locations (/,/H, = 0.33; r/R = 0.36; 0.54; 
0.92) allowed the mean temperature @ of the agitated 
liquid to be calculated. Every thermocouple was 
connected to a data acquisition unit (Schlumberger 
DTU 3240). 

Periodically, during each cooling transitional test, the 
temperature measurements were registered on punch- 
tape. As a result, for each experiment, about twenty sets 
of measurements allowed computation of the same 
number of fh values. Measurements showing large 
deviations were discarded. 


CALCULATION OF THE COIL PROCESS 
SIDE HEAT TRANSFER COEFFICIENT 
For each set of measurements, two instantaneous 

values of the total rate of heat transfer g were calculated 
as follows: 

ie O05 pC, (Gi, 7 6:5) 

weal | 

q=V, pC, 7 + du 
These two relationships consider the liquid inside and 
outside the coil, respectively. In the second equation, V, 


Table 2. Coil geometries used in vessel 2 
DjJD JD CJD «a, <dj/D 
0.87 0.83 0.0505 0.019 
0.8 0.79 0.1 0.019 
0.61 0.83 0.06 0.019 


0.43 0.83 0.06 0.019 
0.8 0.84 0.056 0.0286 


is the volume of the stirred liquid and qy takes into 
account heat losses through the vessel wall and the 
energy dissipated into the liquid by the impeller. The 
thermal inertia of coil and vessel were neglected. In the 
above equations, (6,, — 6,,) and d@/dt were determined 
from polynomial fittings of graphs 6; — 0,,=/,(t) and 
6 =/f,(t). The overall heat transfer coefficient U is 
related to the mean value of g and to the heat transfer 
area A,, by the following relation: 


‘i ~—4, 


Ay eneiees 
In[((@ — 0;,)/(@ — 0,)) 


The overall resistance to heat transfer may be split into 
three components: the process side film resistance, the 
wall conduction term and the coil inside film resistance. 
Fouling is assumed to be negligible. Consequently, one 
can write the following relationship: 





U=q (3) 


1 e, d, ld. 
hi de 


hh, dim 


In(h,/h;,,) 
“EE: no (4) 
«( * in[@ — 0,)/0 — a3) 


For the inside film resistance of the coil, a linear 
relationship between h; and the temperature 6; of cooling 
water was assumed. Heat transfer coefficients h,,, h,. and 
h,, corresponding respectively to the temperatures 6;,, 6; 
and @ were calculated by using a modified form of the 
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Dittus—Boelter equation: 


La 40 p;\°"* Ul "i 04 Z 
h, = 0.023 F —— —P — 5 
; , (* nd,; } A d, 


The term A was determined by a modified Wilson 
method' (e.g., A, = 1.03 for coils presented in Table 1). 
Therefore, 4 could be calculated. 





POSSIBLE CHARACTERISTIC VARIABLES 


The published correlations are usually presented in a 
generalised form resulting from dimensional analysis as 
follows: 


Nu = of Re* Pr’ Vi? MG?! MG (6) 


in which Nu, Re and Pr are respectively the Nusselt 
number, the agitation Reynolds number and the Prandtl 
number, at bulk temperature 0, while Vi is the ratio of 
the viscosities of the agitated liquid at bulk temperature 
(8) and at the heat transfer surface (@,), and the MG, 
terms are dimensionless geometrical factors. 

Concerning the correlations available in the scientific 
literature, it must be noted that: 


(a) The number of parameters actually investigated 
is often limited 

(b) Experimental studies at two scales have rarely 
been performed 

(c) This type of equation does not relate the heat 
transfer coefficient to a characteristic variable. 
For instance, the Reynolds number does not 
characterise perfectly the impeller action, because 
the ratio d/D is generally one of the corrective 
factors MG, 
Although several authors**'***? *'*" have pointed 
out the effect of some geometrical factors upon h, 
no explanation for their influence has usually 
been proposed. 


The first purposes of this paper are to define the main 
characteristic variable for h in order to go beyond 
dimensional analysis and to develop a_ general 
correlation, at least independent of impeller geometry. 

Calderbank’, using the Kolmogoroff theory of local 
isotropy, proposed the following general equation, 
which is valid irrespective of the geometry of the agitated 
system: 


h/pC, = 0.13[(P/V,)(u/p?)]!* Pr?” (7) 


The term P/V, is the power per unit volume. The 
characteristic length considered is the scale of energy 
dissipating eddies. Other authors* ° have also presented 
heat transfer correlations containing the term P/V,. The 
use of P/V, as characteristic variable is attractive con- 
sidering the high value of the liquid turbulence intensity 
in agitated tanks. 

Another possibility is to consider the mean circulation 
velocity v, in the vicinity of the heat transfer surface. 
This variable is related (for a given value of D./D) to the 
total circulation flow rate Q. of the liquid in the vessel 
by the following relation: 


v. = kQ./D*? =kN,.Nd*/D° (8) 
where Q0.= 0, + Qi. 
Chem Eng Res Des, Vol. 61, January 1983 


The proportionality constant k depends upon the 
geometry of the agitated system. However, as a first 
step, consideration will be given only to geometrical 
parameters that do not appreciably affect the liquid flow 
pattern in the tank or the location of heat transfer area 
with respect to the liquid flow pattern (see later). Then, 
it will be assumed that for a given type of impeller, k is 
constant. Q; is the liquid flow rate induced by Q,, the 
pumping flow rate of the impeller. The circulation 
number JN... is independent of Re in the turbulent region; 
it is only a function of the geometry of the stirred tank. 
This has led the authors to propose the circulation 
Reynolds number Re, as characteristic variable for Nu: 


Re, = pv.d,/u = pN,,Nd?d./uD? (9) 


The coil tube diameter d. is selected as characteristic 
length of heat transfer area. This is a similar situation to 
that of forced heat transfer between a single tube and a 
crossflowing liquid. Moreover, as a simplification, the 
proportionality constant k in Equation (8) was taken 
equal to |. 

In the following, it will be specified which of the two 
parameters P/V, or Re, is effectively the characteristic 
variable. 


EXPERIMENTAL RESULTS 


Correlations for Reference Impellers 


Two forms of correlation were used to fit the experi- 
mental results: 


Nu = oJ Re* Pr®* vi°? (10) 
Nu =(B Re®” + @ Re) Pr®* vi?” (11) 


The values for o& and x, as well as those for 
B and ©, were obtained by linear regression. They 
are presented in Table 3, for the main impellers used. 
Table | lists the complete dimensions of the correspond- 
ing agitated system. 

Since all experiments were performed by cooling, the 
values of Vi were confined to a very narrow range 
(0.55 < Vi < 0.95). Also, the value of the exponent z of 
Vi had little effect on the accuracy of the fitting. The 
value of z was selected as 0.2, which was precisely 
determined’ in the transitional range, from cooling and 
heating experiments. 

Values of the exponent y for the Prandtl number close 
to 0.4 (0.4 to 0.44 + 0.032) were obtained in correlating 
the experimental results. In equations (10) and (11), y 
was specified as constant for the sake of standardisation. 
Experimental values of y close to 0.4 have also been 
proposed in the scientific literature® '’. It must be noted 
that in the turbulent region, many authors did not 
determine their proposed value of y. Instead, they simply 
assumed a value y = 0.33, which has no theoretical 
foundation. 

The values of x appear to be somewhat high. 
However, similar values were proposed for propellers 
(Skelland’: x = 0.69) and for FBT (Appleton'': x = 0.7). 
Furthermore, the values of x and y are interrelated. In 
our case, when y rises from 0.333 to 0.4, x is increased 
by at least 0.05. It should also be remarked that a lower 





6 DESPLANCHES, BRUXELMANE, CHEVALIER AND DUCLA 


Table 3. Experimenial correlations for reference impellers: equations (10) and (11). All the dimensions of the corresponding agitated vessel 
are given in Table |. 


Experimental conditions 
Impeller m Re Pr 


4-PBT 41 22342- 4.23 
521594 40.8 
22029- 4.49- 
665097 45.4 
18415- 4.53 
817854 54.6 


4-PBT 41 


4-PBT 5 27 


6-PBT 0.33 41 19460 4.35- 
478995 47.8 
12961 4.58- 


473068 48.8 


4-FBT 0.33 52 
+ Imposed value during the fitting. 


value of x is obtained with the 4-PBT when d/D = 0.5. 
Generally, for a given impeller type (PBT, FBT or 
RDT), it was noted that x was a little higher when the 
interactions of the circulation flow with the coil tubing 
became more important (e.g., a larger d, and a smaller 
C, or d/D). Finally, it was observed that x increased 
with Re. This is the reason why correlation (11) was 
utilised, which allowed this fact to be taken into account. 
As in the case of the classical correlation (10), equation 
(11) contains only two parameters but it generally 
improves the fitting of experimental results (see Table 3). 
Furthermore, it was also used in heat transfer between 
a single tube and a crossflowing liquid'*"’. 


Effects of Geometrical Parameters upon /: 


The effect upon / of the PBT geometrical parameters, 
which can be expressed by a power law (sometimes only 
in a limited range), are presented in the third column of 
Table 4. The corresponding geometries and operating 
conditions are briefly specified in the first two columns. 
The values of the missing geometrical parameters are 
indicated in Tables | and 2. N.B. The effect of H,/D 
upon A was investigated with the coil No 5. The value 
of C,; was kept constant, whereas H, — C., was varied. 
If H, < 0.88 D, the liquid free surface and the circulation 
flow from the vessel peripheral zone crossed the coil. 

Measurements of local heat transfer coefficients 
between the agitated liquid and a small cylindrical 
heater, which simulated a differential length of a helical 
coil, also confirmed several experimental results of 
Table 4. These measurements also revealed that: 


h =(p./d.)° for 


(where =~ indicates proportionality). 
The effects of d/D, C/d and D./D upon h are more 
complex and are discussed hereafter. 


Effect of d/D (0.33 < d/D <0.5). 

When d/D is higher than 0.41, its effect upon / is more 
pronounced. This particular behaviour is defined in 
terms of an exponential function in Table 4. 


Effect of C/d (0.4< C/d < 2.5). 

Figure 1 illustrates the effect of C/d upon A, for a 
6-PBT (coil No 5). The optimum value of C (for the coil 
geometry used) corresponds to C/d ~ 0.62. The most 
unfavourable impeller positions are the mid-level of the 


1.5 <p,/d. <3 


Experimental results 


A x 100 A B 


0.00752 2.93 0.0543 + 
0.0029 
0.0533 + 
0.0039 
0.073 + 
0.0058 


0.00689 3.95 
0.013 


0.00823 
0.00784 0.0576 + 
0.0052 

0.0583 + 


0.0026 


0.01176 


liquid (C/d=1.5 for the agitator 
proximity of the free surface. 


Effect of D./D (0.41 < D./D < 0.87) 

The effect of D./D upon A was investigated in the tank 
No 2, which was equipped with a 6-PBT (d/D = 0.33). 
The dimensions of the coils are given in Table 2. For 
D,./D = 0.41, the baffles had to be placed outside the coil. 
The effect of D./D is presented in Figure 2. It can be 
characterised by multiplying the value of Nu, cor- 
responding to D./D =0.8, by the corrective factor F., 
defined as follows: 


F. = 2.766(D./Dy — 3.488 D./D + 2.05 (12) 


The minimum value of / was found to occur at 
D./D = 0.63. 


Definition of the Main Characteristic Variable 

To define the characteristic variable, consider first by 
examining Table 4, the effect upon / of the impeller 
rotational speed N and the geometrical parameters d, n,, 
C, d., H, and D. The effects calculated with the charac- 
teristic variables Re. (circulation hypothesis) and P/V, 
(turbulence hypothesis) are presented in the fourth and 
fifth columns of Table 4. 

The estimates corresponding to the circulation 
hypothesis were calculated from data obtained in baffled 





25%] 
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Figure |. Influence of C/d on h (D=1m; 6-PBT: d/D =1/3; 
Re = 170000; see Table | for the other dimensions) 
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Figure 2. Influence of D./D on h (D =0.63m; 6-PBT: d/D = 1/3; 
2 x 10* < Re <8 x 10*; see Tables 1 and 2 for the other dimensions). 


tanks without a helical coil! These data came from 
several sources: 


(a) total circulation flow rate Q, 

(b) agitator pumping rate 0, 

(c) mixing time fy 

(d) minimum stirrer speed N., for complete homo- 
geneity of suspension 


This is justified since for a given tank, with im -ellers of 
a given type (strictly if d and C are cons.-nt), one 
observes that: (a) the ratio Q./Q, is practically constant, 
(b) ty + O-' {Refs 14-17, etc}, (c) Noy + O-' {Refs 16, 
20, 35}. 

It should be noted that in order to express the effect 
of H, upon h according to the circulation hypothesis, the 
following assumptions were made: 


(a) N,.=constant regardless of the value of H,/D. 
(6b) t,=mean circulation time = V,/Q.. 
(c) /.=length of the mean 
path + (D +2H,). 
(d) thus 
v. =1,/t,+(1+2H,/D)/(A,/D) ~ (H,/D)~°* for 
0.46<H,/D <1. 


circulation 


Results arising from the turbulence hypothesis were 
obtained from power data, by considering h + (P/V,)*°. 
Estimations of Table 4 reveal that the turbulence 
hypothesis is not valid. On the other hand, the agree- 
ment between the experimental effects and those 
predicted from the circulation hypothesis is excellent. 
Consequently, contrary to what might be expected, it is 
the mean fluid velocity which controls the value of h. The 
turbulence around the coil tubing appears to have 
limited effect upon A. 
For pitched-blade turbines, the following general 
correlation: 
Nu = 0.218 Re?” Pr°4 Vi°? (13) 


can then be proposed with N,, = 0.31 (D/d)n*(d,/d)’; 
177 < Re, < 5534; d/D < 0.41; 4<n, < 6; s = 0.05. The 
other geometrical parameters are listed in Table 1. 
Equation (13) is the result of 199 experiments with five 
different impellers in two vessels. The present 
investigation permits a generalisation of relationship 


(13), by considering that: 
v. + (D/d)n??(C/d)-°'" (d/DY 
x (p./d.)’ (2 + D/H.) Nd?/D? (14) 


with 3<n, <6; 1<C/d<1.7; 0.018 <d/D < 0.029; 
1.5<p/d.<3; 046<H,/D<1; and that F. may 
characterise the effect of D,/D on Nu. For d/D > 0.41, 
it may be assumed that N,. + (D/d)°’. 

The validity of the circulation hypothesis is also 
confirmed by the results published in the scientific 
literature for six blade disc turbines and propellers (see 
Table 5). 

Furthermore, despite the rough approximation 
concerning the average value of liquid velocity in the 
vicinity of the coil (v.=@Q,/D’), the circulation hy- 
pothesis is also quite valid when the heat transfer 
performances of the PBT, and either FBT or RDT, are 
compared (see Table 6). The calculations were 
performed with: Q./Q, = 1.65 for PBT; Q./Q, = 1.8 for 
FBT and RDT; (N,.)orot = (Nocdo-rer; the average value 
x =0.7, in the comparison of the axial and radial 
impellers. 

The  resuits of Appleton'’ (H,/D = 1.22; 
D./D = 0.667; H./D=1.11; 4x 10*< Re < 1.8 x 10°; 
Y = H,/2) obtained with a 3-PBT (d/D = 0.389) and a 
6-FBT (d/D = 0.33; w/d =0.25) also corroborate the 
circulation hypothesis. The experimental and estimated 
values Of /pgy/hpgr are respectively equal to 1.3 and 1.35 
(with x = 0.7). 

Finally, the agreement among the values of the heat 
transfer coefficients obtained in our laboratories'’ 
for a non-standard geometry (H,/D = 0.432; d/D = 
0.347; w/d = 0.146), and those estimated from the actual 
standard geometry by using’ the circulation 
hypothesis is reasonable. Unquestionably, the difference 
(— 16°.) arises from the exceedingly small value for 
C,(C,/D =~ 0.01!) in the non-standard vessel. 

Consequently, all the experimental results indicate 
that for heat transfer between a helical coil and a stirred 
Newtonian liquid, in the turbulent region, the circulation 
Reynolds number is the main characteristic variable 
which fixes the value of the Nusselt number. This result 
allows us: 


(a) To increase greatly the prediction possibilities of 
the effects of at ieast the impelier geometrical 
parameters upon h. Indeed, in a given tank, pv, is 
also the main characteristic variable for the 
homogenisation of miscible liquids and the 
production of a homogeneous _liquid—solid 
suspension. This is clearly proved by the 
calculations from circulation hypothesis in Tables 
4 and 5. Thus, theoretically, information con- 
cerning the effect of a geometrical parameter on 
one of the variables Q., Q,, ty. Ncw or A can be 
used to forecast how the same geometrical 
parameter affects the others. 

To test the correlations proposed in the scientific 
literature for h, Q., Q,, ty and Ney. In Table 5, 
for instance, the effect of the propeller pitch p 
upon h, proposed by Skelland*', seems to be 
exaggerated. This results from the fact that this 
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Table 6. Comparison of heat transfer performances of two pitched-blade turbines (PBT), a hub 
mounted flat blade turbine (FBT) and a Rushton disk turbine (RDT) in the larger vessel 
(D =1m; d=D/3; 5x 10*< Re <5 x 10°) 


h,/h, (N = const) 


Experimental conditions - 
Circulation 
hypothesis 


Turbulence P,/P, 

hypothesis (A = const) 
4-FBT 1.01+0.05 0.995 {27°} ; {28} .36 {28} 
4-FBT 1.1+0.05 Lil {2 32 {28} 3 {28} 
6-PBT 6-RDT 0.933 1.06 {28} 39 {28} 
4-PBT 6-RDT 0.848 0.95 0.926 {28} 42 {28} 


a Ee wer a 
Data derived from Q,. 


Impeller | 


4-PBT 
6-PBT 


Impeller 2. Experiment 


Table 7. Influence of some FBT parameters investigated by Nagata*’ upon the coil process 

side heat transfer coefficient A. Test of the experimental results by the circulation hypothesis 

(Newtonian liquids; turbulent region; H,/D = 1.333; dished bottom; ng=4; B= D/10; 
D./D =0.75; H,/D = 0.766; C,/D = 0.266; C/D = 0.66) 


Experimental conditions 


Fixed 


parameters 


Investigated 

parameters 
d/D =0.25; 
0.33; 0.41 


n,=4, C=H/2 


w/d = 0.0666; 
0.1; 0.133; 0.2 
d=D/2 n,= 2; 3; 4; 6; 16 


d=D/2; n,=4 


? H/D =? 


Experimental 


h ~ (Nd?) 
x = 0.56 (') 


h ~(w/dy? 
H +n‘? 


h +(H,/D)-°* 


Influence on A of the parameters investigated 


From circulation hypothesis 
h +(Nd'’)* {453} 

+ (Nd’y" 

= (Nd? 29)x 
h +(w/dy*® 


h-n®"" 
).36 


+n? 
h + (H,/D)°” 


The circulation hypothesis has been applied with x = 0.66. 
«<< Data derived from Q., Q,, ty, Ncw respectively. 


author carried out his experiments with two 
different coils and did not consider the effects of 
D.. H, and C; upon h. In the same way, the 
results presented by Nagata“ for the FBT are not 
quite reliable (see Table 7). First, the value of the 
exponent x for Re is abnormally low. Also, the 
effect of H,/D upon h does not agree with the 
circulation hypothesis. For the 4-PBT, the same 
author™ proposed h + (sin «)°° for 30 <a < 90°. 
The agreement with circulation hypothesis”’ is 
excellent for « < 60°. On the other hand, for 
4 > 60°, the relationship is not valid. Conversely, 
the heat transfer data obtained in_ this 
investigation indicate that the value of N,, used 
for the 6-RDT in Table 5 is too low. This seems 
te be confirmed by Voncken'* who found: 


(Nop)o-RDT = 2 = 1.3(Nop)6-rBt 


Likewise, many values of N,, published in the 
scientific literature for the RDT are apparently 
underestimated. 


Furthermore, although Table 6 points out that the 
circulation hypothesis might be used independently of 
the impeller class (radial or axial impellers), it is recom- 
mended that the prediction of the effects of impeller 
geometrical parameters upon h be based upon reliable 
results with an impeller of the same type (e.g. the 
correlations of Table 3). 


Another Characteristic Parameter 
It must be emphasised that although the bulk circu- 
lation velocity is effectively the main characteristic 
variable, the distribution curve of circulation velocities 


around the coil tubing should be taken into account for 
a rigorous approach to the problem. This is altogether 
an analogous situation to that of the mixing times, for 
which the Voncken model'* '®, for example, considers the 
mean circulation time and the distribution curve of 
circulation time. This corresponds, for a given tank, to 
the mean circulation velocity and the distribution curve 
of circulation veiocity. Consequently, the effect upon h 
of parameters that appreciably affect the liquid flow 
pattern in the stirred tank, such as d and C, is more 
intricate than that estimated from the circulation model. 
The same is true for the case of factors, such as D., H, 
and C,.,, that change the location of the heat transfer area 
in the liquid flow pattern, particularly with respect to the 
“circulation eye(s)” or the impeller pumping flow. In this 
connection, the flow patterns published in the scientific 
literature (for PBT, for instance'***’) are, in practice, 
very interesting. So the effect of d/D, for d/D > 0.41, 
upon hf is due to a translation of the circulation eye to 
the vessel wall and consequently to an enlargement of 
the circulation velocity in the coil zone. In the same way, 
it is normal to find a minimum value of A for 
D./D = 0.63 (d/D being equal to 0.33), since the coil then 
crosses the zone of the circulation eye. When the coil is 
moved away from that zone of reduced circulation, the 
value of A increases. As should be expected, Edney” 
found, for a 6-RDT, an unfavourable effect of D, upon 
h, that is h +(D,/D)~°°”. In the range considered 
(0.458 < D./D < 0.792), when D, is increased, the coil is 
indeed brought nearer to the “circulation eyes” of the 
flow pattern. It is likely that an increase of D./D beyond 
0.8-0.85 should be advantageous. 

In any case, the observed effects of C and D. upon h 
clearly indicate the danger of characterising some 
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geometrical effects by a power law and of using such 
correlations outside the range for which they have been 
established. This is especially the case when the effects of 
the considered parameter upon JN,. and/or the flow 
pattern around the coil tubes are intricate. 


CONCLUSION 

Since Re, is the main characteristic variable for Nu, it 
must be expected that the circulation impellers (i.e. the 
axiai impellers: PBT or propellers) be the most efficient 
and that for a given impeller type, the geometries which 
increase the liquid circulation in the tank be recom- 
mended. This is pointed out in the last columns of Tables 
4, 5 and 6 which give the effect upon P/V, of the 
parameter investigated, 4A,,/V, being kept constant. The 
most important parameters are d, n, (as shown in the 
Tables), as well as « and w/d {Refs 25, 27}. The 
unfavourable effect of an increase of d. upon A and P/V, 
must also be noted (NB: In a given tank, irrespective of 
d., the heat transfer area Aj, is practically constant if D., 
H, and p./d, are constant). However, whereas reduction 
of d. involves an appreciable increase of fA and h,, it has 
the unfavourable effect of increasing the pressure drop 
in the coil. 

On the other hand, the scale-up rule for Nu is 
obviously to keep Re, constant, whatever the impeller 
geometry may be. This corresponds to a constant Re in 
geometrically similar stirred systems. Consequently, the 
normal design procedure should be: 


(a) Utilisation of a correlation or of an experimental 

result obtained from pilot scale in order to cal- 
culate the total rate of heat transfer in the 
geometrically similar industrial agitated system. 
Depending upon the choice of an axial or a radial 
flow impeller, the values of x obtained for either 
PBT or FBT are selected. 
Utilisation of the scaling up rule, A = Re?, in 
order to estimate the effect upon A of a 
modification of the agitated system geometry or 
of the impeller type. For this purpose, the 
correlations for reference impellers as well as 
experimental data and bibliographical references 
given in Tables 4, 5, 6 and 7 will be particularly 
useful. Furthermore, in these calculations, the 
possible effect upon / of the distribution curve of 
circulation velocities around the coil tubing 
should always be taken into account. 


The optimal geometry and operating conditions of 
the agitated system allowing performance at the heat 
transfer capacity required will be ascertained finally 
from mechanical and economical considerations. How- 
ever, it should be recognised that other purposes of the 
mixing operation can also influence the impeller choice, 
as well as the optimal geometry and operating conditions 
of the stirred system. 


SYMBOLS USED 
heat transfer area (m°). 
baffle width (m). 


height of impeller centre line above vessel bottom (m). 
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coil clearance off vessel bottom (m) 

higher level of the coil (m). 

fluid specific heat at the temperature @ (J/kg °C) 
impeller diameter (m) 

vessel diameter (m). 

outside coil tube diameter (m) 

logarithmic mean value of d. (m) 

mean helix diameter (m) 

coil tube thickness (m). 

Nu/(Nu)p. pos 

gravitational acceleration (ms ~ *) 

process side heat transfer coefficient (W/m* °C) 
height of still liquid in tank (m) 

vertical distance from the vessel bottom (m) 
blade length (m). 

dimensionless geometricai factor ( — ) 
number of experimental points 

rotational speed of impeller (rev/s) 

number of baffles. 

number of turns of the coil 

minimum stirrer speed for complete homogeneity of suspension 
(rev/s) 

number of impeller blades 

Q./Nd° = circulation number ( — ) 

hd./A = Nusselt number ( — ) 

propeller pitch (m). 

coil tube pitch (m). 

uC,/A = Prandtl number ( — ) 

total circulation flow rate (m’s~') 

liquid flow rate inside the coil (m°s~') 
impeller pumping rate (m°s~ ') 

radial distance from vessel axis (m) 

vessel radius (m) 

pNd?/y = agitation Reynolds number ( — ) 


pN,.Nd’ d,/uD? = circulation Reynolds number ( — ) 


y {[(calc. value —exp. value)/exp. value]*/m — 1} relative 
standard deviation 
mixing time (s) 
mean circulation velocity of the liquid (ms~'‘) 
liquid volume in the vessel (m°) 
/p, = viscosity ratio ( ) 
Re exponent 
Pr exponent 
Vi exponent 
letters 
pitch angle of blade to horizontal 
average value of the absolute relative error 
fluid thermal conductivity at the temperature 6 (W m 
coil wall thermal conductivity (Wm~'°C~') 
fluid dynamic viscosity at the temperature # (N sm 
p fluid density at the temperature @ (kg m_~ °) 
0 fluid bulk temperature (°C) 
Other notations 
: proportional to 
+ approximately proportional to 
FBT hub-mounted flat-blade turbine 
PBT pitched-blade turbine 
RDT Rushton disc turbine 
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THE ROLE OF CARBIDES IN THE ACCELERATED 
ATTACK OF COBALT-BASE ALLOYS 


By M. E. EL-DAHSHAN 


Chemical Engineering Department, King Saud University, Riyadh, Saudi Arabia 


Alloys based on Co-25%Cr containing 0-2wt%C were investigated in high temperature (800-1200 °C) environments: pure 
oxygen, H,/H,S and sulphidation followed by oxidation. The effects of different chromium levels were also studied under 
the same conditions. In general, carbon in the alloys does not modify the 25wt%Cr required to form and maintain the 
protective Cr,O, layer on the surface of the alloys. The formation of the carbides increases the sulphidation rate; however, 
the effect is not great. In the sulphidation/oxidation treatment the addition of carbon to Co-25%Cr alloys progressively 
increases the oxidation rate, but not to as great an extent as a simple model based on the reduction of the chromium 
activity in the alloy. The presence of the carbides may be harmful in the hot corrosion of superalloys, the effect is, certainly, 
due to the accelerated attack along the chromium rich carbides rather than the chromium depleted matrix. 


INTRODUCTION 


Nickel-base superalloys have been developed from Ni- 
20°,Cr and are strengthened by coherent precipitation of 
yNi,(Al, Ti) produced by the additions of aluminium 
and titanium to the basic composition. There is no 
equivalent strengthening mechanism in_ cobalt-base 
systems, which are strengthened by the addition of a 
solid solution hardener, usually tungsten or nickel, and 
by a carbide dispersion. The carbon content in cobalt- 
base alloys is quite high, typically in the range 
0.25—1.0wt°®, and a variety of carbides are formed. The 
most common is M,,C,, but in addition MC, M,C,, M,C 
are also formed depending on other elements present 
and on metal-to-carbon ratio, M,C, transforms on 
ageing to M,,C, and is thus probably not of great 
importance in a practical situation. A high molybdenum 
content in nickel-base alloys stabilises M,C, and there is 
some evidence that high tungsten contents do likewise in 
cobalt-base alloys. The actual composition of M,,C, is 
little known, and probably depends on the detailed alloy 
chemistry, but Would and Cass' quote the composition 
close to Cr,.Co,(W, Ta), C, in the alloy MM-509. The 
MC carbide is very important in the recent cobalt-base 
alloys’, and is formed by adding strong carbide formers, 
typically Zr, Nb or Ta. In the main, the carbides are 
located between the primary dendrites in the cast struc- 
ture, but the strength can be increased by ageing which 
precipitates fine carbides in the matrix**; this is favoured 
by the higher carbon content’. 

The effect of alloy elements on the corrosion reaction 
is complex, and there is some disagreement as to the 
specific effects of various elements. However, it seems 
that carbon is harmful at least in nickel-base alloys; the 
empirical ‘chromium equivalent’ formula by Rentz® 
suggests that the harmful effect is due to carbon reacting 
with chromium to form stable carbides and thus reduc- 
ing the effective chromium content of the matrix. Blades 
from engines and rig tests have shown preferential attack 
along carbide colonies’*. The aim of the present in- 
vestigation was to establish the behaviour of Co-25°,Cr 
base alloy containing carbon in high temperature en- 
vironments. All the alloys were subjected to three types 


of tests: (a) oxidation in oxygen at atmospheric pressure, 
(6) sulphidation in a wide range of effective sulphur 
pressures and (c) sulphidation followed by oxidation at 
the same temperature. The oxidation of Co-Cr binary 
alloys has been studied by many investigators’ '' and it 
has been reviewed recently by Wright'*. Oxidation 
presents danger, not only when it becomes catastrophic 
and destroys the component or part, but when it be- 
comes great enough to prevent the part from supporting 
its load. Figure 1 summarises the effect of chromium 
additions’. The Co-15%Cr alloy apparently oxidises 
faster than the unalloyed cobalt and exhibits a marked 
oxygen-pressure dependence. The oxidation of this alloy 
results in an outer CoO layer, an inner CoO layer with 
inclusions of Cr,O, and CoCr,Q,, and an internal 
oxidation zone of Cr,O, in the alloy. Both the oxide 
layers contain appreciable porosity, and the morphology 
of the inclusions is a function of temperature. The 
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oxidation of cobalt was found to decrease with in- 
creasing chromium content above 15°. Scales on these 
alloys were found to be two-layered; they contain, 
however, a larger proportion, and more continuous 
layers, of Cr,O, and CoCr,O,. The better oxidation 
resistance of the Co-25°,Cr alloy relative to that of 
Co-10°,Cr alloy is believed to be due to the more 
continuous Cr,QO, layer. 

It has often been pointed out that during oxidation of 
metals containing carbides, the formation of gaseous 
oxidation products may result and these could disrupt 
the scale'’. 

When sulphidation first became a problem, it was 
found that chromium was the key element in preventing 
severe high temperature corrosion by sulphur-containing 
environments’. There have been several brief in- 
vestigations of cobalt and Co-Cr sulphidation in various 
sulphur partial pressures in the temperature range of 
500-1000 °C'*'*. The sulphide scale in pure cobalt 
generally forms two layers of similar composition, but of 
different porosity. This has been explained in terms of a 
dissociation mechanism, similar to that proposed for 
sulphidation of pure nickel!’. 

More recently, a more comprehensive study” has been 
carried out of the effects of chromium content in the 
range 1—25wt*,. on the sulphidation behaviour of Co-Cr 
alloys. Parabolic behaviour was observed, with a maxi- 
mum at 10°,Cr. The scale on the alloys consists of an 
inner layer of cobalt chromium solid solution sulphides, 
and an outer layer of CoS, , , containing no chromium, 
this latter sulphide decomposed on cooling from reac- 
tion temperature to Co,S, and Co,S,. The scales on 1% 
and 5°,Cr alloys also contained an intermediate layer of 
Co,S,. The authors considered that the diffusion of 
chromium ions through the Co/Cr sulphide solid solu- 
tion was the rate controlling mechanism, and that the 
outer scale layer had little influence on the overall 
sulphidation rate. 

At lower sulphur pressures, where only chromium 
sulphides can be expected to form, the cobalt acts as a 
noble metal. An increase in the alloy content of binary 
Co-Cr”’, Fe-Cr*' and Ni-Cr” alloys increases the rate of 
sulphidation. The scales formed on Co-Cr alloys con- 
taining 5—25°,Cr consisted entirely of CrS together with 
an internal precipitate of the same sulphide. The depth 
of internal sulphide and the quantity present increased 
with increasing chromium content in the alloy. The rate 
determining step is the diffusion of chromium from the 
bulk of the alloy to the alloy/scale interface. 

An important aspect of the overall hot corrosion of 
cobalt- and nickel-base alloys is the presence of sul- 
phides and their influence on the subsequent oxidation 
behaviour. Generally, the presence of the sulphides leads 
to the enhanced rates of oxidation and sulphur pene- 
tration into the base alloy and persists even after 
removal of the sulphur containing gases** **. 

The oxidation rate following pre-sulphidation in- 
creased with the increase of the alloy chromium 
content’ *’, but the rates were much larger than those 
for suiphur free alloys. For the Ni-18°,Cr sample, for 
example, a thick oxide scale was found with very deep 
‘NiS’ penetration into the alloy along the grain bound- 
aries. The scale was large by Cr,O,, but NiO, NiCr,O,, 


NiS, CrS and yNi were also detected. Metallography 
showed a considerable dispersion of NiS within the scale, 
and the authors concluded that the transport of oxygen 
through Cr,O, scales is accelerated by the presence of 
channels through the scale filled with NiS. 

The present experimental investigation has been 
largely restricted to cobalt-base alloys since much less 
information is available in comparison to corresponding 
nickel-base alloys. The basic material is Co-25°,,Cr since 
most commercially available cobalt-base alloys such as 
X-40, MM-322 or MM-509, contain about this level of 
chromium. However, as indicated earlier, all cobalt-base 
superalloys are strengthened by a carbide dispersion, 
and there appears to have been no systematic studies of 
the effects of carbon on the oxidation, sulphidation or 
hot corrosion of cobalt-base alloys, other than the 
observation of Meethan’. 


EXPERIMENTAL PROCEDURE 


The alloys were prepared from high purity elements by 
vacuum high-frequency meiting under a vacuum of 10~* 
to 10-*torr and casting into a 25mm square section 
mould. The outer surfaces and the end of the ingots were 
machined off to remove any contamination and standard 
specimens 10 x 10 x 1 mm? were cut from the remain- 
der. The surfaces of new specimens were ground on 
metallographic papers through 600 grit, degreased and 
cleaned. The nominal compositions of the alloys studied 
are given in Table 1. 


Table 1. Nominal compositions 
of the alloys, wt, 
Co : 
Bal. : 
Bal. 5 0.5 
Bal. 5 1.0 
Bal. 5 2.0 


The carbides present in the alloys were identified by 
extracting them from the matrix, which was dissolved in 
alcoholic HCl, and then carrying out X-ray diffraction 
using the Debye—Scherrer technique and Cr K, radiation. 

Because it is known that the oxidation and sul- 
phidation rates obtained depend sensitively on the 
details of the oxidation procedure for Co-Cr alloys 
containing more than 15°,Cr, the oxidation was carried 
out in dry, slowly flowing oxygen at atmospheric pres- 
sure in a Pyrex helix thermobalance described 
elsewhere’. The clean, dry specimen was lowered into 
the hot zone and the oxygen admitted. Sulphidation was 
carried out in an helix thermobalance made of quartz. 
The samples were located well above the furnace until 
they reached the required conditions of temperature and 
atmosphere when they were lowered into the hot zone. 
In all the experiments reported here, atmospheres of 
H,-H,S in the ratio of 65/35, 90/10 and 99/1 were used. 
The gas mixtures were passed through anhydrous cal- 
cium chloride before entering the apparatus to standard- 
ise the amount of water vapour present. The weight gain 
data presented in the Results and Discussion section are 
calculated using the means of initial and final cross- 
sections. This procedure, as demonstrated by 
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Romanski*', gives a better assessment of the corrosion 
rate where the alloy corrodes rapidly. 

In the sulphidation-oxidation process, after pre- 
sulphidation for the required times, the H,-H,S supply 
was terminated and the thermobalance evacuated, 
flushed with argon and re-evacuated. Oxygen was then 
admitted and the weight gain of the samples followed 
continuously. The oxidation was conducted at the same 
temperature as the presulphidation, and the specimens 
remained at the reaction temperature throughout the 
flushing operation. 

Corroded samples were prepared for optical metal- 
lography and electron microprobe analysis as reported 
elsewhere*. The scale products were identified by 
Debye-Scherrer X-ray diffraction, using fiiltered Cr K, 
radiation. The phases present in the scales were 
identified using either standard X-ray patterns or ASTM 
index cards. 


RESULTS AND DISCUSSION 


Three carbides are present in the Co-Cr-C alloys, 
namely, those conventionally designated M,,C,, M,C, 
and M,C,. Figure 2(a) and (6) show the structure of the 
carbides. The alloy containing 2°,C has a smaller grain 
size and contains correspondingly more carbides. 

Figure 3 gives the oxidation rate curves for the 


(b) 


Figure 2. Structure of the Co-Cr-C alioys, (a) Co-25%Cr-1°%C, (6) 


Co-25%Cr-2%C. 


Chem Eng Res Des, Vol. 61, January 1983 


















































Co-25Cr 





























$0 75 100 125 180 
EXPOSURE TIME, hours 


175 200 


Fig. 3. Oxidation of Co-25%Cr-x%C alloys in oxygen at 1000 °C 


CO-25°,,Cr base alloy at 1000 °C. The curves shown are 
typical: a number of duplicate determinations were 
made, but the reproducibility was not particularly good. 
The curves are adequately described by a parabolic rate 
law, for purposes of comparison. The parabolic rate 
constants are listed in Table 2, although too much 
fundamental importance should not be attached to 
them. It is seen that the rate increases with increasing 
carbon content, but the change in the rate is not very 
great. 

In view of the fact that carbon in the alioys has been 
reported to tie up chromium as chromium carbides, 
reducing its activity in the matrix, it seems appropriate 
to compare the behaviour of the ternary Co-Cr-C alloys 
with binary Co-Cr alloys containing less than 25°,Cr 
Rentz’s expression® for the chromium equivalent of 
complex nickel-base alloys is 


“~Cr(equiv.) = %Cr + 3.8(°,Al — 5) + 2.0°%,W) 
~ 12.5( 1.4(°Mo — 1) (1) 


The presence of the carbide would thus appear to 
diminish the chromium content of the matrix, and hence 
the chromium activity of the alloy as a whole: in the 
carbide M,,C,, of its 23 metal atoms as shown before, 18 
or 19 will be chromium, so that (very approximately) the 
Co-25%Cr-0.5%C alloy should be equivalent to a binary 
Co-12.5%Cr alloy. Figure 4 compares the rate of 
oxidation of Co-25°,Cr-1%.C and Co-10°,Cr. According 
to the reasoning set out above, the chromium activity in 
these two alloys should be the same. The rate curves are 
seen to diverge considerably. 

The most noticeable result of the oxidation experi- 
ments is the small effect that carbon has on the overail 
oxidation behaviour. This is dramatically shown in 
Figure 5 which compares the rate constants for the 
Co-25%Cr-C alloys at 1000 °C with the rates of the 
binary Co-Cr alloys from Wood et al.''. The ordinate 
scale in this Figure and Figure 12 has been adjusted to 


Table 2. Mean parabolic rate constants for oxidation of Co-Cr-€ 
alloys at 1000 °C 

Alloy wt*%C 0.0 0.5 1.0 

K(g?m~‘s~'): 5.0x10-* 60x 10-* 65x 10-* ILI» 
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Figure 4. Oxidation of Co-25°,Cr-1°,C and Co-10% Cr in oxygen at 
1000 C 


take into account the measured effective chromium 
content of the matrix 


*Cr(eqt) = %Cr — 12.5(%C) (2) 


Figure 6 shows sections of the scales formed on 
Co-10°,Cr and Co-25°,Cr-1°,C oxidised at 1000 °C for 
48h. The scales on the binary alloys are alike, they 
consist of an outer, columnar-grained, CoO layer and 
inner layer containing Cr,O,, CoO and CoCr,O,. A fine 
Co,O, precipitate, which forms on cooling, is present in 
the outer CoO layer, particularly at the grain bound- 
aries. A narrow band of internal oxidation is present 
beneath the scale/metal interface, particularly in Co- 
25°.,Cr alloy. At some points in the scale there are pores 
with a semi-circular cross-section, which are filled with 
the powdery greenish Cr,O,, similar to those observed by 
Kofestad and Hed'**. In contrast the scale formed on 
Co-25°.,Cr-1°.C, Figure 6(5), is thin and contains 
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Figure 5. Comparison of the parabolic rate constants for the 
oxidation at 1000 °C of Co-25°%,Cr-C and Co-Cr alloys. Data on the 
binary ailoys after Wood et al.!''. 


Figure 6. Cross-sections of scale formed on two alloys after exposure 
in oxygen for 48h at 1000 °C. (a) Co-10% Cr. (6) Co-25%Cr-1%C. 


mainly Cr,O, and CoCr,O,. In addition, there is some 
preferential oxidation along the grain-boundary 
carbides. 

In binary Co-Cr alloys, approximately 25°,Cr is 
required in order to establish and maintain a protective 
Cr,O, layer on the surface of the alloy'’''. The presence 
of the carbon in the alloy does not modify this require- 
ment, although carbon ties up chromium as carbides, 
and reduces the chromium activity of the alloy, as has 
been shown in the electron microprobe analysis. This 
does not apparently affect the ability of the alloy to form 
a Cr,O, scale. In dilute alloys, with less than 25°Cr, 
where there is insufficient chromium to form a protective 
scale, layered scales are produced consisting of CoO in 
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Figure 7. Sulphidation of Co-25%Cr-1°%C in H,-10%H,S at 800, S00 and 1000 °C. (a) Weight gain versus exposure time. (b) (Weight gain) 


versus exposure time. 


the outer layer and CoCr,O,, Cr,O, and CoO in the inner 
layer. This was not the case with Co-25°,Cr-C alloys. 

Sulphidation of the four alloys in Table | in 
H,-10°,H.S at 800-1000 °C was shown to proceed at a 
decreasing rate and can be satisfactorily described by a 
parabolic rate law. Typical weight gain/time and (weight 
gain)’/time curves for Co-25°%Cr-1%C alloy are shown 
in Figure 7. These curves represent the mean values from 
at least two separate determinations, reproducibility 
generally being within +10°%. The rate curves for the 
other alloys are similar and the corresponding parabolic 
rate constants are summarised in Table 3. 

At lower sulphur partial! pressures, i.e. 5 x 10~* torr in 
H,-1°,H,S, the rate constants are reduced by several 
orders of magnitude. 

The effect of increasing carbon levels in the alloys 
depends on the particular sulphur partial pressure. 
Figure 7 illustrates the influence of carbon content on 
the sulphidation rate of different H,-H,S compositions at 
a constant temperature of 1000°C. Carbon 
progressively increases the sulphidation rate in 
H,-65°,H.S, but decreases it in H,-10°,H,S. The effect is 
nevertheless not very great and certainly not consistent 
with chromium affecting the availability of carbon. In 
H,-1°,H.,S, where the sulphur partial pressure is only 
5 x 10~* torr below the dissociation sulphur pressure of 
cobalt sulphide’’, cobalt acts as a noble metal and 
chromium sulphide constitutes the scales formed on the 
alloys. Increasing the alloy carbon content progressively 
decreases the sulphidation rate at least at 1000 °C, 
whereas in the binary Co-Cr alloys containing less than 


25°.Cr, the sulphidation rate increases with chromium 
increase”. With the developed formuia, equation (2), the 
sulphidation rates of the Co-25°%Cr-C alloys were 
expected to decrease with the increase of the carbon 
content; this clearly is the reverse to the results shown in 
Figure 8. 

The results imply that chromium is being supplied at 
a faster rate with the ternary Co-Cr-C alloys, suggesting 
that the presence of internal chromium sulphide par- 
ticles, of which more are present with increased carbon 
content, can enhance the diffusion rate by stabilising a 
fine grain structure together with its associated dis- 
location density as has been proposed * in dispersion 
strengthened alloys. In addition, however, the formation 
of internal sulphide would contribute to the overall 
weight gain and also diminish the amount of chromium 
arriving at the alloy/scale interface. The exact quan- 
titative effect is difficult to assess and clearly other 
factors are also involved. 

At high sulphur partial pressure, higher than the 
dissociation sulphur partial pressure of cobalt, a layered 
scale develops on all the alloys at all temperatures, the 
relative thickness of the layers remaining essentially 
constant with exposure time. The scales formed are 
similar to one another, and to those formed on carbon- 
free Co-Cr base alloys under equivalent conditions. At 
1000 °C, the outer scale layer gave the appearance of 
having been molten during the reaction, and there was 
some evidence of the precipitation of a second phase on 
cooling. The dendrites of the precipitated phase were 
rich in chromium and possessed a lamellar-type struc- 


Table 3. Parabolic rate constants for the sulphidation of Co-Cr-C alloys, K, (mg*cm~*s~') 


H,-10% H,S 


Temperature (°C) 800 900 
Pressure (torr) 211x107? 1.2107 


0.077 0.24 
0.069 0.25 
0.078 0.31 
0.26 0.42 


Co-25%Cr 
Co-25%Cr-0.5%.C 
Co-25%.Cr-1%C 
Co-25%.Cr-2%C 
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H,-65% H,S H,-1%H,S 
1000 1000 
15.5 5x 10~4 


1000 
$.3x.06~* 


0.63 1.35 3.7 x %-* 
0.61 1.4 97x 10-4 
0.60 1.57 1.8 x 10 
0.52 1.60 3.4 10 
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Figure 8. Parabolic rate constants for the sulphidation of Co-Cr-C 
alloys in H,-H,S mixtures as a function of alloy carbon content and 
temperature (above) and H,S concentration below. 











ture when examined at high magnification (Figure 9). 
The size and the shape of the dendrites were a function 
of the rate at which the sample was cooled from the 
reaction temperature. 


Figure 9. The dendrites in the outer scale formed on Co-25%Cr-2%C 


alloys sulphidised 2.5h at 1000°C after slow cooling from the 
reaction temperature. 


Figure 10. Scale formed on Co-25°%%Cr-1°C sulphidised for 3h in 
H,-10°,H,S at 1000 °C. 


Figure 10 illustrates the scale formed on Co-25%Cr- 
1°<C alloy sulphidised in H,-10°,H,S for 3h at 1060 °C. 
X-rays revealed that Co,S, was the chief constituent of 
the outer layer on all the sampies. Diffraction patterns 
from the inner layer were rather complex, but lines 
corresponding to Cr,S, and Co,S, could be identified in 
all samples. Penetration of sulphides, chiefly Cr,S,, 
proceeded a little way along the carbide network at the 
alloy surface and carbon appeared to be accumulating 
within the alloy, there being a considerable carbide 
precipitation in advance of the moving interface (Figure 
11). 

It is concluded that in sulphidation the ternary 
Co-25°,Cr-C and binary Co-Cr alloys behave approxi- 
mately in the same manner for the same chromium 
content, in spite of the fact that according to the formula 
quoted earlier the 1%.C alloy would, on this basis, 
contain only 12.5°, effective chromium. Thus, although 
chromium is undoubtedly tied up by the carbon, there 
is little apparent difficulty in the exchange reaction 


Cr,C, + 3xS—4xCr,S, + yC 


proceeding and allowing the formation of substantial 
amounts of chromium sulphide, which then form a solid 
solution with cobalt sulphide. This sulphide layer 
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Figure 11. Cross-section of alloy/sulphide interface after sulphidation 
of Co-25%Cr-1.0%C for 6h in H,-10°%H,S at 1000 °C. 
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Figure 12. A comparison of the rate of oxidation, sulphidation in 
H,-10°4H,S and oxidation following presulphidation in H,-10°%H,S 
at 900 °C of Co-25%.Cr-0.5%,C. 
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Figure 13. Comparison of the oxidation rate constants, following 
presulphidation in H,-10°,H,S at 900 °C for binary Co-Cr alloys with 
Co-25°,wtCr alloys containing carbon. 
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Figure 14. Cross-section of Co-25°,Cr-1%C alloy presulphidised in 
H,-10%H,S for 5min followed by oxidation for 100h at 900 °C 


appears to be impervious to carbon, which therefore 
diffuses inwards into the matrix. 

Pre-sulphidation at high sulphur pressures, where 
cobalt and chromium solid solution sulphides are 
formed, produce a subsequent oxidation rate inter- 
mediate between the simple oxidation and sulphidation 
rates for the studied alloys (Figure 12). Similar results 
have been obtained for corresponding nickel-base 
alloys”. Figure 13 is a comparison between the Co-Cr-C 
and Co-Cr alloys similar to that in Figure 4. In this case 
the alloy was presulphidised at 1000 °C followed by 
oxidation at the same temperature. Similar trends to the 
effects of carbon on oxidation and sulphidation have 
been obtained. Under direct oxidation conditions, the 
Co-25%Cr-C alloys develop protective oxide, as has 
been discussed earlier. After presulphidation at 900 °C, 
there is a considerable increase in the rate of attack. The 
alloy/scale interface is very irregular and large particles 
of the alloy become included in the scale, and some of 
the sulphides are also present in the inner layer (Figure 
14). 

The oxidation rates of the presulphidised alloys 
showed a maximum at about 10°,Cr’” as is also observed 
in simple oxidation'’. In the latter case, the oxidation 
rate increases over that of pure cobalt due to the doping 
of CoO by Cr’** ions; at higher chromium levels it is 
reduced by the formation of the spinel CoCr,O, and a 
more continuous Cr,O, layer. Similar mechanisms are 
probably operative here, although the oxide may contain 
dissolved sulphur, which increases their growth rate, in 
a similar manner to that observed with nickel and copper 
oxides***”, 

As discussed earlier, 25°, chromium is about the 
minimum required to produce and maintain a protective 
layer of Cr,O, on Co-Cr alloys when exposed directly to 
oxidation. The carbon additions and the presulphidation 
does not affect this requirement even though the matrix 
is considerably depleted of chromiuin by CrS and car- 
bide formation. Chromium is presumably readily avail- 
able both from the carbides and from the sulphides for 
the oxide formation, the released carbon and sulphur 
penetrating further into the alloy. Similar results have 
been obtained by Hindly® for the reaction of steel with 
H,S, where the carbon was concentrated within the 
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metal substrate immediately below the _ interface. 
Carbon, however, progressively increases the oxidation 
rate of the sample presulphidised, although there is little 
difference in rates between 1°, and 2°,C alloys. How- 
ever, the presence of carbon colonies in the alloy 
provides an easy path for ingress of the released sulphur 
(Figure 14) and consequently the wastage of useful 
structural material is markedly increased. The devel- 
opment of the internal oxidation and sulphidation 
affected layer is consequently some ten times faster than 
in corresponding carbon-free alloys. 

It appears, therefore, that the presence of carbides 
may indeed be harmful in the hot-corrosion of super- 
alloys, but the effect is certainly not that the matrix is 
depleted in protective elements. Indeed, where acceler- 
ated attack occurs, it is of the chromium-rich carbides 
themselves, rather than the chromium-depleted matrix. 
It is noticeable that in oxidation, sulphidation and 
sulphidation followed by oxidation, the effect of the 
carbon on the general level of attack of the Co-25°,Cr 
alloy is relatively small, although clearly the effect on the 
chromium activity of the alloy is very considerable. 
Direct comparison with binary alloys of varying chro- 
mium conient proves that in all these reactions it is not 
the chromium activity which is of importance, and one 
must therefore conclude that it is the chromium avail- 
ability which determines the corrosion behaviour. 
Clearly, if the chromium-rich carbide were coarse and 
widely separated one would reach a level at which the 
accelerated attack of the matrix must take place; but in 
all real circumstances this is unlikely. 

The really harmful effect of the carbides lies in the fact 
that they are destroyed internally, weakening the metal 
by their removal. The rate of loss of structural material 
may thus, in some circumstances, be greatly increased by 
carbon. 
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SOLID-LIQUID MASS TRANSFER COEFFICIENTS 
IN BUBBLE COLUMNS UP TO 
ONE METRE DIAMETER 
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Department of Chemical Technology, University of Bombay, India 


A study of the solid—liquid mass transfer coefficient k,, in bubble columns, with and without downcomer, has been made by 
considering the dissolution of copper in acidic solutions containing potassium dichromate. A major part of the study was directed 
to the wall side mass transfer coefficient (k., ),. Bubble columns of 0.146, 0.38 and 1.0 mi.d. were used. The effect of superficial 
gas velocity , was studied over the range of 0.01 to 0.15 ms~' and (k,, ),, was found to vary as V’?.’. The (k,, ),, values were 
predicted by analogy with heat transfer, based on three different models: (i) flow through a pipe, (ii) mechanically agitated 
contactor, (iii) surface renewal theory. Agreement between the experimental and predicted values was found to be satisfactory. 
Some experiments were also made to study the variation of the local solid-tiquid mass transfer coefficient (A., ), with axial 
and radial position in bubble columns. It was found to be practically the same at all locations in bubble columns for ,, up 
to 0.06 ms~', but at higher V’,,, the variation was irregular. However, the maximum deviation from the average value was 
40% at a V,, of 0.12 ms~'. A study of (k., ), in the 0.38 m bubble column with downcomers, having draft tube dia. of 0.23 m 
and 0.27 m, was also made. It was observed that the (X., ), values were lower than in the bubble column without downcomer, 
under similar operating conditions, and this behaviour has been explained. 


INTRODUCTION 


A study of solid—liquid mass transfer and heat transfer 
coefficients, at the wall as well as in the bulk liquid phase, 
in two or three phase bubble column reactors (sparged 
reactors) is relevant in several contexts. A study of the 
wall side mass transfer coefficient also provides a con- 


venient procedure for studying heat transfer, since in the 
case of bubble columns the analogy between heat trans- 
fer and mass transfer is expected to hold. This procedure 
becomes even more attractive, particularly in relatively 
large size columns, as a study of mass transfer coefficient 
can be made in a simple way. The effect of introduction 
of a draft tube in a bubble column (bubble column with 
downcomer) on wall side mass transfer coefficients can 
give an idea of the effect of such an arrangement on heat 
transfer coefficients. 

The dissolution of copper in aqueous acidic solutions 


containing | kmol m~’ of H,SO, and 0.03 kmol m~* of 


K,Cr,O, is particularly attractive for obtaining the 
solid—liquid mass transfer coefficient. k,,, as the system 
is simple and analytical procedures are straightforward 
and very accurate. It is relatively easy to specify condi- 
tions under which the dissolution is controlled solely by 
mass transfer of dichromate ion to the solid surface'. The 
following reaction occurs: 


3Cu + K,Cr,O, + 7H,SO, 
» 3CuSO, + K,SO, + Cr.(SO,), + 7H,O 


At concentrations of H,SO, higher than 0.21 
kmol m~’, the transport of dichromate ion to the surface 
becomes rate-controlling and the concentration of di- 
chromate ion at the copper surface would be zero'. The 
following equation holds: 

aC 
— = ky aC (1) 


A small sample of copper can be used as a test piece 
at the desired location and the rate of dissolution can, 
if necessary, be followed by the change in the weight of 
the sample over a specified period. This method can be 
used to find the local value of the solid—liquid mass 
transfer coefficient in the bulk of liquid at any desired 
location. This system has been successfully employed by 
Hirose et al. to determine solid—liquid mass transfer 
coefficients in a falling film over a single sphere and in 
co-current downflow fixed bed reactors~’. The effective 
diffusivity of dichromate ion is not affected appreciably 
by the presence of product ions because of the higher 
concentration of the supporting species (H,SO,)'**. In 
many respects this method is more convenient and 
attractive than the electrochemical method based on 
potassium ferro-/ferri-cyanide, particularly for large size 
columns where the use of these expensive and hazardous 
cyanides can be avoided. 


EXPERIMENTAL 


All experiments were conducted in a semi-batch man- 
ner to determine ky; air was sparged continuously 
through the liquid phase (0.03M K,Cr,O, in | M H,SO, 
solution). Table | gives the relevant details of the various 
columns used to determine local and wali side mass 
transfer coefficients, along with the ranges of the oper- 
ating parameters. The wall side mass transfer coefficient 
was determined by using two techniques: 

(i) By measuring the fall in the concentration of 
Cr,0,°~ in the liquid phase: this technique was used in 
the 0.146 mi.d. column made of copper; air at a prefixed 
superficial gas velocity was sparged through the dichro- 
mate solution for a known time. The batch time was 400 
to 600s. The initial and final samples of liquid were 
collected and analysed for dichromate concentration. 
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Table 1. Columns used to obtain kg, and operating conditions 


Range of operating 

parameters 
Column 
number 


Sparger 
details 


Type of ks, 
determined 


Copper specimen 


Column description details 


V, (ms~') H,/T 


Cl 0.146 m i.d. 
copper column with 
1.2m height 


Ring sparger (Ks) 
8 cm dia, 

20 nozzles of 

3.2mm dia 


Column wall 0.01-0.15 2.5 and 5.0 


0.38 m id. 
acrylic column 
1.8m height 


Single arm sparger, (a) 
0.32 m long, 
48 nozzles of 
3.57 mm dia (b) 


60 mm x 20 mm 
Active area 
= 900 mm? 

Raschig rings 
21 mm dia x 21 mm 


(ks). 0.03-0.15 


(kg) 0.03-0.12 
| mi.d. acrylic 
column with 
2.4m height 


Cross-arm sparger (a) 
length of each (b) 
arm = 0.45 m 
168 nozzles of 
3.57 mm dia 


Sieve plate sparger 


(Ksuw 


(Ksui 


Same as C2(a) 
Same as C2(b) 


0.01-0.06 
0.02—0.06 


Bubble column C2 with 


downcomer 
0.23 mi.d. draft tube 
1.37 m height 


Bubble column C2 with 


(kg, Vw 
0.15 m dia 

7 nozzles of 
3.57 m dia 


Same as C4 


Same as C2(a) 


Same as C2(a) 


0.3-0.15 


0.03-0.15 


downcomer. 
0.27 mi.d. draft tube 
1.4m height 


Assuming complete mixing in the liquid phase, equation 
(1) can be solved and (k,,), can easily be determined. 


(ksi) = (1/ay, t)) In(Co/C)) (2) 


There was no change in the value of a,, with time as the 
diameter of the column did not change. 


piece holder made with acrylic cylindrical arms was 
made to hold the test pieces at various radial positions. 
Different axial positions were managed by moving the 
holder suitably. Clean, weighed test pieces were snugly 
fitted on arms of the holder and tied with Teflon tape 
(Figure 1(b)). The test piece holder was inserted in air 


(ii) By measuring the fall in the weight of a copper 
sample: this technique was useful when the diameter of 
column was large (0.38 and | mi.d. column). It is easy 
to find the loss in the weight of the copper sample and 
the same liquid solution can be used for many runs as 
the change in the concentration of Cr,O3~ in the bulk 7 
liquid was negligible. rectangular flat copper plates Liquid level 

q as negig gular fa pper piate As 
(1.5mm thick) with small width (20 mm) were used as = 

test pieces. One face of each test piece was made inactive 
by applying a thin coating of an enamel. These test 
pieces were tied to a thin, long, rigid wooden plate with Active length of 
the heip of a Teflon tape and were inserted in bubble i _— 
columns in which air was sparged through acidic dichro- Total length 
mate solution. The test pieces were held very close to the oe eee 
wali and at the desired location, through a suitable = 
support system (Figure l(a)). After a known reaction 00 
time (about 900 s), the wooden plate was unclamped and 
washed with water immediately; the test pieces were 
removed, washed again, dried and weighed. The geo- 
metrical active surface area of the copper specimen was 
practically constant. By knowing the initial and final 
weight of the test piece and the concentration of Cr,O3~ 
in the liquid phase. (k,,), was obtained by using the 
following equation: 


(Kg wy = (Wo — Wp)/3M,, ACH, (3) 


The local values of solid—liquid mass _ transfer 
coefficient at different radial and axial positions were 
found by using copper Raschig rings as test pieces. A test 
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Figure |. Different arrangements used to determine solid—liquid mass 


transfer coefficient in bubble columns (a) kg, at wall, (b) k,, at different 
local positions. 
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Figure 2. Effect of superficial gas veiocity on fractional gas hold-up in 


bubble columns for air—acidic dichromate system. 
Column Cl: (O) for H./T = 2.5, (@) for H./T = 5; column C2: ((2)); 
column C3: (A). 


sparged bubble columns at zero time and was taken out 
at a predetermined time, f; (about 900s). The test pieces 
were immediately washed with water and untied, washed 
again, dried and weighed. Only the outside surface of the 
Raschig ring was allowed to take part in the reaction as 
the inside surface was completely sealed off. Local values 
of ks, were calculated by using equation (3). 
The properties of the liquid were as follows: 

H,SO, concentration = | kmol m 

K,Cr,O, concentration ~ 0.03 kmol m 

p = 1060 kmol m 

u=10-° Pas at 301K 


D,,, diffusivity of dichromate in the liquid phase 


=9.78 x 10°'m’s~' at 301K 
(Dap p/T = 3.25 x 10-"Y. 


All experiments were conducted at 303K (+2 K). 
Fractional gas hold-up, €, was measured, whenever 
possible, by measuring the dispersed and clear liquid 
heights above the sparger. Figure 2 shows the effect of 
superficial gas velocity on fractional gas hold-up in 
various bubble columns. 


RESULTS AND DISCUSSION 


Wall Side Mass Transfer Coefficient 


In the 0.146 mi.d. bubble column C1 values of (kg, ),, 
were found at H./T of 2.5 and 5.0. Values of (ks), at 
H./T of 5 were marginally lower (7—15°,) than those at 
H./T of 2.5. Values of (kg, ), in the 0.38 mi.d. bubble 
column C2 and in the | mi.d. bubble column C3 were 
measured at four different locations (two axial positions, 
0.3—0.4 m apart and two peripheral positions at an angle 
of 90°). Values of (ks,),, were practically the same for a 
specified value of V,, in the particular bubble column, at 
all the four positions on the wall. This indicates that 
(ks, )y does not vary with axial or peripheral position in 
bubble columns. 
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Figure 3. Effect of superficial gas velocity on wall side mass transfer 
coefficient in various bubble columns 

Column Cl: (©) for H./T = 2.5, (@) for H./T = 5; column C2: (()); 
column C3: (A); column C4: (ff); column C5: (V7) 


Figure 3 shows the variation of (kg, ),, with superficial 
gas velocity V, on a log-log scale for all the bubble 
columns described above. It can be seen from Figure 3 
that values of (kg), are higher for larger diameter 
column under otherwise similar operating conditions. 
The following empirical equation holds: 


(Ke, , = Ag?” (4) 


The values of « and f are calculated by a linear 
regression analysis technique using the sum-of-least- 
squares criterion. Table 2 shows the values of « and B 
for various contactors. It can be observed from Table 2 
that the dependence of (kg), on V, is practically the 
same in all the bubble columns, that is 


(kg ), 4 aw 


The value of « increases as the bubble column diameter 
increases. The increase in the value of « is relatively small 
compared to the increase in the bubble column diameter. 


Heat and Mass Transfer Analogy 

The wall side solid--liquid mass transfer coefficient 
(ks), 1n bubble columns car. be estimated as a function 
of the Reynolds number Re from the corresponding heat 
transfer data, if available, by using the heat and mass 
transfer analogy. The liquid flow behaviour near the wall 
of bubble columns can be assumed to be similar to 
turbulent flow through pipes. The simplest heat and 
mass transfer analogy for turbulent flow through a pipe, 


Table 2. Correlation of wall side solid—liquid mass transfer 
coefficient data. Values of constants a and f in equation (4) 


Standard 
deviation 


Regression 
Contactor x 10° B coefficient 
0.292 
0.294 
0.285 
0.292 
0.2895 


0.9994 
0.9986 
0.989 
0.999 
0.998 


0.0353 
0.0568 
0.1098 
0.0365 
0.0630 
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as suggested by Chilton and Colburn, can then be 
applied, by equating dimensionless groups for mass and 
heat transfer’. 


St,Sc** = St,Pr*” (5) 
Equation (5) can simplified to predict (kg, ), 
(Ksu)w = A(C,p)-'? (Dap/k YP? (6) 


and equation (6) can be solved if heat transfer coefficient 
data for bubble columns are available in terms of 
operating parameters. 

Joshi and Sharma’®, and Joshi’ have recently analysed 
the hydrodynamic behaviour of the liquid phase in 
bubble columns and have suggested expressions for 
average circulation velocity, and average axial and radial 
components of the liquid velocity by using a multiple 
circulation cell model. Joshi et al.* have developed 
equations to predict the heat transfer coefficient near the 
wall, A,, in bubble columns, by analogy with turbulent 
flow in pipe and mechanically agitated contactors, using 
velocity profiles obtained from the multiple circulation 
cell model. 

Joshi et al.* have found that the predicted values of A, 
based on analogy with turbulent flow through a pipe, 
were in agreement with the experimental values within 
30°,. Further the predicted values of A,, using the 
analogy with mechanically agitated contactors, were also 
found to be in good agreement with experimental values 
of h, (within 15°). The equations suggested by Joshi et 
al.* are as follows: 


Analogy with flow through pipe: 


} T T3913 ca 1/3 0.8 
aa = 0087] ee vel S| 
7 7 


i ) 3 / mM yr 
Nk, ‘eg 


Analogy with mechanically agitated contactors: 
h,T T}33 3 y ee 1/34 0.66 
= 0.48] —_& \"s— €' ta) P 
k 7 


c \ 1/3 \ 0.14 
ey ) 


“ 


Substitution of A, from equations (7) and (8) in 
equation (6), after rearrangement, gives equations (9) 
and (10), respectively. 


ks)wT T! 3g 
= — 0087] — 


AB 
ee ae 
x rome 
(| | 
(Ksu)w T ad aay] TE *( Va—eb ‘on "p (0.66 
AB 7 


U \ 13 ul 0.14 
: (<5 = (19) 


Thus, by using either of the above equations, and 
knowing the operating conditions and physical proper- 
ties of the liquid phase, it is possible to predict the values 
of (kg,),. Figure 4(a) and (b) show the percentage 
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Figure 4. Percentage deviation of predicted (kg, ),, using equations (9) 
(10), (13) and (15) [Figure 4(a), (6), (c) and (d), respectively] from 
experimental values of (kg), in bubble columns. 

Column Cl: (©) for H,/T = 2.5, (@) for H,/T = 5; column C2: (2); 
column C3: (A). 


deviation of the predicted value from experimental value 
of (ks, ), versus experimental (kg, ),, uSiug equations (9) 
and (10), respectively. The value of V,,. for the system 
under consideration was calculated by the method sug- 
gested by Grace et al.’ and was equal to 0.24ms~'. It 
can be seen from figure 4(a) that the predicted values are 
always lower than the experimental values (deviations 
are only on the positive side); the maximum deviation 
was 36°. Figure 4(b) shows that the predicted values 
agree well with the experimental values with a maximum 
deviation of 20°,. 


Prediction by Surface Renewal Theory 


10 


Deckwer’’ has suggested a method to predict heat 
transfer coefficient in bubble columns using a combina- 
tion of the suface renewal model of mass transfer with 
Kolmogoroffs theory of isotropic turbulence. The equa- 
tion suggested by Deckwer"® is as follows: 


St, = 0.1[Re’ Fr’ Pr?}-°?5 (11) 


By analogy, it is possible to predict values of (kg, ),. The 
following equation should hold: 


St,, = 0.1[Re’ Fr’ Se?}-°?5 (12) 


The (ks), values predicted by using equation (12) 
were 80—125°, higher than the experimental values. This 
is probably due to the fact that Kolmogoroff's theory 
assumes that all the energy input is dissipated, causing 
the liquid circulation in bubble columns, whereas Joshi 
and Sharma’® have reported that only a pari of the energy 
input is dissipated to the liquid phase in this way. It was 
therefore decided to modify the value of the constant 0.1 
in equation (12). The modified constant was evaluated, 
by statistical analysis of data on experimental values of 
(kg )y and relevant operating parameters, and found to 
be 0.052. Equation (12) now becomes 


St’, = 0.052[Re’ Fr’ Sc?]~°?5 (13) 
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Figure 4(c) shows the percentage deviation of pre- 
dicted values (equation (13)) from experimental values of 
(ks), and the maximum deviation was 29°. 

It can be seen from Figure 4(a), (6) and (c) that the 
values of (ks,), predicted by using equation (10) are 
closer to the experimental values than those predicted by 
using equations (9) and (13). 


Modifications in the Predictive Method 


The experimental data show that (kg, ), increases as 
the column diameter increases (Figure 3). By contrast 
(ks) Varies as 0.066, —0.11 and 0 power of the column 
diameter in equations (9), (10) and (13), respectively. The 
standard deviations for data represented in Figure 4(a), 
(6) and (c) were found to be 7, 14.2 and 15%, re- 
spectively. These facts suggest that equation (9), if 
modified, would perhaps explain experimental data in a 
more realistic way. The value of the constant of 0.087 in 
equation (7) is based on certain assumptions. Joshi et al.° 
have shown that the flow behaviour in bubble columns 
has features akin to those for flow of fluid in helical coils. 
In particular, the presence of a radial component of 
liquid velocity in both cases is responsible for the 
enhancement in heat transfer coefficient. The assump- 
tion is approximate and hence the value of the constant 
of 0.087 in equation (7) can be marginally modified. A 
statistical analysis of data on experimental values of 
(kg), Suggested that the best value of the constant is 
0.105. Thus, equations (7) and (9) can be modified as 


MT _ 9.105) 72 
= = 0.105 


“% 1/3 
x (<4) 
k | 


ks )T 
sus! _ 9.105 


F ) 3 / ul 
x _ 
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Figure 4(d) shows the deviation of predicted values 
(equation (15}) from experimental values of (kg; ),,. It can 
be seen from Figure 4(d) that the predicted values agree 
with experimental values of (kg, ),, within 15°. Thus, the 
predicted values of (ks), by using equation (15) are 
much closer to the experimental values than those 
predicted by equations (9), (10) and (13). 

The experimental'’ '° values of h,, which were used by 
Joshi et al.* for comparison with predicted values, have 
been compared with the predicted values of h, using 
equation (14); Figure 5(a) and (4) show the percentage 
deviation of the predicted value of h, from the experi- 
mental value, for equations (7) and (14), respectively. It 
can be seen from Figure 5(a) and (5) that the predicted 
values of h, agree with experimental values within 30°, 
and 15°, respectively. This indicates that prediction of 
h, using equation (14) is much closer to the observed 
values than that based on equation (7). 


Chem Eng Res Des, Vol. 61, January 1983 





\— 


° 
eure ines = ane a _ 
9 — pa > or ove 7s : 
-10 e * so 8 
bd © s ee 


A A. A. 








EXPERIMENTAL hn, ~ PREDICTED nw 
EXPERIMENTAL hy 








oo 


-3 8 .- 
EXPERIMENTAL hy x10,(W mK) ———__—» 


Figure 5. Percentage deviation of predicted values of A, using equa- 
tions (7) and (14) [Figure 5(a) and (6), respectively] from experimental 
values of h, in bubble columns 

Symbol T (m) C, pik System Reference 
0.46 Air water Fair et al 
1.06 Fair et al 
0.099 Hart 
0.099 ethylene glycol Hart 
water Perner 
0.19 Burkel'* 
0.09, Muller’ 
0.19, 
0.29 
0.1 Air—xylene 
0.1 Air—kogasene 


Louisi'* 
Louisi 


0.1 decalin Louisi'‘ 


Local Solid—Liquid Mass Transfer Coefficinet 

Local values of the mass transfer coefficient, (Kg, ); 
were found at various axial and radial positions at 
different gas velocities in columns C2 and C3. The 
variation of (kg), in C2 with dimensionless radial 
distance at fixed gas velocities of 0.03, 0.06 and 
0.12ms~' is shown in Figure 6(a), (b) and (c), re- 
spectively, with the axial distance, z, as a parameter. It 
can be seen from Figure 6(a) and (4) that (Ag, ), does not 
vary significantly radially as well as axially. The maxi- 
mum deviation from the average value was found to be 
16 and 24°, at a V,, of 0.03 and 0.06ms ~~’, respectively 
However, at a V, of 0.12 ms (Figure 6(c)), the vari- 
ation of (kg), at a particular axial distance, with 
dimensionless radial distance does not show any orderly 
trend but the maximum deviation of (k,,), from the 
average value was 40°. This may be due to the irregular 
flow pattern (heterogeneous flow) observed at higher gas 
velocities. 

The study of (kg,), in the | mi.d. bubble column C3 
at low values of superficial gas velocity was carried out 
at various radial and axial positions. Figure 7(a), (b) and 
(c) show the variation of (k,,), with the dimensionless 
radial distance at V, of 0.02, 0.04 and 0.06ms 
respectively. The (Ag, ),; values do not vary significantly; 
a Statistical analysis showed that maximum deviations 
from the average value were 12, 10 and 12°, for V, of 
0.02, 0.04 and 0.06 m s~', respectively. Thus, in the large 
diameter bubble column, the local values of mass trans- 
fer coefficient are practically constant throughout the 
column but are dependent on the superficial gas velocity. 
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Figure 6. Variation of local value of solid—liquid mass transfer 
coefficient with radial and axial distance in the 0.38 mi.d. bubble 
column C2 at various superficial gas velocities. 

2, (=2T): (©); z, (=3T): (G)); z; (=3.25T): (A); 2 (= 3.57): (VY); 25 
(=3.75T): (@); z (=4T): (). 


Thus, at a low value of V,, values of (ky), are 
practically constant throughout the bubble column. This 
indicates that the combined effect of the radial and axial 
components of the liquid circulation velocity is the same 
throughout the bubble column except near the wall of 
the column. At low superficial gas velocities, the average 
values of (ks, ), in columns C2 and C3 were marginally 
higher than the average values of (kg; ),, by 5-10, under 
otherwise similar operating conditions. This might be 
due to a slight reduction in the radial component of the 
liquid circulation velocity near the wall of the column. 
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Figure 7. Variation of local value of solid—liquid mass transfer 
coefficient with radial and axial distance in the | mi.d. bubble column 
C3 at various superficial gas velocities. 

z, (=T): (©); z, (=1.25T): (@); z, (= 1.57): (E)); 2, (= 1.75T): (@®); 
Z, (=2T): (A). 


Bubble Column with Downcomer 


The variation of (k,, ), in bubble columns with down- 
comer, C4 and C5, was studied at four locations on the 
wall of the outer column. It was observed that (kg, ),, was 
practically constant at all axial and peripheral positions 
except near the top of the draft tube. The values of (Kg,),, 
near the top were higher than those in the rest of column 
by 10-50%. This increase is caused by local turbulence 
of a very high degree near the top of the draft tube due 
to a change in the direction of the liquid flow. 

Figure 3 shows the variation of (ks), with the 
superficial gas velocity V,, based on the total cross- 
sectional area of the outer column (that is 
(x /4) x 0.38? m’), in columns C4 and CS. It can be seen 
from Figure 3 that the values of (A,,), in C4 are higher 
than those in CS. The value of (kg, ),, mainly depends on 
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Figure 8. Effect of superficial gas velocity on the average axial liquid 
velocity in the downcomer section of the bubble columns with 
downcomer. 

Column C4: (©); column C5: (@}. 


the liquid velocity in the downcomer section. The cross- 
sectional area of the downcomer in C5 was equal to that 
of the draft tube (7 = 1); the cross-sectional area of the 
downcomer in C4 was more than that of the draft tube 
(y = 1.8); thus, it was to be expected that the liquid 
velocity in the downcomer of C5 and hence (kg, ),, values 
in the column would be higher than those in C4. Hence 
an attempt was made to measure the velocity of the 
liquid phase in the downcomer section of columns C4 
and CS. This study was conducted with the air—water 
system by placing a pulse of dye in the downcomer 
section and measuring the time taken by the pulse 
to cover a known distance. It can be observed from 
Figure 8 that the velocities of the liquid phase were 
higher in column C4 by 8-10% than those in column C5 
under similar operating conditions. This explains the 
observation that (k,, ),, was somewhat higher in C4 than 
in CS. 

The empirical equation (4) also holds with the value 
of 6 =0.29 for columns C4 and CS. The value of « 
depends on the ratio y of the cross-sectional area of the 
downcomer to that of the draft tube; the exact functional 
dependence cannot be predicted with the available data. 

The values of (ks, ), in both the bubble columns with 
downcomer, C4 and CS, were less than those in the 
bubble column without downcomer, C2, under similar 
operating conditions. It can be seen from Figure 3 that 
slopes of lines for columns C2, C4 and C5 are equal. 
Hence, the ratio of (ks,), in the bubble column with 
downcomer to that in the bubble column without down- 
comer under uniform operating conditions, K’, remains 
practically constant for the columns C4 and C5 over the 
range of superficial gas velocity covered in our work. 
The values of K’ for C4 and C5 were found to be 0.735 
and 0.6, respectively. Thus the values of (ks, ),, in C4 and 
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CS are 73.5% and 60% of (ks), in C2, under similar 
operating conditions. This decrease in the value of (Kg, ),, 
can be explained in terms of the flow behaviour in the 
bubble column with and without downcomer. In the case 
of bubble columns, liquid velocity has a prominent 
radial component, about 36% of the average axial 
velocity’. The contribution of the radial component of 
liquid velocity to the heat transfer coefficient is very 
substantial and may well approach as much as 60-70% 
of the overall value’. The radial component of liquid 
velocity in the downcomer section is comparatively 
insignificant. The average value of axial liquid velocity 
in a bubble column can be calculated from the following 
equation suggested by Joshi’: 


V, = 1.18[gT( Vo —€V,,,)]"" (16) 


The values of V,, calculated using equation (16), in C2 
were higher than those of the average axial liquid 
velocity observed in the downcomer section of columns 
C4 and CS under similar operating conditions. Thus, the 
higher values of V, and the important contribution of 
radial component of liquid velocity are responsible for 
the higher values of (ks, ),, in C2 compared with C4 and 
C5. It would therefore be logical to conclude that the 
values of wall side mass transfer coefficient or heat 
transfer coefficient will be expected to be higher in 
bubble columns without downcomer. 


CONCLUSIONS 

The wall side solid—liquid mass transfer coefficient 
varies as the 0.29 power of superficial gas velocity in 
bubble columns with and without downcomer. 

The Chilton—Colburn analogy, between mass transfer 
and heat transfer for turbulent flow through pipes, also 
holds for bubble columns. 

The predicted values of (ks, ),, based on analogy with 
(i) mechanically agitated contactor and (ii) flow through 
pipes agree reasonably with the observed values. 

The local value of solid—liquid mass _ transfer 
coefficient at low gas velocities (up to 0.06ms~') does 
not change appreciably with axial and radial positions in 
bubble columns. However, at higher gas velocities, con- 
siderable changes in the values of local mass transfer 
coefficient were observed at different positions due to 
irregular flow pattern (heterogeneous flow). 

The values of wall side solid—liquid mass transfer 
coefficient were found to be lower for the 0.38 m bubble 
column with downcomer than those in the unmodified 
bubble column under similar operating conditions. This 
behaviour is due to the absence, in bubble columns with 
downcomer, of the important contribution of the radial 
component of the liquid velocity. 


SYMBOLS USED 
geometrical active surface area of copper test piece (m°) 
geometrical active surface area per unit column volume (m~') 
dichromate concentration in the liquid phase at any time 
(kmol m~?) 
dichromate concentrations at time ¢=0 and f=4%, re- 
spectively (kmol m~’) 
specific heat of the liquid phase (J kg™'K~') 
diffusivity of dichromate ion in the liquid phase (m*s~') 
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average bubble diameter (m) 

modified Froude number = V3,/gd, 

acceleration due to gravity (ms~?) 

clear and dispersed liquid heights above sparger, respectively 
(m) 

heat transfer coefficient near wall (W m~* K~') 

thermal conductivity of the liquid phase (W m~' K~') 
solid—liquid mass transfer coefficient (m s~') 

local value of kg, (ms~') 

wall side solid—liquid mass transfer coefficient (m s~') 

ratio of (kg, \, in a bubble column with dowacomer to that in 
a bubble column without downcomer 

atomic weight of copper (kg katom~') 

Prandtl number = C, y/k 

Reynolds number based on the average axial velocity of 
liquid = TV,p/u 

Reynolds number based on the bubble diameter and 
superficial gas velocity = d,V,p/u 

radial distance from the centre of column (m) 

Schmidt number = /pD,, 

Stanton number for heat transfer = h,/C,pV, 

Stanton number for mass transfer = (kg, ),/V, 
modified Stanton number for heat transfer = h,/pC,V¢ 
modified Stanton number for mass transfer = (kg, ),/Vg 
column diameter (m) 

time and batch time, respectively (s) 

average axial velocity of liquid (ms~') 

terminal rise velocity of bubbles (m s~') 

superficial gas velocity (ms~') 

average liquid velocity in the downcomer section (m s~') 
mass of the test piece at = 0 and f =4,, respectively (kg) 
axial distance measured above the sparger (m) 

constants defined in equation (4) 

ratio of cross-sectional area of the downcomer section to that 
of the draft tube 

fractional gas hold-up 

viscosity of the liquid in the bulk and at wall, respectively 
(Pas) 

density of the liquid phase (kg m~*) 
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ADSORPTION OF ACIDIC AND BASIC DYES ONTO 
ACTIVATED CARBON IN FLUIDISED BEDS 


By G. McKAY (MEMBER) 


Department of Chemical Engineering, The Queen’s University of Belfast 


The ability of Filtrasorb 400 activated carbon to adsorb Astrazone Blue (Basic) and Telon Blue (Acidic) dyes using batch 
equilibria and fluidised beds are studied. The carbon adsorbs between 30% and 80% of its own weight of dye at equilibrium 
depending on dyestuff type and adsorbent particle size. The effects of adsorbent particle size and dye flowrates were studied 
in fluidised bed systems. Overall solid phase mass transfer coefficients were determined and external diffusion mass transfer 
coefficients, k,, were correlated against Reynolds number, Re (particle and liquid), by equations of the form k, = y Re’. 


INTRODUCTION 


The total dye consumption of the textile industry alone 
is in excess of 10’ kg per year' and an estimated 90°, of 
this total ends up on fabrics. Consequently, approxi- 
mately 10° kg per year of dyes are discharged into waste 
streams by the textile industry. Dye producers and users 
are interested in stability and fastness and are con- 
tinualiy producing dyestuffs which are more difficult to 
degrade after use. 

Coloured effluents, although not normally toxic, have 
possibly caused the loudest cries of indignation from the 
public, purely because of their appearance. Many 
coloured effluents are composed of non-biologically 
oxidisable organic components because of the molecular 
size and structure of the dyestuffs. The increasingly 
tighter legislation on effluent discharges in most coun- 
tries, means that future technology on dyestuffs pro- 
duction, as well as in its application, will bring new 
developments, resulting in considerably smaller amounts 
of effluent. 

Adsorption offers an attractive method of treatment 
for producing high quality colourless effluents. Such 
systems are required since certain dyestuffs impart an 
obvious colouration to water at concentrations as low as 
10-*kgm~?’. 

Three types of contacting systems are usually encoun- 
tered, namely, batch, fixed bed and fluidised bed 
processes. Fluidised bed columnar operation takes 
advantage of utilising small particle sizes whilst avoiding 
the problems of excessive head loss and binding, which 
would occur in similar fixed beds. Furthermore fiuidised 
beds give good contacting because of the high degree of 
mixing and also high mass transfer coefficients. How- 
ever, due to the high degree of mixing and short 
residence times the columns do not remove all 
impurities. Therefore, they are useful for the rapid 
treatment of wastewater effluents but not hygienically 
attractive for water purification. 

The present paper discusses the use of activated 
carbon to remove dye from aqueous solution in a 
fluidised bed system. Two dyes, one acidic and one basic, 
were selected and the effect of dye flowrate and 


adsorbent particle size were investigated and the appro- 
priate mass transfer correlations were determined. 


EXPERIMENTAL PROCEDURE 


The fluidised bed columns were made from perspex of 
2.5cm internal diameter and sample points were placed 
at Scm intervals along the length of the column. 
Syringes were used to extract samples from the centre of 
the column. A wire mesh was installed at the base of the 
column, followed by glass beads to ensure uniform 
distribution of the dye solution 

The dye was fed to the columns from a constant head 
tank which had a temperature regulator. The constant 
head was maintained using a level controller and pump 
connected to the dye make-up tank. A flow indicator 
controller was used to ensure a constant dye flowrate 
and samples were taken at various time intervals. Some 
details have been given previously’ and a schematic 
diagram is shown in Figure |. Although only one 
column is shown, up to four columns could be operated. 

Filtered water could be stored in tank A and dye 
solution of a specified concentration was made up in 
tank B. Tank C is a hold-up tank for the dye soiution 
which is pumped to the constant head tank D. The 
solution is then pumped from D to the columns via flow 
controllers. All investigations were performed with dis- 
crete particle size ranges of Filtrasorb 400 activated 
carbon supplied by Chemviron Ltd. 

The available surface area for Filtrasorb 400 was 
found to be 1150 m* g~' by nitrogen adsorption using a 
BET analysis. The pore volume of the carbon using 
mercury porosimetry was found to be 0.85 cm’ g~'. 

The two dyes used in the studies were Astrazone Blue 
(Basic Blue 69) supplied by Ciba-Geigy Ltd. and Telon 
Blue (Acid Blue 25) supplied by Bayer Ltd. The concen- 
trations of colouring matter were determined using a 
Perkin-Elmer 550S Spectrophotometer with a | cm light 
path. Measurements were made’ at the wavelength cor- 
responding to maximum absorbance, namely, 585 nm 
for Astrazone Blue and 600 nm for Telon Blue. 
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Figure |. Apparatus for fluidised bed adsorption studies. A—21 litre water storage vessel. B—60 litre dye mixing vessel. C—60 litre dye mixing 
vessel. D—Constant head dye solution supply vessel. E—Adsorption column. F—Constant head, water supply vessel. 


Four dye flowrates were studied for each dyestuff and 
four different particle size ranges were used with each 
dye. Adsorption isotherms were undertaken for both 
dyes using different size ranges of carbon. 


THEORETICAL ANALYSIS 


Only limited information has been available for the 
use of fluidised bed adsorbers in wastewater treatment’ © 
although this area is now receiving more attention’. 

A number of factors which can affect the adsorption 
rate are: 


(i) “External or film resistance in the fluid layer 
surrounding the particle. 

(ii) Intraparticle or fluid phase pore diffusion within the 
voids of the particle. 

(iii) Surface diffusion 

(iv) Adsorption on the internal pore surfaces. 


Most mathematical solutions for equations describing 
concentration-time profiles in agitated batch or fixed bed 
adsorbers are limited to single resistance models**'. A 
number of numerical and analytical solutions are avail- 
able for the two resistance model, where the adsorption 
rate is controlled by external and fluid phase pore 
diffusion resistances” *’. Only a few attempts have been 
reported for the two resistance case using external 
diffusion and intraparticle (homogeneous) solid phase 
diffusion resistances* *°. Attempts to correlate both 
models (pore and homogeneous) have been 
considered*'”’. 

All the models developed require a number of funda- 
mental or simplifying assumptions. The model proposed 
for the adsorption of dyes onto carbon reported in this 
paper is based on several previous developments***'° 
and considers the effects of external and internal mass 
transfer processes in a fluidised bed adsorber. 


The assumptions made are: 


(i) The equilibria between dye on carbon and dye in 
solution are described by the Langmuir isotherm. 

(ii) Axial and radial diffusion are negligible compared 
to bulk flow and thus liquid phase concentrations 
are constant in a particular cross section. 

(iii) Complete mixing of the solid occurs consequently 
solid phase dye concentrations are a function of 
time and not bed height. 

(iv) For a short increment of time a quasi-stationary 
state is achieved and the liquid concentration may 
be expressed only as a function of bed height. 

(v) At the dye solution velocities involved in the experi- 
ments the assumptions about plug flow of the liquid 
and complete mixing of the solids appear reason- 
ably valid. 


Development of Equations 
The conventional form of the Langmuir equation is 


_ QbC, (1) 

Ye ic | rN bc, 
The equation may be rearranged to a linear form 

C 

—= BC,+A 

qe 
where B = 1/Q and A = 1/Qb. Consequently a plot of 
C./g. versus C, yields B and A. 

The mass transfer coefficients are related by the 
following mass transfer equations. The principles of the 
analysis and the boundary layer conditions are sche- 
matically shown in Figure 2 (a) and (bd). 

For film diffusion controlled mass transfer across the 
stagnant liquid boundary 

d K;a k,a__. ; 
SS ae Ho) e=-C—C,) (3) 
dtp, Pc 
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Figure 2. (a) Theoretical diagram to define mass transfer coefficients, 
(b) Definition of Langmuir constants, (c) Material balance relation 
for column 


The transport equations for internal mass transfer are 


. Pe 
a K,a(q. — 9) = k,a(q..5— ) 
Rearrainging and combining 
. | 
ap.k, 
where the slope of the isotherm in this concentration 
region is 
.-4 
.— (6 
C., — € 
represented in Figure 2 (a). 
Alternatively, 


| 1 Bop. 
— =—+— 
P P Ky 
in this instance the relevant isotherm slope is 
Ge — Ye.s 
= (8) 
. C-—C,, 
The differential mass balance for a time increment is 
shown in Figure 2 (c) and represented by 


CO) _ 
-F(S ) = 9.5( (9) 
Ch }, 0 


This equation assumes negligible axial diffusion and also 
neglects the term for dye accumulation in the fluid 
contained in the interstices of the bed. 
The material balance over the whole fluidised bed is 
given by, 
dq 
m— = F(C, — C;) (10) 
di 
Liquid phase dye concentrations can be determined at 
particular time intervals to obtain average dye concen- 
trations. The amount of dye on solid can be evaluated 
by graphical integration of the breakthrough curves, 
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thus q values may be determined for the corresponding 
C; values. 

The external film diffusion mass transfer coefficient 
can be derived from equation (5) after determining the 
overall fluid phase mass transfer coefficient from 

nl Ma SO Be (11) 
p. "pS dh 
Integrating this equation between the concentration 
limits gives 
F C,—C, 
K, = — In - ~ ( 12) 
Sha \C,;—C, 
Consequently K; can be obtained and substituted into 
equation (5) and applying the boundary conditions, 
g=0 as t-0 (13) 
and in the limit, 
K, =k, (14) 

The equilibrium concentration, C, is given by the 
isotherm equation for the corresponding g value 
obtained by graphical integration of the breakthrough 
curves. 


(15) 
The analysis of the internal mass transfer processes is 
based on 
F dc 


K,a(q.- 9) = -—<- 
»a(q. q) p. S dt 


(16) 


Substituting in from equation (2) and integrating 


A C, — A,/(1 — 8B 
+ n( - al 4 (17) 
@—8) \c-AAl —aD 


The various mass transfer coefficients can be deter- 
mined and the film diffusion coefficients correlated 
against liquid and particulate Reynolds numbers. 


J 


EXPERIMENTAL RESULTS 

The isotherms are represented in Figure 3 as plots of 
the amount of dye adsorbed (mg dye per g carbon) 
against dye concentration in solution (mgdm~’). The 
isotherms reach a plateau indicating monolayer coverage 
and that the carbon is saturated with dye under these 
conditions. 

Typical results of the fluidised bed studies are shown 
in Figure 4, which shows the breakthrough curves at 
various bed heights for the adsorption of Telon Blue on 
carbon. The graphs show plots of the ratio of dye 
concentration to influent dye concentration against time. 

The effect of flowrate at constant carbon particle size 
range is shown in Figure 5. Only the effluent curves, i.e., 
h/h, = 1, are shown in these plots and the expected trend 
of increasing adsorption capacity for decreasing flowrate 
is clearly demonstrated. For Telon Blue, using a flowrate 
of 150ml min~' and carbon size range of 250-355 um, 
the ratio of effluent to influent concentration is only 0.2 

















Figure 3. Adsorption isotherm for Astrazone Blue on carbon (particle 
size effect). 


after 1000 min. Outstanding adsorption capacities like 
this are aiso obtained for Astrazone Blue dye. 

The effect of adsorbent particle size at a constant dye 
flowrate is shown in Figure 6. The results are for effluent 
concentrations and demonstrate an increasing ad- 
sorption capacity with decreasing particle size. 














Time (mins 


Figure 4. Adsorption of Telon Blue on carbon. (C, = 200mg!1~', 


P.R. = 250-355 um, m = 100 g, F = 200 cm’ min ~'). 





rF OF 250 cm? min A F 175 cm” min” 


3 -1 
200 cm” min e F 


3 -] 
150 cm” min 











Figure 5. Adsorption of Telon Blue on carbon (velocity effect in 
fluidised bed). (C, = 200 mg | h/h, = 1.0, m = 100 g, 
P.R. = 250-355 pm). 


DISCUSSION 


Adsorption Isotherms 
Figure 3 shows the effect of particle size on the 
adsorption capacity of activated carbon on Astrazone 
Blue. In the case of Telon Blue a particle size range of 
500-710 um adsorbs 450mgg™' at the monolayer 














Figure 6. Adsorption of Astrazone Blue on carbon (particle size effect 
in fluidised bed). (C,= 200mg! hjh.=10, m=TSg, 
F = 200 cm’ min ~'). 
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capacity, and a size range of 150-250yum adsorbs 
680 mg g~'. For similar particle size ranges in the case 
of Astrazone Blue adsorption the monolayer capacities 
were 500mgg~' and 860mgg_™' respectively. Con- 
sequently activated carbon shows a high adsorptive 
capacity for both dyes. 

The decrease in adsorptive capacity with increasing 
particle size may be due to two reasons. Firstly, the large 
dye molecules may not be able to completely penetrate 
the internal porous structure of the activated carbon. 
The dye molecules may block and occlude part of the 
internal structure from adsorption. The pore size range 
of Filtrasorb 400, as a percentage of the available pore 
volume, is as follows; 10-20 A (12%), 20-30 A (29%), 
30-100 A (6%) and 100-1000 A (12%), 2.5% < 10 A, the 
remainder > 1000 A. The pore volumes of Telon Blue 
and Astrazone Blue are 690 A’ and 750 A’ per molecule 
respectively; this gives the respective effective diameters 
as being 11 A and 11.4 A. Consequently there will be a 
physical resistance to diffusion in the carbon and this 
may be enhanced by the fact that the dye molecules are 
not spheres (as assumed in the calculation) and both 
dyes have a longitudinal dimension of 20 A. This value 
implies that over 23°, of the pore structure will be 
unavailable to dye molecules diffusing with this particu- 
lar orientation. Secondly, it is possible that the contact 
time of five days is insufficient for equilibrium to be 
achieved. Although a monolayer appears to have been 
reached®’, in the case of chemical adsorption, there is an 
initial rapid rate due to surface coverage followed by a 
slower diffusion of molecules into the bulk of the 
adsorbent particles. It can be seen that all the plots in 
Figure 3 are still increasing slowly but it would appear 
that a close approach to equilibrium has been achieved. 
The problem of increasing contact times over a five day 
period is the potential to form microbial films on the 
carbon™. 

Langmuir analyses were performed according to equa- 
tion.(2); the slopes B and intercepts A were determined 
and presented in Table | for the adsorption of Telon 
Blue and Astrazone Blue respectively. 


External Mass Transfer 


The K,; values have been calculated for the various 
flowrates and adsorbent particie size ranges and have 
been plotted in Figures 7 and 8 as functions of g. At low 
q values the plots approach a linear slope and may be 
extrapolated to gq = 0 for the limiting condition K; = ky. 


Table 1. Langmuir constants for the adsorption of Telon Blue and 


Astrazone Blue on Carbon 
Particle size 
Dye (um) 

Telon Blue 150-250 
Telon Blue 250-355 
Telon Blue 355-500 
Telon Blue 500-710 
Astrazone Blue 150-250 
Astrazone Blue 250-355 
Astrazone Blue 355-500 
Astrazone Blue 500-710 


Constant B 
(g mg~') 
1.66 x 


Constant A 
(gdm ~ *) 


5.0 x 10 
7.5x 10 
50 x 10 
115 x 10 
5.7 x 10 
6.5 x 10 
9.0 x 10 
15 x 10 


—AwWwNornoo 
ANnwhwam 
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Figure 7. Variation of K, with q for adsorption of Astrazone Blue 
on carbon (velocity effect). (P.R. = 150-250 um, C, = 200mg! ~') 


In Figure 7 which shows the effect of dye flowrate, 
some plots are approaching parallel lines, the ideal case 
when external film diffusion is the only rate controlling 
step. In general the curvature of all the lines in the 
diagrams establishes the fact that external mass transfer 
is not the only rate-controlling process. The k, value for 
each system was determined and plotted as a function of 
Reynolds number on logarithmic coordinates. The effect 
of particle size on the film mass transfer coefficient is 
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Figure 8. Variation of K,; with g for adsorption of Telon Blue on 
carbon (velocity effect). (P.R. = 250-355 pm, C, = 200 mg! ~’) 
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Figure 9. Plot of Ink, against In Re, for adsorption of the dyes on 
carbon (particle size effect). 


shown in Figure 9 for Astrazone and Telon Blue. The k; 
values are plotted against particle Reynolds number, 
Re,. The data for Astrazone Blue and Telon Blue are 
correlated respectively by 


(¢ = 6.3 x 107? Re>° (18) 
and 


k= 4.8 x 10-? Rel (19) 


In the case of adsorbent particle size only Re, was a 
relevant parameter, however, the effect of dye flowrate 
on the film mass transfer coefficient can be correlated 
with liquid and particle Reynolds numbers. Figure 10 
shows plots of k, against Re, and the data for Astrazone 
Blue and Telon Blue are correlated respectively by 


= 3.3 x 10? Re? (20) 


3.2 x 10-7 Re?” (21) 


The mass transfer correlations for k; as a function 
liquid Reynolds number are given for Astrazone Blue 
and Telon Blue respectively by 


= 5.1 x 10 ‘Rel* (22) 


3.1 x 10~3 Re?*! (23) 


Other workers have derived expressions correlating k; 


and Re, according to the general formula, 
k,= y Re} (24) 


where y and x are constants for a_ particular 
adsorbate/adsorbent system and x values of 2.67 and 
0.60 have been reported for Astrazone Blue on silica? 





e Telon Blue 
d= 250-355 um 
p 


© Astrazone Blue 


qd. = 150-255 um 











Figure 10. Plot of Ink, against In Re, for adsorption of the dyes on 
carbon (velocity effect) 


and alkyl-benzene sulphonate on carbon‘ respectively. It 
should be noted that the constant y in equation (24) has 
the dimensions of k;, and this must be borne in mind if 
any attempt is made to generalise the results of this work 
to an industrial situation. 

No other data are available for the adsorption of 
similar organic compounds in carbon fluidised bed sys- 
tems. There are several correlations, however, predicting 
external mass transfer coefficients in well agitated batch 
adsorbers for various organics onto carbon. In this work 
the range of k, values is 20x10-* to 
6.0 x 10-*cmmin~! for a liquid Reynolds number 
range of 50 to 120. Within this Reynolds range, other 
reported values are 54x10°-*cmmin™' for 
benzaldehyde”; i2x 10~?, 32 x 10~? and 
26 x 10-*cmmin~' for sodium dodecyl sulphate, p- 
bromophenol, phenol and _ p-toluene sulphonate 
respectively”; 12 x 10~? 23 x 10°? and 
20 x 10-*cmmin~! for crystal violet, phenol and ali- 
zarin respectively’. Fluidised bed results for phenol are 
available’ and lie in the range 24x 10~’ to 
36 x 10~-*cm min ~'; these results are of the same order 
of magnitude as those reported in the batch adsorber 
systems. The external mass transfer coefficients for dyes 
in this work are generally lower than the other data but 
the dyes are large organic molecules which will tend to 
restrict their mobility. Furthermore the mass transfer 
coefficient for the dye, crystal violet, is of a similar order 
of magnitude. An additional constraint should be noted 
when making this type of comparison since in fluidised 
bed experiments the solid (g) to liquid (dm*) ratio is very 
high, e.g. 200:1; for well agitated batch systems it is 
much lower, e.g. 5:1. 
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Table 2. Effect of dye flowrate on the internal mass 
transfer term, k,a 


Flowrate Particle size ka 
Dye (ml min ~') (um) (min ') 


Astrazone Blue 100 150-250 0.57 
Astrazone Blue 150 150-250 0.58 
Astrazone Blue 200 150-250 0.77 
Astrazone Blue 225 150-250 0.82 
Telon Blue 150 250-355 0.92 
Telon Blue 175 250-355 0.97 
Telon Blue 200 250-355 0.99 
Telon Blue 250 250-355 9.99 


Table 3. Effect of carbon particle size on the internal 
mass transfer term, k,a, at constant dye flowrate 
Flowrate _‘ Particle size ka 
Dye (ml min“ ') (um) (min ~ ') 
Astrazone 200 150-250 
Astrazone 200 250-355 
Astrazone 200 355-500 
Astrazone 200 500-710 
Telon Blue 200 150-250 
Telon Blue 200 250-355 
Telon Blue 200 355-500 
Telon Blue 200 500-710 


The solid phase mass transfer coefficient, K,, has been 
assumed constant in most kinetic studies. The internal 
‘pore’ diffusion mass transfer coefficient has been shown 
to vary with time in certain studies** In several 
‘two’-resistance models, based on film and homogeneous 
solid diffusion, a single constant internal diffusivity has 
been sufficient to correlate data for variables such as 


adsorbate and adsorbent concentrations. However, only 
limited data on the effect of particle size are available. 


56 


In certain studies**** ‘a rate parameter’ (dependent on 
the square root of time) has been defined to correlate 
intraparticle diffusion and this parameter has shown a 
particle size dependence. Recently” a variation in 
effective diffusivity was found with adsorbent particie 
size in batch adsorber studies. 

The mass transfer terms, K,a, are listed in Tables 2 
and 3. Table 2 shows the effect of dye velocity and only 
a small variation in K,a is observed with varying dye 
flowrate. The mass transfer term is effectively constant 
throughout, any variation probably being due to experi- 
mental error and the degree of accuracy in the assump- 
tions when the model was developed. 

Table 3 shows the influence of varying the activated 
carbon particle size and for both dyestuffs a steady 
decrease in K,a occurs with increasing particle size. 


CONCLUSION 

Activated carbon has a high adsorptive capacity for 
both Astrazone Blue and Telon Blue dyes in a fluidised 
bed system. This adsorptive capacity increases as the dye 
flowrate decreases and also as the particle size of acti- 
vated carbon decreases. The kinetic studies concerning 
the adsorption of the two dyes from aqueous solution 
onto activated carbon in fluidised bed systems show that: 


(i) fluid phase external diffusion is the controlling 
mechanism at the beginning of adsorption; 
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(ii) then, both fluid phase external diffusion and inter- 
nal particle diffusion exist. 


Empirical correlations relating the mass_ transfer 


coefficient, k;, to particle and liquid Reynolds numbers 
have been derived. 


SYMBOLS USED 


mass transfer area between carbon particles and fluid per unit 
volume of bed (cm*cm_~ ’) 

coefficient in isotherm equation (2) (mg dm~°*) 

Langmuir equilibrium energy constant (dm’ g~ ') 

coefficient in isotherm equation (2) (gmg_') 

liquid phase dye concentration (mg dm’) 

initial liquid phase dye concentration (mg dm_~ *) 
equilibrium liquid phase dye concentration (mg dm ~°*) 
liquid phase dye concentration at column outlet (mg dm ~°*) 
liquid phase equilibrium dye concentration at height, A, in the 
column (mgdm °) 

equilibrium liquid phase dye concentration at the particle 
surface corresponding to g., (mgdm_ °*) 
particle diameter (cm, ym) 

volumetric flow rate (cm* min~ ') 

bed height (cm) 

expanded bed height (cm) 

settled bed height (cm) 

external mass transfer coefficient (cm s~', cm min~') 
overall fluid phase mass transfer coefficient (em s~ ', cm min~ ') 
internal solid phase mass transfer coefficient (cms! 
cm min‘) 

overall solid phase mass 
cm min ') 

mass of adsorbent (g) 


transfer coefficient (cms 


dye concentration on adsorbent (mg g~ ') 
initial dye concentration on solid (g,=0) (mg g~') 
equilibrium dye concentration on solid (mg g™ ') 
equilibrium saturation capacity dye concentration on solid 
(mg g') defined in Figure 2 

ultimate capacity of the adsorbent, Langmuir monolayer, 
capacity constant (mg g') 

liquid phase Reynolds number 

particulate phase Reynolds number 

external mass transfer exponent in equation (24) 

external mass transfer constant in equation (24) 

cross sectional area of the column (cm*) 

time (s, min) 

slope of adsorption isotherm in Figure (cm’ g~') 

slope of adsorption isotherm in Figure (cm’ g~') 

bulk density (weight of dry activated carbon/unit bulk volume 
of bed) (gcm~ °) 
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MEASUREMENT OF FLUIDISED-BED BUBBLING 
PROPERTIES USING A FIBRE-OPTIC LIGHT PROBE 


By D. H. GLASS (MEMBER) and W. MOJTAHEDI 


Department of Chemical Engineering, University of Edinburgh 


The properties of bubbles in a freely-bubbling three dimensional fluidised bed have been measured using a fibre-optic light probe. 
The size-distribution curve is displaced in the direction of larger bubble size both by increased superficial fluidising velocity 
and by increased height above the distributor plate. The bubble rising velocity varies with bubble nose-to-base height raised 
to a power between 0.6 and 0.8. These results suggest that bubble shape is not constant but becomes flatter for larger bubbles 


and for greater heights in the bed. 


INTRODUCTION 


The size and rising velocity of bubbles in gas-fluidised 
beds have been the subject of many investigations' *. In 
the present work a previously developed optical probe 
system is used to study bubble properties in a freely- 
bubbling three-dimensional air-fluidised bed. 

Park et al. and Rigby et al.*° developed a two-element 
resistivity probe to examine two- and _ three-phase 
fluidisation mechanics, while Werther and Molerus’ used 
a similarly designed capacitance probe in non- 
conducting systems. In these cases, lack of information 
about the point of impact of the probe on the bubble’s 
frontal surface leads to uncertainties in the size and 
velocity distributions. 

Burgess and Calderbank* designed a five-channel 
resistivity probe which was able to measure the local 
bubble interface angle as well as size and velocity. This 
was coupled via a high-speed analogue-digital converter 
to a digital computer. 

Pereira and Calderbank”'’ developed a compound 
fibre-optic bubble sensor which was used to investigate 
bubble properties in gas-liquid froths. This sensor has 
been used in gas-solid fluidised beds by the present 
authors. Its advantages are judged to be applicability to 
a wider range of systems than a resistance probe, 
together with a small size which makes it less obtrusive 
than many designs of capacitance probe. An interim 
report on this work presented at the 1981 Institution of 
Chemica! Engineers Research Meeting'' included bubble 
size distribution histograms with a spurious second peak 
at high bubble sizes. This was due to a software fault; 
the results are corrected and extended in the present 
work. 

Rowe and Masson’ have used X-ray cine photo- 
graphy to record the encounters of bubbles with probes 
of differing designs, including one based upon that of 
Burgess and Calderbank. They found that probes should 
be as slender as is compatible with rigidity and should 
have no supporting horizontal structure, which caused 
gross distortion and lateral displacement of bubbles. 
Even probes meeting these criteria, however, seemed to 
elongate and accelerate the bubbles they pierced. 

They also published the results of velocity and size 
determinations carried out using two fibre-optic probes 


glued together. These results display considerable scatter 
which may be a result of the probe’s inability to discrim- 
inate between direct and central encounters with small 
bubbles and grazing encounters with larger ones. 


COMPOUND OPTICAL PROBE AND 
BUBBLE FLOW MONITOR 


The use of fibre-optic probes to detect the presence of 
bubbles in liquids was described by Geake and Smalley" 
These consist of a fibre light-guide which conveys light 
to a specially-shaped terminal (Figure 1). If the probe is 
in a gas of low refractive index the light is totally 
internally reflected and returned through the guide to a 
sensor. If, however, it is immersed in a liquid of high 
refractive index the light is transmitted and dissipated. 
The transition from one mode to the other produces a 
step-change in reflected light intensity which is used to 
detect the passage of a bubble boundary. 

Such probes are also effective in fluidised beds, 
although here the polarity of the signal is reversed. Light 
is reflected back up the guide when its end is immersed 
in reflective particles but is dissipated when the terminal 
is in a particle-free void. 

The compound probe consists of a leading sensor 
surrounded by three coplanar trailing probes, as shown 


Figure |. Operation of fibre-optic light probe (a) In particles—light 
reflected back (b) In void—light transmitted and dissipated 
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Figure 2. Compound 4-sensor optical probe. Dimensions in mm 


in Figure 2. A bubble is judged to be co-axial with the 
leading probe if it is later sensed at the same time by each 
of the three upper probes. The time delay between 
making the lower and upper contacts is used to calculate 
the bubble rising velocity, while the time between mak- 
ing and breaking the leading contact is used to calculate 
the nose-to-floor height of the bubble. The smallest 
height which can be measured is thus limited by the 
vertical separation of the leading and coplanar probes. 

Puises from the four channels are fed to a 
microprocessor-based bubble flow monitor, developed 
in cooperation with the Wolfson Microelectronics 
Research Unit of Edinburgh University. This tests pulse 
sequences for the following criteria: 


(a) that all channels are initially in the same ‘break’ 
mode; 

(6) that the lower and the three upper probes ‘make’ 
contact in that order and then ‘break’ it in the same 
order; 

(c) that the three upper probes all ‘make’ contact 
within some arbitrary short time interval; 

(d) that all probes return to the same ‘break’ mode. 


These tests ensure that all sampled bubbles hit the probe 
squarely and free from interference from other bubbles. 
Since only bubbles which are coaxial with the probe are 
counted, the results are a true sample of the bubble 
population at a given point in the bed and any bias 
towards counting larger bubbles is eliminated. The mea- 
sured bubble size is thus the nose-to-floor height along 
the central axis of the bubble. If the bubble should break 
up in the period of measurement, this sequence of events 
would not be satisfied and the bubble would not be 
sampled. 
The following elapsed times are recorded: 


T, = delay between leading and upper contacts 
T,; = time of immersion of leading probe 


J =time between first and last contacts at the three 
upper coplanar probes (jitter). 


All these times are fed as 4-bit nibbles (half a byte) to 
the microprocessor system. Sampling is immediately 
recommenced. The microprocessor uses the stored value 
of the vertical probe separation / to calculate the rising 
velocity U,=//T, and the height h =/T,/T, for each 
bubble. It forms in its memory a histogram of bubble 
sizes with smallest height / and 100 slots of width //4. 
Any bubble with a size outside this range is discarded. 
Each slot is assigned a mean bubble rising velocity. 

After each run, the histogram of bubble sizes and rise 
velocities is transferred to paper tape via a teletype, in 
the form of hexadecimal numbers. 


APPARATUS 

The apparatus consisted of a three-dimensional fluidised 
bed of rectangular cross-section 50 x 29cm. The bed 
height can be increased to about 100cm above the 
distributor and readings taken with the probe up to 
70cm. Air from a compressor is passed through a 
humidifier (to reduce electrostatic effects) and a rota- 
meter, and is finally introduced to the calming section of 
the bed (height 16cm) below the distributor plate. The 
latter is a porosint sheet 0.25 cm thick and of pore size 
30—40 um. It is supported by a flange at the top of the 
calming section. The bed pressure drop is measured by 
water manometers. Fixed rails at the top of the bed 
permit the probe to be moved in two horizontal direc- 
tions as well as vertically, giving almost compiete 
coverage of the whole bed volume. The results in this 
paper however, refer only to measurements on the bed 
centre-line. 

The light source is a Swiss-made Intralux 500-H 
modified to run from a stabilised 24-volt DC power 
supply to eliminate 100 cycle ripples. The bed, light 
source, probe and bubble flow monitor are shown in 
Figure 3. 

The fluidised material in these experiments was a 
round sand of density 2.50 gcm ~*, a minimum fluidising 
velocity of 0.95cms~' and the size distribution given in 
Table 1. 





Figure 3. Fluidised bed, light source, probe and bubble flow monitor. 
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Table |. Size distribution of 
material. 


fluidised 


Sieve aperture Weight retained 

(um) (°"%) 
250 
210 
180 
150 
125 
105 
90 
75 
45 
45 


Mean diameter = 144 um. 


EXPERIMENTAL PROCEDURE 

The vertical separation of the leading and coplanar 
probes was measured using a travelling telescope before 
starting each run and keyed into the microprocessor 
system. This opportunity was also used to check that the 
three upper probes were coplanar. 

The bed was fluidised and then defluidised (to ensure 
a flat surface), the probe was positioned in the bed and 
the bed was fluidised again to the desired velocity. The 
power source and the light source were switched on and 
the microprocessor initialised. A prolonged period of 
data collection was commenced and when a sufficient 
number of bubbles (as indicated on the monitor display) 
had been collected the run was terminated. Data was 
transferred to paper tape and analysed using Edinburgh 
University’s main computer. 


RESULTS AND DISCUSSION 


Bubble Size Distribution 
Variation with Superficial Fluidising Velocity 

Figure 4 shows histograms of bubble size distribution 
at a fixed height above the distributor plate (30 cm) but 
at two different superficial fluidising velocities (1.36 and 
2.41 cms~'. The data for the higher superficial velocity 
show a smaller proportion of bubbles in the lower 
size-ranges. 

Figure 5 shows size distributions at the same height 
above the distributor plate and at three different 
superficial velocities in the form of cumulative oversize 
curves (°, of bubbles greater than a given size, plotted 
against the size). This shows that the size distribution 
curves are of similar shape but are displaced in the 
direction of greater bubble size for the higher superficial 
velocities. 

This variation presumably reflects the mechanism of 
bubble generation at or near the distributor plate. In this 
apparatus, which has a porosint distributor, the bubbles 
initially formed must be quite small and the observed 
size-distributions may reflect the process of coalescence 
in this region. It is interesting that this should depend so 
markedly on superficial fluidising velocity. 


Variation with Height above Distributor Plate 


Figure 6 shows histograms of bubble size distributions 
at a fixed superficial fluidising velocity (2.41 cm s~') and 
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Figure 4. Histogram of bubble size distribution at constant height in 
the bed. 


at two different heights above the distributor plate (20 
and 40cm). At the greater height in the bed, there is a 
smaller proportion of bubbles in the lower size ranges 
and a greater proportion in the higher size ranges. 

Figure 7 shows cumulative oversize curves for a 
superficial velocity of 1.87cms~' and heights of 20, 50 
and 70cm above the distributor plate. The shift towards 
higher bubble sizes at greater heights in the bed is clearly 
visible but, in this case, the alteration in the shape of the 
curves reveals that the formn of the size distribution is 
changing. 
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Figure 5. Cumulative oversize curves of bubbles at constant height 
in bed. 
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Figure © 


Histogram of bubble size distribution at constant superficial 
velocity. 


The shift towards larger bubbles at greater heights in 
the bed is attributed, among other possible causes, to 
coalescence of the smaller bubbles into larger ones. This 
should, if true, be reflected in a continuously decreasing 
bubble frequency as height above the distributor plate 
increases. Unfortunately, the discrimination exercised by 
the microprocessor system in rejecting bubbles smaller 
than the probe separation prevents any testing of this 
hypothesis using the present data. 

Darton et al.'* developed a theory involving the 
periodic lateral coalescence of bubble streams. The 
resulting equation suggested that mean equivalent 


bubble diameter D, should vary with Z, the height 
above the distributor, raised to the power 0.8 in cases 
where the distributor orifice area is small. 
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Figure 7. Cumulative oversize curves of 
superficial velocity. 
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Table 2. Arithmetic mean bubble sizes at 
U =1.87cms~'! 
V Anis 
10.45 
12.75 


14.87 
18.76 


h Z° 6 


0.109 
0.101 
0.076 
0.072 


Z (cm) 
30 
40 
50 
70 


h (cm) 


1.140 
1.283 
1.131 
1.35] 


The model assumes a uniform bubble diameter at any 
height in the bed and hence comparison with our size 
distribution curves is difficult. Moreover, our results 
present the bubble nose-to-floor height A and not D.. 
Using the result given below (equation 8) hoc D?**. The 
relationship between h and Z would then be ha Z°™. 

Table 2 shows arithmetic mean values of / at various 
levels in the bed, together with values of Z°°’. It is clear 
that, not only is there no proportionality between / and 
Z°®, but also h does not even increase monotonically 
with height in the bed. (The 50 cm result was checked in 
three different experiments). 

Full comparison of our results with the theory of 
Darton et al. must await modification of the latter to 
account for a spectrum of bubble sizes at any given 
elevation in the bed. It seems likely, however, that the 
minimum in mean bubble size at Z = 50cm has some- 
thing to do with circulation patterns in the bed at this 
particular superficial velocity. 


Shape of the Bubble Size Distribution 

Both the histograms on Figure 6 show a steady 
decrease of bubble frequency with size. The true shape 
of the bubble size distribution curve is in fact peaked, the 
peak corresponding to a most frequent bubble size. 
Figure 6 shows only truncated portions of this distribu- 
tion due to the fact that the microprocessor system does 
not record very small bubbles. 

With increasing height in the bed, the most frequent 
bubble size increases and the peaked shape of the size 
distribution curve is recorded. Figure 8 shows the histo- 
gram of bubble size distribution at 70cm above the 
distributor plate and at superficial velocities of 1.36 and 
2.41cms~'. The peak in these histograms is clearly 
visible. 


Z=70cm 
U =136 cm/s 


U=241 cmis 


% of bubbles 




















68 10:2 136 17-0 20-4 


Bubble size (mm) 


23:8 


Figure 8. Histograms of bubble size distribution. 


Chem Eng Res Des, Vol. 61, January 1983 





MEASUREMENT OF FLUIDISED-BED BUBBLING PROPERTIES 


Z=40cm 
= 136 cm/s 

U = 187 cm/s 
= 241 cm/s 


as 





10 rt 1 
05 10 15 


Bubble size (cm) 





Figure 9. Variation of absolute bubble rise velocity U, with bubble 
size A. 


Bubble Rise Velocity 


The probe records the absolute bubble rise velocity U, 
as well as bubble size. This is stored as an average bubble 
rise velocity for each slot in the size distribution histo- 
gram. This permits study of the relationship between rise 
velocity and bubble size. 


Variation with Superficial Fluidising Velocity 

Figure 9 shows the variation of U, with bubble size at 
a height of 40cm above the distributor plate, for three 
different superficial fluidising velocities. The results seem 
not to lie on a single curve and this is possibly due to the 
enhancement of the rising velocity of bubbles rising in 
clouds compared with that of a single isolated bubble. 

According to the two-phase theory of fluidisation, the 
rise velocity U,, of an isolated bubble is related to U, by 


U, = Uy + k(U — Ung) (1) 
5600. 
5 200. 
4800. 
660001 


— 4000. | 


” 
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o o 
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Figure 10. Bubble rise velocity U, versus bubble size, h. 
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Figure 11. Log Us, versus log h 


where U and U,, are the superficial fluidising and 
minimum fluidising velocities. There is little agreement 
about the value of the constant k but some authors (e.g. 
Clift et al.*) suggest 1.0. 

Figure 10 shows the data from Figure 9, plus one set 
at a higher velocity, replotted using equation (1) in the 
form of U, against bubble size 4. The points for the 
different fluidising velocities are rather closer together 
but there still seem to be systematic differences 

The data of Figure 10 are plotted on logarithmic axes 
in Figure 11 and a linear regression analysis has been 
used to fit equations of the form 


log U,= a+ B logh (2) 


to the data. This corresponds to a relationship of the 
form 


U, = Ch? (3) 


The results of the regression analysis are shown in Table 
3. The variance of this data is analysed in the Appendix. 
The results indicate that the regression lines are not 
identical, i.e. that the ‘constant’ C is a function of 
superficial fluidising velocity. However, no systematic 
variation in the slope f is detected, suggesting that a 
common exponent of 0.669 can be used in equation (3) 

Similar calculations for 30 and 70cm above the 
distributor plate give similar results: the lines are not 
identical but there is no evidence that they are not 
parallel. The common slopes are 0.644 and 0.652 
respectively. 


Table 3. Relationship between bubble rise velocity and size 
at 40cm above distributor plate 


Correlation 
x as B coefficient 
.29202 19.59 0.76264 0.82 
36638 23.25 0.64151 0.83 
39602 24.89 0.66404 0.97 
all points 34971 22.40 0.66945 0.89 
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Figure 12. Variation of absolute bubble rise velocity U, with bubble 
height A 


Variation with Height above Distributor Plate 

Figure 12 shows the variation of U, with the bubble 
size at a superficial fluidising velocity of 1.87 cms~' and 
heights of 20, 30, 40, 50 and 70 cm above the distributor 
plate. The relative rise velocity U,, calculated using 
equation (1), is shown as a function of bubble size in 
Figure 13, while the data is replotted on logarithmic axes 
in Figure 14. Once more, straight lines are fitted to the 
individual sets of data and a summary of the results is 
shown in Table 4. The variance of these results is 
analysed in the Appendix. The conclusion drawn is that 
the lines are not identical but that there is no evidence 
that they do not have a common slope of 0.724. The 
‘constant’ C varies significantly with height in the bed. 


Implications for Bubble Shape 


The results for bubble size velocity may be sum- 
marised in the form U,, = Ch’, where A is the nose-to-tail 
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Figure 13. Variation of relative bubble rise velocity U, with bubble 
height A. 
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Figure 14. Log Uy, versus log A. 


height of the bubble and £ is a constant between 0.6 and 
0.8. Values of C range from 20 to 28. 

The Davies-Taylor equation suggests that for a 
spherical-cap bubble U,, varies with the square root of 
the radius of curvature. Rowe” correlated bubble rise 
velocities and horizontal diameters, both measured using 
X-ray cine-photography, by the equation 


U, = 1.0./(gds/2) (4) 


Since f differs from 0.5, it seems that the relationship 
between A and d, or R, the radius of curvature, is not 
independent of size. To investigate this phenomenon, the 
data for U = 1.87cms~'! were used to calculate R by 
means of the Davies—Taylor equation 


R =9 U2/4g (5) 


The results are shown on Figure 15. It may be seen that, 
as expected, R increases more rapidly than does h. A 
linear regression analysis on the data suggested that 
Roh'™ or hoc R°™'. 

The variance of the data was analysed (see Appendix) 
showing that plots of log R against log A at various 
heights in the bed were not identical but that there was 
no evidence of significant variation of slope. 

Rowe and Widmer" recorded the shapes of numerous 
bubbles in fluidised beds of differing materials using 
X-ray photography. They found that for all materials 
the ratio of bubble volume V, to the volume V, of a 


Table 4. Relationship between bubble rise velocity and size 
at a superficial fluidising velocity of 1.87cms~'. 


z Correlation 
(cm) o 43 B coefficient 


1.3382 21.79 0.7038 0.91 
1.4118 25.81 0.7465 9.99 
1.3645 23.15 0.6465 0.83 
1.3023 20.06 0.8542 0.99 
1.4558 28.56 0.6763 0.96 


all points 1.3722 23.56 0.7237 0.89 
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Figure 16 


sphere of the same radius was related to radius R by 


Ve 
ee 
Making the assumption (Figure 16) of a bubble, 
radius R, with a spherical indent also of radius R 


protruding a distance of 26 from the base of the circum- 
scribed sphere, it can be shown that 


“GO 


The relationship between 6 and R obtained by equa- 
ting (6) and (7) is not explicit. However, an approximate 
power relationship fitted to numerical values of R and 
h = 2(R — 6) gives 


h = 1.342R°** (8) 


] — 0.114R (6) 


The exponent here is rather larger than the one given 
above. Nevertheless, our results agree with those of 
Rowe and Widmer in predicting a progressive flattening 
of the bubbles with increasing height in the bed. 


CONCLUSIONS 


A multi-channel fibre-optic light probe has been used to 
investigate bubble size distributions and rise velocities in 
a freely-bubbling fluidised bed at various superficial 
velocities. 

Bubble size distributions are found to shift in the 
direction of greater bubble size both for increased 
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Figure 15. Log R versus log h. 
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Table 5. 


Residual 
degrees of 
freedom 


Regression 
sum of 
squares 
0.06056 
9.11257 
0.16858 
0.34171 


Number of 
') observations S$... Bs 


7 0.10412 
ll 0.27352 
13 0.38233 
Total 0.75997 


0.07941 
0.17547 
0.25388 
0.50876 


superficial velocities and for greater heights above the 
distributor plate. 

Bubble rise velocity is found to vary with bubble 
height raised to a power between 0.6 and 0.8. The 
parameters of the relationship however vary both with 
superficial velocity and with height in the bed. 

These results are consistent with the view that the 
bubble shape is not constant but becomes flatter for the 
larger bubble sizes and for greater heights above the 
distributor plate. 


APPENDIX 
Analysis of the Variances 


Analysis of the Variance of the Data of Table } (see 
Table 5) 


Estimate of common £f=S,,/S.. =0.66945 
Regression sum of squares for fitting common f is 


(ZS, ,,)°/LS,,,, = 0.34059 
Regression sum of squares for fitting separate f; is 
X(S,,,.)?/S,,., = 0.34171 
Change in the sum of squares by fitting separate ; is 
0.34171 — 0.34059 = 0.00112 
Residual m.s. when fitting separate f; and «, is 
+L(residual sum of squares) 
= 0.07613/(25) = 0.003045 
F-statistic for parallelism 
=0.00112/(2 x 0.003045) = 0.184 
which on (2, 23) degrees of freedom, is not significant. 
There is therefore no evidence that the regression lines 
are not parallel. 
Regression sum of squares for fitting common « and 
B is 0.11411. Reduction in the sum of squares from 


fitting common a and “ff is _ therefore 
0.34171 — 0.11411 = 0.22760 


F-statistic for identity = 
0.22760/(2 x 0.003045) = 18.69 


which on (4, 25) degrees of freedom, is significant at 
the 0.1% level. 
The regression lines are therefore not identical. 


Analysis of the Variance of the Data of Table 4 


F-statistic for parallelism = 1.065; not significant at 
(2, 44) degrees of freedom. 

F-statistic for identity = 36.397; significant at (5, 44) 
degrees of freedom. 
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The lines are therefore not identical but there is no 
evidence that they are not parallel. 


Analysis of the Variance of the Regression Lines for log 
R versus log h (Table 4) 


F-statistic for parallelism = 1.260; not significant at 
(2,44) degrees of freedom. 
F-statistic for identity = 76.2; significant at (5, 44) 
degrees of freedom. 
The lines are therefore not identical but there is no 
evidence that they are not parallel. 


SYMBOLS USED 


constant in equation (3) 

horizontal diameter of bubble (cm) 

vertical nose-to-base height of bubble 

tire between first and last contact at coplanar probes (jitter) 
constant in equation (1) 

vertical separation of leading and coplanar probes (cm) 
radius of curvature of bubble nose (cm) 

time delay between detection of bubble at leading and 
coplanar probes (s) 

time of immersion of leading probe (s) 

superficial fluidising velocity (cms~ ') 

absolute rise velocity of bubble (cms~') 

rise velocity of isolated bubble (cms~') 

superficial minimum fluidising velocity (cm s~') 

volume of bubble (cm*) 

volume of sphere of same radius of curvature (cm’) 
height above distributor plate (cm) 

constant in equation (2) 

exponent in equation (2) 

half-depth of bubble wake (cm) 

refers throughout to log,, 
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LIMITATIONS TO THE CAPACITY OF 
CONTINUOUS THICKENERS 


By T. N. SMITH 


Department of Chemical Engineering, The University of Adelaide, Australia 


The factors which impose limitations to the capacity of a continuous thickener are examined with the aid of experimental 
studies reported recently. Two critical processes are identified. These are (i) separation of solids from liquid moving radially 
and vertically through the settling zone and (ii) concentration of solids from feed density to floc-contact density in passing 
from the settling zone to the compression zone. There is always a limit in the settling process and sometimes a limit in 
the thickening process. Formulae for evaluation of limiting solid fluxes are presented. Where there is a thickening limit, 


the familiar procedure of Coe and Clevenger is appropriate. 


INTRODUCTION 


Current procedures for the design of continuous thick- 
eners are based on acceptance of the proposition by Coe 
and Clevenger' in 1916 that the capacity is limited by the 
minimum value of solid settling flux within the range of 
concentration from that of the feed pulp to that at which 
flocs make contact. Several refinements of the funda- 
mental technique have been presented in the intervening 
years. Talmage and Fitch’ applied the theoretical work 
of Kynch’ on the propagation of changes in concen- 
tration through settling solids to the derivation and 
interpretation of settling velocity data from batch tests. 
Normalisation of settling velocity data in terms of 
an imputed concentration of flocs was effected by 
Michaels and Bolger* with the aid of the empirical 
correlation by Richardson and Zaki’ of settling velocity 
with concentration for discrete particles. Yoshioka’® for- 
malised the relationships between solid fluxes in batch 
tests and in continuous thickeners and gave a construc- 
tion for evaiuation of the limiting flux defined by Coe 
and Clevenger. 

Confidence in the use of these methods has been 
provided by an accumulation of evidence of reasonable 
correspondence between estimated and actual capacity 
but some doubt has remained over the validity of the 
basic principle of a limiting flux. This is because obser- 
vations of thickeners under critical load do not always 
reveal the presence of an expanding zone of settling 
solids which can be identified in concentration with that 
at which the limitation to flux is expected to occur. 

Rise of the compression zone as a manifestation of 
overload is reported by Comings’, Scott* and other 
observers. This is evidence of insufficient time for com- 
pression rather than of too small an area for settling. 
There is always some uncertainty over the point of 
transition from settling of flocs to compression of flocs 
and it has been suggested by some investigators that a 
flux-limiting layer may be contained in the gradient of 
concentration at the top of the compression zone. This 
is denied by Fitch’ who argues that zones of varying 
concentration in a continuous thickener cannot persist in 
materiai which is actually settiing. 

Overflow from the thickener of pulp with a concen- 
tration near to or even less than that of the feed is 


reported by Cross’’, Turner and Glasser'’ and also by 
Scott’. This is a result of expansion of the settling zone 
but not at conditions corresponding to some minimum 
in the curve of settling flux. 

The inference which must be drawn from these 
observations is that while the limitation to capacity of a 
thickener may be presented by a minimum value of 
settling flux in the process of concentration of the pulp, 
there are other factors. Evidently, rate of compression of 
flocs is potentially limiting. It would appear also that 
settling of solids from the feed stream as distinct from 
concentration of the settling solids may sometimes be the 
critical process. 

Resolution of the question of which is the limiting 
process requires first a sufficiently detailed picture of the 
distribution and mevement of material through a 
thickener and then an appropriate analysis of the critical 
mechanisms. The necessary picture is supplied by Turner 
and Glasser'' who have defined the patterns of flow of 
both liquid and solids by means of dye tracing and 
radiometric techniques. With the benefit of these results 
it seems possibile now to reconcile some of the differences 
between the interpretations of thickener operation 
offered by various workers and to discern the nature of 
the limitations to capacity 

It is the purpose of this paper to analyse these 
limitations and to suggest procedures to evaluate them 


PATTERNS OF FLOW IN A THICKENER 

The findings of Turner and Glasser are that in a 
thickener in stable operation there are three main zones: 
the clear water zone, the settling zone and the com- 
pression zone as depicted in Figure |. Feed entering the 
settler tends to pass down to a level compatible with its 
density and then flows into the settling zone, undergoing, 
in some cases, dilution by circulating liquid. The bound- 
aries between these zones are level and sharp and are 
maintained by stratification of pulp densities. 

The clear water zone consists of separated liquid. The 
pattern of flow through it is a combination of vertical 
entry from the settling zone and radial motion to the 
overflow. At light loading of the settler, flow through 
this zone is principally near the perimeter and there is a 
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Figure |. Flow pattern in a continuous thickener showing circulation 
between the clear zone and the settling zone. Based on a study by 
Turner and Glasser''. 


pattern of circulation between this zone and the settling 
zone which carries liquid radially inward to re-enter the 
settling zone. 

The settling zone is of nearly uniform concentration 
and material entering it from the feed-well moves 
initially in a radial direction. Liquid passes radially out 
and vertically up and the distribution of flow favours the 
latter path with increasing load on the settler and 
increasing depth of the settling zone. Solids leave this 
zone by vertical settling across the essentially radial flow 
at the bottom of the zone just above the boundary with 
the compression zone. The distribution of solids 
throughout the settling zone remains steady and is 
maintained by currents circulating within the zone. At 
light feed rates the settling zone is shallow and the main 
current flows radially inward along the boundary be- 
tween the clear zone and the settling zone. Liquid 
sweeping upward to leave the settling zone tends to carry 
with it solids which have not settled out during radial 
passage across the settler. The density of solids so 
tending to erupt provides a pressure difference which 
causes the inward flow between the clear and settling 
zones. This circulating stream enters the settling zone to 
replenish it with solids and to dilute the feed. A ratio of 
circulating flow to feed flow of as great as forty is 
reported by Cross'’. At increasing feed rates the liquid 
leaving the settling zone tends to be denser in solids so 
that the returning current is closer in concentration to 
that of the feed. Dilution of the feed is less and the 
volume of the settling zone increases by accumulation of 
solids. A stable condition is reached near the limiting 
feed rate to the thickener in which the settling zone is 
deep, the radial velocity is small and the movement of 
liquid to the clear zone is essentially vertical over the full 
area of the thickener. There is almost no circulation of 
liquid back to the feed. Solids are distributed by currents 
generated by density differences across the zone but an 
important additional mechanism is the equilibrium es- 
tablished between small, fresh flocs moving upward 


through the zone and large, mature flocs moving down- 
ward. 

In the compression zone settled flocs are undergoing 
concentration from an initial, contact value to the 
condition at underflow. 

Absent from this picture is any zone of variable 
concentration representing a change from conditions in 
the settling zone to the contact concentration of settling 
flocs at the top of the compression zone. This must be 
interpreted to mean that the zone cannot be discerned 
rather than that it cannot exist. Because in steady 
operation all concentration fronts are stationary in the 
thickener, any one need be only of vanishingly small 
thickness in order to cause its change to the concen- 
tration of material passing through it. This is pointed out 
by Coe and Clevenger' in their exposition of the idea of 
a limitation to settling flux and is illustrated by Fitch’ 
with the aid of flux-concentration diagrams. It will be 
argued subsequently that an additional zone with a 
concentration of solids intermediate between that in the 
settling zone and that in settled flocs develops only when 
a limitation to settling flux is transgressed. No such zone 
can form during stable operation. Reports in the litera- 
ture of these zones can be explained in other ways. Some 
are in plainly overloaded, unsteady conditions where the 
zone is developing to fill the thickener. Others may well 
be the result of difficulty in making a distinction either 
in observation or interpretation between the cessation of 
settling and the start of compression. Calculations of 
solid flux beyond the point of contact of flocs do not 
have the same significance as those in clear settling. 


LIMITATIONS TO CAPACITY 


It appears from the description of flow within the 
continuous thickener that three processes are critical and 
might impose limitations to throughput. Separation of 
solids from liquid passing through the settling zone to 
the clear zone and overflow must take place. Thickening 
of solids from settling zone concentration to the floc 
contact concentration must be possible. Finaliy, com- 
pression of settled flocs to underflow concentration is 
required. 

For convenience in the analysis which follows, the 
limitation to thickening is considered first. Then the 
settling zone is examined. No treatment of the com- 
pression zone is attempted in this study. It is presumed 
that sufficient concentration from the contact concen- 
tration of settled flocs can be achieved in continuous 
settling if it is attainable in batch settling tests. If time 
and surcharge are the controlling factors, then an allow- 
ance of depth rather than of area must be made in the 
design of the thickener. 


Thickening Zone 

For the reasons given in part already, this zone would 
not be visible in a thickener in stable operation. It need 
be only of infinitesimal depth and may be considered to 
exist just below the liquid streamline which divides 
overflow from underflow in the continuous thickener. 
Within it solids must pass from settling zone concen- 
tration to floc contact concentration and the possibility 
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Figure 2. Fluxes to and from the thickener and across a plane within 


the thickening zone. 


of some limitation to settling flux of these solids must be 
contemplated. 

A formula for solid flux is given by Coe and 
Clevenger. The same result is obtained here by means of 
the now familiar concepts of flux and relative velocities. 

Let the flows of solids and liquid downward across 
any plane in this thickening zone be represented by 
fluxes @, and @, as indicated in Figure 2. The velocities 
of the respective phases are then ¢,/c and $,(1 — c). The 
difference between these velocities can be equated to the 
relative velocity between solids and liquid expressed in 
terms of the batch settling velocity, v, of the pulp at 
solids volume fraction, c, to give 


With the substitution for @, in terms of a fixed 
underflow concentration, cy, aS @s(1 — cy)/cy this yieids 
for solid flux 
VCC; 


ds = (1) 


Cy—c 

It is important to observe that this expression is 
written in terms of a fixed value of underflow concen- 
tration. This is what is required for the present dis- 
cussion. The alternative formulation by Hassett’? in 
terms of a fixed underflow flux rather than of a specified 
underflow concentration is appropriate for analysis of 
operation under that particular restriction but not for 
the purpose of initial design. 

It is possible to obtain values of the continuous flux 
from the plot of batch flux against concentration using 
the construction of Yoshioka® and so to identify any 
limiting value of settling flux. However, this does not 
serve the other purpose of the present discussion which 
is to consider the speed of propagation of changes in 
concentration. To do this it is necessary to construct the 
flux-concentration curve containing the proper state- 
ment of flow continuity. 

Two possible shapes of such curves and the batch flux 
curves from which they are derived are shown in Figure 
3(a) and (b). 

Curve (a) is typical of the settling of discrete, non- 
interacting solid particles. The batch curve follows the 
shape dictated by a relationship between batch settling 
velocity and solid concentration of the type 


v =v,(1—c)* 
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defined by Richardson and Zaki’. It reaches a maximum 
at an intermediate concentration (0.177 for N = 4.65) 
and then falls towards an ultimate value at the contact 
concentration of settled solids. The continuous flux 
curve, derived from equation (1), begins to follow the 
shape of the batch curve but undergoes an inflexion as 
the effect of the reciprocal term (c,, — c) becomes sub- 
stantial and tends to infinite value as concentration 
approaches the underflow concentration, cy. 

Curve (5) shows the effects of flocculation of particles. 
A larger maximum value of batch flux is manifested at 
a lower solid concentration. This is a consequence of a 
relationship between settling velocity and solid concen- 
tration which may be expressed, as suggested by 
Michaels and Bolger’, as 


v =v,(1 —kc)* 


in which kc is the effective concentration of flocs. From 
the maximum value, flux falls rapidly as flocs approach 
their contact concentration which is somewhat less than 
the desired underflow concentration. That concentration 
must be attained by compression of settled flocs. The 
continuous flux curve reflects the rapid fall in the batch 
curve by showing a recession in value over a range of 
concentration before the effect of the reciprocal term 
(c,,; — c) becomes dominant. 

It has been well established by Kynch’ and others that 
the velocity of propagation of a change in concentration 
may be reckoned as w = Ad,/Ac. 

For a flux curve of shape (a), there is for any 
particular value of solid flux through the settler just one 
corresponding value of concentration. Material at this 
concentration could, it might appear, form a distinct 
thickening zone. It does not do so. The shape of the flux 
curve is such that a transition between any pair of 
concentrations under a small perturbation to flux always 
has a positive value of A@,/Ac on the diagram. This 
represents a downward velocity of propagation. The 
effect of this condition is that no front of concentration 
can remain stationary to form a boundary between the 
settling zone and a thickening zone or to form a 
boundary between a thickening zone and the com- 
pression zone. All fronts pass downward and the settling 
zone meets the compression zone. 

There can be no discrete thickening zone and no 
limitation to capacity by this mechanism if the con- 
tinuous flux curve is of the type shown in Figure 3(a). 

For a flux curve of shape (5), wherein there is a range 
of flux over which concentration may assume any of 
three values, a finite thickening zone could indeed exist. 
If the critical concentration at which settling flocs pass 
into compression falls within this multiple-valued range, 
there are two other values of concentration which satisfy 
the statement of continuity of solid flux. Any of the three 
concentrations could present a lower boundary to the 
settling zone and a thickening zone could contain strata 
of each concentration separated by stationary fronts. In 
fact such a condition is impossibly fragile. A change 
induced by a fluctuation in feed or underflow could 
move at negative, upward, velocity through the zone so 
expanding its volume and intruding upon the settling 
zone. The thickener would then overflow. 
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Figure 3(a). Continuous flux curve and batch flux curve (broken line) 
for settling of dispersed particles. There is no thickening zone limit. 
Settling zone limit is shown. 
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Figure 3(b). Continuous flux curve and batch flux curve (broken line) 
for settling of flocculated particles. The range of flux in which there 
is unstable operation is indicated. 


There can, then, be no thickening zone above the 
compression zone in stable operation of a settler. If the 
continuous flux curve has the shape shown in Figure 3(b) 
stable operation is possible only at fluxes below the 
multiple valued range. 

It is the potential for development of an unstable zone 
rather than the capacity of the zone itself which presents 
the limitation to operation of the thickener. The possi- 
bility arises only if the flux curve contains a recessive 
segment in which there is a local minimum. Identi- 
fication of this minimum is the generally desired objec- 
tive of analysis based on considerations of settling flux 


and is precisely that contained in the proposition of Coe 
and Clevenger. 


Settling Zone 


According to the description given earlier the pattern 
of flow in the settling zone lies between two extremes. 
These are a purely radial flow and a purely vertical flow. 
The limitations to capacity presented by each of these 
can be considered separately. 

Suppose that the radial flow may be idealised to one 
in which the vertical profile of radial velocity is similar 
at all radii. Solid particles have a component of radial 
velocity equal to this local fluid velocity and a com- 
ponent of vertical velocity equal to the batch settling 
velocity at the concentration of material entering this 
zone. A particle is recovered if it can settle from the level 
at which it enters the settling zone to the bottom of the 
zone while traversing the radial extent of the thickener. 
Refer to Figure 4. 

The trajectory of a particle can be expressed by the 
following relationships. the radial component of velocity 
is 

dr U R, 

ae ie 
in which U, is the radial velocity at level z at the entry 
radius R, and R,/r is the adjustment required by con- 
tinuity of flow for the increased area of flow at radius r. 
Vertical velocity is given by 


The integration to find the radial distance required to 
allow a particle situated initially at elevation z to settle 
may be put in the form 

(*r 0 

2ar dr = —- 2nRU,_dz 

Jr, v J. 
Now the integral on the right side of this equation is the 
volume rate of flow entering the settling zone below the 
level z so that the result may be expressed as 


n(r? — Rj) =(l/v)q 














Figure 4. Trajectory of a particle recovered from radial flow of pulp 
through the settling zone. 
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It is independent of the actual profile of radial velocity 
in the settling zone. 

If the solids are uniformly distributed across the 
stream entering the settling zone at radius R, then g 
bears the same fraction of the solids as it does of the 
liquid flow. The fractional recovery of entering solids 
from travel of the stream over the radial distance from 
R, to r is then 


f=4/2 
where Q is the volume rate of flow through the settling 
zone. 


At a final radius R,, equal to the radius of the 
thickener, the fractional recovery of solids is 


m(R3 — Rj) 
¢»——_—_—— 
Q 
which, since 2(R3— R7) is the area of the settling zone, 
may be put as 


f=v/%¢ (2) 


where @, is the flux through the settling zone reckoned 
in terms of the horizontal area of the thickener. This is 
the same relationship between fractional recovery, 
settling velocity and liquid flux as that obtained by 
Hazen" for a simple, horizontal settling basin. 

To realise full recovery of solids from the settling zone 
the value of f must be unity. 

In circumstances such that flow into the settling zone 
consists only of fresh pulp at feed concentration, and 
that recovery is complete, the flux represented by @,, is 
simply the overflow flux of clarified liquid from the 
settler. With a solid settling velocity v,; at feed concen- 
tration the condition for complete recovery is that 

Up > Po 


Z> Pr — P 


> (- _ u 
or Cf =| 


f= 


‘eo (3) 
Cy — Ce 

The right side of this expression is the same as that of 
equation (1) with the pair of values v; and cy, inserted. 
It can be evaluated conveniently by using the flux curve 
constructed for investigation of the thickening zone. The 
procedure is illustrated in Figure 3 where the value of 
flux corresponding to a concentration, cy, of solids is 
identified as the settling zone limit. 

It has been noted that the radial flow through the 
settling zone is normally at a rate greater than the feed 
rate to the thickener owing to circulation of liquid and 
solids through this zone. The value of @, in equation (2) 
is then some n times the value of the overflow flux and 
the fractional recovery of circulating solids is v/n@p. If 
the settling velocity of solids, at whatever concentration 
becomes established in the zone, is not very different 
from that at feed concentration then the value of / is 
approximately 1/n. For separation of solids at a rate 
equal to the solid flux to the thickener, the rate of flow 
of solids across the settling zone must evidently be ng. 
In the underloaded condition which gives rise to this 
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type of flow pattern, there is an accommodation of 
circulation ratio, n, and the concentration of solids 
within the circulating flow to satisfy the requirement for 
recovery of material at the rate @<. 

In conditions approaching full load, movement of 
liquid through the settling zone is directed more to 
vertical flow than to radial flow. The thickness of the 
settling zone increases and its composition is near to that 
of feed. The condition for the upper surface of the 
settling zone to remain stationary and not to expand into 
the clear zone is simply that the overflow flux should not 
exceed the batch settling velocity of the solids at feed 
concentration. That is 


dp — Py SU; 


which leads to precisely the same limit as in idealised 
radial flow, namely 


Whether flow through the settling zone is purely radial 
or purely vertical, the expected value of limiting solid 
flux is the same. It should, indeed, be constant for 
any combination of radial and vertical flows. Fitch" 
examines this question for flow through a settling basin 
and shows that the capacity of a basin of fixed area is 
independent of the flow path between inlet and outlet. 

In reality the radial flow does, as already explained, 
reflect an underloaded condition. As solid flux 
approaches the limit to capacity of the thickener, flow 
through the settling zone changes towards the vertical 
pattern. 

The limit is given by the formula quoted and may be 
evaluated from the flux curve constructed in Figure 3 for 
the thickening zone of the settler. 

It is important to observe, however, that this is merely 
an aid to computation. The nature of the limitation is 
quite distinct from that in the thickening zone. In the 
latter a continuity statement for cocurrent flow of solids 
and liquid below the streamline which divides liquid flow 
into overflowing and underflowing portions is written 
and the permissible values of flux are scanned. In the 
settling zone there is a combination of radial and upward 
flow of liquid and particles settle crosscurrently and 
countercurrently to the liquid. The formulation for 
limiting flux of solids is the same but it is very strictly 
in terms of feed concentration and not of arbitrary 
values of concentration of solids. 


CONCLUSION 

Limitations to the capacity of a thickener are 
presented always by the settling zone and potentially by 
the thickening zone. 

The settling zone limitation is set by the condition at 
which the overflow would entrain material of the feed 
concentration. While this result is derived from an 
analysis based on an idealised vertical flow of clarified 
liquid from the zone, it is equivalent te that obtained for 
an idealised radial flow through the zone. An ex- 
planation of the mechanism of recovery of solids from 
the settling zone under lightly loaded operation where 
there is a large circulation of diluting flow is given. 
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Only if the shape of the settling flux curve is such that 
it contains a local minimum as illustrated in Figure 3(b) 
is there a limitation in the thickening zone. This is the 
conclusion of Coe and Clevenger’ who propose a search 
for a minimum value between the feed concentration and 
the underflow concentration or, more usually, the 
critical concentration at which flocs make contact. 
Arguments to deny the existence of any visible thicken- 
ing zone in the settling solids above the compression 
zone during stable operations are advanced. 


SYMBOLS USED 


solid volume fraction in pulp 

sclid volume fraction at contact of flocs 

sulid volume fraction in feed 

solid volume fraction in underflow 

fraction of solid recovered from pulp 

constant multiplying solids concentration to give 
floc concentration 

ratio of flux through settling zone to overflow flux 
constant in correlation of Richardson and Zaki° 
volume rate of flow below level z in zone 
volume rate of flow through zone 

radial position 

radius at entry to settling zone 

radius of thickener 

time 

radial velocity 

radial velocity at radius R, and level z 

batch settling velocity of solid 

batch settling velocity of solid at concentration c; 
settling velocity of a floc 

settling velocity of a single particle of solid 
vertical position 

feed rate per unit area of thickener 

flux through settling zone 


liquid fiux in thickening zone 

flux of liquid to overflow 

solid flux in thickening zone 

flux of solid and liquid to underflow 
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A VISUAL EQUILIBRIUM CELL FOR MULTIPHASE 
SYSTEMS AT PRESSURES UP TO 690 BAR 


By S. J. ASHCROFT, R. B. SHEARN and G. J. J. WILLIAMS (Grapuate) 


Department of Chemical Engineering, University of Exeter 


A phase equilibrium cell capable of operating up to 690 bar and 333 K is described. The contents of the cell can be moved 
through a viewing and sampling section to allow the measurement of volumes and compositions of phases in multiple fluid 
systems. The equipment has been tested with the binary methane—n-hexane system at 310.93 K for which excellent agreement 
with literature data is found, both for phase compositions and saturated liquid molar volumes. The Peng—Robinson equation 
of state represents these data adequately up to a reduced pressure of about 0.7. 


INTRODUCTION 


Experimental vapour liquid equilibrium data are of 


direct importance in the hydrocarbon recovery and 


processing industries, and also in the validation of 
equations of state used in the computer simulation of 


reservoir processes. 

Most published data, for pressures and temperatures 
ranging up to those in oil reservoirs, are for two-phase, 
liquid—vapour systems. Major practical difficulties arise 
in systems forming three or more phases (for example, 
two liquids and one vapour) since it is necessary to 
observe the phase boundaries (for volume measure- 
ments) and selectively to withdraw samples of each 
phase for analysis. The problem of phase sampling in 
two phase systems, avoiding the partial separation which 
may occur across a simple sample valve, has recently 
been reviewed by Legret et al.'. Many of the published 
methods for sample capture, such as those of Yar- 
borough and Vogel’ and Jacoby and Tracht’, are based 
on a high pressure, removable capsule within which a 
sample can be transferred from the equilibrium cell to 
the analytical equipment. Whilst these methods have 
advantages in the analysis of systems containing as- 
phaltenes, they are cumbersome to use and not readily 
adaptable to systems with more than two phases. 

The equipment described in this paper enables phase 
observations and volume measurements to be made at 
pressures up to those existing in oil reservoirs, and 
incorporates a sampling mechanism which allows rapid 
and accurate sampling and analysis of multiphase sys- 
tems. 

The binary system methane—n-hexane was used for 
test purposes. 


EXPERIMENTAL 


Equilibrium Cell 

The cylindrical cell was made from manganese steel, 
type 080M40 (BS 970, 1972), of measured ultimate 
tensile strength 570 N mm ~* at 20 °C. It was designed to 
work at a maximum pressure of 690 bar and was tested 
hydraulically to 900 bar. The cell, for which approximate 
dimensions are shown in Figure 1, had a maximum 
internal sample volume of 885 cm’. Pressure was applied 


to the cell by mercury in the lower section and by a steel 
piston, C, sealed with ‘U’-rings (Chesterton type 861) 
and actuated by hydraulic oil (BDH liquid paraffin, 
light), in the upper section. Dual action pumping of 
these two liquids allowed the cell contents to be raised 
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Figure |. High pressure equilibrium cell. A—cell body. B—end caps 
C—piston. D—window assemblies. E—glass capillary. F—toughened 
glass windows. G—piston indicating rod. H—sampling valve 
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and lowered without pressure change. Visual obser- 
vation of phase boundaries, by means of a mirror and 
optical system, was made through the window assem- 
blies, D, and the glass capillary tube, E, through which 
the system could be moved back and forth. The cylindri- 
cal windows, F, were of toughened soda lime glass (made 
to BS 3463, 1975, by J. B. Treasure Ltd, Liverpool). The 
pressure difference across the 3 mm i.d., 9 mm o.d. pyrex 
capillary tube was kept small by pressurising the outer 
surface with optically transparent hydraulic oil tapped 
from above the piston, C. A measuring rod, G, equipped 
with a vernier and a ‘U’-ring seal where it passed 
through the upper end cap, was used for the accurate 
location of the position of the piston. The sampling 
mechanism, H, jocated just above the capillary tube is 
discussed in the next section. 

Equilibrium was achieved by mechanically rocking the 
cell for 3h. Swivel joints were designed for the oil and 
mercury lines to enable continuous rotation. 

The cell was enclosed in an insulated, thermostatted, 
steel air bath of dimensions 1.2 m x 0.6m x 1.1 m high. 
The temperature of the air in the bath was regulated to 
+0.1 K by an air circulator and heater operated by a 
thermistor-fed proportional controller. The temperature 
of the cell was read with a thermistor (ITT type F23D) 
in conjunction with an automatic bridge (Solartron type 
EX1732) and showed that temperature variations were 
of the order of +0.05 K. The thermistor was calibrated 
against short range mercury thermometers (BS 593) on 
the IPTS-68 scale. The maximum temperature of the 
bath was about 360 K but the metallurgical properties of 
the steel of the equilibrium cell precluded operation 
above 333 K for long periods. 
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Figure 2. Sampling mechanism. A—sampling rod. B—sample vol- 
ume. C--PTFE gland. D—gland nut. E—glass capillary. F—key. 
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Figure 3. Flow diagram for the sampling system. (—pressure 
regulator. @—methane calibration inlet. @-—hexane calibration 
inlet. @—sampling mechanism. ©—vaporising oven. ©—constant 
temperature air bath. @—sample splitter. 


Sampling Mechanism and Analysis 

The sampling valve is shown in Figure 2. The stainless 
steel sampling rod, A, originally of diameter 10 mm but 
later modified to ~ 6mm, was bored with a hole, B, of 
diameter 2mm, to coincide with the capillary diameter 
when the rod was in the closed position. Hot helium 
carrier gas entered the valve body and was allowed to 
flow around the annular groove in the PTFE gland, C, 
held tightly on the rod by gland nut, D. The exit helium 
was fed as carrier gas to a chromatograph by way of a 
heated chamber and line. As the rod A was withdrawn, 
the hole in the sampling rod was brought into line with 
the helium flow in the PTFE gland, thus injecting a 
sample of the cell material into the chromatograph 
carrier gas. The volume of the sample was 0.06 cm*. Each 
sampling operation introduced a negligible volume of 
helium into the cell. Typically one hundred sampling 
operations would give a mole fraction of helium of 
2x 10~° at 400 bar. 

The vaporised sample in the helium carrier was passed 
through a heated iine, as shown in Figure 3, via a sample 
splitter if required, into the gas chromatograph. The Pye 
204 chromatograph was equipped with a _ thermal 
conductivity detector and a Spectra Physics com- 
puting integrator (type SP 4100). The columns 
(1m x 3mmi.d.) were packed with Porapak Q and 
operated at 473K for the methane—n-hexane system. 
Compositions were calculated by a method similar to 
that of Smith and Bowden* following frequent cali- 
bration with the pure components. At leasi five samples 
were taken for each phase at a given pressure and 
temperature. The uncertainty in mole fraction was esti- 
mated to be +0.5%. 


Materials 
Hexane (BDH) was dried with molecular sieves and 
distilled in a 25-plate Oldershaw column. Purity by GLC 
was 99.96 mass °,,. The n-hexane was degassed by re- 
peated boiling under vacuum before being transferred to 
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Figure 4. Overall equipment layout 


the equilibrium cell. Methane (BOC) was passed through 
a molecular sieve column before use. Purity by GLC was 
99.90 mass ”,.. 


Procedure 

The experimental layout is shown schematically in 
Figure 4. Stainless steel, ; inch o.d. pressure tubing and 
stainless steel valves (Ruska or Autoclave Engineers) 
were used for all the pressure and transfer lines. 

The main pressure pump was a motorised, double- 
acting unit constructed by modification of a Ruska type 
2280-61127 calibrated displacement pump. Liquid sam- 
ples were displaced from the fluid reservoir into the 
equilibrium cell by mercury. This same reservoir was 
filled with methane at about 7 bar from a gas cylinder. 
Successive volumes (~ 500 cm’*) were displaced into the 
cell with mercury as required. 

The pressure in the cell was measured by balancing the 
mercury pressure against oil using a Ruska differential 
pressure transducer and indicator (types 2413-705, 
2416-711, maximum sensitivity 0.9 Pa). Adjustments 
were made to the oil pressure with a Ruska type 
2426-801 hand pump. The oil pressure was read from a 
series of bourdon tube pressure gauges (Budenberg 
Standard Test Gauges type 215) which were calibrated 
against a dead weight tester (Budenberg type 80) of 
accuracy +0.04°% at 20 °C. Allowances were made for 
height differences of the various pieces of equipment. 

This method of pressure measurement was preferred 
to direct measurement on the oil side of the cell since it 
would be difficult to allow for the noticeable frictional 
pressure loss across the piston in the cell. 

In making measurements the double acting pump was 
used to move the test system through the capillary in the 
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cell to measure the volumes of the phases and to ensure 
that the desired phase was being sampled. After each 
pressure or temperature change the cell was rocked for 
about 3 h with the entire system on the piston side of the 
cell (i.e. above the capillary), followed by a settling 
period of 1 h before readings were taken 


RESULTS AND DISCUSSION 


Phase Compositions 

Phase equilibria in the methane—n-hexane system have 
been reported by several authors, most recently by Shim 
and Kohn’, Poston and McKetta® and Gunn and 
McKetta’. Reasonable agreement between the various 
sets of data, and indeed with those of earlier workers, 
indicates that the system may be regarded as well 
established. 

The results obtained using the present equipment for 
this same system at 310.93 K (100 °F) are reported in 
Table 1 as equilibrium pressures and phase com- 
positions. To aid the comparison with published data, 
some pressures were chosen to be identical to those used 
by Poston and McKetta®, whose values are also included 
in the Table. Agreement between the two sets of data is 
excellent, the average deviation being less than 0.003 in 
mole fraction. 

The equation of state of Peng and Robinson* (equa- 
tion 1) is widely used to correlate P, T, x, y data for 
hydrocarbon mixtures, where the constants a and + are 
given in terms of the critical properties and acentric 
factors of the pure components. 

RT a 
P=— -—— (1) 
V--b V(V+b)+b(V —b) 





ASHCROFT, SHEARN AND WILLIAMS 


Table 1. Vapour-liquid equilibria data for methane-n- 
hexane at 310.93K 
Data of Poston 


and McKetta® 
x (CH,) y (CH,) 


Experimental data 

P /bar x (CH,) y (CH,) 
0.342* 0 0 

34.46 0.1533 0.9672 0.153 0.969 
51.71 0.2257 0.9754 
68.93 0.2811 0.9804 
82.74 0.3348 0.9809 
94.75 0.3767 0.9807 
103.39 0.4024 0.9788 0.404 0.979 
120.66 0.4656 0.9754 
137.85 0.5118 0.9703 0.511 0.970 
172.37 0.6280 0.9630 0.638 0.969 
193.05 0.7315 0.9586 
199.1 approx. critical pressure 


0.286 0.980 


+ Vapour pressure of n-hexane from ESDU”. 


For mixtures the values of a and A are calculated from 


a=) x,x,(1—6,) a a” 
ae Jj j j 


b= Y x,b, 

In applying this equation to the methane—n-hexane 
system the value of the interaction parameter, 6,, was 
found by regression simultaneously on the calculated 
and measured bubble point pressures and vapour com- 
positions at each value of the liquid composition, follow- 
ing the procedure of Huron et al.’. The Peng—Robinson 
equation failed to give a good representation of the data 
over the whole pressure range with a single value of 6,.. 
However, as shown in Figure 5, the P, x, y data can be 
adequately ‘correlated by this equation of state up to a 
reduced pressure of about 0.7 using a value of 6, of 
0.0337 The predicted curve considerably overshoots in 
thef critical gegion. 


Molar Volumes 

The equipment described in this paper also allows the 
volumes of each phase to be measured. Taken together 
with the phase compositions and the initial quantities of 
the fluids, the molar volumes of each phase can be 
determined. The experimental results are given in 
Table 2. Comparison is made with the data of Shim and 
Kohn’ and of Schoch et al.'°, for the liquid phase. in 
Figure 6. The current results agree well with values 
interpolated from the data of Shim and Kohn but are 
about 1° lower than Schoch’s values. However, both 


Pang-Robineon equation 
6 = .0337 
&=0 








——- 
4 -6 


Mole fraction methane 


Figure 5. Experimental vapour-liquid equilibrium points for the 
methane-n-hexane system at 310.93 K. The continuous and broken 
lines show the correlation by the Peng-Robinson equation with 
6 = 0.0337 and 0, respectively. 


these latter series of measurements used materials of 
inferior purity. 

The Peng—Robinson equation will predict molar vol- 
umes with good accuracy as shown by the calculated 
values in Table 2. For these calculations an interaction 
parameter of 0.0337, found earlier from the phase 
composition data, was used. In order to represent satur- 
ated liquid molar volumes over a wide range of pressure, 
Prausnitz and Chueh'' have recommended a generalised 
approach based on the principle of corresponding states 
expressed in the form 


V. _ VO ov) + w? ve) (4) 


where « is the acentric factor. For mixtures, a series of 
mixing rules (5)-(10) is recommended for hydrocarbons. 


rem ~ vx, V (5) 


Tom = >>, 9:9; Tei (6) 


Table 2. Saturated liquid and vapour molar volumes for the methane—-n-hexane system at 310.93 K 


Measured data 
P /bar V/cm? mol ~! V/cm? mol 
68.93 111.30 335.01 
94.75 104.09 227.11 
103.39 102.16 207.01 
120.66 97.58 168.56 
137.85 94.57 147.01 
172.37 88.36 109.76 
193.05 86.39 91.23 


V/cm? mol 


Calculated data 
Peng—Robinson 
V/cm? mol 


Generalised 
V_/cm’ mol 


111.43 


I 


111.42 
104.34 104.42 
102.47 207.70 102.62 
97.97 168.97 98.38 
94.78 147.44 95.51 
87.35 110.12 89.70 
82.13 90.55 88.97 
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Figure 6. Experimental liquid molar volumes for methane—n-hexane 
in comparison with the data of Shim and Kohn’ and Schoch"’. 
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Calculated liquid molar volumes based on equations 
(4)}-(10) are also given in Table 2 and are in excellent 
agreement with the experimental values, the largest error 
(~ 3%) occurring towards the critical point. The data of 
Shim and Kohn’ for the liquid phase of the same system, 
but at different temperatures, are also well represented 
by the generalised approach with approximately the 
same accuracy as the present data. 


CONCLUSIONS a 


The high pressure equilibrium cell described in this 
paper has been shown to give phase compositions and 
molar volumes which are in good agreement with litera- 
ture values. The data can be satisfactorily correlated by 
the Peng—Robinson equation of state except in the 
region close to the critical point. Further experimental 
work is in progress on multi-component systems con- 
taining hydrocarbons and carbon dioxide. The cor- 
relation of these data by several different equations of 
state will be tested. 
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SYMBOLS USED 


constants in the Peng-Robinson equation 
parameter in generalised critical temperature correlation 
pressure 
molar volume 
liquid phase mole fraction 
vapour phase mole fraction 
binary interaction parameter in the Peng—-Robinson equation 
volume fraction 
a) acentric factor 
Subscripts 
i,j,k components 
c critical property 
L liquid phase 
G gas phase 
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CO-CURRENT FLOW OF AIR AND SHEAR THINNING 
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Experiments have been performed on two-phase flow of air with water and with flocculated suspensions of china clay (31.5 
and 36.5% w/w) in a 207 mm internal diameter pipe. The kaolin suspensions were highly shear thinning. Visual observations 
of the test section suggest that the flow of the air—water mixtures corresponds to wavy flow. It is shown further that the 
Lockhart—Martinelli correlation overpredicts the two-phase pressure drop in these conditions. The injection of air into the 
kaolin suspensions when in laminar flow resulted in a reduction in the pressure drop. The values of the minimum drag 
ratio (correspending to maximum reduction) and the amount of air needed to achieve it are well represented by correlations 


previously obtained for a 42mm diameter pipeline. 


INTRODUCTION 

It is now well established that injection of air into a shear 
thinning liquid in laminar flow in a pipe may result in 
a reduction in pressure drop. For a constant liquid flow 
rate, the pressure drop decreases with increasing air flow 
rate till it reaches a minimum value; it then begins to 
increase and finally exceeds that for the liquid on its 
own. This phenomenon of ‘drag reduction’ was first 
reported by Ward and Dallavalle' who studied the 
two-phase flow characteristics for co-current flow of air 
and aqueous china clay suspensions in horizontal pipes 
of various diameters ranging from 19 to 38mm. 
Subsequently, several workers have reported similar 
behaviour for pseudo-homogeneous particulate 
suspensions *’” and for aqueous solutions of high mo- 
lecular weight polymers’ *, both of which exhibit shear 
thinning behaviour in pipe flow. However, none of these 
investigators has attempted either to explain the phe- 
nomenon of drag reduction or to specify the conditions 
under which it will occur. Mahalingam’ has 
recently reviewed the above publications. 

More recently, Faroogi'' and Faroogi and 
Richardson’? have carried out a comprehensive experi- 
mental investigation on two-phase co-current flow of air 
and flocculated suspensions of china clay in water and 
water—glycerol mixtures in a 42 mm internal diameter 
horizontal pipe. In this investigation a wide range of 
rheological behaviour and other pertinent variables such 
as liquid and gas flow rates has been covered. Faroogi 
and Richardson’ have postulated a mechanism whereby 
drag reduction occurs and a method for correlating 
maximum drag reduction and for identifying conditions 
required to achieve it. Indeed their approach has been 
quite successful in correlating the values of minimum 
drag ratios (i.e. the maximum drag reduction) obtained 
by various workers° ’. However, since most of the work 
reported so far has been carried out in horizontal pipes 
of less than 50 mm diameter, very little is known about 
the effect of pipe diameter. Heywood® did measure 
two-phase pressure drop in a pipe of 158 mm diameter 
but the suspension velocity was not kept constant and 


the air velocity was insufficient for the condition of 
minimum drag ratio to be reached. 

The experimental work described in this paper deals 
with the two-phase flow of air and flocculated aqueous 
china clay suspensions in a 207 mm diameter steel pipe. 
Two-phase pressure drop has been measured and results 
are compared with the previously proposed'* equation. 


EXPERIMENTAL EQUIPMENT 

A schematic diagram of the test flow loop is shown in 
Figure 1. A Charlestown 898 gravel pump connected to 
a 220 kW motor with a variable speed fluid coupling was 
used to pump the suspension from the main feed tank of 
4.5m’ capacity through a 207 mm i.d. pipe. Although 
there was provision to connect the pump to any of the 
three pipelines of 102, 156 and 207 mm diameter, only 
the largest diameter pipe was used. Suspension flow rates 
were controlled by a diaphragm valve and were 
measured by a Kent electromagnetic flowmeter installed 
58 pipe diameters downstream from the pump. 

Pressure drops were measured over a 22.86 m straight, 
horizontal test section using simple U-tube manometers 
containing diiodomethane and mercury below water. 
The manometer lines were filled with water and were 
flushed periodically with tap water to remove air bubbles 
or any suspension that had entered the lines. 

Air, supplied by two mobile Holman Robair 25 type 
compressors, was injected into the pipeline through a 
simple 90° T-joint at a pressure above that in the pipeline 
and was metered by three metric type 65G rotameters 
connected to a common manifold. The injection point 
was located 48 pipe diameters downstream from the 
magnetic flowmeter and 53 pipe diameters upstream 
from the first pressure measuring tap. 

The two-phase mixture was discharged into a storage 
tank of 30 m’ capacity, open to atmosphere, and most of 
the air was removed here. The suspension was con- 
tinuously transferred to the main feed tank by a cen- 
trifugal pump (shown in Figure | as a transfer pump). 
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Figure 1. Schematic layout of hydraulic pipeline test rig 


Part of the flow from the transfer pump was returned to 
the storage tank to keep the suspension homogeneous. 

There was no arrangement to maintain a constant 
temperature of the suspension, and there was therefore 
a small variation in temperature during the experiments. 


EXPERIMENTAL PROCEDURE 

The kaolin (SPS type) with a specific gravity of 2.64 
was supplied by English Clays Lovering Pochin and Co. 
Ltd. This particular grade is 80°, less than 2 um and 
100% less than 10 um, with dj equal to 0.75 um. 

Flocculated suspensions containing 31.5 and 36.5% by 
wt of kaolin were prepared in tap water. Their laminar 
flow properties were determined by using the same 
pipeline test section as a viscometer, and measuring 
pressure drops as a function of liquid flow rates for each 
of the test liquids. Since both the storage tanks were 
open to atmosphere, overnight rain and other environ- 
mental factors could cause some small changes in 
compositions and therefore the flow properties were 
measured at the beginning and end of each experimental 
run. 

Next, measurements were made on the co-current flow 
of air and suspensions at a number of superficial sus- 
pension velocities between 0.28 and 1.35 ms~'; and at 
each constant superficial velocity, the air velocity was 
increased in steps from 0.15 to 3.0 ms ~'. The addition of 
air into the pipeline caused large fluctuations in the flow 
of suspension and consequently in the flow and pressure 
measurements. This difficulty was partially obviated by 
constricting the upstream valve and thereby raising the 
pressure at the outlet of the pump. In all the experi- 
ments, sufficient time was allowed for the flow to 
stabilise before the manometer readings were recorded. 

Experiments with air—water mixtures were carried out 
at the end of the tests with kaolin suspensions and, over 
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the range of air and water flow rates mentioned above, 
wavy flow was encountered. This is in accordance with 
the flow pattern map of Taitel and Dukler'’, which refers 
to wavy flow as stratified wavy (SW). The conditions for 
the present experiments are indicated by the points on 
the flow pattern map, reproduced in Figure 2 


FLOW PROPERTIES OF SUSPENSIONS 

Rheograms for both the suspensions are shown in 
Figure 3. Suspension velocity—pressure drop data are 
plotted on log-log coordinates as wall shear stress, 
1D(—AP,,/L) versus nominal wall shear rate, 8V., /D 
For the velocities (0.026 to 1.3 ms~') the nominal shear 
rate ranged from | to 50s~' in each case, and the data 
could be described satisfactorily by the power law 
model. The values of n’ and K’ evaluated from the slope 
and the intercept are given in Table | 
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Figure 2. Flow pattern map of Taitel and Dukler'’. Results for 
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Figure 3. Rheograms for kaolin suspensions in water. 


The flow data are plotted in Figure 4 as the Fanning 
friction factor f, against the generalised Reynolds num- 
ber defined by Metzner and Reed, Reyp as 

Reg =D” Pa Vi" 
MR K’3" | 


All the data conform to the laminar flow equation, viz. 


(1) 


(2) 


This establishes the validity of the power law model over 
the shear rate range in question. The same figure in- 
cludes data obtained for turbulent flow of water and 
these are in good agreement with the Blasius equation. 


FLOW OF AIR-LIQUID MIXTURES 


For water flowing at each of the two rates, the results 
for two-phase pressure drop are presented in Figure 5 as 
drag ratio, 


against the widely used Lockhart—Martinelli parameter 
| AP, /L\" 
oe ol 


Evidently the present results are lower than those pre- 
dicted by using the correlation of Lockhart and 
Martinelli’*. Similar low results were also reported by 
Baker'> who studied the two-phase flow of gas-oil 
mixtures in pipes of diameters ranging from 25 to 
250 mm. Most of his data which related to the wavy flow 
regime were obtained for 7 values less than unity. For 
comparison with the present work, his results have been 
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Figure 4. Friction factor plotted against Reynolds number. 


extrapolated to higher values of y and are shown in 
Figure 5 as a hatched band. Evidently the present results 
are much closer to the data of Baker than to predictions 
from the correlation of Lockhart and Martinelli. In a 
recent report, Simpson et al.'°, who investigated the 
two-phase flow of air—water mixtures in 127 and 216 mm 
diameter tubes, concluded that all the established predic- 
tive equations'*'’ * are unsatisfactory for wavy and/or 
stratified flow conditions. 

For ideal stratified flow, Johannessen”' obtained a 
theoretical relation between the Lockhart and Martinelli 
parameters @; and y and then compared the calculated 
form of the relation with that given from the experi- 
mental results of Bergelin and Gaziey”, of 
Hoogendoorn” and of Baker'*; excellent agreement was 
obtained between the theoretical and experimental re- 
sults. Although the comparison included the data of 
Baker, only his results for stratified flow were incor- 
porated, and most of his data which covered wavy flow 
were not included in the comparison. As mentioned 
above, those of Baker’s data which related to wavy 
flow'’® (p. 188, Figure 11) are shown in Figure 5 as a 
hatched band; the curve from Johannessen’s theory is 
given as a dotted line. The difference between the two is 


Table \. Power law parameter values of the two suspensions 


Kaolin 
concentration 
Fig. 3 (% w/w) 


Symbols 
Run no. in 
(date) 


Specific 
gravity n’=n 
. (19.10.81) J 5 1.28 0.103 


. (20.10.81) 1.265 0.103 


. (21.10.81) A 36.5 1.31 0.103 
(21.10.81) A 1.31 0.103 48.5 
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Figure 5. Drag ratio data for air—water mixtures 


evident. The theoretical development of Taitel and 
Dukler* for stratified flow results in a curve which 
almost superimposes that from Johannessen. In essence 
these models apply strictly only to smooth stratified flow 
and, according to Johannessen, the range of applicability 
of the theory is bounded by the onset of slug, plug or 
breaking wavy flow. Chisholm® also gave a very 
simplified form of equation for this type of flow which 
results in a curve similar to that of Johannessen and of 
Taitel and Dukler. 

[n view of the above observations, the present results 
in wavy flow are considered to be acceptable. 

For the kaolin suspensions, drag ratio is plotted 
against superficial air velocity for two constant liquid 
flow rates for the 31.5°%% (w/w) suspension in Figure 6 
and for the 36.5% (w/w) suspension in Figure 7. The 
suspensions were initially in laminar flow and, upon air 
injection, drag ratios of less than unity are obtained. The 
trends shown in both these figures are consistent with the 
findings of several of the other workers to whom refer- 
ence has been made above. It can be seen in Figures 6 
and 7 that the drag ratio shows evidence of passing 
through a minimum as the air rate is increased. It would 
have been desirable to use higher flow rates of air, to 
establish more reliably that the two-phase pressure drop 
did start to increase again, especially in the case of 
0.79 ms~' liquid velocity for the 36.5°% suspension, but 
experimental limitations excluded this possibility. Never- 
theless, the results shown in Figures 6 and 7 do reveal 
the existence of a minimum value in each case. 

In a recent work, Heywood and Richardson’ have 
used a plug flow model to predict drag ratios for 
co-current flow of air and shear thinning suspensions of 
kaolin and of anthracite. When the liquid is in laminar 
flow, both before injection of air and when flowing as a 
plug, the drag ratio @%, is 


Ps = [A,]'~" (3) 
where 


Vsu 


hi, at oie 
* Va + Vo 
is the input volume fraction of suspension. 
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Figure 6. Drag ratio data for 31.5% (w/w) kaolin suspension 


This model, originally presented by Carleton et al.° is 
valid only when the following assumptions are made: 


1. That the air and suspension are formed into discrete 
flat-ended plugs each filling the whole cross-section of 
the pipe. A necessary condition of this is that there is 
no relative velocity between the phases. 

2. That the pressure gradient along the gas plug is 
negligible. 





dotted lines from 
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Figure 7. Drag ratio data for 36.5°, (w/w) kaolin suspension 
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3. That the pressure gradient along the suspension 
plug is determined by the mixture velocity 
Via ( 2 Vs + Vo). 


The validity of this model has been tested by Heywood 
and Richardson‘ and by Faroogi'' who have shown that 
reasonable estimates of drag ratio may be obtained 
provided V,, < 1 ms~' and Re yp < 500 based on mixture 
velocity. 

For conditions other than those mentioned above, the 
slip between the two phases becomes significant and the 
experimental values of drag ratio are significantly greater 
than those predicted from the model. 

Predicted values of drag ratio obtained from the plug 
flow model are shown in Figures 6 and 7 by dotted lines. 
For the 36.5°, suspension which was highly flocculated, 
plug formation could occur, much as postulated in the 
model, and for both the suspension rates the experi- 
mental and predicted values differ by approximately 
10°.. However, for the lower concentration there was 
considerable slip between the two phases and the model 
overpredicts the drag reduction. 

Faroogi'' and Faroogi and Richardson’ have 
presented a correlation based on the experimental results 
obtained for horizontal flow of  air—aqueous 
glycerol-kaolin mixtures in a 42mm bore pipe. This 
correlation can be used to make a priori prediction of the 
minimum value of the drag ratio [@&]min (Commonly 
referred to as ‘minimum drag ratio’, MDR) for given 
rheological properties and suspension velocity. They 
defined a parameter 


A=: or ) 


where V,, is the suspension velocity in question and 
(Vg). is the critical value of V,, corresponding to the 
value of 2000 for the Metzner—Reed Reynolds number; 
n’ is the apparent flow behaviour index. 

The value of the minimum drag ratio MDR can then 
be estimated by using the appropriate equation as 
follows: 


DS aes for 


| — 0.0315[Aj~**° 


1D sr lmnin 0.6<A.< 1 


0.35 <1. < 0.6 


1.92, 0.05 < 4, < 0.35 
(4) 


Since the minimum drag ratio, [@&,],,,, occurs when the 
mixture velocity has reached the transitional velocity 
from laminar to turbulent flow, the amount of air 
required to achieve [@&],i, Can be estimated from the 
equation 
[Velamor =(Vsik - Vs (5) 
where (Vg, ). is the value of Vg, at the critical value of 
Rexjz, Which lies between 1000 and 2000. 
In highlighting the effects of rheological properties on 
the minimum drag ratio, with particular reference to 
equation (4), it was previously concluded!’ that the 





equation (4) 
from ref.t12) 
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Figure 8. Comparison of (3), With the correlation of Faroogi 
and Richardson". 


minimum drag ratio would decrease if (a) for a given 
suspension with constant n’ and K’, and consequently a 
constant value of (V5,)., the velocity V,, were lowered, 
or (b) for a constant suspension velocity Vs, with a 
constant nm’ value, the value of apparent viscosity 
L, = K’[8Vs,/DY'~', and consequently of (Vs,). were 
increased. 

From Figures 6 and 7, it is seen that the effect of Vg, 
is aS suggested in (a) above. The effect of apparent 
viscosity [(b) above] can readily be deduced since the 
value of 7’ remained constant at 0.103 while the value 
of K’ increased by a factor of more than two, as the 
kaolin concentration was increased from 31.5 to 36.5°% 
(w/w). By comparing Figures 6 and 7, it can be seen that 
for Vs. = 0.79 ms~', the value of [6% ]min decreased by a 
factor of approximately two, as the value of apparent 
viscosity ji, at Vz, = 0.79 ms~' increased from 0.91 to 
2.41 Nsm~?. 

Figure 7 also includes results for a 42 mm diameter 
pipe from Heywood? for a suspension containing 44.6°% 
by wt of kaolin which has rheological properties similar 
to those of the 36.5°, w/w suspension. It is evident that 
the drag ratios from the two velocities of 0.73 ms~ ' (with 
n’=0.128, K’=51.4 SI units) and 0.79ms~! (with 
n’=0.103, K’ =48.5 SI units) are almost identical, 
although pipe diameters varied by a factor of approxi- 
mately five. 

In Figure 8 the values of minimum drag ratio for the 
207 mm pipe are compared with those given by equation 
(4) which was based on results obtained on a 42 mm 
pipe; a satisfactory agreement is evident. 

The flow rate of air required to achieve maximum drag 
reduction is calculated from equation (5) and compared 
with the experimental values under different conditions 
in Table 2. 

It is evident that the experimental value of [Vo]. apr 
lies in the range of values predicted by equation (5) 
corresponding to Rey, = 1000 and 2000, and the corre- 
spondence between the two can be regarded as satis- 
factory. 
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Table 2. Comparison of [Ve]ayog predicted from equation (5) with experimental values 


Date Test fluid A. 

19.10.81 31.5% (w/w) 0.36 
suspension 

n’ =0.103 


20.10.81 


21.10.81 36.5°% (w/w) 


suspension 
n’ = 0.103 
K’ = 48.5 Ns" m 
(Vg). = 3.94ms 


CONCLUSIONS 


Experiments on two-phase flow of mixtures of air with 
water and with flocculated suspensions of kaolin have 
been performed in a 207 mm i.d. pipe over a range of 
combinations of air and liquid flow rates which gave rise 
to a wavy flow regime. This is consistent with the flow 
pattern map of Taitel and Dukler'’ which incorporates 
the pipe diameter in one of the coordinates. The two- 
phase pressure drops for the air—-water system were lower 
than those predicted from the Lockhart—Martinelli 
correlation but this is consistent with the observations of 
other investigators. 

Injection of air into kaolin suspensions in laminar flow 
causes a reduction in pressure drop and thus gives drag 
ratios less than unity. The values of the minimum drag 
ratios and of the corresponding superficial air velocities 
are in good agreement with those predicted from the 
correlation of Faroogi and Richardson’? which was 
obtained for flow in a 42mm diameter pipe; it can 
therefore be used for larger diameter pipes. However, 
there is an urgent need for more experimental work 
covering a wider range of variables, especially for liquids 
which show viscoelastic effects. 


SYMBOLS USED 


weight fraction of solids V superficial velocity 

Fanning friction factor (ms ’) 

acceleration due to Greek letters 

gravity (ms ~*) x angle of inclination 

parameter defined by p density (kgm *) 

Taitel and Dukler, ul viscosity (N m~?s) 

PiPcVEV,  ]!” x Lockhart-Martinelli 
parameter 

(PL — Pg) BM COS & @*? drag ratio 

consistency index Subscripts 

(Ns” m~?) a apparent 

length of the test c critical 

section (m) G gas or air 

flow behaviour index L liquid 

pressure drop (Nm_~’) MDR minimum drag ratio 

Reynolds number as SL suspension 

defined by Metzner and (solid and liquid) 

Reed by equation (1) TP two-phase 
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EXTRACTION OF ZINC BY DI(2-ETHYLHEXYL) 
PHOSPHORIC ACID 


By L. A. AJAWIN, E. S. PEREZ de ORTIZ (GRADUATE) and H. SAWISTOWSKI (FELLOW) 


Department of Chemical Engineering, Imperial College of Science and Technology, London 


An investigation was conducted of equilibria and reaction kinetics for the extraction of zinc from aqueous sulphate solutions 
by di(2-ethylhexyl) phosphoric acid in n-heptane. The overall stoichiometry of the reaction was established from equilibrium 
studies, whereas the rate measurements led to the identification of the possible rate-controlling step and a suggestion for 
a mechanism of the reaction. The effects of temperature and ionic strength were incorporated into an empirical correlation 


for the rate constant. 


INTRODUCTION 

The rising world prices for metals coupled with the 
introduction of strict regulations against the pollution of 
the environment have focused attention on the recovery 
of metals from lean ores and wastes. Hydrometallurgy 
plays a leading role in this process. In the case of zinc, 
solvent extraction techniques have been successfully 
applied on a commercial scale to the recovery of the 
metal from secondary materials and wastes using 
di{2-ethyihexyl) phosphoric acid (subsequently referred 
to as HDEHP or HA) in an organic diluent as the 
extractant! *. However, little information is available on 
the stoichiometry and the kinetics of the extraction 
process except that HDEHP is present in the organic 
phase in a dimerised form. The purpose of this work is, 
therefore, to study these aspects in more detail. 


EQUILIBRIUM STUDIES 

In the liquid-liquid extraction of metals, distribution 
experiments can be used to study the composition of the 
extracted species. If it is assumed that the organic 
extractant and the extracted complexed metal are the 
only species present in the organic phase and that the 
metal ion in the aqueous phase is neither hydrolysed nor 
complexed to any appreciable extent, the overall extrac- 
tion reaction of zinc with the dimerised HDEHP can, in 
general, be represented by 

Zn** + 4m(H>A,)=ZnA(m —2)HA+2H* (1) 
where m is the number of molecules involved in the 
reaction and the bars indicate species in the organic 
phase. 

If the ionic strength of the aqueous medium is kept 
constant so that activity coefficients of the species do not 
change during the reaction, the following equilibrium 
relationship can be derived from equation (1) 

log D = log K + 2pH + 4m log C, (2) 
in which the concentration-based equilibrium constant, 
K, is defined as 

.. Lats 
K = a (3) 
C2 Co" 


(see the list of symbols used). K subsequently referred to 
as ‘equilibrium constant’ may depend, in addition to 
temperature, on the ionic strength of the medium. 
Assuming a phase ratio of one, it follows that 


Cz, = Cz — Cz (4) 
and from the stoichiometry of the reaction 
Cy =3Co — 3m Cz, (5) 


It is seen from equation (5) that, if Cy, is very much 
greater than C;, C, could be assumed to be constant at 
>Cy, and therefore a plot of log D against pH at constant 
Cz and C,, should give a straight line of slope equal to 
2 in accordance with equation (2). Similarly, at constant 
pH and C; a plot of log D against log C, should give a 
straight line of slope equal to jm. This furnishes a 
method for the determination of the unknown stoichio- 
metric factor m. Furthermore, at the same pH, C, and 
ionic strength, equation (2) should hold regardless of the 
value of C5. 


EXPERIMENTAL 


The experiments were designed in order to enable the 
determination of the dependence of the distribution 
coefficient on pH and HDEHP concentration. In all the 
experiments the ratio Cy,/Cz was in the range 50-200. 

The preparation of samples followed the previously 
described procedure using the same reagents*. The ionic 
strength was adjusted by both H,SO, and Na,SO,. In the 
calculation of ionic strength, the sulphate-bi-sulphate 
equilibrium® was taken into account as set out in detail 
elsewhere’. 

Each sample consisted of 10 cm’ volume of each phase 
in a one-inch specimen tube with polyethylene cap. The 
samples were shaken using a four-armed, variable speed 
mechanical shaker. The arms of the shaker were sus- 
pended over two thermostatted water baths maintained 
at the required temperature. Four samples were shaken 
at a time. Preliminary experiments had shown that the 
reaction was completed within 10min. The samples 
were, however, shaken for at least 15 min, after which 
time the phases were allowed to settle, separated and the 
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pH of the aqueous phase measured. In all cases the 
phases after contact were very clear. pH measurements 
were performed with a Phillips PW 9409 digital pH 
meter. 

All experiments, unless otherwise stated, were con- 
ducted at a temperature of (25+ 0.2) °C and an ionic 
strength of 1.0 kmol m~?’. 

The concentration of zinc in aqueous solutions was 
determined using an atomic absorption spectro- 


photometer at the wavelength of 213.9nm. In most of 
the experiments only the aqueous phase was analysed 
and the organic phase concentration found by difference. 


RESULTS AND DISCUSSION 


The extraction of zinc from an aqueous solution of 
concentration C,;=10~*kmolm~* into HDEHP sol- 
utions of monomer concentration 0.05, 0.1, 0.15 and 
0.2 kmol m~? respectively was investigated at different 
pH values. The results are plotted in Figure |. All 
experiments were duplicated and the plotted points are 
mean values. The absolute mean deviation of all the 
points was 3°%, thus indicating good reproducibility of 
the results. The straight lines obtained by the least 
squares method have a slope of 2.0 as would be expected 
from equation (2). 

Data taken from Figure | and plotted as log D against 
log Cy, at different pH values are shown in Figure 2. The 
straight lines are drawn to pass through the mean of each 











4 dew 


0-0 10 oH 20 30 


Figure |. The distribution coefficient, D, of zinc as a function of pH. 
At C,= 10-3 kmolm~? and J] =1kmolm~? for C,, (kmol m~*): 0 


0.05, x 0.10. A 0.15, © 0.20. At C,= 10 *kmol m~? and 
Cy = 10-?kmol m~? for 7 (kmolm~'): @ 0.4, @ 1.0. 
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set and have a slope of 1.5. It is clear that the points are 
well correlated by these straight lines. 

The above results suggest the stoichiometry of the 
overall reaction as: 


Zn?* + 1.5H,A,=ZnA,-HA + 2H * (6) 


with an_ estimated value of K_ equal to 
7.35 x 10~>* kmol'? m Thus ZnA,-HA is the ex- 
tracted complex in this system. This conclusion is in 
agreement with the resuits of Smelov et al.* on extraction 
in aliphatic diluents. 

The applicability of equation (2) regardless of the total 
zinc concentration is confirmed by Figure | where the 
results for C;=10~*kmolm~? are also plotted. The 
points are experimental whereas the straight line is 
obtained from the results calculated above at the given 
value of HDEHP concentration. The agreement is 
satisfactory. 

In addition, Figure | contains results found at an 
ionic strength of 0.4 and at C,=10~* and 
Cy, = 10~-*kmolm~*. Again, the slope of the straight 
line is 2.0 in agreement with equation (2), but the effect 
of ionic strength is found to be negligible. 


KINETIC STUDIES 
The kinetics of the extraction process was investigated 
in a specially designed cell of constant interfacial area 
and it was shown’ that, under conditions of chemical 
control, the reaction occurred at the interface and was 
first order with respect to zinc, first order with respect to 
HDEHP and inverse first order with respect to hydrogen 
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Figure 3. The extraction rate, R,, of zinc in kmolm~*s~' as a 

function of pH. Cy, = 10-7, C,=10~*kmolm~*. /: O 0.4, A 0.7, 

O 1.0kmol m~? 











ion concentration, i.e. the rate of chemical reaction per 
unit surface area is given by 


R, = k,[Zn** ][HA][H*]~' (7) 


as illustrated in Figures 3 and 4. Additional results, using 
the same experimental procedure, are included in Figure 


3 and indicate the effect of ionic strength. It should be 
noted that all results refer to initial rates and con- 
sequently the effect of the reverse reaction can be 
ignored. 
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Figure 4. The extraction rate, R,, of zinc in kmolm~?s~'! as a 
function of Cy, and C, at pH of 2.98. O C,=10-*kmolm~?, © 
Co, = 10-7 kmol m~? 


On the basis of the experimental results it is proposed 
that the reaction mechanism be represented by the 
following elementary steps, all taking place at the inter- 
face. H,A, diffuses to the interface where it ionises and 
dissociates according to the equations: 


H,A,=HA; + H* (i) 
H,A,=2HA (ii) 


The species HA; and HA are rapidly adsorbed at the 
interface where the following reactions take place: 


Zn’* + HA; =ZnA, + H* (iii) 
ZnA, + HA=ZnA,:-HA (iv) 


ionisation 


dissociation 


Step (i) is in apparent disagreement with the assump- 
tion of Vandergrift and Horwitz’ that HDEHP is not 
ionised at pH of 3. Their assumption may be correct 
when the interfacial pH is significantly lower than the 
bulk pH (by 2 to 4pH units), as could be the case in the 
electrolyte-free aqueous substrate employed by these 
authors. However, as the ionic strength of the aqueous 
phase is increased, the difference between interfacial and 
bulk activity of the hydrogen ion decreases’® and could 
be negligible at the levels of the present work. In this case 
the extractant ionises at lower bulk pH, as was also 
found by McDowell and Coleman"’ in the extraction of 
sodium and strontium by HDEHP. 

Neither of the steps (i) and (11) can be rate-determining 
because both predict an overall rate which is indepen- 
dent of zinc concentration. If step (iv) were rate- 
determining, the reaction order with respect to HDEHP 
concentration could be 1.5 and with respect to hydrogen 
—2 which are not the values observed. This leaves step 
(iii) as the rate-determining step. It follows from equa- 
tion (ili) that the reaction rate of zinc, Rz, is 


R, = k,[Zn**]-[HA; ] (8) 


where k, is the forward rate constant of reaction (iii). 
Defining the equilibrium constant, K,, of reaction (i) by 


K, = [HA, ][H* }/[H.A:] (9) 
and substituting this in equation (8) yields 
R; = k,K,|Zn°*][H,A,][H *]~' (10) 


This relationship is consistent with experimental 
findings, i.e. k,K, = 2k, in equation (7) 


DEPENDENCE OF RATE OF REACTION 
ON TEMPERATURE AND IONIC STRENGTH 


Figure 5 shows plots of log R, against pH at 
temperatures of 30 and 35°C. The conditions 
are: C,=10~*, C,=10-?kmolm~*. The slope of 
the straight lines is unity as would be expected. 

Figure 6 is an Arrhenius plot of the rate constant, k,, 
at an ionic strength of 1.0. The energy of activation 
estimated from the slope of the straight line is 
4.15 x 10’J kmol~'. This value is of the same order of 
magnitude as that obtained by Roddy, Coleman and 
Arai’ for the extraction of iron (III) by HDEHP. Thus, 
for this ionic strength, k, is given by 


k, = 7.87 exp(—4987.4/T) (11) 
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Figure 5. The extraction rate, R,, of zinc in kmolm~’s~' as a 
function of pH. C,, = 10-7, C, = 10~*kmol m~’, / = 1.0kmol m 
Temperature (°C): (1) 30, © 35. 


The effect of ionic strength, /, on the rate of reaction 
is already shown in Figure 3. It can be seen that the rate 
decreases with increasing ionic strength. This effect can 
be represented in the form of the Debye—Hiickel 
equation. 


log f, = AI'?/(1 + pI'”) (12) 


where f, is the mean activity coefficient, and A as well 
as p are constants, the latter being usually set equal to 
one. As the reaction is overall of first order it can be 
shown that 

I =k, kyo (13) 


where k, » is the thermodynamic rate constant. Hence, at 
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Figure 6. The rate constant, k,, in ms~' as a function of absolute 

temperature, 7, at ionic strength of 1.0 kmolm~?’. 
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the same pH and C,,, the following expression can be 
obtained by combining equations (12) and (13) 

log k, = log kyo — AI'?/(1 + I'”) (14) 
A plot of log k, against /'?/(1 + /'”) gives the following 
values of the constants: k,,=2.70 x 10~°ms~' and 
A = — 1.6028. Provided the temperature range is not too 


wide, the dependence of the rate constant on ionic 
strength and temperature is given by 


1.6028 /'? 2165.6 
1+ 7'? T 
The standard error is about 4%. 


log k, = 1.6975 — (15) 


CONCLUSION 


In the presence of excess sodium sulphate, the extrac- 
tion of zinc sulphate from its dilute solutions of sul- 
phuric acid by di(2-ethylhexyl) phosphoric acid in n- 
heptane has the overall stoichiometry 


Zn?* + 1.5H,A;=ZnA,-HA + 2H * 


The equilibrium constant of this reaction was found to 
be 7.35 x 10~*kmol'*m~*? at 25°C and an ionic 
strength of one. By investigating the dependence of the 
rate of chemical reaction on the concentrations of zinc, 
HDEHP and the hydrogen ion, it was possible to 
determine the rate-controlling step in the overall reac- 
tion and use this as a basis for suggesting a mechanism 
of the reaction. The rate of reaction decreases with 
increasing ionic strength and increases with increasing 
temperature of the reaction. Finally, an empirical equa- 
tion relating the reaction rate constant to the ionic 
strength and temperature was deduced from the experi- 
mental! results. At 25°C and an ionic strength of 
1.0kmol m~? the rate constant is 4.25 x 10~’ ms~'. 


SYMBOLS USED 


hydrogen ion concentration in the bulk aqueous phase 
total (free and bound) HDEHP concentration in the organic 
phase (on the basis of the molar mass of the monomer) 
HDEHP concentration in the organic phase (on the basis of 
the molar mass of the dimer) 

total zinc concentration 

zinc concentration in the organic phase at equilibrium 

zinc concentration in the aqueous phase at equilibrium 
distribution coefficient = C,,/C;, 

ionic strength of the aqueous phase 

concentration-based equilibrium constant, equation (3) 
concentration-based forward reaction rate constant 
stoichiometric factor in equation (1) 

initial reaction rate of zinc per unit interfacial area 
absolute temperature 
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BOOK REVIEWS 


Purdue University Proceedings of the 35th Industrial 
Waste Conference 

Edited by John M. Bell 

Butterworths, 1981 

Pp 994, £34.60 


Annually since 1946 the School of Civil Engineering, 
Purdue University, has held a conference on industrial 
wastewater treatment and has published the pro- 
ceedings. Together the volumes provide a comprehensive 
coliection of papers on industrial waste waters and as 
each contains a comprehensive subject and author index 
covering the current and nine previous volumes a re- 
searcher can readily identify papers of special interest. 

The 35th volume contains ninety-two of the ninety- 
five papers presented at the 1980 conference, grouped 
into fourteen sections according to specific topics or 
categories of industrial waste. A few papers report on 
basic research but more commonly the papers describe 
on-site studies or pollution control measures adopted by 
industry. Some deal with laws and regulations. Most 
papers are from the USA and Canada but some Euro- 
pean work is included—for example, on up-flow anaer- 
obic sludge blanket reactors. The papers indicate the 
concern of many industries to identify the best available 
technology, or the best economically achievable. Inter- 
estingly, too, they show an increasing concern for the 
problem of wastewaters from coal carbonisation pro- 
cesses, in contrast to the UK where this problem has 
diminished with the availability of North Sea gas, and 
for removal of priority pollutants by adsorption on 
activated carbon or oxidation with ozone. 

This is a work which post-graduate researchers, civil 
and chemical engineers, plant manufacturers and consul- 
tants will wish to have available for reference. Fuller 
accounts on some investigations have been published as 
contract reports and in scientific journals, but the Pro- 
ceedings provide an excellent means of learning of 
experiences of industrial wastewater treatment in the 
USA and of identifying sources of information on 
specific wastes. Presentation of the papers is of a uni- 
formly high standard, though regrettably some Figures 
have been reduced in size to such an extent that a 
magnifying glass may be needed to read the wording. 


Also, frequent use of unfamiliar acronyms makes the 
reading of some papers more difficult than it need be. 
Overall, however, this is a very useful publication and at 
£34.60 represents good value for money. 


A. B. Wheatland 


Modern Compressible Flow 

John D. Anderson Jnr. 

McGraw-Hill Book Co., New York, 1982 
Pp 466, £24.95 

ISBN 07 001654 2 


This book gives a thorough coverage of the funda- 
mentals of classical compressible flow, and also deals 
with modern work on computational fluid dynamics and 
high temperature flows. Trans-sonic and viscous flow are 
both omitted. In the early chapters the fundamentals are 
established and illustrated by consideration of one- 
dimensional and quasi-one-dimensional flows. The later 
chapters concentrate on the subject in its modern form 
with an extensive coverage of numerical techniques for 
steady and unsteady supersonic flows. The book closes 
with a discussion of high temperature flows in which 
shock waves and nozzle flows are emphasised both to 
illustrate the physical phenomena and as a contrast with 
the classical analyses of the earlier chapters. 

A novel aspect of the book is the inclusion of histor- 
ical notes at the end of most of the chapters. These add 
an interesting perspective to the subject, which may help 
students to set its development in context. Overall the 
coverage of the material is thorough. The style is infor- 
mal but very clear and readable. The visual presentation 
of the material is good with clear diagrams, well printed 
photographs and a visually pleasing typeface and page 
layout. University students should find the book particu- 
larly useful, as it contains both worked examples and 
problems which illustrate and test the principles estab- 
lished in each chapter. It should also be of value to 
research workers in the area as a reference work which 
contains in a single, compact source, material which was 
previously dispersed over several references. 


P. Hutchinson 
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BOOK REVIEWS 


Classical Thermodynamics of Non-electrolyte Solutions, 
with Applications to Phase Equilibria 

Hendrick C. Van Ness and Michael M. Abbott 
McGraw-Hill Book Co, New York, 1981 

Pp 482, £30.25 


For many years the reviewer has prized a volume of the 
same name by the first-named author as a useful, 
painstaking and illuminating discussion of the thermo- 
dynamics of solutions, particularly of binary solutions of 
non-electrolytes. When reviewing that earlier work it 
was stated “we must conclude that this is not the 
definitive work on thermodynamics of non-electrolytes 
that one had hoped for. Infelicities of derivation and too 
little attention to three- and multi-component mixtures 
detract from what has the promise of a greater achieve- 
ment.” It must be confessed that time has mellowed that 
judgement, and admitted that the new version (one 
cannot call it ‘edition’ because the authors make no 
acknowledgement of the existence of the former version) 
has comprehensively dealt with deficiencies. 


The resulting work contains six main chapters of 


varying length and several valuable mathematical appen- 
dices, literature citations, problems and data sources. 
The first chapter is a brief restatement of the funda- 
mental basis of thermodynamics, brief but not inade- 
quate. The second chapter, on the thermodynamic prop- 


erties of fluids, lays the proper foundation for the rest of 
the book, which is a study in detail of the properties of 


fluids of constant composition. Systems of variable 
composition are the subject of a substantially longer 
third chapter, in which the treatment of partial molar 
quantities is particularly clear. 

The fourth chapter illustrates how thermodynamic 
properties are related to, and may be calculated from, 
various representations of the PVT surface of a fluid, in 
particular the Pitzer correlation, virial equations and 
Redlich-K wong equations, the emphasis being to illus- 
trate the thermodynamic method rather than any partic- 
ular representation. Chapter five is a competent treat- 
ment of the property changes on mixing. Introduction of 
Duhem’s theorem begins the final and most substantial 
chapter. Curiously, the reviewer could find no literature 
reference to this important theorem in the present ver- 
sion, although one is given in the earlier version. The rest 
of the chapter is concerned with formulations of the 
vapour-—liquid equilibrium problem, illustrated with 
some elegant computer-drawn representations of prop- 
erty surfaces in triangular prisms for three-component 
mixtures. Multicomponent cases are also considered. 

This is not a book for the beginner. It seems to the 
reviewer, however, to be an admirable and thorough 
treatment for anyone whose work is concerned with the 
thermodynamics of solutions. Here is an extensive, even 
at times long-winded, but accurate statement of substan- 
tially all the classical results in solution thermodynamics 
on non-electrolytes, which the dust-cover bizarrely calls 
‘electroylytes’. 


H. P. Hutchison 
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Coal Gasification—Existing 
Developments 

H. D. Schilling, B. Bonn and U. Krauss 
Graham & Trotman Lid, 1981 

Pp 330, £19.50 


Processes 


When setting out to produce a book on the subject of 
coal gasification, authors are faced with two main 
problems. Firstly, coal is not a pure (or even an impure) 
compound of readily characterised composition. In- 
stead, each coal is a complex mixture of organic and 
inorganic substances with a structure determined by the 
biochemical and geophysical processes which occurred 
during its formation. Different coals fed to the same 
gasification process can give substantially different re- 
sults. Secondly, there is a_ bewildering array of 
gasification processes each in a different stage of devel- 
opment. While it is possible to classify these processes 
into broad groups, there is considerable variation in 
detail within each group. 

Nevertheless, underlying each gasification process 
there are some simplifying concepts and it is the authors’ 
task to present these in such a way that the subject can 
be understood in a reasonably coherent fashion. At the 
same time sufficient detail must be supplied to make 
clear the differences between processes so that intelligent 
comparisons can be made. 

This book gives a concise but reasonably detailed 
summary of the fundamental chemistry of coal 
gasification reactions with a discussion on the effects of 
temperature and pressure on the equilibria of basic 
reactions. This section concludes with a brief indication 
of reaction kinetics. The book then summarises the 
various types of coal gasification processes, indicates the 
main objectives in new process design and finally gives 
descriptions of the more important coal gasification 
processes either available or under development. These 
descriptions follow a clear and logical format which 
makes understanding of the process relatively easy bui 
nevertheless convey a substantial amount of detail 

The book should appeal to university students and to 
other workers who wish to develop a basic under- 
standing of coal gasification processes, particularly those 
people who require to understand the choice available. 

The only unfortunate aspect is that the information 
concerning some of the processes is somewhat dated. 
This arises from a combination of circumstances. Firstly, 
the book is a translation from the German text published 
in 1979 with the last reference dating from 1977. Sec- 
ondly, the last 3—5 years has seen dramatic changes in the 
fortunes of some of the processes described—and indeed 
some which are not. Nevertheless, the descriptions given 
are a solid basis for understanding the subject, a basis 
which can be built on by readers prepared to examine 
recent publications. There are few books which cover 
this range of material. I know of no comparable book 
in this price range so that this one is a useful addition 
to the literature. 


M. St. J. Arnold 





CORRESPONDENCE 


From 

Dr R. J. Wakeman 

Department of Chemical Engineering, 
University of Exeter, 

North Park Road, Exeter, EX4 4QF. 


In a recent paper Hermia' suggested a derivation for 
the so-called blocking laws for filtration, collating and 
attaching physical significance to ‘laws’ which have 
gradually developed in the filtration literature. The 
equations are based on the fact that a portion of the 
septum surface is blocked by particles sealing a pore 
entrance; the surface then becomes totally or partially 
blocked as more fluid is passed and the fluid flow rate 
decreases according to one of the blocking laws. This 
type of effect not only occurs in filtration, but is common 
to a majority of membrane separation processes. 

The feature common to these is the ability of the 
membrane to pass a fluid at a sufficiently high rate such 
that it is economic to continue running the process. To 
put this another way, the success of the process depends 
on the probability that the septum or membrane will 
adequately perform its intended purpose for a given 
period of time under a given set of operating conditions. 
That is, the process depends on the reliability of the 
septum. Because of the uncertainties in the system 
behaviour, particularly solid/fluid systems, the under- 
lying phenomena are basically stochastic in nature and 
reliability theory has direct relevance to this problem. 

If we consider the septum to contain pores more or 
less uniformly distributed over its surface, the total 
number of pores can be divided into M parts (say, 
M = 100). Then, when M = 100 all pores can be acces- 
sed for flow purposes, and when M = 0 the septum is 
totally blocked and no further flow is possible. Further- 
more, define R(t) as the probability that a group of 
pores will allow passage of the fluid for a time ¢, and if 
it is assumed that each group of pores will be blocked 
independently of each other, then 


Ri(t)=e Pe 2... ee (1) 


where / is the blinding rate of the membrane. For 
successful operation a minimum number of these groups 
of pores must be open: define this as n where 0 <n < M. 

The reliability of the septum, R(t), is related to the 
reliability of the pores, R(t), by 


M 


‘M 
Rit) = Si ‘ )Rore — R(t)}“~' 


n\ 
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The expected lifetime of the septum can then be calcu- 
lated from 


E(L)= R(t) dt 
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When the septum is clean and is not subject to blinding 
2, =0,n = 100, R(t)=1 and E(L)>o. a, at the other 
extreme, the septum blinds very rapidly, 4 = 00, R(t)-9 
and E(L)>0 for any value of n. The “ies of n is 
determined from that fraction of the septum area which 
must be free from blinding in order that a minimum fluid 
flow rate can be maintained. 

If v,(m>m~?s~') is the volume flux of fluid through 
the membrane, Ap (Nm_~’) is the pressure difference 
over the membrane which offers a resistance R,,(t) (m~ ') 
to fluid flow, then 


= (4) 


URn(t) 
Now, noting that 


R,,(t =0) | 


membrane resistance at t= 0 
R,, (1) 


~ membrane resistance at ¢ 
membrane permeability. att 


membrane > permeability att =0 
k(t) 


~ k(t —() 
R(t) 
~ Rit =0) 


when there is no compression of the membrane during 
operation, it follows that 

Loew (6) 

~ wR, (t = = (0) R(t =0) 

If a clean, new membrane is used at the start of the 
operation, then R(t = 0) = 1. When the membrane has 
been used and subject to cleaning by, for example, 
back-flushing, R(t) is given by equation (2) with the 
number percentage of pores in the membrane which are 
not clogged at the restart of the operation given by N, 
N < M, being used in place of M. The expected lifetime 
of the membrane is similarly altered. 

Whereas the blocking laws attempt to attach 
significance to the membrane permeability reduction as 
blocking takes place, they are deterministic but the 
nature of blinding and blocking is stochastic. The ap- 
proach suggested here takes full account of the random- 
ness of the process, and has a greater applications 
potential than the traditional approach to the problem. 
Furthermore, the separate identities of the membrane 
and any deposit buildup can be recognised as well as the 
effects of membrane/deposit interactions when the sto- 
chastic approach is adopted. The methodology can also 
be extended to include membrane cleaning times (that is, 
equipment downtime) and its effect on the process 
operation. 


(5) 


1. Hermia, J., 1982, Trans IChemE, 60: 183. 
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Transactions of The Institution of Chemical Engineers 


EDITORIAL 


This issue of Chemical Engineering Research and Design 
includes the first two parts of a four-part series on 
“Particle-Gas-Liquid Mixing in Stirred Vessels” by 
Chapman, Nienow, Cooke and Middleton. The objec- 
tive of the authors is to provide sound guidelines for the 
design of three-phase agitated systems. 

Part I describes the range of equipment used in the 
study, reports experimental data for unaerated sus- 
pensions and examines some of the correlations avail- 
able for predicting the impeller speed at which particles 
are just fully suspended. The correlation due to Zwie- 
tering is found to be the best and can be extended to 
include size distributions. It is suggested however that 
Zwietering’s scale-up correlation overpredicts the reduc- 
tion in specific power with increase in vessel size. It is 
also remarked that sparge pipes or other obstructions on 
the vessel base can have a dramatic effect on particle 
suspension. 

Part 'I reports experiments on gas-liquid mixing and, 
in particular, the power and speed required just to 
disperse completely the sparged gas throughout the 
vessel. Downward pumping impellers exhibit flow in- 
stabilities due to counter-current flow of gas and liquid. 
Consequently upward pumping impellers become more 
energy efficient at high gas rates. Gas hold-up was 
correlated with energy dissipation rate and gas flow-rate. 

In “Complete Analysis of Non-Parabolic Filtration 
Behaviour” Willis, Collins and Bridges present a mag- 
nitude analysis of the dimensionless equations of change 
from which they conclude that non-parabolic behaviour 
cannot be attributed to non-Darcian behaviour (i.e. the 
viscous and inertial forces are not significant). The 
authors analyse further the one-dimensional filtration 
case and report an experimental investigation. From this 
they conclude that the average porosity is constant and 
the local porosity is a function only of cake volume. A 
parametric analysis to determine the effect of cake 
pressure drop and septum clogging on parabolic behav- 
iour predicts that non-parabolic behaviour is caused 
initially by the rapid increase in cake pressure drop but, 
when the pressure drop becomes constant, deviations are 
due to septum clogging. Experimental verification of this 
analysis is presented. Finally the authors suggest that 
parabolic behaviour is not an optimum condition of 
filterability because it is less energy efficient than non- 
parabolic behaviour. 
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The paper “Tray and Point Efficiencies from a 0.6 
Metre Diameter Distillation Column” by Lockett and 
Ahmed reports Murphree tray efficiencies for the 
methanol-water system in a realistically large column. 
Particular attention was paid to sampling of the vapour 
and liquid compositions. Murphree point efficiencies are 
also calculated using the measured liquid concentration 
profiles on the tray. Assuming plug flow of the vapour 
the number of overall gas phase transfer units N,, and 
hence the number of gas phase and liquid phase transfer 
units, N,, and N,, are calculated. The resulting values 
show considerable discrepancies from those predicted by 
the AIChE correlations. 

In a companion paper, “Effect of Non-Uniform Bub- 
bles in the Froth on the Correlation and Prediction of 
Point Efficiencies”, Lockett and Plaka argue that the 
AIChE method, which combines N, and N, values from 
experiments in which the resistance to mass transfer is 
confined entirely to one phase, is fundamentally un- 
sound. Their explanation is that the effective interfacial 
area is not constant because of the distribution of bubble 
sizes in froths. The authors present an alternative 
analysis which indicates over-prediction of point 
efficiency by the AIChE method. 

Webb, Black and Atkinson present a study of “Liquid 
Fluidisation of Highly Porous Particles’. The particles 
referred to are biomass support structures made from a 
single strand of stainless steel wire. These structures have 
a rough surface and permit through-flow of liquid when 
no biomass is present. Consequently their fluidisation 
behaviour differs from that of smooth solid spheres. The 
authors report fluidisation of spheres, filled structures 
and empty structures. The results for the spheres agreed 
with the established correlations of Ergun and of Rich- 
ardson and Zaki. For filled structures the results indicate 
that the effect of surface roughness may be allowed for 
by using a sphericity factor, and for empty structures the 
altered behaviour may be accounted for by dis- 
tinguishing between flow through and flow around the 
particles. 

The issue is completed by book reviews, correspon- 
dence and a list of PhD’s awarded by institutions in the 
UK and Ireland in the session 1981-2. 


Brian Gay 
Hon. Editor 
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Notes for Authors of Papers and Shorter Communications 


Editorial Standards 

1. Papers and Shorter Communications published in the 
Journal will be original contributions to chemical engineering 
knowledge, not previously published. They may include the 
results of research or experimental work which throw new light 
on established principles, or which are the basis for novel 
theory or speculation. They may deal with new developments 
of plant or processes if these developments are related to 
underlying principles and can be given quantitative expression. 

Papers which identify problems not yet solved, or which 
indicate those practical areas to which research effort may 
usefully be applied, are also invited. Papers from industry and 
from research establishments are particularly welcome. 


2. Authors need not be members of the Institution. 


3. Papers should not normally exceed 4000 words, including 
Appendices. 

4. The Editorial Board will welcome Shorter Communi- 
cations (approximately 2000 words) for consideration for 
publication. A fast refereeing procedure has been arranged for 
such Communications. 


5. Papers and Shorter Communications must be in English. 


6. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. 


Manuscript Requirements 

1. The text should preferably be typed, on one side of the 
paper, double-spaced and with adequate margins to allow for 
revision and copy preparation marks. 


2. A summary, preceding the text, should briefly describe 
the essential original contents of the paper. 


3. Mathematical expressions can sometimes be more easily 
interpreted by the printer if carefully written by hand. Care 
must be taken to see that all symbols are unambiguous (e.g. the 
subscripts O for oxygen, o for outlet, 0 for initial value). Where 
many equations appear, a list of the symbols used should be 
inserted at the end of the paper. 


4. SI units should always be used. The negative index 
notation is preferred to the oblique stroke (ms~' not m/s). 
British Standards Institution publication PD5686 “The Use of 
SI Units” is an appropriate standard. 


5. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 
numbers, followed by name and town of publisher in the case 
of a book. 


6. Tables should be typed on separate sheets at the end of 
the manuscript and not be interspersed in the text. Each table 
must have a heading as well as a number, and column headings 
should not be abbreviated excessively. Tabulated data should 
not duplicate values detailed in the text or on graphs. 


7. Drawings submitted should be clear and complete but 
need not be in a form suitable for direct reproduction, since 
they can be traced and re-lettered for this purpose by the 
publishers. 


8. Photographs should be restricted to the minimum neces- 
sary. Each print should be separate and be whole-plate or 
half-plate size. If lettering or other marks are to be super- 
imposed on a photograph, two copies are requested, one with 
and one without inscription. 


Submission of Papers 
1. Three copies of each Paper or Shorter Communication 
should be sent to 
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2. A full address to which readers may send correspondence 
should be specified, including the post code. The address at 
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indicated. Where there are several authors, one should be 
nominated to check proofs and to receive all correspondence. 


3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
cannot be incorporated at this late stage without incurring 
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PARTICLE-GAS-LIQUID MIXING IN STIRRED VESSELS 
Part I: Particle—Liquid Mixing 


By C. M. CHAPMAN (GRADUATE), A. W. NIENOW (FELLOW), M. COOKE (sTuDENT) 
and J. C. MIDDLETON (mMemBER) 


University College London and ICI Corporate Laboratory, Runcorn 


In this first part of a four-part series of papers on particle-gas—tiquid mixing, the vessels and impellers that are used throughout 
are described, along with the shorthand rotation used to identify them. Vessels from 0.29 m to 1.83 m in diameter, disc turbines, 
45°-pitch angle blade disc turbines, 45°-pitch angle blade turbines pumping up and down and propellers pumping downwards 
have been used. The minimum speed and associated power at the just-complete suspension condition have been measured. It 
is concluded that for particle suspension, the empirical correlation first developed by Zwietering in 1958 is still the best and 
if the mass mean diameter is used, it can be extended to include size distributions. Downward pumping impellers achieve 
suspensien at lower power inputs than other types and large radial flow impellers are more energy efficient than small ones. 
Less specific power is required on scale-up but Zwietering’s relationship overpredicts this effect. It is recommended that a 
scale-up criterion, (¢,),,0c(scale)~°?* be used. Minor geometrical variations on the vessel bottom are also shown to be capable 


of having a very dramatic effect on suspension. 


INTRODUCTION 


Both gas-liquid and particle—liquid dispersions in me- 
chanically agitated vessels have been the subject of much 
research. However, the suspension of solid particles 
whilst simultaneously dispersing a gas in a liquid con- 
tinuum has received very little attention, despite numer- 
ous applications in the process industries. These applica- 
tions include various hydrogenations and oxidations, 
fermentations, waste water treatment, evaporative crys- 
tallisation and froth flotation. 

The motivation for this work is the lack of knowledge 
with regard to any interaction there may be between the 
mechanisms responsible for gas dispersion and particle 
suspension respectively. The importance of gaining this 
knowledge was demonstrated when Arbiter et al’ re- 
ported a sudden and catastrophic sedimentation of 
particles in a froth flotation cell, if a critical gas flow was 
exceeded. 

This paper forms the first part of a series of four 
papers, the objective of which is to provide sound guide 
lines for the design of a three phase agitated system 
based on an insight into the effect of any interactions 
between gas dispersion and particle suspension. Part I 
deals with the equipment used throughout this study and 
presents solid suspension data along with a brief exam- 
ination of some of the correlations available for predict- 
ing the impeller speed Nj, at which particles are just 
fully suspended in unaerated dispersions. Part II charac- 
terises the gas-liquid mixing requirements of various 
impeller systems and how these requirements affect the 
potential of the system to suspend solids, particularly for 
axial and mixed flow impellers which have received little 
attention in the literature. The third part considers the 
interactions of gas dispersion on solid suspension, and 
vice versa, in three phase systems. The major phenomena 
are explained in terms of results established in Parts I 
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and II. In the fourth and final part, the gas—liquid mass 
transfer abilities of the different impellers are compared 
and recommendations are made on the most suitable 
system for a given duty along with a tentative design 
method for disc turbine agitated systems 


EXPERIMENTAL 


The bulk of this work was carried out in an open- 
topped 0.56 m diameter cylindrical vessel, T.,, with four 
10% baffles constructed in Perspex and encased in a 
square section tank to allow temperature control and 
distortion-free viewing. The latter was also possible 
through the flat Perspex base. However, one of the 
objectives of this work was to examine the effects of scale- 
up and therefore another four baffled tanks were used 
with diameters ranging between 0.29 m and 1.83 m. For 
each tank, agitation power was determined by measuring 
the torque on either the motor or the vessel. Further 
details of these vessels and the techniques for power 
measurement are given in Table | and elsewhere*”’. It 
also indicates the shorthand notation used to indicate 
which tank is under discussion, e.g. the 1.83 m diameter 
tank is designated T),;. 

Six-bladed Rushton disc turbine impellers were used 
initially since these have been widely used and character- 
ised in terms of both their gas-liquid and solid—liquid 
dispersion roles. An impeller clearance from the base of 
one quarter of the tank diameter (C = 7/4) was chosen 
as standard since low clearances have been shown to 
enhance particle suspension capability’ whilst this clear- 
ance has also been recommended as the optimum for gas 
dispersion in disc turbine agitated systems**. However, 
it has been established’ that disc turbines are less energy 
efficient with regard to particle suspension in unaerated 
systems than axial and mixed flow impellers such as the 
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Table \. Vessels employed in this study (also Ref. 2) 


Ty 
(UCL) 
Diameter, T (m) 

Liquid height, H (m) 

Volume, V,, (m°*) 

Baffle width (°,) 

Sparger 


source 


Temperature 
control 

Materia! of 
construction 


Water 


Geometry 
Viewing 


marine propeller and angled blade impellers and the 
utility of these impellers is therefore investigated 
throughout the series. Table 2 gives details of the various 
impellers used and the shorthand notation used to 
identify them. In order to maintain some geometric 
similarity whilst varying impeller type, an impeller clear- 
ance C = T/4 was also used as the standard for impellers 
other than disc turbines. In all Tables and Figures where 
C is not given, a value of 7/4 applies throughout this 
work. 

De-ionised water was used in all experiments carried 


source 


None 


Perspex 


Ts Tis; 
(UCL) (ICI) 


0.56 ; 1.83 
0.56 . 1.68 
0.138 592 4.41 
10 10 
Three i Pipe point 
point source 
bottom 
bearing 
source 
Water 
jacket 
Perspex 


source 


None None 


Perspex Polypropylene 
with perspex 


windows 


Cylindrical with flat base —__— 
<«—_—_————— Through sides and base 


—_———» Via windows 
in side and 
base 


out in T,, and T,,. It was regularly replaced to ensure 
consistent bubble coalescence behaviour. Tap water was 
used in the other vessels due to the excessive quantities 
required to fill them. 

Tabie 3 presents details of the particles used in this 
study in order of increasing particle density. A range of 
density differences, Ap =(p,— p,), between 50 kgm~* 
and 1900 kg m~’ was examined. The surface-to-volume 
(Sauter) mean diameter of the particles was calculated 
where possible from the results of a sieve analysis. The 
exceptions to this procedure were firstly, the Dowex ion 


Table 2. Impellers used (a) in T,,: (6) in other vessels 


No. of 


Type/Tank Notation blades D (m) 


(a) T. 
Disc 0.14 
turbine 0.187 
0.28 
Angled 0.28 
blade disc 
turbine 
Mixed flow 0.28 
impeller 
pumping up 
Mixed flow 0.14 
impeller 0.28 
pumping down 
Mixed flow 0.14 
impeller 
pumping down 
Marine : ; 0.29 
propeller 
(b) Other tanks 
0.145 
0.145 
0.072 
0.15 
0.457 


0.457 
0.902 


4MFD 0.794 


Diameters, 


Disc and 
blade 
thickness 
(mm) 


Vertical 
height of 
blade (m) 


Horizontal 
length of 
blade (m) 


Angle/pitch 
of blade 


D/5 
D/5 
D/5 


0.039 


0.120 


0.050 
0.120 


0.050 


Not constant 


4.8 disc 
6.35 blade 
6.35+ 
6.35 disc 
9.5 blade 
0.349 9.5 


0.0984 
0.175 


0.165 


+ The central horizontal portion of each blade was double this thickness 
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PARTICLE-LIQUID MIXING 


Table 3. Particles employed in this study 


Particles Shape 


Polystyrene 

Diakon 

Dowex ion 
exchange resin 

Anthracite 


Spherical 
Spherical 
Spherical 


Flat and 
irregular 


(sphericity =0.4 to 0.5) 


Granular 
(sphericity =0.7) 
Spherical 


Glass powder 


Soda glass 
ballotini 
Sand Granular 
(sphericity = 0.9) 
Lead glass Spherical 
ballotini 


exchange resin beads which were examined under a 
microscope fitted with a graticule, as they were unsuit- 
able for sieving, and secondly the iead glass ballotini 
which were obtained very closely sieved and thus no 
further analysis was undertaken. The shape of the 
anthracite was such that only an approximaie size range 
was obtained. The particle size distributions were made 
up from the closely sieved, lead-glass ballotini fractions. 

The size ranges quoted in Table 3 are such that a 
minimum of 90° of the particles fall within that range. 
The large quantities of sand used, especially in T,,;, 
made sieving to obtain a closer size fraction imprac- 
ticable. The sand had a sphericity (surface area of a 
sphere to that of the particle, each with the same volume) 
of approximately 0.9 whereas the sphericity of the glass 
powder was around 0.7 and of the anthracite 0.4 to 0.5. 

Throughout these four papers, statements are made 
about bubble dispersion mechanisms, gas-liquid flow 
patterns, homogeneity of solid dispersion etc. In each 
case, the statements made are based on visual obser- 
vations (unless otherwise stated) of well-lit vessels. When 
viewing gas dispersion in the impeller region, a stro- 
boscope was alsc employed”. 


PARTICLE SUSPENSION CRITERIA 


Both the experimental investigation and _ the 
theoretical-empirical modelling of particle suspension in 
an agitated liquid continuum have received much atten- 
tion in the literature. However, all the theoretical models 
proposed have serious limitations and although various 
empirical correlations have been widely confirmed on 
small scale equipment, there is a paucity of data to 
support them on larger scale vessels. 

A very large majority of the work referred to above 
has concentrated on the impeller speed Nj, necessary to 
just fully suspend the particles. Below this speed the total 
surface area of solid is not available for processing and 
above this speed, the rate of many transfer processes 
increases only slowly®’. The definition of Nj, is com- 
monly taken as the speed at which no particle is visually 
observed to remain at rest on the tank base for more 
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Surface to 
volume mean 
Size range diameter 
(um) (um) 


Density 
(kg m~*) 
250-355 302 1050 
420-710 583 1200 
500-1000 1250 


500-600 1400 


250-355 2200 
180-250 2480 
300-710 2650 


80-105 2900 
440-530 - 2900 
850—1000 2900 

2500-2800 2900 


than one or two seconds****'’. It was determined in this 
work by observing the base of the tank via a mirror 
placed directly underneath it. The base was illuminated 
by a Photoflood light to aid observation. This mea- 
surement was repeatable to approximately +5% on 
average, though occasionally only to + 10%. The posi- 
tion on the base from which the last particles were 
suspended depended on the impeller geometry. The 
radial flow impellers suspended particles last from an 
annulus around the centre of the base, particularly at the 
four points in line with the baffles. The axial and mixed 
flow impellers tended to suspend the last particles from 
around the periphery. 

A more recent and less subjective definition is the 
impeller speed for which the particle concentration just 
above the base of the vessel is a maximum’, or shows 
a discontinuity’® with impeller speed. The estimation of 
this speed involves measuring local solids concentration 
in situ or by withdrawing a sample from the vessel. 
Bourne and Sharma'' showed experimentally that for a 
wide range of geometries and particulate solids, a peak 
occurred when a graph of solids concentration in the 
withdrawn sample was plotted against impeller speed 
(Figure 1), provided the sample was withdrawn from 
near the base of the vessel. They found that the peak 
coincided with the visually observed value of Ns. 

The maximum shown in Figure | can be explained as 
follows. At low speeds the majority of the particles rest 


<> 


Solids concentration 


phoes 
/% 


Impeller speed 


i i. 








Figure |. Local particle concentrations versus impeller speed for two 
sampling locations 
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Table 4. Experimental conditions investigated by other workers 


D 
Impeller type (m) 


AFD, DT, vaned 0.06—0.2 
disc, 2 bladed 
paddle 

8 bladed DT, 

8 blades ADT 

DT, 4MFD, 

2 blade paddle 

8 bladed flat 
paddle 

AFD 

3MFD (24), 
6MFD 

6 blade 
paddles 


Author 


Zwietering” 


Conti and Balai’ 0.024—0.076 


Nienow 0.035—0.145 
Narayanan et al." 0.035-0.07 


Subbarao and Taneja’” 
Musi! and Vik” 


0.051 
0.15-0.315 


Weisman and Efferding' 0.051-0.10 


on the bottom, producing a very low concentration 
reading just above the base. As speed is increased, so the 
particles are gradually suspended and hence the local 
concentration just above the base increases. Eventually 
a speed is reached when the source of particles on the 
base is practically exhausted but the upper regions of the 
dispersion have very low particle holdups. Thus further 
speed increases tend to homogenise the suspension and 
therefore reduce the local concentration near the base, 
producing a maximum at a speed Np, as shown in 
Figure |. However, this rather idealised description does 
not always apply. Musil’? noted that occasionally a 
‘kink’ or discontinuity, in the form of a sharp decrease 
in gradient rather than a peak, would occur. 

In this work a wide range of experimental conditions 
were investigated, i.e. gassed and ungassed, a wide range 
of particles, different tank sizes and gas rates. Although 
it was firmly established that a definite criterion existed, 
for determining Np), by concentration measurements 
near the base, it was clear that this criterion generally 
gave a different speed to that assessed visually, though 
sometimes they coincided or were very close. 

In order to maintain consistency throughout this work 
the use of the visually assessed N,, will be adhered to. In 
a few instances, where the presentation of Np), data aids 
the explanation of an observation, the concentration— 
impeller speed results will be shown. In general, 
Noss < Ns. 

The purpose of the following sections of this first 
paper can be defined as follows: 


(a) To combine a review of the relevant literature with 

experimental observations to establish the major 
factors affecting particle suspension, with particular 
regard to those factors which may be influenced by 
aeration. 
To report the data from the many runs carried out 
at zero gas rate in the course of the three phase 
work. Where these data confirm already well estab- 
lished results they wili be dealt with briefly. On the 
other hand, the implications of the data that are not 
well established in the literature especially those 
relating to scale up and to a lesser degree, the use of 
mixed flow impellers, will be emphasised. 


0.15-0.6 


0.12-0.23 
0.14-0.29 
0.11-0.14 


0.16 
0.6 ~ 2500 700-1100 4-8 


0.14-0.29 


Variable range investigated 
4 Ap d, i px 10° 
(m) (kg m~*) (um) (kgm~'s~') 
(0.32-9.3 


560-1810 125-850 


1414-1800 42-1800 0.645-7.8 
530-1660 153-9000 
140-1600 106-600 


1666-2010 63-3070 30 (by vol) 


~ 2500 45-140 
~ 9500 


10-50 1.0-20 


CORRELATIONS AND THEORIES 
AVAILABLE 

The work of Zwietering® in 1958 still represents the 
most complete investigation of Nj, (1-2 seconds on base 
criterion) in terms of both the variety and range of 
variables studied (Table 4). He completed over a thou- 
sand experiments in systems of similar geometry to those 
examined in this work, and analysed the results using 
dimensional analysis to yield a purely empirical expres- 
sion for Nj. 


Nig _ Sv? 'd®*(gAp pr 9-45 yo ft 0.85 ( 1 ) 


The exponents of v, d,, (gAp/p,) and X were found 
to be independent of impeller type, vessel size, impeller 
clearance and impeller to tank diameter ratio. The 
dimensionless constant, S, accounted for these vari- 
ations in system geometry. Graphs were presented giving 
S values for five impeller types at various impeller-to- 
tank diameter ratios, D/7T, and various impeller clear- 
ances. It was found that in all cases except one, S (and 
hence N,,) was reduced as the impeller was positioned 
closer to the base. The surprising exception was the disc 
turbine impeller which was reported to have S values 
independent of C for T/7 < C < T/2. Nienow’ has since 
shown that disc turbines do indeed show a reduction in 
S with decreasing clearances, due to increased flow near 
the vessel base". 

The extensive range of geometries and materials exam- 
ined by Zwietering, together with the advantage of 
having an expression (equation 1) which allows Nj. to be 
estimated for a wide range of conditions has resulted in 
this work being the most widely recommended basis for 
design”. At first sight, the purely empirical approach 
adopted appears to preclude any insight being gained 
into the mechanisms responsible for causing suspension. 
However, the very fact that all the parameters specifying 
the liquid and particle properties have the same ex- 
ponents independent of the agitation geometry at least 
suggests that the same mechanism applies to all the 
geometries investigated. Several attempts have been 
made to model theoretically a mechanism describing 
suspension. It is through these that an understanding of 
some of the phenomena at work can be gained. 

Narayanan et al.* derived an expression for Nj, based 
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on a balance of the vertical forces acting on a particle, 
assuming no slip between the particle and the fluid. 
However the necessary knowledge of fluid velocities was 
obtained from the mean circulation time data of Holmes 
et al.'* and does not consider the local conditions on the 
vessel base. Subbarao and Taneja’ recently proposed a 
fairly simplistic model based on a balance of the fluid 
velocity and particle settling velocity for a propeller 
agitated system. The particle settling velocity was esti- 
mated from a correlation for the porosity of a liquid 
fluidised bed as a function of liquid velocity. The 
experimental data, however, does not fit the postulate 
well, even after some empirical adjustments. 

Two other theoretical approaches have been based on 
energy balances. Kolar’? proposed that the mixing en- 
ergy at the critical condition was related to the energy 
dissipated by a particle moving at its terminal settling 
velocity in a still fluid. The obvious drawback of this 
approach arises from the fact that the still-fluid settling 
velocity is not equal to the settling velocity in a highly 
turbulent dispersion”. 

Perhaps the most successful attempt is due to Baldi et 
al.’. They postulated that suspension was due to tur- 
bulent eddies which had a scale of the order of, or 
proportional to, the particle size. Energy transferred to 
the particles from these eddies lifted them off the base to 
a height proportional to the particle diameter, from 
which point they were suspended. Thus an energy bal- 
ance could be performed on the basis that the kinetic 
energy imparted by the eddies was proportional to the 
potential energy gained by the particle. This energy 
balance led to the specification of a dimensionless group 
Z, which was related to the ratio of the energy dissipated 
on the tank base (€;),, (responsible for suspension) to 
the average energy dissipation in the tank €,. 1.e. 
(gAp/p,)'* Td," 

Po'? D*? Nyy 

If (€¢)g 1S proportional to ¢€,, then it implies that Z is 
a constant, which coincides with the empirical re- 
lationship put forward by Kneule® for N,,. However, 
Baldi et al. related (€;)g/e, to a modified Reynolds 


number Re* by analogy with the decay of turbulence 
downstream from a grid so that 


Re* = D’ N,s/vT (3) 


Experimental data obtained with eight bladed disc 
turbines (and laier angled blade disc turbines'*) showed 


Z= 





(2) 


Table 5”. Exponents found by some other authors 
Exponent on 


Author X ) Ap D(T = constant) 


Zwietering” 0.13 90. 0.45 2.35 (R), — 1.67 (A) 
Nienow* 0.12 0.43 

Paviushenko” 

Oyama”! =0 1.0 

Kneule® 0.17 0.5 

Narayanan” 0.22 0.5 

Weisman’ 0.17 terminal velocity 

Kolar’ 0.10 terminal velocity 


R—Radial flow impeller. A—Axial flow impeller. 
M—AMixed flow down impelier. 
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Z to be a function of Ke*, with the nature of the function 
itself generally dependent on system geometry (equa- 
tions 4 and 6 below). Nevertheless, providing the above 
relationship is known, an expression for Nj, can be 
deduced from their work (equations 5 and 7 below). The 
dependence of N;, on particle concentration, X, was not 
accounted for in the model, but allowed for empirically 
from experiments and agreed very closely with Zwie- 
tering’s relationship’. 
Two examples of their results are given below: 
(a) For an eight-bladed disc turbine, C/D = 0.5: 
Z =constant=2 (4) 
so that 
1.03(g Ap /p,)'?(T/D)d}* x°' 
"4 Po'* D*” 
(b) For an eight-bladed disc turbine, C/D = 1: 
Zax(Re*)? 
so that 


o "= 


v""(gAp/p,)°?d®'*(T/D)X°"' 


Ny : 
JS Po®* D®” 


(7) 


Thus these authors suggest that the exponents on the 
various parameters vary slightly with geometry but they 
are nonetheless still very close to those proposed in 
equation (1). 

All attempts to model particle suspension described 
above can be thought of as utilising one of two ap- 
proaches. The first is the concept of drag forces exerted 
by the fluid on the particle. The second is the analysis of 
the turbulent properties of the system. Both approaches 
lack a rigorous method of relating the flow parameters 
(velocity profiles, fluctuating velocities, dissipation rates, 
etc.) on the base of the vessel—from where particles are 
suspended—to their values at the impeller, which are 
more easily measured. It may simply be the case that 
the method employed by Baldi et al’ to achieve this 
by employing the Re* concept is superior to, for in- 
stance, Narayanan’s approach, utilising mean circulation 
times, since comparison of the exponents on various 
parameters (Table 5) shows that Baldi’s model (equa- 
tions 5 and 7) comes closest to the experimental values 
found by Zwietering®. Also, visual observation of the 
base supports the concept that suspension is due to 
random turbulent bursts, particularly for radial flow 
impellers. 

The lower power consumption, with which axial flow 
impellers cause suspension, when compared with radial 
flow impellers*'*, is somewhat confusing in the light of 
these observations of turbulent bursts. It is usually 
suggested that axial-flow impellers produce higher flow 
but lower turbulence intensity than radial flow 
impellers”. This would suggest that the enhanced drag 
forces resulting from the higher volumetric pumping rate 
of the axial flow impellers are primarily responsible for 
suspension. An alternative explanation might be that the 
path length between the impeller and the point from 
which particles are last suspended is less for an axial flow 
impeller, reducing the probability of the turbulent eddies 
decaying. Also, axial flow impellers invariably require 
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a higher impeller speed to perform a given suspension 
duty° and it is only the very low power numbers which 
make them energy: efficient. 

Other postulates have been put forward for predic- 
tions of N,,. In one case, their criteria have been based 
on the position of the upper interface’ rather than 
suspension from the base, and the two are not neces- 
sarily connected. Another approach is consideration of 
the particle in relation to the boundary layers on the 
vessel base, but a recent attempt at analysing this 
situation® was not helpful. 

On balance, Zwietering’s’ work remains the most 
useful in terms of estimating N,,. However, consid- 
eration of the theoretical approach of Baldi et al.’ does 
suggest that the introduction of gas to the system, which 
generally results in a decrease in power number, would 
cause an increase in WN, since, for constant Z, 
N,.oxc Po~ "3 


RESULTS 


The results will be presented in three sections. The first 
will briefly dea! with the effect on Nj, of varying particle 
and liquid properties. The next section will deal with 
system properties such as impeller type, geometry and 
scale. The final section will draw together all the data for 
comparison with the work discussed in the previous 
section. 


Particle and Liquid Properties 

Particle density was varied to give a range of density 
differences Ap between 50 and 1900 kg m~’. Particle size 
covered a nearly thirty-fold range and also two size 
distributions were examined (Table 6). Particle concen- 
trations up to 30° by weight were also covered. 

For the experiments carried out in T,,, the following 
relationships were obtained 


Nis x Ap?” (8) 


Nis x be 2 (9) 


Njgocd®’ (10) 


which are statistically not significantly different from 
those in equation (1). Figure 2 shows the results with 
regard to particle size variation and confirms that if 
trimodal and quadrimodal distributions are considered 
in terms of their mass mean diameter then they fit in 
fairly well with unimodal distributions. This treatment 
was proposed by Baldi et al.’ for bi-modal distributions. 

With the exception of the anthracite, all the other 
particles were basically spherical or iso-dimensional in 


Table 6. Size distributions A and B 


Mass fraction 
AN B 


0.050 0.111 
0.505 0.169 
0.445 0.300 
0 0.400 
485um 485um 
660um 1440um 


Sauter mean 
Mass mean 


shape. The anthracite was very angular and predom- 
inantly flat (see Table 3). Insufficient variety in shape was 
available to make an attempt at analysing the effect of 
particle shape on Nj. in terms of a shape factor. How- 
ever, a significant increase in the speed and power 
required to suspend the anthracite was necessary over 
and above that predicted by the use of equations (8), (9) 
and (10) with all data for other particles. For example, 
a speed of 5.3 revs~' was required to just-suspend a 1°% 
concentration of the particles with a D=T/3 disc 
turbine, compared to just 4.95 revs~' being required 
to suspend a 3°, particulate dispersion of soda glass 
ballotini with identical system geometry. Based on the 
anthracite result, N,. for the ballotini should have been 
8.2 revs '. The very sudden and spurting particle mo- 
tion on the base with anthracite was in contrast to the 
smoother fluctuations in movement associated with 
spherical particles. 

Despite this significant increase in N,, due to shape, 
changing impeller diameter from 7/3 to 7/4 resulted in 
the relationship N,,oc D~*° which is very close to the 
dependence predicted by Zwietering when the S factor is 
accounted for (N,,0c D~*"*). 

The kinematic viscosity of the liquid was increased 
from 10°-° to 5 x 10°°m’s_' in T,, using sugar solutions 
but no significant effect on N,, was observed. The 
configuration used was that for which Baldi et al.’ 
predicted N,; to be independent of viscosity, though 
Zwietering found a very weak dependence. 


System Properties 


Impeller Type. Table 7 lists the impeller speed and 
specific power input necessary to achieve Nj, with a 3°% 
soda glass ballotini suspension. !nspection of this table 
shows the axial and mixed flow impellers with the 
discharge stream downwards to be the most energy 
efficient, in accordance with all previous work. The 
4MFU, in which the discharge stream is directed away 
from the vessel base, is not surprisingly the least energy 
efficient, though not markedly less so than the disc 
turbine. However, an advantage of the 4MFU, particu- 
larly over the AFD and the 4MFD, was the increased 
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Figure 2. The relationship between Nj, and d, {7/2, DT, T,,, ¥ = 1%, 
Ap = 1900 kgm~*; A and B, size distributions (see Table 6); broken 
line, Ref. 5}. 
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Table 7. Comparison of impellers in Ty 
(D = T/2; 3% soda glass Ballotini) 
Nis (€q)is 
Impeller (rev s~') (W kg™') 


AFD 3.55 0.33 
4MFD 5 AY 0.35 
ADT 2.67 0.54 
DT 2.02 0.61 
4MFU 3.6 0.72 


homogeneity with high concentration dispersions. At 
iow concentrations no difference could be detected be- 
tween the homogeneity produced by each impeller type. 


Impeller Diameter. Analysis of Zwietering’s data for 
propellers and disc turbines shows that in the former 
case Soc(T/D)°*’, and in the latter Sa(T/D)'*. If this 
information is combined with N,,o D~°* (equatioa 1), 
then for changing impeller diameter in a given system 
(constant 7) we have for AFD impellers 

Nygoc D~ "8? (11) 
and for DT impellers 

Nj; D te (12) 


Results from the limited data with the 7/4 and 7/2 
4MFD impellers in T,, produced reasonable agreement 
with Zwietering’s results (equation 11) for a propeller, 
giving (Figure 3): 

N,,oc D~'* (13) 


The data from the three DT diameters (7/4, 7/3 and 
T/2) in T,, and the 7/2 and 7/4 impellers in T,, (Figure 
3) gave exactly the same relationship as equation (12) i.e. 

N,xD-** (14) 


These exponents are significantly higher than those 
proposed by Baldi et al. in equations (5) and (6). 
However this could be due to the difference in the 
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Figure 3. Effect of impeller size on Ny. (2, 1' 


%, soda glass ballotini, 
DT, T,,; @,. 3% 


soda glass ballotini, DT, T,,; 7, 1° soda glass 
ballotini, 4MFD, T.,). 
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Figure 4. Power consumption to achieve Nj, versus impeller diameter 
(DT, T,, 1° soda glass ballotini) 


impellers (eight blades against six here) or the nature 
itself of Baldi’s postulate which proposes that the ex- 
ponent is a function of C/D, and since C is kept constant 
in this work, then this suggests a changing exponent with 
impeller diameter. 

The variation of the power required to just suspend 
particles is often deduced from the above relationships 
on the basis that the power number (Po) is constant for 
all D, and thus for disc turbines from equation (14), since 
P,,0c Nj,° D° 

P,,o0c D-**° (15) 


However, the data presented in Figure 4 do not 
entirely support this prediction due partly to the power 
number changing with impeller diameter, as shown in 
Table 8. Bates et al.” measured power numbers for 
radial impellers without discs and showed up to 20%, 
variation in Po with impeller diameter. Nienow and 
Miles'’ also showed an increase in Po with D/T, and 
further pointed out the considerable effect that minor 
dimensions have on the power number, particularly the 
disc thickness to blade height ratio. The considerably 
lower values obtained in T,,. as indicated in Table 8 could 
therefore be expiained by the doubling of this ratio from 
0.055 to 0.11 on scaling down from T,, to T,, for a 7/2 
impeller (see Table 2(a)). This is further supported by 
the Po value of 5.9 cbtained from T, where this 
thickness ratio equals to 0.067, fairly close to that in T.,. 


Number of Blades. As with gas dispersion”’, increasing 
the number of blades from four to six on the 7/4 MFD 
impeller produced an increase in efficiency. Slightly 
lower powers (~ 13°) and speeds (~ 9%) were required 
to just suspend a 1% concentration of soda glass bal- 
lotini. This effect has also been reported recently by 


others”. 


Table 8. Variation of Po with D for disc 
turbine impellers 


D 
(m) 


0.28 
0.187 
0.14 
0.145 
0.097 
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Table 9. Effect of impeller clearance, C, on Ny (Ts, 7/3; DT, D = T/3; 
3°,, soda glass ballotini) 


Py (Pe). Ss Ss Ss 
‘This work} {Ref. 5} {Ref. 3} 


(W) (—-) 
82 46 5.8 ta 6.5 


5 
151 ne 6.7 7.5 7.8 
240 5.4 8.0 TS 9.0 


Impeller Clearance. Though Zwietering found Nj, to be 
independent of impeller clearance, C, for disc turbines, 
provided T/7<C <T/2, it has since been shown’ to 
have a significant effect on N,,. Table 9 shows the 
savings in speed and power achieved with a 7/3 DT. The 
power savings produced by the lower speeds necessary to 
achieve N,, at small C were enhanced by the decrease in 
power number resulting from low clearances. Thus even 
reducing the clearance by 0.047m, from 7/4 to 7/6, 
virtually halved the power input necessary to just sus- 
pend the particles. This trend was observed on all scales, 
but to a much lesser degree with larger vessels, the power 
reduction being critically dependent on the power 
number reduction, which varied due to minor dimen- 
sional inconsistencies, etc. 

The reduction in Po with C has been previously 
reported'”*° and was explained by Bates et al.*° as being 
due to the dise affecting suction into the impeller. A 
more likely reason is the change in flow pattern first 
observed by Nienow’ and discussed in Part II. The data 
presented in Table 9 are in good agreement with those 
presented by Bates et al. The apparently anomalous 
reduction in Po at C = T/2 (Table 9) was due to the 
onset of surface aeration. The dimensionless group, S, 
was evaluated from equation (1). The same trend as 
noted by Nienow’ occurred but the values were 11—14°% 
lower. Both sets of data encompassed Zwietering’s value. 

Musil and VIk'® reported N,, to be independent of C 
for C < T/3, but their work was carried out in a conical 
based vessel. 


Scale-Up 


The data presented in Figure 5 represent N,, for a 1% 
concentration of sand over a very wide range of vessel 
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Figure 5. Effect of scale (tank size) on Nj. (D = T/2; 1% sand; §§ DT: 
A 4MFU: W 4MFD). 








05 
02 








Figure 6. Effect of scale on (€,),< (details and symbols in Figure 5). 


sizes and indicates that there was no noticeable change 
in behaviour outside the scale ranges previously exam- 
ined by other workers. The difference in gradients be- 
tween the three impeller types represented (DT, 4MFD, 
4MFU) is very small and an average value gives: 


Nyc T~° (16) 


for D=T/2 and C=T7/4. 

This exponent is slightly less than Zwietering’s value 
(exponent of 0.85) and slightly higher than that of Baldi 
et al for C/D = 0.5 (exponent of 0.67). On the basis of 
the exponent in equation (16), then the specific power 
input at N,,, assuming Po remains constant, would, 
assuming (€,));;0c N},D’, be given by 


<c)acT- (17) 


since D «T for constant D/T on scaling with geometric 
similarity. This result implies a slight reduction in (€;)js 
on scale up. Zwietering suggests a stronger relationship 
((€¢)30 T~°**) and Baldi implies firstly that (€;),. re- 
mains constant on scale up for a disc turbine with this 
geometry (C/D=0.5) and secondly that this re- 
lationship is a function of geometry, which might explain 
the widely diverging opinions in the literature. 

Although the data presented in Figure 5 for disc 
turbines produce a good straight line relationship, there 
is some scatter and in terms of power dissipation, this 
effect is drastically emphasised as indicated by the results 
presented in Figure 6. The data for the disc turbine 
clearly fall into two sets, one set related to T,, and T,, 
and the other to T,, T,, and T,,,. The result obtained 
with a 4MFD impeller in T,, is also anomalous in that 
a much higher power input was necessary to cause 
suspension than would have been estimated on the basis 
of the T,, and T,, results. If the data from each set of 
tanks is considered separately, then the rate of reduction 
of (€;);5 on scale up is in each case of the same order as 
the value predicted by equation (17). It is important to 
emphasise that exact/y similar liquid—particle properties 
were used in all these experiments. At first sight, these 
results appear most difficult to explain. 

These very significant differences between (€7),5 in Ty» 
and T,, and the higher values required in Ty, To, and 
T\,; can be explained by apparently minor differences in 
geometry. T,), T,, and T,,, are geometrically identical 


Chem Eng Res Des, Vol. 61, March 1983 





PARTICLE-LIQUID MIXING 




















ro a 
c. 











Bottom steady and Air sparger 
air sparger removed 


(a) (b) 


H 





= T39 "9 


and T1g3 





(Se 
Air sparger 
in place 

















(c) 


Figure 7. Minor geometrical variations investigated in T, 


and include a gas sparge pipe across the base. On the 
other hand, T,, has a centre-bearing on the tank base 
which supports the shaft and neither it nor T,, has a 
sparge pipe across the base. Figure 7 shows the three 
different basic geometries used in the various vessels. 
Subsequent tests in T,, showed that geometry A, (similar 
to that used in Ty) required an impeller speed of 
4.5revs~' [(€)j5 = 1.9Wkg~'] to suspend a 1% sand 
suspension, whereas geometry C required an impeller 
speed of 5.6 revs~' [(€;))5 = 3.7 W kg” ']. 

A combination of two effects seems the likely expla- 
nation of this dramatic difference. Firstly the sparge pipe 
across the base causes two small relatively stagnant 
zones immediately in front of and behind it. From these 
zones the last particles are suspended. The second poten- 
tial cause is that the bottom bearing behaves similarly to 
a contoured ‘Bourne Bottom’ which has been shown to 
reduce (€;);, by nearly a factor of three in a propeller 
agitated system''. The just suspended condition for 
geometry B logically falls between those for geometries 
A and C, requiring 5.2revs~' and a power input of 
2.9 W kg~' to just suspend the sand. 

Another factor to be considered when examining 
Figure 6 is the low value of Po found for the D = T/2 
disc turbine in T., (see earlier). 


DISCUSSION 
Comparison of the Data with the Literature 


Considering the geometry employed in the bulk of this 
work, i.e. a disc turbine, D=T7/2, C=T7/4 and 


50 


C/D = 0.5, then from equation (1) and substituting the 

constants quoted by Zweitering’: 

yy _ av ds (g Ap |p.) X°" 
JS Ds 


or after rearranging, for a 1°, concentration of solids in 
water 


(18) 


2D°"*(gAp/p,)°” 19 
mh _1 70022 ( ) 
Po' ad. 
where Z is defined by equation (2). Using the measured 
power number of 5.95 for the geometry under consid- 
eration (Table 8) then: 


Tn iA py” 
d,, 


If the same procedure is repeated using the S value 
proposed by Nienow’ to allow for the effect of impeller 
clearance, then the resulting expression is the same but 
with a proportionality constant of 0.98. 

Since the exponents on the density and particle size 
terms in equation (20) are very small, then it is possible 
to evaluate with very little error the parameter Z for each 
vessel size for constant D/T for a very wide range of 
particle properties. Thus in Figure 8, the Z values 
predicted by Zweitering and Nienow for each vessel size 
are marked on the right and left hand vertical axis 
respectively, along with the value found by Baldi et al. 
for an eight-bladed disc turbine. The data points in 
Figure 8 are the experimental results from this work for 
the geometry under consideration (DT, D=T/2, 
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Figure 8. Comparison of experimental data with Z values predicted by Baldi and Conti'’, Zwietering® and Nienow 
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Figure 9. Z versus Re* for various impeller configurations, Ty, 
( T/4 (W 4MFD, C/D =0.5: @ DT, C/D =0.75; VY 4MFD, 
Cip= 18 DT, C/D = 1.0; A 4MFU, C/D =0.5) 


C =T/4) plotted as Z against Re* evaluated according 
to equations (2) and (3). The data appear to support the 
conclusion of Baldi et al that Z =constant # f (Re*) for 
this configuration, giving a mean value (Z) of Z of 1.17, 
with a standard deviation from the mean (a,) of +0.15 
(+ 13°,), over the complete scale range. This result seems 
reasonable when compared with the value reported for 
an eight-bladed disc turbine of Z = 2, implying lower N,, 
values, which supports the proposition that increasing 
the number of blades leads to a reduction in Nj. 

The data from T., and T,, agree quite well with the Z 


values predicted from Zwietering’s work but the agree- 
meni with Nienow’s modification of his work is even 
better. Nevertheless, it can be seen that the results for 


Ty, To, and Ty,,; fall below the predicted Z values 
(implying higher N,, values). Cliff et al*’ recently 
presented Np), data obtained in T,, during a separate 
study using a propeller and found their experimental 
values well above the N,, values predicted according to 
equation (1). 


Table 10. Application of Baldi et al’ 


Source Line Geometry 


This work fs All 
Zwietering All 
(equation 1) 

Baldi’s 

model 

using the 

relationships 

estimated 

from 3 DT, 
the 
experimental 
data and 
shown 

in j 4MFD, C 

Figure 8 

and Figure 9 H 4MFU,C/D=0.5 


+ Note: Z ac(Re*)"; Njacv", d’, 


4MFD, C 


The data for the configuration considered above 
(DT, C/D =0.5) fit the model of Baldi et al quite well. 
Figure 9 presents experimental data for other impeller 
configurations. The relationships between Z and Re* 
deduced from Figure 9 are given in Table 10 along with 
the resulting exponents on the various parameters eval- 
uated from these relationships and equations (2) and (3). 
For the disc turbine geometries (lines C, D and E) again 
good agreement is obtained. 

However, it is evident from the exponents presented in 
Table 10 that the Baldi model does not match the 
experimentally observed exponents on the major param- 
eters (line A) for the mixed flow configurations given in 
lines F and G. This reveals a serious limitation in this 
approach when applied to impellers producing an axial 
component of flow, especially considering the insen- 
sitivity of those exponents to all geometrical variations 
as revealed by this work and supported by Zwietering 
and Nienow. 

Therefore, on balance, it appears to be more consis- 
tent to use the empirical method for estimating Nj.. The 
dimensionless analysis approach of Zwietering produces 
exponents which are broadly supported by this work. 
However, minor differences in geometry have been 
shown to have a significant influence on (€,);,;. The S 
values calculated from the data of Nienow and Miles'* 
for 4MFD impellers show large variations for constant 
T/D ratio, but reflect an increase in Ny. over that 
predicted for a propeller from Zwietering’s correlation. 
This work shows lower speeds to be necessary when 
using 4MFD impellers (compared to AFD), though 
higher powers. However, some variation in S was also 
found for constant 7/D ratio for both 4MFD and 
4MFU impellers. The mean S values are presented in 
Table 11 for the configurations studied with an impeller 
clearance of 7/4. The error limits shown are for one 
standard deviation from the mean value. 


CONCLUSIONS 


The general trends found in this work confirm those 
put forward by Zwietering? and his correlation (equa- 


model to various impeller configurations 


Exponent ont 
Re* d, Xx Ap 


0.12 0.40 
0.13 0.45 


0.15 
0.20 


0.17 0.13 


0.13 0.10 


0.13 


-0.14 -0.54 0.26 


—0.35 —0.16 0.19 


0.09 0.08 0.15 


etc, where n is the exponent. 
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Table 11. Comparison of S values 


S values 
{Refs 3, 4! 
45 
8.0 

12 
4.6 and 7.8 
10.1 and 12.3 


Configuration 


,D=T 


{This workt! 


7.4+ 12% 
6.8 (1 result) 
5.1 (1 result) 


NMNNN SN &wWhY 


+ From T,, and T,, only i.e. no sparge pipe 


tion 1) remains the soundest basis for design. The use of 
a mass mean particle diameter enables it to be used for 
size distributions. One reservation is concerned with the 
recommendation of scale up with decreasing specific 
power input ((€;);,0« T~°**) deduced from equation (1). 
Where (€,;);; has been measured on different scales'*~* 
rather than inferred, including a recent study also in 
vessels up to 1.83 m diameter’, a reduction in (€,),< with 
scale has been found. However, the relationship derived 
in this work over a scale range from 0.29 to 1.8m 
diameter [(€,),,0« T~°**] suggests a more conservative 
approach to scale up and agrees well with the rules used 
in industrial practice* [(€,),,0c T~°*]. However, there is 
a chance of seriously underestimating Nj, using Zwie- 
tering’s expression if there are sparge pipes or other 
obstructions on the vessel base. 

Despite prolific work on the subject over the last half 
century, litile significant advance has been made on the 
empirical relationship found by Zwietering in terms of 
the understanding and prediction of particle suspension. 
This demonstrates the complexity of the topic and 
suggests that clarification is unlikely to be forthcoming 
until more accurate models of flow behaviour and of 
liquid—solid, solid—solid interactions are available. 

The model proposed by Baldi et al’ appears to work 
well for some geometries but not at all well for others. 
However, it represents the best attempt at a theoretical 
analysis of complete suspension. 


SYMBOLS USED 
impeller clearance above the base (m) 
impeller diameter (m) 
particle size (m) 
gravitational constant (9.81 ms~°) 
liquid height (m) 
impeller speed (rev s~') 
power drawn by impeller (W) 
power number (dimensionless) 
suspension parameter in Zwietering equation (1) (dimen- 
sionless) 
vessel diameter (m) 
concentration of solid =mass per mass of liquid x 100 
(dimensionless) 
suspension parameter after Baldi et al (dimensionless) 
mean energy dissipation rate (W kg~') 
energy dissipation rate at the base (W kg ') 
dynamic viscosity (Pa s) 
kinematic viscosity (m*s~') 
density of liquid (kg m~°*) 
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Ps density of solid (kgm *) 

Ap Ps — p, (kgm~°) 

Subscripts 

JS at the speed at which sclids do not spend more than | to 
2 seconds on the bottom when observed 

PJS at the speed, indicated by an instrument, at which solids are 
just completely suspended 
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PARTICLE—GAS-LIQUID MIXING IN STIRRED VESSELS 
Part II: Gas—Liquid Mixing 


By C. M. CHAPMAN (GRADUATE), A. W. NIENOW (FELLOW), M. COOKE (stTubD=eNT) 
and J. C. MIDDLETON (MEMBER) 


University College, London and ICI Corporate Laboratory, Runcorn 


The power and speed required to just completely disperse the sparged gas throughout the vessels using the 
impellers described in Part I is here reported. For the disc turbine, at a clearance above the base of 7/4 the 
speed required for this condition can be predicted from the empirical equation (F/,,)<)° (Fr)e (D/T)°* = 2.25 
and large impellers are more energy efficient than smail ones. With downward pumping impellers (including 
disc turbines at low clearances), flow instabilities are exhibited due to the opposing upward gas-liquid flow from 
the sparger and the downward pumping action. A definition of \\.,, based on operating at speeds above this 
unstable region is used for such impellers. Upward pumping impellers are stable because the gas—liquid flows 
are co-current. As a result, the upward pumping impeller becomes the most energy efficient at dispersing gas 
at high gas rates. Gas hold-up for all the impellers used could be correlated with energy dissipation rate and 


gas flow rate. 


INTRODUCTION 


The dispersion of gas in a liquid by mechanical 
agitation has been the subject of numerous in- 
vestigations. One of the most popular agitators used in 
these studies has been the six-bladed disc turbine, since 
the disc forces all the inflowing gas to pass through the 
high shear impeller region, ensuring efficient break-up of 
the gas stream into bubbles and effective dispersion of 
the bubbles throughout the vessel. The disc turbine and 
other radial flow impellers have also been used in particle 
suspension studies and shown to be less energy-efficient 
than axial and mixed flow impellers such as the marine 
propeller and angled blade impellers. Part I of this series 
confirms their relative efficiencies for particle suspension. 
The purpose of this paper is to characterise the 
gas-liquid mixing requirements and how they affect the 
potential of the system to suspend solids, particularly for 
axial and mixed flow impellers which have received little 
attention in the literature. This will be achieved by 
combining visual observations with impeller power and 
gas hold-up measurements. 


EXPERIMENTAL 


The equipment and the shorthand notation when 
referring to different geometries has been defined in 
Part I of this four-part series. 

The bulk of the work reported here was carried out in 
T, using impellers of diameter 0.28 m at a clearance of 
0.14m from the base. The exceptions to this were firstly 
the disc turbine, which has been well characterised when 
dispersing gas at this clearance (7/4)'? but not at lower 
clearances where there is evidence of enhanced particle 
suspension capability**. Thus a clearance of 0.093 m 
(T/6) was examined for various diameter impellers. The 
second exception was with the MFD (mixed flow pump- 
ing downwards) impellers, which are commonly used in 


industry though rarely for dispersing gases. Here, the 
influence of impeller diameter and number of blades was 
also investigated. Some additional data from other size 
tanks have been included as necessary. 

The experiments were generally performed by observ- 
ing the flow patterns, using the bubbles and sometimes 
tracer particles as aids, for various fixed gas rates over 
a wide range of impeller speeds. The speed at which the 
gas was just completely dispersed N-p was assessed and 
linked to power and holdup measurements. The method 
of estimating power consumption for each vessel is given 
in Part I. Gas holdup e¢ was evaluated by observing the 
rise in level of the dispersion surface under aerated 
conditions and dividing this rise in level by the total 
aerated height of the dispersion. The low values of 
hold-up obtained in air-water systems combined with the 
fluctuations in level of the dispersion surface led to 
measurements only being reproducible to within 15-20% 
for the mixed flow impellers which tended to cause the 
more violent surface fluctuations (particularly the 
4MFU). The disc turbine results were reproducible to 
within + 10%. 


POWER CONSUMPTION 


Over the past 10-15 years, much work has been done 
to explain the variation of impeller power consumption 
with impeller speed and gas rate in gas-liquid dis- 
persions. The bulk of this work has been carried out 
using six-bladed disc turbine impellers and has led to an 
understanding of the existence of, and the role played by, 
gas filled cavities which cling to the back of the turbine 
blades. Rennie and Valentin’ showed evidence of gas 
collection in the low pressure regions behind the blades 
in 1968. Subsequently Nienow and Wisdom® and van’t 
Riet and Smith’ have demonstrated how the nature and 
size of the cavities change with gas rate and impeller 
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- 
(b) 
~s— Direction of rotation 


Figure |. Changing cavity shape with increasing speed (N,,, < No, 
< N,..) for disc turbines® at a constant gas flow rate. 


speed. Figure | shows the three types of cavity observed 
at various speeds by Nienow and Wisdom for a given gas 
rate. At low speeds a large cavity covered the whole rear 
face of the blade (Figure 1(a)). As speed increased so the 
cavity shape modified itself to fit the shape of the trailing 
vortex (Figure 1(+)) and at still higher speeds the 
breakaway points moved inwards along the blade (Fig- 
ure I(c)) forming vortex cavities. From this work has 
emerged an understanding of the manner in which 
gassed power changes with the hydrodynamic conditions 
in the impelier region. 

Gassed power data are commonly presented in two 
ways, both of which are basically gassed power number 
(Po,) plotted against flow number (F/,). Figure 2(a) 
shows the effect of increasing gas rate at constant 
impeller speed, and Figure 2(4) the effect of increasing 
impeller speed at constant gas rate. Considering firstly 
Figure 2(a). For a particular system, at constant N, 


P © 

vt pN?DS 
Since Po is constant in turbulent systems, then Figure 
2(a) represents the response of Po,, P, and P,/P to gas 
rate variations. In addition at constant N, Q,/ND’xQg. 
As a small amount of gas is admitted to the system, it 
migrates to the low pressure regions, forming vortex 
cavities behind the impeller blades and therefore in- 
creasing the pressure in this area. The consequence of 
this is a reduced pressure difference over the blade and 
a slight drop in drag and power consumption. Bruijn et 
al® suggest that as gas rate is further raised, an in- 
creasing number of large cavities form, streamlining the 
impeller and further reducing drag. Eventually all six 
cavities reach a maximum size and the impeller pumping 
capacity is reduced to a minimum. Warmoeskerken et al’ 
have proposed that three large cavities form simulta- 


= Po(P,/P)xP, (1) 








N constant GQ, constant 


N 


WY 


Np 




















Fl(aQ-) 


Fle [= 1) 
(a) (b) 
Figure 2. Power number (Po,) versus flow number (F/,) for disc 
turbines; (a) constant impeller speed and (+) constant gas rate where 
the minimum N,.,, corresponds' to the transition from flow pattern (c) 
to flow pattern (d) in Figure 3. 
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neously, causing a definite drop in the power con- 
sumption at a given gas rate, after which any further 
decrease can be explained by the reduction in the mean 
density of the pumped fluid. Oyama et al’” suggested 
that the rate of decrease of power number at a given gas 
rate (or flow number) described the gas dispersion ability 
of the impeller. Thus as the power number drops rapidly 
due to an increase in the quantity of gas in the impeller 
region, the pumping rate and dispersion capability of the 
impeller also drop suddenly. 

Figure 2(b) has been interpreted by Nienow et al’. 
Again the gassed power number is equivalent to a 
constant multiplied by the ratio P,/P if Po is considered 
to be constant in the turbulent region, independent of 
Reynolds number. However Po, is not proportional to 
P, alone since impeller speed is changing at constant gas 
rate. In this case the flow number is inversely propor- 
tional to impeller speed. At low speeds the tips of the 
blades are surrounded by liquid and the power number 
remains high because of the presence of two low pressure 
vortices at the back of each blade®. As impeller speed is 
increased, a large cavity forms over the upper half of the 
blade causing a reduction in Po,. At a slightly higher 
speed the cavity covers the whole of the back face of the 
blade and a minimum occurs in the gassed power 
number. Further increases in speed cause a rise in the 
power number as the size and number of large cavities 
fall’ and their shape tends towards those of vortex 
cavities (Figure 1) so that less of the rear of the blade is 
blanketed by gas. At high enough impeller speeds, 
recirculation of gas to the impeller becomes significant 
and the power number drops slightly again'''. The 
impeller speed required to achieve the resulting maxi- 
mum is commonly designated’ Ne. 

To summarise, the power consumption of a disc 
turbine impeller can be quite satisfactorily explained by 
existing data on the gas-liquid hydrodynamics in the 
impeller region. However, this level of understanding 
does not exist for other types of impeller. 

Brauer and Schmidt-Traub’ proposed two mech- 
anisms by which a downward-pumping propeller dis- 
persed gas. At low sparge rates, the bubbles formed 
simply by the action of the downward liquid flow over 
the gas entry pipe, and were thence distributed about the 
vessel. At higher gas loadings, the buoyancy of the gas 
overcame the liquid downflow and a ‘bell-shaped gas 
cushion’ formed below the hub of the propeller. Bubbles 
were sheared off from this cushion by the liquid 
downflow and dispersed, some travelling into the im- 
peller itself and forming a cavity which clung to the rear 
of the blade. Unfortunately, although the authors mea- 
sured power consumption, the only reference made to 
the results was that the ratio of gassed-to-ungassed 
power did not fall below 0.6, compared to about 0.3-0.5 
for a disc turbine. No attempt was made to present and 
interpret the power measurements in the light of the 
above observations. 


FLOW PATTERNS AND MINIMUM MIXING 
REQUIREMENTS 
Figure 3 shows the bulk mixing stages that are ob- 
served with disc turbines when the impeller speed is 
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Figure 3. Bulk flow patterns with increasing speed, (N,,)< N,.)) for a disc turbine’. 


increased for a particular gas rate'’. These stages are 
detailed below: 


(a) Negligible dispersion. 

(6) Upper part of vessel acting as bubble column. 

(c) Gas circulaticn in the upper part of the vessel with 
occasional movement in the lower region. 

(d) Gas circulating throughout the whole vessel. 

(e) Secondary loops form and gross recirculation. 


Nienow and Wisdom" defined the transition between 
(d) and (c) as the onset of flooding, and used this 
transition as the minimum requirement for bulk gas 
mixing. Thus the gas phase was considered adequately 
mixed provided the impeller speed was greater than that 
required to just disperse the gas throughout the whole 
vessel. Rushton and Bimbenet'* defined the flooding 
point as the transition between Figures 3(c) and (hb). 
However, this implies that the lower portion of the vessel 
contains no gas and is therefore unproductive. West- 
erterp et al'° have also defined a minimum rate of 
agitation based on interfacial area measurements but 
this has the disadvantage of being more complicated to 
detect. The definition of the flooding point as defined by 
Nienow et al' has the advantage that it corresponds 
closely with the minimum in the Po, versus Fi, plot 
(Figure 2(b))'. 

From the above it can be seen that the definition of 
the flooding point is still not well established. Nienow et 
al’s interpretation of the flooding point has recently 
been defined’? as Ncp, the minimum speed to just 
completely disperse the gas. This is the condition in- 
vestigated throughout this work. Previously’, it was 
reported that Ncp could be calculated from the empirical 
equation 


(Flg\as? (Fr °3>(D/T > = 2.25 


or substituting for g in the Froude number 
NepD?/Q° T° = 4 


G 
where the constant 4 has the units m°*’s 


0.5 


RESULTS 
Comparison of Superficial Velocity and VVM 


Gas rates are commonly scaled as either superficial 
velocities based on the tank cross-sectional area, or 
specific velocities based on the tank volume i.e. volume 
per unit time per unit volume of liquid in vessel. The 
latter is usually referenced to a minute rather than a 
second as a rate of | vvm is a typical industrial operating 
value especially in fermentations. 


When comparing the impeller speed and power re- 
quired to perform a given duty over a wide scale range, 
it would be preferable for the power number of the 
impeller to be independent of scale. Thus, the power 
number data for a disc turbine impeller of diameter 7/2 
in Ty, Ts, and T,, were examined in terms of both 
superficial velocities based on area or specific velocities 
based on tank volume. The data for T,, and T,,, were 
ignored since variations in the minor dimensions of these 
impellers caused the ungassed power numbers in the 
systems to differ significantly. 

Table 1 shows the gassed power number evaluated by 
taking the mean of the value at the minimum and peak 
in a plot of the type shown in Figure 2(4) for each tank 
size. 

These data show Po, to be relatively independent of 
tank size if gas rate is scaled in terms of tank volumes, 
compared to a strong dependence on scale if superficial 
velocities are kept constant. Thus vvm was chosen for 
scaling gas rates as it seemed to give a more sensible 
basis for comparison of speeds and powers on scale up. 

Recently Kipke'’ has supported the use of a specific 
gas velocity based on the tank volume rather than a 
superficial velocity in correlating gas—liquid mass trans- 
fer. 


Comparison of impellers 


Bearing in mind the significance of Figure 2(a) and 
(b), each will be used to demonstrate different concepts. 
The initial parts of this section describe the mode of gas 
dispersion by the various impellers. These observations 
were obtained by fixing a value of the gas rate and 


Table |. Effect of scale-up criterion on Po, and Po 
| a T 
5.9 6.0 
4.4 


Gas rate 


91 


0 


0.5 vvm 
1.0 vvm 
3x 10 

10 


4.8 
3.2 3.1 
Ims-' 3.2 4.4 
>ms~! 3.1 


4 
(a) Disc turbine; C = 7/4, D = T/2 


Gas rate 
0 


0.5 vvm 

1.0 vvm 3.15 
5x 10-3ms~! 3.85 
10-?7ms~! 3.1 


(b) Disc turbine; C = 7/6; D =T/2 
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Figure 4. Bulk flow patterns with increasing speed for 4MFU im- 
pellers 





























varying the impeller speed to cover the full range of 
hydrodynamic conditions. Thus the power mea- 
surements are presented in the same manner (i.e. as in 
Figure 2(b)). The resulting plots are interpreted in terms 
of the observed dispersion characteristics. 

The effect of gas rate on the capability of an impeller 
to circulate and impart energy to the dispersion at a 
constant impeller speed is reflected in the decrease in the 
ratio P,/P (and therefore Po,). This is shown by data 
presented as in Figure 2(a) and a comparison is drawn 
between the impellers from this view-point. 


Four -bladed Mixed Flow Impeller, Pumping Up (4MFU). 
The impeller discharge stream and gas sparge were 
co-current in this system. Consequentiy at low impeller 
speeds the impeller pumping action was aided by the 
buoyancy of the gas-liquid plumes which bubbled 
straight up through the impeller region with little or no 
dispersion (Figure 4(a)). The forces due to the radial 
component of velocity in the impeller discharge stream 
became significant at higher speeds in comparison with 
the bubble momentum and therefore a portion of the gas 
was dispersed to the walls before rising to the surface 
(Figure 4(5)). Higher speeds caused the locus of bubble 
movement to resemble the vortex in the free liquid 
surface of an unbaffled tank operating at high impeller 
speeds, yet the region below the impeller remained 
virtually devoid of bubbles. Further increases in speed 
resulted in the gas being just dispersed below the impeller 
as the bubbles followed the flow loops as depicted in 
Figure 4(c). Still higher speeds caused bubble velocities 
within the loop to increase and eventually the loops 
themselves to oscillate vigorously up and down the lower 
regions of the tank (Figure 4(d)). In spite of this flow 
oscillation, increased fluctuations in torque were not 
detected. However, the upper portion of the vessel often 
remained relatively quiescent. It was not possible to 
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Figure 5. Power number versus flow number for a 4MFU impeller, 
D=T/2, Ts (0 0.5 vvm; @ 1.0 vvm) see text for the 
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detect any cavity formation by simple observation. 
Nevertheless, the gassed power data plotted as gassed 
power number against flow number for three gas rates 
(Figure 5) can be interpreted from the bulk mixing 
patterns observed. 

The effect of sparging gas into the base of the vessel 
is to cause liquid circulation. Thus at very low impeller 
speeds, the gas-induced liquid flow aids impeller rotation 
since the impeller pumps in the same direction, thereby 
producing a lower power number than without aeration. 
However, as speed is increased, the contribution of this 
effect becomes negligible compared to the liquid flow 
generated by the impeller, and the power number there- 
fore increases. As the gas flow just forms the re- 
circulation loops (Figure 4(c)) so the power number 
reaches its maximum. Further increases in speed produce 
additional gas flow to the impeller via recirculation, and 
therefore a reduction in power number''. 

The definition of good gas dispersion was taken 
as the speed, Nop, corresponding with the maximum 
in the power curve, that is the point where gas was 
just circulated to the lower portions of the vessel (i.e. 
the transition from Figure 4(5) to (c)). Inspection of 
Figure 5 shows the gassed power number (and therefore 
gassed power consumption) to be relatively independent 
of gas rate as compared to the disc turbine (see also 
Figure 22 later). This point is further demonstrated by 
another set of data in Figure 6 where the power number 
variation with Reynolds number is shown for gassed and 
ungassed systems. 
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Rox 10° 
Figure 6. Power number versus Reynolds number for a 4MFU 
impeller, D = 7/2, T..(V 0 vvm; 2 0.25 vvm; © 0.5 vvm; @ 1.0 vvm) 
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(e) 
Figure 7. The shape of the cavities and bulk flow patterns with 
increasing speed for a 4MFD impeller. 


Figure 6 shows that the gas rate has little effect on 
power number (a maximum fall of 20%) up to very high 
impeller speeds. Large increases in gas rate cause only a 
very small increase in the speed necessary to just disperse 
the gas, (i.e., Nep is virtually independent of Q,), 
especially when compared with other impellers. This 
point is discussed in detail later in the paper. The relative 
independence of power consumption and of mixing 
characteristics appears to be due to the co-current 
overall flow of gas and liquid through the impeller. 
However, a study of the gas and liquid flows in the 
impeller region i.e. cavity formation, is also needed 
before this phenomenon can be more precisely ex- 
plained. It may also throw some light on why P,/P > 1 
under some conditions and in this respect the 4MFU 
impeller resembles the AFD impeller. 


Four-bladed Mixed Flow Impellers, Pumping Down 
(4MFD). This type of impeller produces a flow with both 
an axial and radial component. Very strong liquid flow 
loops are observed in the single phase (Figure 7(a)'*) and 
the flow across the base is from the centre towards the 
walls, i.e. the opposite to that of a disc turbine at the 
same clearance. 

Under gassed conditions, at very low impeller speeds, 
the gas bubbled straight up through the impeller with 
little or no dispersion (Figure 7(b)). In this situation the 
gas flow dominated the hydrodynamics and only a weak 
liquid circulation occurred. As speed was increased, the 
behaviour of the two sizes of impeller differed slightly. 


Gas filled cavities were observed trailing behind the 
blades of the larger (7/2) impeller (Figure 7(c)). Because 
of this characteristic shape, they have been called 
streamer cavities’. Bubbles broke away from the cavities 
and were dispersed downwards some way before rising 
and bubbling to the surface though a small fraction 
re-entered the impeller region. However, the dominating 
flow was still the large flow of bubbles up the centre 
of the vessel. Further increases in speed made it impos- 
sible to observe if the cavities were still present. Large 
bubbies still rose up the shaft, though less frequently, but 
gas periodically surged down very close to the base 
(Figure 7(d)). Eventually, at sufficiently high speeds, this 
periodicity disappeared and gas was dispersed through- 
out the whole fluid (Figure 7(e)). There was then no 
evidence of gas preferentially flowing up the centre of the 
tank. 

In comparison with the mechanism for the large 
impeller described above, which displayed no clearly 
defined transition to the completely dispersed condition, 
the small impeller (7/4) showed a very clear transition. 
The same pattern as depicted in Figures 7(a)}{(c) oc- 
curred though the dominance of the upward gas flow 
occasionally faltered and the gas surged gently towards 
the base. A further small increase in speed resulted in the 
impeller’s pumping action becoming dominant with the 
gas being thoroughly and vigorously dispersed through- 
out the lower regions of the vessel. This condition was 
unstable and after a period of time the gas phase would 
revert to a non-dispersed condition. Thus the system 
would oscillate between that depicted in Figure 7(c) and 
that in Figure 7(e) without any external stimulus. 

The periodicity of these fluctuations appeared to be 
random and was marked by sharp variations in the 
power drawn by the impeller. Figure 8(a) shows the 
torque output varying with time at constant impeller 
speed and gas rate. The higher torque value corresponds 
to the gas phase being well dispersed and the lower to 
negligible dispersion. This chronic instability in the flow 
occurred over a narrow range of impeller speeds, with 
seme hysteresis, until a speed was reached above which 
the gas phase remained well dispersed and the power at 
the higher level. 

The plot of power number against flow number 
(Figure 9(a)) shows that the dispersion behaviour of the 
T/4 4MFD impeller can be considered to have three 
hydrodynamic regimes. The first shows a decreasing 
power number as speed increases. The second shows an 
oscillation in power number between two extremes, the 
upper of which is approximately equivaient to that 
obtained in an ungassed system for the same Reynolds 
number (Figure 9(5)). The third shows power number 
once again increasing with increasing impeller speed. 

Tatterson et al'’ used stereoscopic visualisation tech- 
niques to identify two major types of flow associated 
with this type of impeller in single phase liquid systems. 
They found that on their smaller scale equipment 
(D = T/3=0.102 m, 6 blades), the formation of high 
speed jets leaving the impeller region and directed to- 
wards the tank base dominated the flow. On the large 
scale (D = T/3 = 0.305 m, 4 blades) they found that a 
trailing vortex formed inside the rear end edge of the 
blade and was either pulled along behind the blade or 
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Figure 8. Torque fluctuations on aerating a 4MFD impeller (T,,) 


shed and moved away radially with a slight downward 
vertical velocity. The high speed jets had a negligible 
effect on the large scale where flow around the impeller 
was fairly ordered, but the jets were found to occa- 
sionally cause severe pulsing on the smaller scale, re- 
sulting in strong vertical draughts through the impeller. 

In the light of these observations. combined with those 
of Brauer and Schmidt-Traub” as described earlier for 
a marine propeller, a plausible explanation of the behav- 
iour demonstrated in Figure 9(a) for the 0.14 m diameter 
impeller emerges. At low speeds the gas flow dominates 
and the power number decreases as speed increases. This 
trend is similar to that displayed in a disc turbine system 
and also in the large mixed flow impeller system (Figure 
10) and suggests the increasing presence of gas in the 
impeller region within the trailing vortices. The pulsing 
of the high speed jets and consequent strong down- 
draught could have an exaggerated effect in a gassed 
system, resulting in the observed power and flow oscil- 
lation with the gas being dispersed before it reaches the 
impeller by the periodically dominant liquid flow. This 
would explain the slight hysteresis and why the power 
number returned to the value in an ungassed system 
(Figure 9(b)). Recirculation of gas to the impeller would 
explain a further decrease in power number when the gas 
phase was well dispersed. 
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showing the outline of the load cell output on a chart recorder, a!l to same 
scale 


The larger impeller, 7/2, showed less dramatic surges 
in flow. Nevertheless, these surges were easily detected 
both visually and by inspection of the variation in 
impeller torque (Figure 8(5)) especially at 0.5 vvm. Fig- 
ure 10(a) demonstrates the more gradual change from 
one regime to another. Once again the oscillations in 
torque developed most rapidly at an impeller speed 
corresponding to the rise in the power number, at which 
speed the gas was periodicaly well dispersed (Figure 
7(d)). The presence of gas filled cavities was observed at 
Fl, < (Fig). of Figure 10(a) (equivalent to Figure 7(c)) 
and their increasing size explains the fall in power 
number. The power number for the 0.28m impeller 
never attains the ungassed value (Figure i0(b)), sug- 
gesting that the vortices observed by Tatterson et al 
filled with gas and these had a constant presence, with 
vortex shedding accounting for the power and flow 
oscillations. Again, recirculation causes the subsequent 
fall in power number. 

Neither incomplete gas dispersion nor fluctuations 
in power consumption are desirable operating con- 
ditions. Thus it is vital that these regimes be identified 
and avoided by using a sufficiently high impeller speed 
for a given gas rate. The fluctuations in torque and 
gas dispersion started at some speed N. and faded 
out at some higher speed, at which point the gas was 
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Figure 9. Plots of (a) power number versus flow number and (4) power 
number versus Reynolds number for a D = T/4, 4MFD impeller, T,, 
(VY O0vvm:; W 0.25 vvm: 0.5 vvm: @ 1.0 vvm) see text for definition 
of (Fl,.).. 


well dispersed and power consumption steady. For 
practical reasons then, this higher speed was defined as 
the minimum mixing speed Np for this impeller type. 
Table 2 shows the magnitude of this unstable regime for 
the two 4MFD impeller sizes in T,,. The regime in which 
flow was unstable appears to become larger as both gas 
rate and impeller size increase. 

Based on the dispersion mechanism discussed above 
the critical :mpeller speed N. is the speed where the liquid 
downflow from the impeller just overcomes the upflow 
of gas from the sparger and prevents direct gas flow into 
the impeller region. Consider a momentum balance 
(Figure 11) in the vertical direction on the downward 
liquid flow pumped from the impeller (mass flowrate G,, 
at velocity U,) and the upward gas and entrained liquid 
flow from the sparger (mass flowrate G,,, at velocity 
Uq,). At the critical condition, the outward flow 
G, + Gg, leaves the control volume horizontally so that 
it makes no contribution to this balance. At this point 
then, the upward and deownward momentum must be 
equal, i.e. 


G,U, = 6,6, UG (4) 


The volumetric downflow of liquid will be propor- 
tional to N.D° and the average velocity of flow propor- 
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Figure 10. Plots of (a2) power number versus flow number and (6) 

power number versus Reynolds number for a D = T/2, 4MFD im- 

peller, T,, (V 0 vvm; [1 0.25 vvm; © 0.5 vvm: @ 1.0 vvm) see text for 
definition of (Fi), and (Flg)cp. 


tional to N.D. Hence 

G,xND° (5) 
and 

U, x N.D (6) 
Assuming that for the upward two-phase flow 

Gop XQc (7) 
and 

Ug. x U, (8) 
where U,, is the bubble rise velocity, then by combining 
equations (5)-(8) with equation (4): 


(Go Uer/G_UL) x(QeU,/ NED") (9) 


Table 2. Critical speeds for the 4MFD impeller in Ty 
Impeller 
diameter, D Gas rate Q, 

(m) (vvm) 

| 575 « 10 

0.14 Be gg 5x 10 

10 

x 10 

10 

10 
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(vertical velocity 
| is zero at N. ) 
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Figure 11. Idealised flows through a control volume below a 4MFD 
impeller. 


Q<U,/N:D* = Y (10) 
where Y is a constant. 
The gas stream leaving the sparger does so as distinct 
bubbles. The volume of the bubbles” is given by: 
V,, = 1.138 O7/2°° (11) 


for a singie sparger orifice. If the bubbles are assumed 
to be perfect spheres then, from equation (11), the 
bubble diameter is given by: 


d,x< Qe; (12) 


Since bubble rise velocity is proportional to the square 
root of bubble diameter”’, assuming no interaction be- 
tween the bubbles, then the bubble velocity is only a very 
weak function of gas rate. It will be considered to be 
independent of it i.e. from equation (10), 


Q</N¢D* = Y’ (13) 


N.=Q6/¥"D° (14) 
where Y’ and Y” are also constants. 

The data presented in Table 2 along with further data 
for a single gas rate and impeller size from T,, T,, and 
Tis; were used to evaluate Y”. Figure 12(a) shows that 
Y” was not in fact constant over a large scale range, as 


equation (14) implies, but that there was a dependence 
on impeller size i.e. 


rT“. (15) 


This additional factor, not predicted by the reasoning set 
out above, is probably the result of changing hydro- 
dynamics with scale as outlined by Tatterson et al'’. If 
equation (15) is combined with equation (14) and the 
constants evaluated, then the resulting expression is 


N. = 11.7 993/D' (16) 


Equation (16) is similar to the empirical one found by 
Nienow et al' to predict Ncp for a disc turbine (equation 
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3). This similarity is perhaps surprising when the 
differing mechanisms of dispersion are considered. Fig- 
ure 12(b) shows the predicted value of N. (from equation 
16) along with the measured region of instability, from 
which an idea of the safety margins required to ensure 
N > Nep can be obtained. 


Six-bladed Mixed Flow Impellers, Pumping Down 
(6MFD). Additional experiments using a six-bladed 
0.14 m diameter impeller yielded no change in the overall 
characteristics described for the four-bladed impeller. 
However, N-p was lower and the unstable region nar- 
rower for the six-bladed version, supporting van’t 
Riet’s*' observations that increasing the number of 
blades increases gas dispersion efficiency. Figure 13 
demonstrates the effect of increasing the number of 
blades. 


Axial Flow Impellers, Pumping Down (AFD). The 0.29 m 
diameter marine propeller (AFD) has a less significant 
radial component of flow than the mixed flow 45 
impellers. Thus the upper regions of the vessel behaved 
as a bubble column even under conditions of extreme 
agitation. Otherwise, the mode of dispersion in the 
impeller region was very similar to that observed for the 
0.28 m 4MFD impeller (Figure 7) in all respects 

The power number versus flow number plot, however, 
did not follow a similar pattern to the mixed flow 














Figure |12. Flow instabilities for a 4MFD impeller: (a) Y” versus D and 
(5) comparison of equation (16) with experimental observations of the 
region of instability (T) 
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Figure 13. Comparison of 6MFD impeller with the 4MFD impeller (D = 77/4, Tx). 


impeller. In this case a steady drop in power number 
occurred over the complete range investigated (Figure 
14), up to speeds well above that necessary to disperse 
the gas throughout the tank. The torque oscillations, 
which developed in the same manner as for the 4MFD 
impeller (most noticeably at around the speed necessary 


to just disperse the gas), caused large instantaneous 
variations in power number. The mean value is shown 
in Figure 14(a) with the limiting values marked for two 
speeds to demonstrate the extent of the fluctuations. 

Figure 14(b) clearly shows that, at low gas rates, the 
power consumption in a two-phase system was higher 
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Figure 14. Power data for the AFD impeller: (a2) Power number versus flow number and (b) Power number versus Reynolds number D = 7/2, 
T,(V Ovvm; 2 0.25 vvm; @ 1.0 vvm) see text for definition of (Fig)cp. 
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than that in a single phase system, until very high speeds 
had been reached. Again, as with the smaller mixed flow 
impeller, Po, tends to the ungassed value at high speeds, 
but this time from a higher value. This could confirm the 
disperson mechanism of Brauer et al'’ at low gas rates, 
with the gas being dispersed from below the impeller 
region at sufficiently high speeds. Although the ‘gas 
cushion’ they observed below the impeller was not 
noticed at higher gas rates, the gas filled cavities were 
clearly visible at lower speeds for all gas rates. These 
cavities were in a similar position and of similar shape 
to that depicted in Figure 7(c) for the 4MFD. One major 
difference between Brauer’s work and this was the pitch 
of the propeller which was 1.5D here, but never more 
than 0.75D in Brauer’s work. 

A surprising aspect was the increase in Po, compared 
to Po at the lower gas rates at all but very high speeds. 
A similar effect over a limited set of conditions has been 
noted in this work for the 4MFU impeller and pre- 
viously by van’t Riet*! for disc turbines with forward- 
facing concave blades. For the AFD impeller, the pres- 
ence of a relatively small number of bubbles attached to 
the rear face of the blade in the low pressure, high 
velocity region, may upset the laminar flow around the 
blade, encouraging turbulence and separation and there- 
fore increasing drag and power consumption. On the 
other hand, at higher gas rates, a significant reduction in 
the local pressure behind the blade probably occurs and 
thus reduces drag. At constant gas rates, increases in 
speed caused a steady decline in the power number. 
However, the rate of decline increased with increasing 
gas rate (Figure 14(b)), presumably due to the increasing 
rate at which gas migrated to the suction side of the 
blades as either Q, or N increased. 

With gas dispersion being a very gradual process and 
without convenient discontinuities to aid identification, 
the purely visual assessment of the point where gas was 
just well dispersed, N-p, was very difficult to define 
accurately. However, the fluctuations in power con- 
sumption did increase at about Ncp, but over the range 
of gas rates examined (0.25 to | vvm) N-p was a weaker 
function of gas rate than it had been for the MFD 
impellers. 


Disc Turbines. This section deals with both the standard 
disc turbine (DT) at a clearance of 0.093 m (7/6) and the 
angled-blade disc turbine (ADT, C =0.14m = 17/4), 
since both displayed very similar behaviour in gassed 
systems. The DT has previously been well characterised 
at higher clearances’. 


Standard Disc Turbine (DT). The 0.28m disc turbine 
displayed exactly similar dispersion characteristics to 
those indicated in Figure 3 at both 7/4 and 7/6 clear- 
ances. However, in ungassed systems, the smaller 
0.187 m (7/3) diameter impeller caused a single loop, 
axial-type flow, (though with a much higher tangential 
velocity component than either the mixed flow or axial 
flow impellers) with a swirling motion of tracer particles 
on the base (Figure 15(a)). When gas was introduced, 
flow reverted to the normal radial type described earlier 
at low speeds (Figure 15(b)). As the impeller speed was 
increased so the same changes of flow pattern as shown 
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Figure 15. Bulk flow patterns for a 7/3, DT at a clearance of 7/6 


in Figure 3 occurred until N-p was reached (Figure 
15(c)) and exceeded. At some speed N., in excess of N-p, 
similar torque oscillations to those previously described 
for the 4MFD impeller (Figure 8) suddenly set in, 
corresponding to a change from the radial flow pattern 
(Figure 15(c)) to the axial flow pattern (Figure 15(d)). 
This axial flow pattern was equivalent to the unaerated 
pattern shown in Figure 15(a). The gas phase remained 
well dispersed at all times for N > Ncep and the power 
demand eventually became steady again. Figure 16 
demonstrates the effect this transition has on the power 
number versus flow number plot. 

The flow demonstrated in Figure 15(a) has previously 
been noted in unaerated vessels at low clearances". It 
arises because there is insufficient room for the return 
flow of the lower circulation loop to be established. 
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Figure 16. Effect of clearance C on the Po,—Fl,, plot for a T/3, 
Ts; Qc = 0.5 wm (0 C =7/4; @ C =T/6) 
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Figure 17. Power number versus flow number for the ADT impeller 
D =T/2, Ty (O 0.5 vvm; @ 1.0 vvm) see text for definition of (Fig). 
and (Flg)cp. 


However, the introduction of gas gives gas-liquid flow 
of sufficient upward momentum into the eye of the 
impeller to re-establish the lower loop. At sufficiently 
high impeller speeds (above N-p and the associated 
minimum in Figure 16 in all the cases examined) the 
radial outward momentum again dominates and the flow 
pattern reverts to Figure 15(a). The drop in power 
number with the changes in flow pattern fits in with the 
unaerated power numbers associated with each”. 

All the work in all vessel sizes carried out with disc 
turbine impellers confirmed the statement of Nienow et 
al' that the visually observed minimum speed for dis- 
persion Np was attained at the same speed, or at slightly 
lower speeds than those which corresponded to the 
minimum in the gassed power number versus flow 
number curves. Thus for the purpose of this work it has 
been considered that the minimum in the gassed power 
number versus flow number curves corresponded with 
Nep (see Figures 2 and 3). 


Angle-bladed Disc Turbine (ADT). This impeller 
(D =0.28m, C =0.14m= 17/4) followed exactly the 
same flow pattern as those depicted in Figure 15. In this 
case, the blade angle promotes the downward com- 
ponent of the discharge stream. Again, it is overcome by 
the gas at low speeds. Figure 17 shows the power number 
versus flow number plot which is identical in form to 
that for the disc turbine (Figure 16, C = 7/6). How- 
ever, the power numbers are approximately one half of 
those found for geometrically similar disc turbines. At 
the transition speed N., a 30—40°, fall in power number 
occurs. 

At higher impeller clearances, stable, predominantly 
radial double-looped type flow (as with the standard disc 
turbine) was formed independent of gas rate. 


DISCUSSION 
Dispersion Speeds and Power 


The definition of Ncp for each impeller has been dealt 
with in previous sections. Figure 18 draws all the data 
together for two impeller sizes in T.,. 


Not surprisingly the disc turbine disperses the gas at 
the lowest speeds. The correlation of Nienow et al! 
(equation 3) is in good agreement with experimental 
results, especially for the 0.28m impeller. The ADT 
requires slightly higher speeds but both appear to have 
a similar dependence on gas flow rate. The 4MFU 
impeller results show that Nep is virtually independent 
of gas rate which concurs with the remarks made earlier. 
The data for the propeller are probably the most prone 
to error because of the difficulty of determining Np 
unambiguously as described earlier. However, it follows 
a similar trend to that shown by the 4MFD which 
requires the highest speed to achieve dispersion. 

Figure 19 demonstrates the specific power demand 
necessary to disperse the gas for the large impellers. 
Though the DT requires the lowest speed, it does not 
draw the lowest power. However, all downward pump- 
ing agitators exhibit instabilities and on balance the disc 
turbine offers low power and stable operation. However, 
at high gassing rates, the upward pumping impellers 
which are also stable, require the lowest power just when 
the DT type begins to require greatly increased power 
levels. They therefore offer distinct advantages. 


Hold-up 


The data reported in this section were obtained either 
in a two phase gas-liquid system or with a very low 
solids concentration (1-3°%% by weight). No effect of 
solids concentration on holdup was found at these low 
concentrations (see Part III of this series). 

Figure 20 shows that, for the 9.28 m impellers, hold- 
up correlates very well with specific power (power per 
unit mass of liquid), irrespective of impeller type at a gas 
rate of | vvm. There is some divergence from the line at 
low specific powers but, as shown in the figure, this 
generally occurs for N < Nop for & < (&)cp] where the 
gas flow dominates and makes accurate measurements 
more difficult. A similar treatment for gas rates of both 
0.25 vvm and 0.5 vvm led to a power relationship 


€ oc (e,)""" 


(17) 


The results for the 0.14 m impellers yielded the same 
power dependence but with wider scatter from the mean 
and slightly lower absolute values for a given gas rate 
and specific power input. 

The hoidup was then plotted against gas rate for all 
impeller types for specific power inputs of 0.5, 1.0 and 
1.5Wkg~'. This yielded a 0.67 power dependence on 
gas rate, so that 


& 0c (é)°*! (Q,)"’ (18) 
This relationship is commonly expressed in terms of 
superficial gas velocity V; and if so, produces the 
following relationship (equation 19) which is shown in 
Figure 21 along with the data for both impeller sizes and 
all three gas rates. 
e = 1.97 (e,)" (V,)"" (19) 
The above expression is very similar to van’t Riet’s”! 
relationship for several types of disc turbine: 


e = 1.43 (e,)'? (V;)"" (20) 
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6MFD) from equation (3) 





Inspection of Figure 21 shows that, except for a few (19). This is a reasonable spread considering that the 
results at very low power inputs, all the data falls within experimental errors involved in measuring were some- 
a 25% band either side of the line representing equation times of the order of + 20%. In terms of vvm, (19) 

becomes: 





€ = 0.086 (e,)°*! (vvm)?”’ (21) 
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Figure 21. Gas holdup correlation for all impeller types and sizes in 
TT. ) TH, Of: 6 T4, BA; OT, ADT; O T/2, AFD; A .T/2, 
4MFU; VY 7/2, 4MFD; 0 4MFD; © 7/4, 6MFD; open symbol = 


0.25; half closed symbol = 0.5 vvm; closed symbol = 1.0 vvm). 


The Effect of Gas Rate on Power Consumption 


Figure 22 shows how gassed power falls with in- 
creasing gas rate for a constant impeller speed. The 
ratio P,/P is proportional to P, for reasons explained 
earlier. The significance of these curves in relation to 
particle suspension will be discussed in detail in Part ITI. 


However, their characteristic shapes confirm some of the 
observations made earlier in this paper. 

Figure 22(a) is for all the 7/2 impellers in T,,. The 
4MFD initially showed a gradual fall in power, which 
became steeper as the dispersing effect of the impeller 
was overcome by the gas flow. A further increase in gas 
rate produced little change in the gassed power since the 
gas flow completely dominated the impeller pumping 
action. 

The propeller showed an increase in power on the 
admission of gas to the system as mentioned previously, 
with a gradual fall-off as gas rate increased further. The 
power consumption of the 4MFU was fairly indepen- 
dent of gas rate until the sparge rate exceeded 0.5 vvm. 
The standard disc turbine produced a continuous grad- 
ual decline in gassed power. Too few data were collected 
for the ADT to warrant presentation in this Figure. 

Figure 22(b) is for the 0.14 m impeller. Again the disc 
turbine showed a gradual decrease in gassed power with 
increasing gas rate, only starting to level out as the 
impeller became flooded with gas at OQ, = | vvm. Both 
the mixed flow impellers produced a sudden drop in 
gassed power as the gas phase changed from being 
dispersed to ‘chimneying’ up the shaft. Thereafter the 
power demand levelled off and then rose slightly as 
further increases increased opposition to the motion of 
the impeller. 
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Figure 22. Decrease in the gassed to ungassed power ratio (P,/P) with aeration rate (a) D = T/2, Ty (b) D=T/4, Ty 
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Thus sharp drops in gassed power seem to be associ- 
ated with a sudden decrease in the capability of the 
impeller to circulate fluid throughout the vessel. This 
results in the impeller flooding with gas in the case of the 
mixed flow impellers pumping downwards, producing a 
transition from a well-dispersed gas phase to a non- 
dispersed gas phase. 


CONCLUSIONS 


Surprisingly, only the MFD impeller was markedly 
less energy efficient than the disc turbine with regard to 
gas dispersion. However, the criterion used to define N-p 
for the AFD impeller was somewhat uncertain and the 
consequences of aeration with regard to particle sus- 
pension have yet to be established. A major drawback of 
this type of downward pumping impeller lies in the flow 
instabilities caused when the direction of gas flow is 
opposed to the direction of the impeller discharge. The 
MFU impeller is stable and most energy efficient at high 
gas rates. Gas holdup was dependent only on gas sparge 
rate and specific power input, provided the gas phase 
was well dispersed. 

The effect of gas-liquid flow patterns on particle 
suspension and the implications for mass transfer must 
be assessed before a final comparison of the impellers is 
made. This is done in Parts III and IV. 


SYMBOLS USED 
As in Part I plus: 


gas flow number = Q,,/ND° (dimensionless) 
Froude number = N’D/g (dimensionless) 
gravitational constant (9.81 ms~’*) 
liquid mass flow rate (kgs~') 
dispersion mass flow rate (kgs~') 
height of gas liquid dispersion (m) 
gas flow rate (m’s~' or vvm) 
impeller Reynolds number = ND?/y (dimensionless) 
bubble rise velocity (ms~') 
liquid velocity (ms~') 
dispersion velocity (ms~') 
bubble volume (m°) 
superficial gas velocity (ms~') 
constants (dimensional) 
(volumetric flow rate of gas/minute)/(volume of liquid) 
: gas hold-up = (H,-H)/H, (dimensionless) 
Subscripts 
g under gassed conditions 
CD condition at which impeller just dispersed gas through- 
out the vessel 


Chem Eng Res Des, Vol. 61, March 1983 


impeller speed at which gas-liquid flow instabilities 
occur 
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COMPLETE ANALYSIS OF NON-PARABOLIC 
FILTRATION BEHAVIOUR 


By M. S. WILLIS, R. M. COLLINS and W. G. BRIDGES 


Department of Chemical Engineering, University of Akron, Akron, Ohio, U.S.A. 


This paper provides theoretical and experimental evidence which indicates that septum permeability determines the extent of 
deviations from parabolic behaviour. The greater the degree of septum clogging the larger the deviation from parabolic 
behaviour. For a given filtrate clarity, clogging septa require less pumping work than non-clogging septa and hence 
non-parabolic behaviour reflects a more energy efficient separation. Evidence is also presented which shows that the average 
porosity is constant throughout a filtration, and that non-Darcian behaviour is not a cause of non-parabolic behaviour. 


EMPIRICAL FILTRATION ANALYSIS 

This review extracts from the literature only those 
contributions that focus on explanations of non- 
parabolic behaviour. It also provides a basis for com- 
parison between the empirical analysis and the new 
theoretical description presented in this paper. 

Electrical analogy’ is the basis for the empiricai analy- 
sis of filtration data. The filtrate rate equation 


n= “(az) (1) 


is analogous to Ohm’s law; the additivity of cake 
resistance, R., and septum resistance, R,, is analogous to 
the additivity of series electrical resistance while filter 
cake resistivity, x, is analogous to electrical resistivity. 

The rate equation can take on several different forms 
depending on the way the resistance is expressed. If the 
septum resistance is expressed in terms of equivalent 
filter cake, then the resistance appears as the sum of cake 
solids (M,+ M,,). If the external mass balance’ is used 
then the resistance can be expressed as the sum of the 
filtrate volume (V; + V;,,). In the latter case, the rate 
equation is 


; A°sp, 4 
au(i —-ms)\Ve+ Veg, 


Ruth’s Analysis of Non-Parabolic 
Behaviour 
Ruth’ integrated equation (2) with respect to time and 
obtained 


(VetV_yP =k(t +t.) (3) 


where k = (2A’sp,P)[au,(1 — ms)|~'. Ruth then carried 
out a series of filtrations with a diatomaceous filter aid 
known as Filter-Cel in which an initially new, clean, dry 
filter cloth was reused four times under identical oper- 
ating conditions. When these data were plotted accord- 
ing to equation (3), each run exhibited curvature near the 
origin and an increase in the filter cake resistivity, as 
indicated by a decrease in the slope, with repeated use 
of the same filter cloth. Iterative values of the equivalent 
septum resistance, V;,, were added to the recorded 
filtrate volume until the initial curvature was removed 


and the data for all four runs fell on the same straight 
line described by equation (3). The volume equivalents 
of the septum resistance were 0.90, 1.40, 1.73 and 1.74 
litres and reflect the increased cloth resistance with reuse. 
This iterative procedure keeps the product 2k ~'V,, 
constant while increasing V,, and decreasing 2k ~' which, 
in effect, results in an increase of cloth resistance at the 
expense of the cake resistance. 

On the basis of this analysis, Ruth et al’ concluded 
that non-parabolic behaviour could be attributed solely 
to the unknown filter cloth resistance and if this cloth 
resistance were correctly determined, then all constant 
pressure filtrations would be parabolic regardless of 
filter cake compressibility. However, as Ruth frankly 
admitted, the method is based on mathematical exigency 
rather than insight into the filtration mechanism. 

The objective of Ruth’s later work* was to correct this 
shortcoming and to develop a practical, useful theory 
that would elucidate the filtration mechanism. Toward 
this end, he developed the concepts of the electrokinetic 
phenomenon and the compression-permeability tech- 
nique. 


Tiller’s Analysis of Non-Parabolic 
Behaviour 

Current practice attributes non-parabolic behaviour 
to internal variations of local porosity and local filter 
cake resistivity. A local rate equation at a point in the 

filter cake 
d<P,»>° 

dm, 


is based on equation (1) and uses the notational changes, 
<v,>. = VeA~!' and P/R. = —d<P,>*/adm,. Locally in a 
filter cake there is no septum resistance and R, is simply 
dropped in the conversion of equation (1) to equation 
(4). Equation (4) is related to Darcy’s law, 


,<0,):= — —- 
HL, Sa dz 


by the relation between the permeability and filter cake 
resistivity, 


ap,<v,>. = (4) 


(5) 


l 


C= — (6) 
ppKe, 
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which is obtained by using the non-linear trans- 
formation, 


dmy = Ppé, dz (7) 


from differential length to differential solids mass. 

Further manipulations of the rate equation (4) are 
based on the assumptions that the local cumulative drag 
per unit of filter area, <o,>”, is the difference between the 
constant applied pressure at the cake surface and the 
locai liquid pressure; that this cumulative drag stress 
causes internal particulate movement with a conjoined 
decrease in porosity and increase in filter cake resistivity; 
that both the local porosity and filter cake resistivity are 
unique functions of only this cumulative drag; and that 
at the start of the filtration there is an instantaneous 
medium resistance change from clean to impregnated 
and that for the remainder of the filtration this impreg- 
nated medium resistance remains constant. 

The relationship between the drag stress and liquid 
phase pressure gradients, d<o,>’ = —d¢P,>”, is used in 
equation (4) and then an integration is performed over 
the pressure drop across the cake, P; = (P — yu,<v,>-R,), 
to obtain 

P 


l fv» = A,yINg + R,, (8) 


where «,, is defined in the usual way, 
P d<a,>’ 


(9) 
a 


The local filter cake resistivity is empirically? related to 


4 B 
<a,» by 


a=a(<o,>’)", <o,°>P,, a=a,/P" (10) 


“=a,=constant, <o,)’ < P, (11) 


which postulate a monotonic increase of resistivity with 
<a,>" since n is always taken as positive. When equations 
(10) and (11) are used in equation (9), the following time 
dependent expression 
(* —n)(P./P.)" 
ty, = 4; | — 
“~  "\)—n(P:/Py' ‘) 
for the average filter cake resistivity is obtained. 
Tiller et al® present a ‘revised theory’ in which the 
average filter cake resistivity is multiplied by an ex- 
ponential function 


(12) 


x - | exp [(m,/n )*] (13) 


av 


( —n)(P:/P.) 
‘\ 1 —n(P:/P,y" 
to account for a phenomenon they call ‘cake blinding’. 
The medium resistance is postulated to increase grad- 
ually to a constant value which they presume follows the 
relation 
R= R,.{1+(4 — 1)[l — exp(—jm,)}} (14) 


Equations (13) and (14), when combined with equation 
(8), give an empirical equation 


P at “i ( (1 —n)(P;/P,)' ) 


»y P 
1—n(P:/P,)"~' Jexplim, ny} 


Riou,< U,)- hy R,, 
+1+(4 — 1)[] — exp(—jm,)] 


\ 
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in which seven adjustable parameters R,,, %, ”, p,, 9. A, 
j are available to fit equation (15) to experimental data. 

Tangents to equation (15) intercept the ordinate at 
values which Tiller et al® call the ‘false medium re- 
sistance’. The intercepts of tangents of the false medium 
resistance are always positive for n <1 and are inter- 
preted to indicate medium clogging. Negative values of 
the false medium resistance are interpreted to indicate 
severe ‘cake blinding’. The anomalous feature of this 
false medium resistance is that it decreases during the 
course of the filtration 

This analysis relies heavily on the empirical relations 
given in equations (10), (13) and (14). Equation (10) is 
especially vulnerable to criticism since it evolved from 
previous acceptance of the compression-permeability cell 
which, according to Wakeman’, must currently be depre- 
cated as a method for obtaining local values of filter cake 
resistivity. In addition, Tosun and Willis’ have shown 
that the filter cake resistivity may exhibit a minimum 
within the filter cake due to the non-linear trans- 
formation given in equation (7) and therefore, that the 
local filter cake resistivity should not be represented by 
a monotonic function such as equation (10). 

Both of the analyses of non-parabolic behaviour are 
parametric correlations of experimental data which can 
be applied only after the data has been acquired and 
neither addresses any of the following questions 

Can this empirical approach be replaced by one that 
has a more firm theoretical basis? Is non-Darcian behav- 
iour possible and is it a cause of non-parabolic behav- 
iour? Can it be unequivocally demonstrated that the 
average porosity changes during the course of a 
filtration? How can the velocity of the solid particulates 
be rigorously taken into account in the development of 
the filtration equation? What are the relative magnitudes 
of the septum and cake resistance? What operating 
variables can be manipulated to increase or decrease 
deviations from parabolic behaviour? Is parabolic be- 
haviour an optimum condition of filterability? Is the 
criterion of parabolic behaviour, which is used to cata- 
gorise filter cakes as compressible or incompressible, a 
sensitive measure of the cake structure? Is there a way 
to determine the energy efficiency of this separation 
process of filtration? 

The objective of this multiphase theory of filtration is 
to answer these questions 


FORMULATION AND CHARACTERISTICS OF 
THE MULTIPHASE EQUATIONS OF CHANGE 

The fundamental concepts of the conservation of mass 
and momentum are called the equations of change” for 
isothermal systems. The equations of change for a 
particular geometry represent local changes for only a 
single phase and appear as partial differential equations. 
To provide a firm theoretical basis for the filtration 
problem, a technique must be formulated which relates 
these equations of change to the two or more phases that 
exist in a filter cake. 

If the particulates of the solid f-phase are small 
relative to the gross dimensions of the filter cake then an 
averaging procedure, analogous to that in which the 
properties of discrete molecules are averaged to obtain 
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a continuum, can be used to develop the multiphase 
equations of change. 

The spatial volume over which the averages are taken 
is of such a size that the removal or addition of a small 
amount of either the particulate f-phase or liquid 
a-phase does not change the average value for the 
volume. This averaging volume, V, is constant in size but 
as it moves through the two phases, the volume of the 
a4-phase, V,, and the volume of the S-phase, V,, can 
change with respect to both time and position. 

There are two types of average values that can be 
defined, both related to physical measurements of local 
quantities in filter cakes. It is apparent that it is not 
possible to develop a velocity probe small enough to 
traverse and measure the velocity profile in a pore. What 
could possibly be measured is a superficial velocity <v,> 
defined by 


l { 
(v= v | v, dV (16) 
J 


where v, is the local velocity of all the fluid particles in 
the a«-phase within the volume V, averaged over all 
points in both the solid and liquid phases in the volume 
V. On the other hand, the interstitial velocity is defined 


(17) 


where the same local velocity of all the fluid particles in 
the «-phase is averaged over only the points in the liquid 
phase (but not the points in the solid phase) in the 
volume V. 

If these two averages are taken over an arbitrary 
property, ‘¥,, of either phase, then the first average, 
given in equation (16), is called the ‘phase average’ and 
the second average, given in equation (17), is called the 
‘intrinsic phase average’. 

Since the «-phase velocity, v, is zero in the B-phase, 
then equation (16) becomes 


(18) 


(19) 


which is a commonly used relation between superficial 
and interstitial fluid velocities. This relation also holds 
for the general property, ¥,, if it is zero on Vz. 

Once the above rules have been specified, then it is 
assured that the averaged quantities exist, are con- 
tinuous and have derivatives at every point throughout 
both phases of the two phase system. The smoothness 
(i.e., the existence of derivatives) of the averaged quan- 
tities now make it possible to develop the multiphase 
equations of change. 

The procedure is initiated by assigning a single phase 
equation of change to a particular phase by attaching the 
subscript « if the equation represents the «-phase and 
a subscript f if the equation represents the f-phase. 
Then the two equations are averaged and in doing this, 
averages of spatial and time derivatives must be con- 
verted to spatial and time derivatives of averaged prop- 


erties. The following two theorems'' '* 


Wn, dA (20) 


Aap 


HD = VHD +7, | 


, ou | Y.w'n, dA (21) 
y J Axp 

are required. The quantity ‘PV, represents any property of 

the a-phase, for example, the velocity, v,, or the pres- 

sure, P,, and w is the velocity of the interfacial area, A,,, 

between the two phases. 

There is a conservation of mass and momentum 
equation for each phase and the explicit form of these 
equations for an incompressible «-phase flowing iso- 
thermally through a mobile f-phase is 


08, 

— + V-°e,<v,)*=0 
cl 

O€, 

my + V-e<v,> =0 
a 


ea 5 dv,)* + <v,)** VC¥,) ) 


= V-<e.<Il,»>’ — F, + ¢,9.8, 
C ‘ 
EgPpg (5 <v,>? + <v,>? ‘ v<u))") 


= V-e,<T1,>’ + F, + €90 85 (25) 


The symmetry of the equations for the two phases is 
apparent and each point in the multiphase system has 
associated with it a set of properties of the a-phase and 
a set of properties of the #-phase. 

The term F, is the interfacial transfer of momentum 
from the liquid «-phase to the solid #-phase and appears 
as a loss of momentum in the «-phase motion equation 
and a gain of momentum in the f-phase motion equa- 
tion. The explicit form of this interfacial drag expression 


y= -5 | n,-T1, dA (26) 
Axf 


indicates that the local transfer of momentum at a point 
on the interface between the two has been integrated 
over the entire interfacial area between the two phases 
in the volume V and in effect eliminates the need to know 
anything about the intricate geometry of the pores. The 
boundary conditions required for solution are those that 
occur at the geometric boundaries of the filter cake and 
not at the geometric boundaries of the pores. 

The interfacial drag force given in equation (26) exists 
only if there is a velocity difference between the two 
phases. For example, in the filter cake, F, would be 
significant due to the velocity difference between the two 
phases, but in the slurry, F, would be negligibie since the 
relative velocity between the two phases is small. It is 
then possible'® to express the drag force as 
Ms 
K 
where K is the permeability. 

In equations (24) and (25), the terms V-«,<II,>* and 
V-«,<Il,>’ represent forces that are associated with 
stresses in the liquid «-phase and particulate {-phase, 


F.= (<v,>* — Cvg>") — (P,)*Ve, (27) 
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respectively. If the liquid «-phase is Newtonian, then 
equation (24) becomes 


sD, (5. iv,)% + cn)" V6.9) 


= p[V*e,<v,)* + 3V(V + ,<¥,)")] — &,V P,>* 


eM, 


K (<v,)” 7. <v,>*) + EP Ba (28) 


and if the f-phase is non-deformable then F, = 
—<TI,>’: Ve, and equation (25) become 


A 


- Z Bu ¢ B.Y B 
EpPp Or (Vg) ' <Vp> CV, 
= €,V°<T1,>? + egos, (29) 


The term on the left side of equation (28) is the 
a-phase inertial force per unit volume and the terms on 
the right side of equation (28) represent, respectively, the 
viscous force, the pressure force, the interfacial drag 
force and the body force in the liquid «-phase. 

The term on the left side of equation (29) is the 
B-phase inertial force per unit volume and the terms on 
the right side of equation (29) represent, respectively, the 
stress force and body force in the particulate #-phase. 

Equations (22), (23), (28) and (29) form the theoretical 
basis for the filtration of any slurry subject only to the 
restrictions that the liquid phase is Newtonian and the 
particulate phase is non-deformable. The tensor format 
of the equations also implies that they can be applied to 
filter cakes of any geometry. 


NON-DARCIAN BEHAVIOUR 


If the inertial, viscous and gravity forces in the 
a-phase motion equation are neglected, then the motion 
equation reduces to a local form of Darcy’s law 


— KVCP,>* = &,p1,(<v,>* — <¥)") (30) 


for a mobile, but non-deformable, f-phase. Since 
Darcy’s law was originally formulated for the slow, 
steady flow of fluids through fixed porous beds, it has 
been legitimately questioned'® whether it can be used in 
the unsteady state filtration process. 

The multiphase equations of change, given by equa- 
tions (22), (23), (28) and (29), can be used to determine 
whether the viscous and inertial forces are significant, 
that is non-Darcian behaviour, by placing the equations 
in dimensionless form and using the dimensionless 
coefficients to estimate the relative magnitudes of the 
various terms in the multiphase equations. 

This estimation procedure involves the selection of 
characteristic quantities that make both the dimen- 
sionless independent and dependent variables range be- 
tween zero and unity or if not unity, a value not too large 
relative to unity (i.e., the dimensionless variables are of 
the ‘order of unity’). Once these characteristic quantities 
have been selected, the terms in the dimensionless equa- 
tions then appear as the product of a dimensionless 
number and a spatial or time derivative. The approxi- 
mate ordering procedure then assumes that all the 
derivatives are of the order unity and that the relative 
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importance of the term is determined by the magnitude 
of the dimensionless coefficient. Once the dominant 
terms have been selected, then the assumption is made 
that an exact solution to the approximate differential 
equation is also an approximate solution to the exact 
differential equation. Segel'’ points out that this latter 
assumption is not generally true. However, for the 
practical filtration problem, it turns out that the approxi- 
mate differential equation does not need to be solved, 
but only evaluated at a boundary. 

The dimensionless forms of equations (22), (23), (28) 
and (29) are 


0€ ; 

— + SrV*-ev* =0 

t* 

Ob. SHV* ewe =0 

ae + Sr EsvE = 
‘1 ove en 

Re,é, + vw baa 


\ Sr or* 


= V*¥e.v¥ + 1V*(V* + c.v*) — (Np,)e,V*P* 


: e.g" 


Zz 


‘Re 
— (Nd,)e,(v* — v¥) + | — 
d,)é ( i ) Fr 
rn 
B 


‘1 ev 
Re Uke * 
N p&p ( Sr ar* + Vz V Ve 


neil 
= o,V*-TIp + (2 eet (34) 
\ By 


The characteristic quantities are selected to be quan- 
tities that can be measured. Examination of the ex- 
pressions for the dimensionless coefficients shown in 
Table | indicate that the cake length, septum perme- 
ability and the stress experienced by the septum are new 
quantities that must be measured in addition to mea- 
suring the usual filtration quantities such as liquid and 
particulate properties, the filter area, filtrate rate and 
cake pressure drop. The experimental apparatus for 
making such measurements is shown in Figure 1. 

All of the variables listed in Table 1 can be measured 
directly except the cake septum permeability, K,, which 
is a calculated quantity. To calculate this quantity, it is 
necessary to make the hypothesis that in equation (28), 
the pressure force, gravitational force and interfaciai 
drag force predominate. If the calculated dimensionless 
numbers contradict this hypothesis, then additional 
terms can be considered in the calculation of K,. How- 
ever, the results shown in Table 2 confirm the hypothe- 
sis. 

For the terms in the a-phase moticn equation, equa- 
tion (33), the data in Table 2 indicate that the «-phase 
inertial force is of the order of 500, the viscous force is 
of the order of unity, and the gravitational, pressure and 

rag forces are of the order of 10°. Consequently, the 
dominant forces which should be retained in the «-phase 
motion equation are the gravitational, pressure and drag 
forces. 

For the terms in the S-phase motion equation, equa- 
tion (34), the data in Table 2 indicate that the f-phase 
inertial force is of the order of 10~°, the #-phase 
deformation force is of the order of unity and the 
gravitational force is of the order of 10~*. Consequently, 
only the B-phase deformation force and, possibly, the 
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Table |. Definitions and physical significance of the dimensionless groups that appear in the dimensionless 
multiphase equations of change 


Symbol Name Expression 


Sr Strouhal l 

Re, Reynolds p Vel Au,et 
Np, P.LAe* /pV 
Nd, e*L?/K, 

Re, Fr, Reynolds/Froude p gl? Ae*/pV, 
Nr, Pp Vi ex?A "TM, 
Nr,Fr-' pagel /TNy 


B-phase gravitational force should be retained in the 
B-phase motion equation. 

As a result of this dimensional analysis, it is apparent 
that deviations from parabolic behaviour cannot be 
attributed to non-Darcian behaviour. 


ONE-DIMENSIONAL FILTRATION 
The dimensional analysis indicates that the continuity 
conditions for the fluid «-phase and particulate B-phase 
are equations (22) and (23) and that the approximate 
forms of the motion equations for each phase, equations 
(28) and (29), are, respectively 


EM, 


V<P,)* = —e (Kva)* — <9") + PB (35) 


V° <I,’ = —p,g, (36) 


These continuity and motion equations for the 
a-phase and f-phase are still quite general. The only 
limitations are that the inertial and viscous forces are 
negligible during the filtration and that the slurries 
filtered must be composed of a Newtonian liquid and a 
non-deformabie particulate phase. 

Nearly all of the empirical analyses of filtration data 
have been done in a cylindrical geometry with one- 
dimensional cake accumulation in the vertical axial 
direction. For this type of filtration, the continuity and 
motion equations for the two phases are 

CE, 


oF gage (37) 


(38) 


&, 


= (v5)! — vg!) — p 
K a/z Bz PS 


(39) 


— = PB (40) 
where the origin is taken at the cake-septum interface 
and the positive direction is taken upward such that 
Cv," = —<v,>7k, <v,>’ = —<v_>2k and g,=g,= —gk. 
Equation (19) has also been used in equations (37) and 
(38). 


Pseudo-Steady State and Fractional 
Cake Volume 


Since time appears only in the two continuity condi- 
tions, but not in the two motion equations then this is 
a pseudo-steady state problem. Physically, this means 
that the two motion equations hold at every instant 
throughout the unsteady-state filtration. Time can be 


Physical Significance 


Convective acceleration/local acceleration. 
a-phase inertial force/x-phase viscous force. 
a-phase pressure force/a-phase viscous force. 
Interphase drag force/x-phase viscous force. 
a-phase gravity force/«-phase viscous force. 
B-phase inertial force/B-phase deformation force. 
B-phase gravity force/B-phase deformation force. 


implicitly introduced into the motion equations for each 
phase by introducing the dimensionless fractional cake 
volume, € = zL~'(r). 

The measurable «-phase pressure, P;, relative to the 
datum pressure at the cake septum interface, P,, is the 
sum of the flow pressure and the hydrostatic pressure 
and is defined by 


P= ¢P,>* + p2eL(t) — Po (41) 


The stress in the B-phase due only to flow, ITj.., and 
relative to the stress experienced by the septum, Ip, is 
given by 


IT;.. = <T1,>! — ppg L(t) — I], (42) 


Both P; and IT;.. can be made dimensionless by dividing 
by the measurable pressure drop across the cake, 
P:=P+p,gL — P). 
With these notational changes, the motion equation 
for each phase, equations (39) and (40), become 
&,,1,L(t) 


Cn ~<a 


r (43) 


(44) 


DT - Differential 
Transducers 





MFM = Magnetic Flow 
Meter 


T = Transducers 





Pressure controller maintains a constant cake pressure drop 
2. Pressure probes measure the pressure distribution 
3. Scale on Plexiglas filter chamber measures cake length 


4. Movable septum measures septum stress 


Figure |. A schematic of the filtration apparatus. |. Pressure controller 
maintains a constant cake pressure drop. 2. Pressure probes measure 
the pressure distribution. 3. Scale on Plexiglas filter chamber measures 
cake length. 4. Movable septum measures septum stress. 
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Table 2. Filtration data for Lucite in water and corresponding values of the dimensionless coefficients 


997 kgm H, 
1180 kgm 


= 969 x 10-4 Nsm 5 
A =0.0324m 4 


0.101 
0.393 


V, 107 K, 10! Re, Nr 
ms m m I a Fr, Np, Nd, : Frp 


1.57 0.6355 2.49 1.0 x 10° 
1.30 860.0540 3.11 2.9 x 10° 
0.95 0.0715 3.01 7.0 x 10° 
0.69 0.0916 3.16 17 x 10° 
0.56 0.119 3.14 32 x 10° 
0).42 0.154 3 


170 x 10° 200 x 10° 1.97 x 
410 x 10° 370 «x 10° 1.30 x | 0.0066 
700 = 10° 700 x 10° 0.63 = 0.0080 
1300 x 10° 1100 x 10° 0.36 » * 0.011 
1900 x 10° 1800 x 10° 0.25 » 0.015 
04 ; 72 x 10° 3000 x 10° 3100 x 10° 0.18 x G.020 


0.0051 


The continuity conditions, equations (37) and (39), in 
terms of the independent variables € and ¢ are 


0<v,>. 


(45) 


(46) 


The B-phase motion equation, equation (44), indicates 
that, for a non-deformable particulate #-phase, the 
stress is uniform throughout the /-phase at any instant. 
This means that a non-deformable f-phase behaves as 
a simple ‘conductor’ of momentum from the «-phase to 
the £-phase and finally to the septum. This is the extent 
of the usefulness of equation (44). 

This uniform f-phase stress, 11;*, is not the same as 
the cumulative drag stress, <o,>, which is defined by 
F, = V<a,>* and discussed by Willis and Tosun">. If the 
B-phase were elastic deformable, then Hooke’s law could 
be used for Il, in equation (25). This substitution and 
extension to deformable particulates cannot be accom- 
plished with the cumulative drag stress concept. 


Average Porosity and Fractionai 
Cake Volume 

In general, the porosity is a function of fractional cake 
volume, €, and time, f. However, two other possibilities 
for the functionality of the porosity exist that will satisfy 
the continuity condition, equation (45), namely ¢, = ¢,(€) 
and ¢, = «,{f). 

If the local porosity is a function of only time, then the 
continuity conditions for the two phases, equations (45) 
and (46), become 

F de 

~ dt 
dé, a 
dr 


2 


(47) 


L (48) 


These two equations can be integrated to obtain, 
respectively 


(49) 


<vg>. = L(t) “ 
ies di | 
where the boundary conditions, <v,).=V,A~' and 
<vg>. = 0 at the cake septum interface have been used 


¢ (50) 
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and where the porosity can only decrease with time, that 
is, —de,/dt = |de,/dt|. These velocity profiles are too 
restrictive to be admissible and the possibility that the 
porosity is only a function of time is rejected 
possibilities remain, ¢,(¢,1) and ¢(¢) 

If , = e,(€) then the expression for the average poros- 
ity 1s 


Two 


é(é€)dé (51) 
and the derivative of ¢* with respect to time is zero 
which indicates that the average porosity must be con- 
stant if the local porosity is a function of only fractional 
cake volume. It also means that the porosity profiles 
within a filter cake are all similar and when these similar 
profiles are plotted as a function of &€, they appear as 
a single curve. Consequently, it is only necessary to 
measure the local porosity profile at the end of the 
filtration in order to have the porosity profile at any time 
during the filtration. 

With only the two possibilities, ¢,(€, 7) and e(€), and 
the fact that the average porosity is constant if ¢,(¢), then 
it is possible to determine the functionality of the local 
porosity by determining the average porosity during the 
course of the filtration. If the average porosity is con- 
stant, then ¢, = €,(€), otherwise ¢, = ¢,(€, fr) 


Indirect Measurement of Average 
Porosity 


It is routine to determine the average porosity by 
measuring the wet and dry cake mass at the end of the 
filtration, but this method does not yield any informa- 
tion about the average porosity throughout the 
filtration. An indirect, continuous measurement of the 
porosity can be made by developing a relation between 
the cake length and filtrate volume. 

At any instant, the mass of the «-phase, M,, in the 
filter cake is 

M, = p,*ALi(t) 
and the mass of the f-phase, M,, in the filter cake is 
M, = pl — eX)AL(t) (53) 
An instantaneous total externai mass balance, in which 


the difference between the slurry filtered and filtrate 
volume is equated to the total mass of filter cake, is 


M 
— = p,V_+(M,+ Mz) (54) 
§ 
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Eliminating M, and M, between these three expressions 
gives 


L =GV, (55) 


where 
Sp, 


me [ppez(l — s)— p,6*5] 


G (56) 

Consequently, if the cake length and filtrate volume 
are measured during the course of the filtration in which 
the slurry concentration, s, is constant and the cake 
length is linear in filtrate volume, then the average 
porosity is constant and the local porosity is a function 
of only fractional cake volume, otherwise, the local 
porosity is a function of both fractional cake volume and 
time. 

Figure 2 shows the cake length as a function of filtrate 
volume for filtrations of Lucite in water at three different 
slurry concentrations. The linearity that is exhibited 
indicates that the average porosity is constant through- 
out the filtration and, consequently, that the local poros- 
ity is a function of only fractional cake volume. 

The average porosity for the runs shown in Figure 2 
were measured directly at the end of the filtration and, 
within experimental error, indicate that all three filter 
cakes have the same average porosity. The cake pressure 
drops for the slopes of 4.84 m~*, 3.40 m~ and 2.36 m~? 
were, respectively, 68000 Nm~*, 120000Nm~* and 
71000 Nm ~°. Evidently, the average porosity is indepen- 
dent of cake pressure drop. However, no inferences can 
be made about the relationship between the local poros- 
ity and local pressure from this data. 

The fact that equation (54) is an external mass bal- 
ance, deduced from the difference between the slurry 
filtered and filtrate collected, implies that cake volume is 
linear in filtrate volume regardless of the geometry of the 
cake volume. Equation (54) does not contain any re- 
striction on the fluid and particulate phases and con- 
sequently is independent of the slurry used in the 
filtration. The only other explicit data on cake length 
and filtrate volume, reported by Shirato et al'* for Hong 
Kong pink kaolin, also exhibits the same linearity as 
shown in Figure 2. Therefore the conclusion that the 
average porosity is constant if the slurry concentration 
is constant should be true in general. 


Filtration Equation and Septum 
Permeability 
Thus far it has been shown that the average porosity 
is constant and that the local porosity is a function of 
only fractional cake volume. This information simplifies 
the continuity conditions, equations (45) and (46), re- 
spectively, to 


(57) 


(58) 


Willis and Tosun’® use equations (43), (57) and (58) to 
obtain internal velocity and permeability distributions, 
provided that experimental data on the internal porosity 
and pressure profiles are available. 


Integration of equation (57) over the entire filter cake 
results in the following liquid «-phase mass balance 
; AL 
PVE = PA C021 + Soe 2 (€,.. — €2) (59) 
This equation indicates that, at any instant, the mass of 
fluid «-phase leaving the filter cake is equal to the mass 
of fluid «-phase entering the filter cake plus a mass of 
fluid that is proportional to the difference between the 
surface porosity, ¢,,, and the average porosity of the 
filter cake. If the surface and average porosities are 
equal, then the mass of fluid entering and leaving the 
cake are equal. 
To obtain the filtrate rate, it is only necessary to 
evaluate equation (43) at the cake septum interface 


V, P:K, (0P:* 
Se es ee (60) 
A HL \ og 0 


where the particulate B-phase velocity, <v,>", is zero and 
the liquid «-phase velocity is given by <v,>.|:.9 = VeA~' 
and K, is the permeability at the interface between the 
filter cake and the septum. 

Since the average porosity is constant and cake length 
is linear with respect to filtrate volume, then equation 
(55) can be used to eliminate the cake length in equation 
(60) to obtain 


yA (PiKoh sia 
real G 


where J, = (CP ;*/0€)|-_,) and is the pressure gradient at 
the interface between the filter cake and the septum. 
Equation (61) indicates parabolic behaviour if the right 
side is constant. 

Evaluating equation (43) at the exit of the cake to 
obtain the filtrate rate equation, equation (61), accounts 
rigorously for the movement of the particulate B-phase 
and, more importantly, indicates that the cake septum 
permeability, Ky), and dimensionless pressure gradient, 
J,. determine the filtrate rate. 


7&6 














Vv, x 103(m?4) 
Figure 2. Filtrations of Lucite in water at three levels of slurry 
concentrations. 
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This development and conclusion are contrary to the 
development of the empirical filtrate rate equation where 
an integration over the cake indicates that the cake 
resistance controls the filtrate rate. In the development 
of the empirical rate equation, the movement of the 
particulate /-phase is ignored and usually the septum 
resistance is considered negligible. 


Non-Clogging Septum and Parabolic 
Behaviour 


It is easier to analyse deviations from parabolic behav- 
iour if equation (61) is placed in the linear form 


— Li, G . 
VE = F ; , a) Vr (62) 
A \ KV eI Ve)PAV e) 

The filtrate volume replaces time as the independent 
variable since this avoids the superfluous graphical 
integration, t = [V;;'dV. The notation in equation (62) 
indicates that G is constant but that the septum perme- 
ability, septum pressure gradient and cake pressure drop 
can all be functions of the filtrate volume. 

To obtain parabolic behaviour, equation (62) indi- 
cates that filtrations should be carried out in an appara- 
tus in which the pressure drop across the cake is 
controlled at a constant value and in which the pressure 
distribution, at any instant, can be measured. Such an 
apparatus is shown in Figure 1. 

To verify the validity of equation (62), the most 
important consideration is that the septum permeability 
must be constant. This is achieved by selecting a very fine 
porosity paper felt mat to prevent particulate f-phase 
penetration and clogging of the septum. 

From the measurement of the cake length and filtrate 
volume, the constant slope G can be obtained. The 
product (K,J,) can be determined from the measurement 
of the filtrate rate, volume and cake pressure drop. By 
fitting a curve through the measured pressure dis- 
tibution, the dimensionless pressure gradient J, at the 
septum can be estimated and then the value of septum 
permeability can be calculated from the known value of 
the product, ( KJ»). 

Figure 3 shows the data for the filtration of a 10.1% 
Lucite in water slurry at a nominai constant cake 
pressure drop of 69500 Nm-~~ using a fine porosity 
(Sym) Whatman No. 3 filter paper. The lucite particu- 
lates are about 90 um. 

The graph of Figure 3(a) indicates that the cake length 
versus filtrate volume is linear and, consequently, that 
the average porosity is constant. The dimensionless 
pressure gradient at the septum, J), and the septum 
permeability, Ky, are both constant which indicates that 
the septum is not clogging. 

In Figure 3(+) parabolic behaviour occurs except for 
the initial portion during which the cake pressure drop 
is rising to its controlled value. Equation (62) indicates 
that extrapolation of the linear portion of the reciprocal 
rate must pass through the origin. The intercept of the 
curved portion of the reciprocal rate is simply the initial 
reciprocal rate and is not related to the septum re- 
sistance. The septum permeability is in the slope of the 
reciprocal rate versus filtrate volume. 
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PARAMETRIC ANALYSIS OF NON-PARABOLIC 
BEHAVIOUR 

The data shown in Figure 3 are combined with a 
parametric analysis of equation (62) to determine the 
effect of cake pressure drop and septum clogging on 
parabolic behaviour. 

To determine the effect of cake pressure drop, an 
expression with adjustable parameters is fitted to the 
experimental data for the cake pressure drop. While 
keeping the remaining parameters, (K,/,) and G, at their 
experimentally determined values, the adjustable para- 
meters in the expression for the cake pressure drop are 
manipulated such that the effect of cake pressure drop 
on reciprocal rate can be observed. 

In an analogous procedure, the effect of sepium 
clogging on reciprocal filtrate rate is also determined. 








sittassrtssiil beabbadaad 
2U 3 4 


Figure 3. Filtration of Lucite in water using a non-clogging Whatman 
No. 3 filter paper 
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Effect of Cake Pressure Drop on 
Reciprocal Rate 
During a filtration, the pressure drop across the cake 
increases from zero to a maximum constant value in a 
finite observable amount of time. Initially, both the 
filtrate volume and cake pressure drop are zero but the 
ratio 


i. _ ea y 
V, if 0 a A( KoJo)o ‘ 


must be a finite non-zero value proportional to the initial 
flow rate, V;.,. through the clean septum since the filter 
chamber is always filled with clear liquid prior to the 
initiation of the filtration. Consequently, the parametric 
expression for the cake pressure drop must satisfy the 
following constraints 

P(V_) 

cman lV 0 


P(V_) 


(63) 


= Q, (64) 


lim 
P(V_) 

lim — s = Nn, (66) 

IS en 


where 


= |. (65) 


cmax 


u,GV 

. i. 

A function which satisfies these constraints is 

P(V_) 
Pp: 


Cmax 


= 1 —exp!{—[nV,; + m(nV,)]} (68) 


where n is fixed by the experimental data shown in 
equation (67) and where n is also the initial slope of 
equation (68) since 


| OF: 
Pics OP vin 0 


The two adjustable parameters in equation (68) are m 
and /. 

The experimental data shown in Figure 3 are used in 
equation (62) together with the adjustable cake pressure 
drop given in equation (68) to develop the parametric 
analysis shown in Figure 4. As the cake pressure drop 
reaches its constant value more rapidly, the correspond- 
ing reciprocal rate exhibits a larger dip from the initial 
reciprocal rate through the clean septum, V’;. The 
minimum of the dip in reciprocal rate approaches the 
origin as the cake pressure drop approaches a step 
change. For this non-clogging septum, where both K, 
and J, are constant, parabolic behaviour is achieved as 
soon as the cake pressure drop reaches its constant 
value. 


=n (69) 


Effect of Septum Clogging on 
Reciprocal Rate 
The data for the non-clogging septum shown in Fig- 
ure 3 indicates that the product (K,J,)) is constant. To 
determine the effect of septum clogging on reciprocal 
filtrate rates, it is hypothesised that this product either 
continuously decreases in a linear fashion 


KyJ - BV, + (KoJo)o (70) 


or decreases linearly to a constant value 
Ky Jy = BVe + (Kodo). 
K,J, = Constant, 


O< Ve < Ve, 

(71) 
V > Ve 
For this parametric investigation of the effect of septum 
clogging on reciprocal rate, the data shown in Figure 3 
for the cake pressure drop is smoothed by fitting equa- 
tion (68) to the data by setting P;,,,, = 69500 Nm 
n=129.6m~*, m=1.0 and n=2.0. The results of 
the effect of septum clogging on reciprocal rate, again 
using the appropriate data from Figure 3, are shown in 
Figure 5. 

The smoothed pressure data and the constant value of 
(K,J)) = 2.81 x 10°"? m’ when used in equation (62) re- 
sult in the reciprocal rate curve that goes through the 
experimental data shown in the graph in Figure 5()). 

The linear decrease of the product (K,J,) to one-half 
its initial value is identified by the label |. The initial 
curvature of the reciprocal rate is influenced more by the 
rate of pressure increase than by the decrease in the 
product (K,J/,) which reflects septum clogging. However, 
once the cake pressure drop becomes constant, the 
reciprocal rate data continues to exhibit curvature and 








*~P* x 10° Nm’ 


/ K,J.=2.81 x 10° m (constant) 


errr... 


rrr 











V, x 10°(m°) 


Figure 4. The effect of cake pressure drop on reciprocal rate for a 
Whatman No. 3 fine porosity non-clogging filter paper. 
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Figure 5. The effect of septum clogging on reciprocal filtrate rates 


non-parabolic behaviour due to the continuous septum 
clogging postulated by equation (70). 

As indicated by the labei 2 in Figure 5, if the product 
(K,J)) decreases linearly to a constant value, then the 
reciprocal rate exhibits upward curvature until the prod- 
uct (K,J,) becomes constant at which time the reciprocal 
rate abruptly becomes linear and extrapolation of this 
linear portion passes through the origin. If however, the 
septum continues to clog, then the curvature in the 
reciprocai rate is indicated by the broken line. 

If the clogging occurs very rapidly, as indicated by the 
label 3 in Figure 5, curvature in the reciprocal rate is 
observed again but, in this case, when the product (K)J)) 
becomes constant the abrupt change observed in the 
curve label 2 does not occur. The reason is that the 
product (K,J,) became constant before the cake pressure 
drop became constant. Once the cake pressure drop and 
the product (K,J,) become constant, parabolic behaviour 
is again observed with the extrapolation of this linear 
portion passing through the origin. 
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To summarise, this parametric study predicts that the 
initial deviation from parabolic behaviour is caused by 
the rapid increase of the cake pressure drop and during 
this portion of the filtration, the decrease in (K,J,) has 
a minor effect on the reciprocal rate. However, once the 
pressure drop becomes constant, deviations from para- 
bolic behaviour are due to septum clogging as reflected 
by the decreasing values of the product (K,J)). 


EXPERIMENTAL VERIFICATION OF THE 
PARAMETRIC STUDY 

To determine whether or not the predictions of the 
parametric study of the experimental! data in Figure 3 are 
correct, a filtration was performed in the apparatus 
shown in Figure | in which all the operating variables, 
except the filter paper, were identical to those used to 
collect the data for the parametric study. The filter paper 
was changed from a fine porosity, non-clogging What- 
man No. 3 (Sum) to a coarse porosity Whatman No. 4 
(25m) that is susceptible to clogging by the Lucite 
particulates (90 pm) 


Clogging Septum and Non-Parabolic 
Behaviour 

The clogging of the Whatman No. 4 filter paper is 
evident from the decreasing septum permeability, Ko. 
and increasing septum pressure gradient, J,, shown in 
Figure 6(a). The cake length versus filtrate volume is 
again linear and the slope and average porosity are, 
within experimental error, the same as those for the 
non-clogging Whatman No. 3 data shown in Figure 3. 

The reciprocal rate data shown in Figure 6(4) 
confirms the prediction from the parametric study that 
after the cake pressure drop becomes constant, non- 
parabolic behaviour is due to the decreased permeability 
of the clogging septum. 

The product (K,J,) for the clogging and non-clogging 
septa is shown in Figure 7 and this data confirms the 
hypothesis made in the parametric study that (KpJ)) 
decreases linearly for a clogging septum and is constant 
for a non-clogging septum. 


Initial Stage Deviation from Parabolic 
Behaviour 

The parametric study predicts that dips in the recip- 
rocal rate during the initial stages of the filtration are due 
to the sharp rise in the cake pressure drop during this 
portion of the filtration. To verify this prediction and to 
circumvent the experimental difficulties usually encoun- 
tered in measuring data during the initial stages, a 
filtration was performed in which a step change ‘n the 
cake pressure drop from 35000 Nm~* to 68000 Nm 
was introduced about half-way through the filtration. 
The filtration was performed with a 7.35% Lucite-in- 
water slurry with a Whatman No. 3 fine porosity, 
non-clogging filter paper. The results are shown in 
Figure 8. 

The graph in Figure 8(a) indicates that the rapid 
increase in the cake pressure drop did in fact cause a dip 
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Figure 6. Filtration of Lucite in water using a clogging Whatman No 
4 filter paper 


in the reciprocal rate as predicted by the parametric 
study. 

In Figure &8(4), the sharp increase in the cake pressure 
drop is shown to have no effect on the linearity between 
the cake length and filtrate volume, on the septum 
permeability, on the dimensionless pressure gradient at 
the septum or on the average porosity. 

The difference in slope G between the two previous 
filtrations and this filtration is due to the difference in the 
slurry concentration. The average porosity, however, is 
essentially the same as the previous two filtrations with 
Lucite shown in Figures 3 and 6. 


ENERGY EFFICIENCY AND SEPARATION 
WORK 

The applied pressure, cake pressure drop and septum 
pressure drop for the filtrations run with a non-clogging 
septum, Figure 3, and a clogging septum, Figure 6, are 
shown in Figures 9 and 10, respectively. For both 
filtrations, the cake pressure drop is the same at about 
70000 Nm~* but the applied pressure and the septum 
pressure drop for the non-clogging septum are much 
greater than those for the clogging septum. 

The area under any of the pressure versus filtrate 
volume curves is |PdV, and represents the work re- 
quired to separate the particulate f-phase from the 
liquid «-phase. Table 3 shows the areas under the three 
pressure curves for the non-clogging and clogging septa. 

Since the pressure drop across the filter cakes for each 
type of septum is the same, the portion of the work 
associated with the flow through the filter cake is the 
same, but the work associated with the flow through the 
non-clogging septum is about four times that associated 
with the clogging septum. Consequently, parabolic be- 
haviour, which is achieved by using a non-clogging 
septum, is much less energy efficient than non-parabolic 
behaviour, which is achieved by using a clogging septum. 

This comparison of energy dissipation is made for the 
same filtrate clarity, filtrate volume, cake mass, average 
porosity, cake pressure drop and filter area and suggests 
that a strategy for filter operation consists of selecting a 
septum that dissipates the least amount of energy to 
achieve a desired filtrate clarity. Alternatively, if the 
filtration follows parabolic behaviour, then this suggests 
that the selection of a more porous, clogging type 
septum will result in a more energy efficient separation. 


CONCLUSIONS 
Any development based on fundamental principles 
applies to the set of all substances that satisfy the 
assumptions used to develop the theory. The multiphase 
filtration theory developed here is limited to one- 
dimensional filtrations in which inertial and viscous 
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Figure 7. The product K,J, for a non-clogging Whatman No. 3 filter 
paper and a clogging Whatman No. 4 filter paper. 
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Figure 8. The effect of a step change in the pressure on the reciprocal 
rate for a Lucite in water slurry filtered through a fine porosity 
non-clogging Whatman No. 3 filter paper. 


forces are negligible and for slurries composed of New- 
tonian constant density liquids and non-deformable 
particulate phases. Since Lucite-water slurries satisfy the 
imposed restrictions and the theory is verified for this 
slurry, then the theory is verified for all the slurries in the 
set defined by the above restrictions. 

The multiphase equations of change provide a firm 
theoretical basis for filtration and replace the strictly 
empirical approach that has been used previously. 

A dimensional analysis of the general multiphase 
equations of change in which the dimensionless groups 
are evaluated from filtration data indicates that the 
dominant forces governing flow through filter cakes are 
the pressure force and the interfacial drag force. Non- 
Darcian behaviour is very unlikely and can be eliminated 
as a possible cause of non-parabolic filtration behaviour. 
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The average porosity is constant throughout a 
filtration and the local porosity is a function of only the 
fractional cake volume. 

Based on the multiphase equations, the filtration 
equation is obtained by evaluating the «-phase motion 
equation at the exit of the filter cake. This rigorously 
accounts for the motion of the particulate f-phase and, 
more importantly, indicates that the septum perme- 
ability is the dominant factor affecting filterability. The 
flow resistance of the filter cake itself is not important. 

Deviations from parabolic behaviour can be con- 
trolled by manipulating the interaction between the 
particulate phase and the septum. This can be accom- 
plished by either changing the septum for a given 
particulate phase or by altering the particulate phase 
(i.e., coagulation) for a given septum or by altering both 
the particulate phase and the septum until some prede- 
termined condition of filterability (/.e., minimum energy 
or filtrate clarity) is met. 

Contrary to current practice, parabolic behaviour 1s 
not an optimum condition of filterability because it is 
less energy efficient than non-parabolic behaviour 

The criterion of parabolic behaviour is not a sensitive 
measure of the filtration mechanism since the slope of 
the reciprocal rate function contains three interacting 
functions of filtrate volume 

Deviations from parabolic behaviour in the initial 
stages are caused by the rapid increase in the cake 
pressure drop. After the cake pressure drop is constant, 
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Figure 9. The applied cake and septum pressures for a nen-clogging 
Whatman No. 3 filter paper 
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M;, mass of particulate /-phase equivalent to the septum 
resistance 
mass of particulate f-phase per unit of filter area 
(kgm ~?) 
dimensionless ratio of wet cake mass to dry cake mass 
unit vector directed out of the a-phase 
parameter in the pressure function, equations (67), (69) 
(m~*) 
applied filtration pressure (Nm ~°) 
intrinsic phase average of the x-phase pressure (Nm ~?) 
measurable pressure drop equation (41) (Nm~?) 
ratio of pressure to characteristic pressure (dimension- 
Septum Pressure Drop less) 
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Whatman No. 4 (Clogging) 





Applied Pressure 


Cake Pressure Drop 


dimensionless measurable pressure, P}/P; 
maximum measurable cake pressure drop (Nm~*) 
cake resistance, equation (1) (m~') 
septum resistance, equation (1) (m~') 
mass fraction of particulates in the slurry (dimension- 
less) 
time (s) 
time required to collect a filtrate volume, V’;,, equivalent 
to the septum resistance (s) 
ratio of time to a characteristic time (dimensionless) 
filtrate volume (m*) 
filtrate volume equivalent to the septum resistance (m*) 
averaging volume (m°) 
volume of the «-phase in the averaging volume V (m°*) 
volume of the f-phase in the averaging volume V (m’*) 
filtrate rate (m’s~') 
initial filtrate rate (m°s~') 
Table 3. Distribution of work between the filter cake and two types <v,>" intrinsic phase average of the a-phase velocity, equation 
of septa (17) (ms~') 
‘ phase average of the «-phase velocity, equation (18) 
Non-clogging Septum Clogging Septum ; (ms~') 
Work (Figure 3) (Figure 6) <v,>? intrinsic phase average of the f-phase velocity (ms~') 
; x phase average of the B-phase velocity (ms~') 
Filter cake (Nm) 2550 2580 / ratio of intrinsic phase average a-phase velocity to 
Septum (Nm) 1920 483 characteristic velocity (dimensionless) 
Total (Nm) 4470 3063 } ratio of intrinsic phase average f-phase velocity to 
characteristic velocity (dimensionless) 
z-component of the phase average of the «-phase vel- 
ocity at the cake entrance (ms ') 
axial position coordinate measured upstream from the 
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Figure 10. The applied cake and septum pressures for a clogging 
Whatman No. 4 filter paper 
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curvature in the reciprocal rate is caused by a dimin- 
ishing septum permeability. cake-septum interface (m) 

All linear extrapolations of reciprocal rate versus filter cake resistivity (m kg’) 
filtrate volume must pass through the origin. Positive ay average filter cake resistivity (m kg 


aad ative imeecents for the line: tr: lati : dimensionless gradient operator 
and negative intercepts lor the linear extrapolation are volume fraction of the /-phase (dimensioniess) 


impossible. If the data is slightly curved, then a line ; volume fraction of the x-phase (dimensionless) 
through the origin will accentuate this curvature. é average porosity (dimensionless) 
The intercept of the reciprocal rate curve is not related é porosity at the cake-slurry interface (dimensionless) 
to the septum resistance but rather it is simply the initial Hs Bl pt —?) oda 
; ractional cake volume, zl ' (dimensionless) 

reciprocal rate through the clean septum. The septum intrinsic phase average of the x-phase stress tensor 

permeability appears in the slope of the reciprocal rate (Nm~?) 

versus filtrate volume curve. <i1,>/ intrinsic phase average of the f-phase stress tensor 

(Nm~’) 

, II,,>”/Il), dimensionless f -phase stress tensor, equation 

SYMBOLS USED - : shia 
zz-component of /-phase stress, equation (42) (Nm ~*) 

filter area (m’) dimensionless zz-component of f-phase stress, [)}../P:, 

interfacial area between the «- and f-phases (m7) equation (44) 

interphase drag force per unit volume (Nm~°) ( stress experienced by the septum (Nm ~’) 

gravitational acceleration for the a- and B-phases (ms~*) ’ density of the fluid «-phase (kgm *) 

slope of cake length versus filtrate volume, equation (56) density of the particulate #-phase (kg m_*) 

(m~*) cumulative drag stress, usually denoted by p, (Nm ~*) 

(OP ;* C&)| ,, the dimensionless pressure gradient at the , arbitrary function, equations (20), (21) 

cake septum interface where € = 0 

permeability (m7) 
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LOSS PREVENTION AND SAFETY PROMOTION 
Harrogate 12-16 September, 1983 


Plans are well under way for what promises to be the major international safety conference of 1983. The Fourth 
International Symposium on Loss Prevention and Safety Promotion in the Process Industries, held 12-16 
September at Harrogate. The conference is being organised by the Institution of Chemical Engineers and 
continues a successful series of international events coordinated by the EFCE Working Party on Loss 
Prevention. It will incorporate the 8th in the succession of well-established symposia on Chemical Process 
Hazards organised by the North Western Branch. Recognising potential hazards in the transportation of 
chemicals, it will also include sessions on The Safe Transport of Hazardous Chemicals and Liquefied Gases bj 
Sea, organised jointly with the Royal Institution of Naval Architects. 

An overwhelming response to the call for papers from all areas of the world has resulted in some 90 papers 
being accepted. These will be presented in both plenary and parallel sessions and will provide a comprehensive 
coverage of the subject including risk assessment; consequence analysis; runaway reactions and thermal 
explosions; two-phase flow; event data and collection; dispersion of gases; safe design; explosion phenomena: 
explosion protection; case histories; and the application of risk assessment/hazard analysis to marine operations 

The conference will take place in the superb facilities of the new Harrogate Conference Centre together with 
the Royal Baths Assembly Rooms and the Royal Hall. Registration is on Monday 12th September and the 
conference will be formally opened on Tuesday 13th. The presentation of papers will continue on Wednesday 
14th and Thursday 1Sth. As a finale, a number of technical visits in the Teesside and Humberside area are being 
planned for Friday 16th. As an alternative, discussion seminars will be run cn this day by the Safety and Loss 
Prevention Subject Group. 

The Conference will provide an excellent opportunity for all involved in safety promotion in the process 
industries to meet together in the formal sessions, and also at the social events. An interesting social programme 
has been planned and will include a wine and cheese party on Monday 12th, a welcome from the Mayor of 
Harrogate at a Civic Reception in the Royal Hall on Tuesday 13th, a musical evening on Wednesday and a 
Symposium Dinner on Thursday 15th. 

Ladies accompanying their husbands will find that an equally enjoyable and varied programme has been 
planned for them. They will have time to explore Harrogate itself, including its famous Flower Show which 
is held during the period of the conference, and to visit the historic treasures of York, Fountains Abbey and 
the Bronté country amongst many other attractions. 

Already much interest has been shown in this event, and delegates are registering from all over the world. 
Registration fees are: 


£165 for members of IChemE/RINA/EFCE member societies 
£195 for non-members 

£120 for authors/session chairmen 

£ 35 for IChemE/RINA student members 


To find out full details about this symposium and to receive the final circular and registration form contact 
the Conference Section Rugby. Telephone 0788 78214. Telex 311780. 
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TRAY AND POINT EFFICIENCIES FROM A 
0.6 METRE DIAMETER DISTILLATION COLUMN 


By M. J. LOCKETT (Memper) and I. S. AHMED 


Department of Chemical Engineering, UMIST, Manchester 


The UMIST 0.6 m diameter distillation column was used to determine Murphree tray efficiencies for the methanol—water 
system using sieve trays. Careful attention was given to accurate measurement of vapour and liquid compositions. Vapour phase 
point efficiencies were determined from the measured concentration profile across the tray. Heat transfer across the wall of 
the downcomer was taken into account. The variation of the number of overall vapour phase transfer units with composition 
was used to determine individual values of \., and JN, . It is believed that these results are the first to be reported in the literature 
which were taken from a realistic size column and which accurately account for liquid mixing in the determination of distillation 


point efficiency. 


INTRODUCTION 

Distillation and absorption tray efficiencies have been so 
extensively studied that the reader may well ask why it 
has been deemed necessary to embark on yet another 
investigation. There are two main reasons. One is that 
the problem of predicting tray efficiency with any degree 
of confidence is far from solved. The difficulties are 
particularly acute for absorption and stripping columns, 
which often have low tray efficiencies, and for which a 
difference of a few percentage points between the pre- 
dicted and actual efficiencies can have a large influence 
on the number of trays required. The AIChE method 
devised by Gerster et al. and summarised in the AIChE 
Bubble Tray Design Manual' has come to be the 
accepted framework on which most currently used 
efficiency prediction methods are based. The prediction 
problem can be divided into two, not unrelated, parts; 
that of predicting the point efficiency, and that of 
relating the point efficiency to the tray efficiency, taking 
into account such factors as liquid mixing, liquid resi- 
dence time, entrainment and weeping. Considerable 
success has been achieved recently with the latter part 
which can now be handled with reasonable confidence. 
The problem of predicting point efficiency has however 
remained obstinately difficult to solve and little real 
progress has been achieved since the Bubble Tray Design 
Manual was published in 1958. 

Some of the deficiencies in the AIChE method for 
predicting point efficiency are as follows: 


(i) The correlations for N, and N, were developed 
from absorption and stripping systems where the 
resistance to mass transfer was confined entirely 
either to the vapour or liquid phase. The question 
whether the same correlations apply to a mixed 
resistance system, such as distillation, has not been 
reliably answered. 

The method takes no account of interphase heat 
transfer which occurs in distillation. 

No account is taken of froth, foam or drop sta- 
bilisation by Marangoni effects. 

The correlations for N, and N, ignore the flow 
regime on the tray (e.g. froth or spray). It is likely 
that better correlations could be achieved for each 


regime separately because of the quite different 
hydrodynamics in each regime e.g. the negligible 
effect of the weir height in the spray regime. 
The bulk of the work was concerned with bubble 
caps and a comparable body of work for other trays 
has not been published in the open literature. 
(vi) The mass transfer model used for the liquid phase 
resistance is unsound’. 


Further criticisms of the AIChE method may be found 
in the comprehensive review by Kastanek and Standart’. 

A second reason for this present study is that although 
Fractionation Research Inc is well equipped to obtain 
tray efficiency data, such data is usually available only 
to subscribers. Furthermore, FRI makes little claim to 
improve the framework of the predictive methods, leav- 
ing such tasks to University workers. However, in order 
for the latter to do this it is necessary for them to have 
accurate, carefully obtained, data against which to test 
their ideas. This and the following companion paper 
demonstrate the mutually supportive relationship be- 
tween experimental data and new ideas for improvement 
of the mathematical models on which the predictive 
methods are based. 

The primary aim of the present investigation was to 
determine the number of ind:vidual phase transfer units, 
N, and N,, under distillation conditions on a sieve tray 
using the system methanoi—water. There is, surprisingly, 
an almost complete absence of reliable values of N,, and 
N, published in the literature for distillation as opposed 
to absorption or stripping systems. The reason is 
that most previous workers using distillation systems 
neglected liquid mixing on the tray, and a knowledge of 
this is essential for determination of N,. Consequently, 
they resorted to assuming either plug flow or completely 
mixed liquid and their reported values of N, are there- 
fore unreliable**. Others, who correctly allowed for 
liquid mixing, went on to use an incorrect model’ for N, 
or did not report individual values'’ for N, and N,. The 
column used in this study (0.59m diameter) is not so 
small that wall effects and tray entry and exit effects are 
dominant, but neither is it so large that liquid chan- 
nelling on the tray makes interpretation of the results 
difficult. Although liquid channelling cannct be ruled 
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out entirely, for trays of this size transverse mixing of 
liquid is almost certainly adequate to eliminate any 
transverse liquid concentration profile. In addition, heat 
transfer across the downcomer wall has been allowed 
for. The present work deals with a binary mixture 
operating in the froth regime. It is intended that sub- 
sequent work will be concerned with the spray regime 
and with multicomponent efficiencies. 


EXPERIMENTAL WORK 
General Description of the Equipment 

A simplified flow sheet of the equipment used is shown 
in Figure |. It consisted of: the column having an overall 
length 5.4m and 0.59m i.d.; two condensers each of 
47 m* surface area for heat transfer; a thermosyphon 
reboiler of total surface area 73 m’; a reflux preheater of 
surface area | m’; a reflux drum of capacity 0.5 m’; and 
a bottoms drum having a capacity of 0.1m’. The 
equipment was constructed from mild steel. It was 
pickled before use to minimise corrosion. All hot sur- 
faces were covered with 38 mm of lagging. 

The column was operated at total reflux in the experi- 
ments reported here, although provision existed for 
diverting some of the overhead product to the bottoms 
drum or for pumping some of the liquid from the 
bottoms drum directly to the top of the column. In this 
way either rectifying or stripping conditions respectively 
could be simuiated. 

The shell of the vertical shell and tube reboiler was 
supplied with saturated steam at 5.8 bar. Condensate 
was removed through one of seven valves located at 
different vertical levels. This enabled the reboiler shell to 
be partially flooded so as to give variable heat transfer 
area. The two condensers were both of two-pass shell 
and tube construction. They were connected in series on 
the overhead product shell side and in parallel on the 








== 
= | 











Figure |. Plant flowsheet showing instrumentation. P = pressure, 
T = temperature, L = level, I = indicated value, t = value transmitted 
to computer. 
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Table | 


Tray dimensions 


Column diameter 

Weir length 

Liquid flow path length 
Active area 
Downcomer area 

Tray spacing 

Hole diameter 

Total hole area 

Hole pitch (triangular) 
Exit weir height 

Inlet weir height 25mm 
Tray thickness 3mm 


590 mm 
457 mm 
374mm 
0.200 m 
0.034 m 
600 mm 
4.8mm 
0.01I8S m 
12.7 mm 
50 mm 


cooling water tube side. The reflux preheater was a two 
pass shell and tube heat exchanger with saturated steam 
at 2.4 bar supplied to the shell 

The column (wall thickness 9mm) contained four 
sieve trays. A window was located between each tray to 
facilitate observation of the froth. The vapour entering 
the column from the reboiler impinged onto a baffle to 
give gross removal of liquid dreplets and a 125 mm thick 
demister pad was also used, located below the bottom 
tray. Segmental downcomers were used. The details of 
the trays are given in Table | 

The steam pressure to the reboiler and the liquid level 
in the reflux drum were controlled automatically via a 
remotely located PDP/11 computer. Manually set con- 
trol valves were used to regulate the steam flows to the 
reboiler and preheater and for the cooling water flow 
through the condensers. The computer was also used as 
a data logger for various temperatures, pressures, flow 
rates and liquid levels. Figure | shows the location of 
those instruments whose readings were logged 

The flow rates of steam and cooling water were 
measured by orifice plates using DP cells to measure the 
pressure drop. The steam pressure and that at the top of 
the column were measured by pressure gauges. The 
pressure at the bottom of the column was measured by 
a DP cell. Tray pressure drop was measured by manom- 
eters using N, purges. Liquid and vapour temperatures 
were measured by copper—constantan (type T) thermo- 
couples calibrated against standard NPL mercury in 
glass thermometers. Liquid levels in the two vessels were 
transmitted to the computer by Masoneilan 12000 series 
liquid level transmitters. 


Liquid and Vapour Sampling 

This work drew on the extensive experimental ex- 
pertise developed in Czechoslovakia for obtaining re- 
liable liquid and vapour samples. A good discussion of 
the problems involved has been published'* 

Initially, liquid samples were obtained by drawing the 
sample down from the tray, through a region of hotter 
vapour and out of the column via a bulkhead fitting in 
a blank plate on the column wall. This procedure was 
abandoned when it was found that vaporisation was 
probably occurring in the sample lines so that the liquid 
samples obtained were lean in methanol. Subsequently 
all sampling was carried out by routing the sample tubes 
upwards away from the tray. Liquid samples were 
withdrawn from three types of sample pots denoted by 
A, B and C in Figure 2(a). Type A, made from PTFE, 
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Figure 2. (a) Sampling around tray 3. 
concentration sample. Broken line arrow 
surement. Double headed arrow 


Unbroken arrow = liquid 
clear liquid height mea- 
vapour concentration sample. 


were 16mm deep and 16mm i.d., and were used for 
liquid sampling only. They were set into the tray deck as 
shown. Type B, also made from PTFE and of similar 
dimensions, had a nylon tube leading from the base to 
enable them also to be used for determination of clear 
liquid heights. Type C were simple copper pots again of 
similar dimensions. The sample pots on the tray were 
located on the tray centre line at right angles to the weirs. 
A movable traversing sampling tube was used to take 
samples from these pots as required to give the liquid 
concentration profile along the tray. As only clear liquid 
was contained in the pots, the possibility of vapour 
entrainment in the liquid samples was minimised. Fur- 
thermore, because of the widely different densities of 
vapour and liquid, any entrained vapour had a negligible 
effect on the accuracy of the measured liquid com- 
positions. 

Vapour samples were obtained using the device shown 
in Figure 2(6) which was also made from PTFE. Vapour 
samples are shown as D on Figure 2(a). The construc- 
tion of the vapour samplers is such that any entrained 
drops are separated from the vapour by centrifugal 
action. The device was originally developed by Kastanek 
and Standart and its reliability has been adequately 
demonstrated'*'°. Vapour samples were condensed and 
both vapour and liquid samples were cooled before 
being analysed for composition by density measurement. 

Comparison of stream temperatures and compositions 
showed that vapour and liquid were at their dew and 


1/K-273:15 








05 

Rey) 
Figure 3. Boiling temperature for methanol (1)/water (2) mixtures at 
101.325 kPa 


bubble points respectively. The published vapour-liquid 
equilibrium data for this system has been tested for 
thermodynamic consistency by Newsham and 
Jeganathan'''* and the equilibrium data obtained by 
Newsham'' and shown in Figure 3 was used in the 
present work. 

Clear liquid heights were measured by manometers set 
into the tray floor (type B sample pots). To avoid 
vaporisation in the tube leading from the tray, the 
following procedure was adopted. When all the com- 
position samples had been taken, the manometer tube 
was back-washed with water. The vapour temperature 


below the tray was then not high enough to cause 
vaporisation in the tube. The clear liquid heights so 
measured were corrected for liquid density to vaiues 
expressed in mm of the liquid existing on the tray. 
Finally a correction was made for vapour momentum”. 


Operation of the Column 

The column was charged with a mixture of methanol 
and water. Standard laboratory grade methanol was 
used which contained less than 0.02 mole®, acetone and 
water as impurities. After turning on the steam and 
cooling water, the column took about three hours to 
reach steady state. During this time air was vented from 
the reflux drum through a vent line which terminated in 
a flame trap. This also served to maintain the reflux 
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Figure 2. (b) Construction and principle of operation of vapour sampler. 
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drum at atmospheric pressure during the course of the 
run. A further one hour elapsed before any mea- 
surements were made. All recorded instrument readings 
were logged by the computer at 10s intervals and 
displayed on a VDU. The vaiues were printed on a 
teletype every Smin. The hold up of methanol-rich 
liquid in the reflux drum could be altered and this was 
the primary means of achieving the desired methanol 
concentration on the test tray—the third tray from the 
bottom. 

The orifice plate calibrations for the steam flow rates 
to the reboiler and preheater were used only for indi- 
cation of column behaviour. The flowrates used in the 
calculations discussed later were obtained by direct 
measurement of the condensate flowrates after steady 
state had been achieved. The reflux flowrate was mea- 
sured by an orifice plate and the latter was calibrated at 
the end of every run using the fall in level of liquid in 
the reflux drum. For the latter, it was necessary to finish 
a run with the reflux drum nearly full and then with the 
steam supply to the coiumn cut off, so that no further 
vapour entered the condensers, the calibration could be 
carried out. Further details concerning the equipment, 
its operation and sampling are available elsewhere'*'®"”. 

Some 35 experimental runs are reported here divided 
into four sets. Each set consists of runs at approximately 


the same F factor but having a range of compositions of 


liquid on the test tray. In the absence of a direct means 
of measuring the internal F factor, it was necessary to 


calculate the required steam flowrate before the start of 


a run to correspond to the particular composition used. 


Energy Balance over the Column 


The net heat flow to the reboiler and preheater is 
compared with the rate of heat removal by the cooling 
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Figure 4. Energy balance over the column 
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Figure 5. Comparison between concentration of liquid entering down 
comer (X,) and leaving downcomer (x4) with passing vapour stream j 
(methanol mole fractions). See Figure 6 for nomenclature 


water in the condensers in Figure 4. A comparison is 2 io 
shown of the reboiler load with the net heat flow from 
the top of the column given by Q; = L.(H, — h,) where 
L, is the measured reflux flow rate (equal to the vapour 
flowrate from the top of the column at total reflux), H, 
is the vapour enthalpy leaving the top of the column and 
h, is the enthalpy of the liquid reflux stream. The average 
discrepancy ts 4°,, and it can be concluded that heat 
losses from the column are negligible. 


Vaporisation in the Downcomer 


The reproducibility of individual liquid and vapour 
composition samples was better than 0.0015 and 
().0020 mole fraction respectively. In Figure 5 the vapour 
composition entering tray 3 (j;) is compared with the 
liquid composition entering (X,) and leaving (X;) the 
downcomer between trays 2 and 3. The vapour com- 
position is a mean value and it is assumed that the 
vapour is completely mixed after leaving the froth and 
before entering the tray above. Due to the construction 
of the vapour sampler, it was not possible to check this 
directly, but considerations of vapour mixing indicate 
that this is a reasonable assumption” for this diameter 
column and in view of the fact that the tray spacing was 
0.6m and the froth height typically was 0.11 m. 

Since the system operated at total reflux, the results in 
Figure 5 indicate that vaporisation occurred in the 
downcomer so that the liquid entering the downcomer is 
richer in methanol than the liquid leaving. This has also 
been reported previously by Ellis and Shelton” who also 
used the methanol—water system. It arises because of the 
large relative volatility of the system and the consequent 
large temperature change from tray to tray. In the 
analysis which follows vaporisation in the downcomer Is 
taken into account. 
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Figure 6. Nomenclature for a general tray n. 


CALCULATION OF TRAY EFFICIENCY AND 
F FACTOR 


The nomenclature is shown in Figure 6 for a general 
tray n. In this work we were concerned with calculating 
conditions around the test tray for which n = 3. 

In general, experimentally determined compositions 
were available for the vapour entering trays n and n + | 
(y,,_, and y;) and also for the liquid entering and leaving 
the downcomer (xX, and x;,). Because of vaporisation in 
the downcomers, a vapour stream is generated in the 
downcomers and for the downcomer between trays 
n—1 and a, this has flowrate V;_, and composition 
y,_,. AS vapour condenses on the outside downcomer 
wall, it produces an induced weeping stream which, for 
downcomer n+ 1 to n, has a flowrate L*,, and com- 
position x¥, ,. 

The vapour generated in the downcomer can leave, in 
principle, either at the top, the bottom, or both. We 
believe for this system the most reasonable assumption 
is to assume that it all leaves at the top as shown in 
Figure 6. Because the downcomers are overdesigned to 
accommodate stripping runs, the largest superficial 
liquid velocity used in the present series of runs at total 
reflux was 0.015 ms~' and Lockett and Gharani” have 
shown that vapour entrainment under the downcomer is 
negligible at such a low velocity. Furthermore the use of 
an inlet weir also mitigates against vapour entrainment. 


The object of the calculations described below is to 
calculate the composition of the vapour leaving the froth 
y,, and the vapour flowrate entering the tray V?_, to 
enable calculation of the Murphree tray efficiency and 
the F factor respectively. It is also of interest to deter- 
mine what effect, if any, downcomer vaporisation has on 
the calculated results. 


Model 1 


This is the simple conventional model used by pre- 
vious workers in which vaporisation is neglected and it 
is assumed that j, = y? and also that L, = L). Thus Eyy 
is calculated from 


(1) 


where y* = mx, +5 
At total reflux we have 
ma: 
| H} ons h, 
Since the vapour and liquid streams were found experi- 
mentally to be saturated, H’)_, and h, were evaluated at 
saturated conditions corresponding to y)_, and xX, re- 
spectively. 


(2) 


Model 2 


Consider the dotted control surface / in the down- 
comer between trays n and n -- 1. Overall and com- 
ponent balances give 


L,=L.+V,_, 

ee ae eS Oe 
It is assumed that the contents of the downcomer are 
perfectly mixed (20) so that 

Vi,-1)=mx,+b (5) 
An energy balance gives 

Q,=L,h,+V,-,H,-1— Lh, (6) 


Mass and energy balances between section BB and the 
top of the column for total reflux and neglecting heat 
losses from the column give 


Vi-1=L, (7) 
and 
= 0,-Q, 


70 
9? ce 


- tC , 
Hi-1—h;, 


Equations 3-8 can be solved iteratively for the un- 
knowns, L,, L:, V._,, ¥.-1, 2, and V%_,. 

As the liquid composition leaving tray 4 (x, ,) was 
not measured in this work, the following procedure was 
adopted to determine j,. 

An energy balance between the top of the column and 
section AA gives 


Or = ViAN+ Qn. — Lis ihi., (9) 
and a mass balance gives similarly 


Vin Las (10) 
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TRAY AND POINT EFFICIENCIES FROM A DISTILLATION COLUMN 


Since the vapour is saturated, and neglecting subcooling 
of the induced weeping, 


ee = Ona /Anes (11) 


where 4*“,, is the latent heat of condensation of the 
liquid which condenses on the downcomer wall. As the 
flowrate of induced weeping is small, it is a reasonable 
approximation to assume that it is in equilibrium with 
the surrounding vapour 1.e. 

ye=mx*,,+b (12) 


A mass balance over the dotted control section II 
between the trays gives 


Ve+L*. = V+ V._, (13) 
Combining equations (9-11) with equation (13), 

Vin, = Or + Vishny: — Ani V+ Vis — Vin) (14) 
A component balance over section II, gives 


Pp = | lh 1X4 = Fa%e Tv uf Vn 


so that 
VoVe+(V,4+Vi_, 
=ViVat Vani n-1 
An energy balance over section II gives 


0... 1 + VH) + Li Ay, = V,,H, + i 


so that 
(V,+Vi_,-—VI)AS, FAS. )+VLA, 


=V_H.+V__,HL_, (16) 


Combining equations (14-16) gives the following three 
equations 


La “| toa . yp, 1) i 
+ Fs. 


y° Oras +4541 -4,) + V, Ane (4, — H;, i) 
"We (Ay — AY, — 4%.) + AAS, — A8) + Abhy, 

Equations (17-19) can be solved iteratively to give finally 

the composition of the vapour leaving the froth y,. 
The Murphree vapour tray efficiency is then given by 


=—U 


where y* = mx, +b 

In both models the calculated value of V?_, was used 
to give the F factor of vapour entering the tray. The F 
factor was based on the active area of the tray (0.20 m’). 

In general there is only a small difference between Ey 
calculated by models | and 2, whereas the F factors given 
by model 2 are some 10% lower than those from model 
1. We have also developed an alternative third model in 
which it is assumed that vapour formed in the down- 
comer is swept under the downcomer'’. This model in 
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Figure 7. Murphree vapour phase tray efficiency plotted against mean 


liquid concentration on the tray (mole fraction methanol) 


fact gives significantly lower values of Ey, (about 10°% 
lower) but, for the reasons discussed above, we do not 
believe that such a model is applicable in the present 
series of experiments. 


MURPHREE VAPOUR PHASE TRAY 
EFFICIENCIES 
Figure 7 shows the variation of Eyy with composition 
for tray 3 using the F factor as a parameter calculated 
using model 2. The mean liquid concentration on the 
tray X was obtained from the concentration profile using 
‘= x(z) dz 


0 
. 


The results show a small and inconclusive variation of 
Eyy with F factor. Over the range of F factor used, 
weeping was observed visually to be negligible. En- 
trainment was also less than 4° even for the highest F 
factor used, as predicted by the Fair correlation*', and 
at this level it would have a negligible effect on 
efficiency”. Negligible entrainment can also be inferred 
from the clear liquid height results shown in Figure 8 





os 


Figure 8. Comparison of measured clear liquid heights (black circles) 
with published correlations. Broken line = froth-spray transition cor- 
relation of Lockett” 
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Figure 9. Typical liquid concentration profile on tray. F 


where the froth-spray transition correlation of Lockett” 
has also been included. This figure indicates that all runs 


were in the froth regime which implies a low level of 


entrainment. Also shown in Figure 8 are clear liquid 
height predictions for this system from four correlations 
reported in the literature** *’. 

An interesting feature of the results is some very high 
tray efficiencies obtained at low liquid concentrations. 
This is attributed to the large enhancement of Eyy over 
point efficiency E,,, because of the large value of the 
slope of the equilibrium line at these low concentrations. 
Similar observations have been made by Hubner” using 
the isopropanol—water system. There is however some 
evidence that the high efficiency at low values of xX is not 
obtained at the highest F factors. This is consistent with 
increased liquid mixing at high vapour velocities which 
reduces the enhancement of Ey, over Ey. Apart from 
the few results shown however, we have avoided taking 
measurements at low liquid concentrations since the 
values of Eyy obtained are less reliable because of the 
difficulty of subtracting concentrations which are close 
together and both subject to relatively large experi- 
mental error. 


MURPHREE VAPOUR PHASE POINT 
EFFICIENCIES 
The measured liquid concentration profile on tray 3 
was used to determine the point efficiency E,,. and a 


typical profile is shown in Figure 9. The variation of 


concentration normai to the direction of liquid flow is 
insignificant for a tray of this size” and has therefore 
been neglected. It is also assumed that there is no 
variation of liquid composition within the froth verti- 
caliy, i.e. rapid vertical liquid mixing. This latter assump- 
tion has been confirmed in previous experimental 
studies’. 

The mean vapour concentration change over tray 3 is 
related to the local vapour concentration change by 

(“1 


—y3=] (y;—395) dz 


The vapour phase point efficiency is 


where y¥ = mx,+5 and x; 1s the local liquid concen- 


tration on the tray. 
The mean point efficiency on the tray is therefore 
obtained on substituting 


Eog = (y3 - V5) dz (20) 
The calculated values of point efficiency given by equa- 
tion (20) are plotted against liquid concentration in 
Figure 10. As for tray efficiency, there is little discernible 
effect of F factor. Also, as expected, there are no 
unusually high efficiencies at low concentrations. They 
increase monotonically with concentration which con- 
firms that the effects observed in Figure 7 are indeed due 
to concentration gradients along the tray. 


TRANSFER UNITS 


In order to determine the number of overall vapour 
phase transfer units from Ej, we need to invoke a 





SSS 





LIQUID COMPOSITION 
Figure 10. Murphree vapour phase point efficiency plotted against 


mean liquid concentration on the tray (mole fraction methanol). Key 
as for Figure 7. 
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POINT EFFICIENCIES FROM A DISTILLATION COLUMN 
































Figure 11. Plot of 1/Noc against slope of equilibrium line m. 


mixing model for the vapour as it passes through the 
froth. Two limiting cases are possible; 


(a) Plug flow of vapour, when No, = —In(1 — Egg). 
(b) Complete vertical mixing of vapour, when Nog = 
Eog/(1 — Eoa). 


The extent of vapour backmixing is very difficult to 
determine because of the short vapour contact time in 
the froth. Previous workers have assumed vapour plug 
flow for want of any better assumption and we adopt 
this approach here. 
From the two-film theory we have, at total reflux’ 
| Fs (21) 
Ny 4 ; N, ; N, i 
Figure 11 shows the variation of 1/No., with m for model 
2 where a mean value of m for the tray has been obtained 
from the concentration profile using 


l 
m -| m(x) dz 
0 


Assuming that N, and N, are independent of concen- 
tration, and hence of m, over the concentration range 
involved, they may be determined from the intercept and 
slope respectively and are plotted against F factor in 
Figure 12. 

Also shown in Figure 12 is a comparison of the 
present results with those predicted from the AIChE 
Bubble Tray Design Manual for sieve trays as quoted by 
Smith” and it is clear that there is considerable discrep- 
ancy. 


DISCUSSION 
We believe that the values of N, and N, in Figure 12 
are the first to be published which correctly take into 
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Figure 12. Experimentally determined values of N,, and N, using the 
“slope and intercept” method compared with predictions from the 
AIChE correlations 


account liquid mixing on the tray so that the values of 
N, are accurate. Thus Hubner and Schlunder* carried 
out a similar study using data from the literature for the 
same system and found N, = 2.05 and N, = 9.0. How- 
ever they assumed complete mixing of liquid on the tray 
so that their value for N, is unreliable. In spite of its 
complexity, the analysis of the experimental data given 
above is not completely rigorous and involves sim- 
plifying assumptions which are worthy of discussion. 

Heat transfer across the floor of the tray has been 
neglected. For this particular column this is likely to 
have been about the same magnitude as that across the 
downcomer wall. However, tray floor heat transfer can 
be considered as contributing to the rectification process 
associated with the tray and therefore perhaps should 
properly be included in the tray efficiency as we have 
done here. Downcomer wall heat transfer, however, 
provides a liquid composition change in the downcomer 
which must in principle be subtracted from the total 
composition change over the total stage (tray plus 
downcomer) if tray efficiencies, and subsequently point 
efficiencies, are to be calculated. In any event, it seems 
likely, in view of our findings concerning downcomer 
wail heat transfer, that even if we were able to account 
for tray floor heat transfer separately, it would have only 
a small effect on the calculated efficiencies 

Another assumption is that vapour is completely 
mixed between trays and that the measured vapour 
composition is representative of the mean vapour com- 
position. A definite improvement in subsequent work 
would be to measure the vapour composition profile 
entering the tray. However, Diener’s*' calculations ap- 
plied to the present work indicate that the difference in 
tray efficiency obtained between completely mixed and 
unmixed vapour is less than 5°, for all runs except those 
at low liquid concentrations. This suggests that the 
reported point efficiencies will be largely uninfluenced by 
the assumption of complete vapour mixing 

In using equation (21) to determine N, and N,, the 
assumption is made that they are independent of com- 
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position. Careful! consideration of their definitions shows 
that this is an incorrect assumption in general. 


No =k,ah,A/V and N, =k,ah,A/L 

It is generally accepted that k, and k, depend on the 
square root of the respective molecular diffusivities and 
on density, both of which are composition dependent. 
Furthermore, V and L depend on composition even at 
a fixed F factor since they are also a function of density. 
These effects have been taken into account in a similar 
study by Hay and Johnson*. They are, however, com- 
paratively minor. A much more serious consideration, 
which has hitherto been overlooked, is that the effective 
interfacial area a is also composition dependent. This 
can have disastrous consequences in design. In the 
companion paper which follows, we discuss this more 
fully, both from the point of view of analysing the 
present results and when designing new columns. 


CONCLUSIONS 

Values for N,, and N, for the methanol—water system 
have been obtained for a range of F factors but for a 
single sieve tray geometry. The results are believed to be 
among the first reported for distillation where liquid 
mixing on the tray has been correctly taken into account. 
The results do not agree with predictions from the 
AIChE correlations and the reasons for this are consid- 
ered in the following paper. 


SYMBOLS USED 


iclive tray area (m°~) 

interfacial area/unit volume of froth (m~') 
intercept of equilibrium line 

Murphree tray efficiency based on vapour 
Murphree point efficiency based on vapour 

F factor Up 

vapour enthalpy kJ kmol 

liquid enthalpy kJ kmol 

froth height (m) 

gas film mass transfer coefficient (kmols~ ‘m_~~-) 
liquid film mass transfer coefficient (kmols~'m -) 
liquid flowrate (kmols~‘) 

slope of equilibrium line 

number of gas phase transfer units 

number of liquid phase transfer units 

number of gas phase transfer units overall 

tray number 

rate of heat transfer across downcomer from tray n (kW) 
net heat flow from top of column (kW) 

vapour velocity based on active tray area (ms ‘) 
vapour flowrate (kmols~ ‘) 

mole fraction of methanol in liquid 

mole fraction of methanol in vapour 

mean value of y in vapour entering tray n + | 
distance from weir divided by total distance between inlet and 
exit weir 

heat of vaporisation kJ kmol 

vapour density kg m 


Superscripts 
0 entering vapour stream to tray above 
W induced weeping stream 

leaving downcomer 

equilibrium value 

mean value 
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EFFECT OF NON-UNIFORM BUBBLES IN 
THE FROTH ON THE CORRELATION AND 
PREDICTION OF POINT EFFICIENCIES 


By M. J. LOCKETT (Member) and T. PLAKA 


Department of Chemical Engineering, UMIST, Manchester 


A widely accepted procedure for predicting point efficiencies on trays is to use the equation |), = |/\., + //N, to give the 
number of overall transfer units. It is shown that this is fundamentally unsound when \, and \, are obtained from experiments 
where the resistance to mass transfer is confined entirely either to the vapour or liquid phases, as, for example, in the AIChE 
method of efficiency prediction. The reason is that because of the distribution of bubble sizes in froths, the effective interfacial 
area for mass transfer is not constant and \, and \, involve different effective interfacial areas. It follows that the conventional 
AIChE procedure can result in overprediction of point efficiency. The correct procedure for determining values of \., and \ 

for distillation, taking into account variations in the effective interfacial area, is demonstrated using methanol-water efficiency 


results reported previously. 


INTRODUCTION 

Most tray efficiency prediction methods used in practice 
are based on the AIChE method'. However, it was noted 
some years ago that the AIChE method overpredicts 
tray efficiencies’ and particularly so for liquid-phase 
controlled systems*. Such systems occur in absorption 
and stripping columns for example. One reason for the 
overprediction could be non-uniform liquid residence 
times on the tray, but this is unlikely to be significant for 
small diameter columns. Another reason, which has 
received scant attention until now, is non-uniform gas 
residence times in the froth. Although it has been 
recognised previously that there exists a range of gas 
bubble sizes and velocities in froths, these have generally 
been thought of merely as an academic curiosity, making 
it difficult for university research workers to predict 
point efficiency from first principles. We show in this 
paper that in fact their presence can be of vital im- 
portance in predicting point efficiency even when reliable 
correlations for N, and N, are available as in the AIChE 
method. Thus, far from being merely of academic inter- 
est, they provide an explanation for the overprediction 
of efficiency by the AIChE method referred to above. 

In what follows we first review the evidence for 
polydisperse bubble size distributions in froths and then 
discuss in general terms how they affect design methods. 
This is then put on a quantitative basis using a mathe- 
matical model. The model is then used to reinterpret the 
methanol—water efficiency data reported in the compan- 
ion paper and the calculated values for N,, and N, are 
compared with those predicted from the AIChE method. 
Finally the implications for efficiency prediction are 
considered and it is estimated that overprediction by as 
much as 50% can result from straightforward applica- 
tion of the AIChE method. 


BUBBLE SIZE DISTRIBUTIONS AND 
EFFECTIVE INTERFACIAL AREA 


The evidence for a distribution of bubble sizes and 
velocities in froths is quite formidibie. For example, 
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West et al.*, Porter et al.°, Ashley and Haselden® and 
Lockett et al’ used photographic techniques to show the 
presence of large bubbles rising rapidly through a swarm 
of slower moving small bubbles. Workers using the 
‘Calderbank probe’ have reached a similar conclusion*’ 
which holds in spite of any doubts there may be about 
the precise interpretation of the probe’s output" 

West et al.“ and later Garner and Porter 
Sawistowski'’ and Schlunder'’ have pointed out that 
when the rate of mass transfer is high, the smallest 
bubbles can reach equilibrium before they leave the 
froth. This has important consequences in design which 
appear not to have been pursued. In such case it follows 
that the effective interfacial area in the froth is reduced, 
since the smallest bubbles play no part in the mass 
transfer process for much of their residence time. On the 
other hand, for very low rates of mass transfer the 
smallest bubbles, like the large bubbles, do not remotely 
approach equilibrium during their life in the froth and 
so contribute throughout their residence time to the 
effective interfacial area. Thus it can be seen that the 
effective interfacial area is a function of the extent of 
mass transfer. At this stage it is convenient to define the 
effective interfacial area of a froth more formally. It is 
the interfacial area of a froth consisting of uniform size 
bubbles in which the same amount of mass transfer 
occurs as in the actual froth. Such a uniform froth is 
inherent in the definitions'* of No, N, and N,. Figure 
1 shows the effective interfacial area a’ versus the 
number of overall gas phase transfer units No, caicu- 
lated using the mathematical model described below 

The consequences of the variation of the effective 
interfacial area with extent of mass transfer are far 
reaching in design. Thus, the basis of the AIChE pro- 
cedure is that separate correlations for N, and N, were 
obtained from experiments in which the resistance to 
mass transfer was confined either to the gas or liquid 
phases. The correlation for N, was obtained from 
experiments using the absorption of soluble gases or the 
humidification of air. In this case, because of the absence 
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Figure \. Effective interfacial area in froth plotted against No. Based 
on Ashley and Haselden’s bubble size distribution with u, = 0.6 ms ', 
u 1.68 ms‘ and é = 0.78. 


of liquid phase resistance, the rate of mass transfer is 
high. This means that the smallest bubbles would have 
reached equilibrium in the froth and the effective inter- 
facial area would have been considerably lower than the 
true interfacial area. For N,, on the other hand, the 
procedure was to measure the absorption or desorption 
of slightly soluble gases. Here there is a very large liquid 
phase resistance and the rate of mass transfer is low. As 
a consequence all bubbles, including the smallest ones, 
would have contributed to mass transfer throughout 
their life in the froth and the effective interfacial area 
would have been high and close to the true interfacial 
area. 

So it seems that the correlations for Ng and N, 
obtained in this way are based on quite different effective 
interfacial areas. Consider now the way the correlations 
for N, and N, are used in design. From the two-film 
theory we have 

l ] ‘ m (1) 
Koc kg 

In order to convert this equation to a form involving 
N, and N, various models of tray operation are invoked. 
These have been criticised previously'*, but their validity 
need not concern us here because the net effect, whether 
via a correct or incorrect model, is to divide equation (1) 
by a‘h,A/V to give 


= Ky,a’h,A|V 

=k,a’h,A/V 
1 = k,a’h,A/L (5) 
,=mV/L (6) 


Note that as we are interested in predicting Nog, we 
must divide equation (1) by the effective interfacial area 
which corresponds to the particular value of Nog in 
question. The difficulty should now be apparent. To 
predict Nog we need values of Ng and N, which involve 
the effective interfacial area corresponding to Nog. From 
the correlations, however, we only have values of N,, and 


N, which are based on quite different effective interfacial 
areas. The consequences of this are that Nog is generally 
overpredicted using conventional correlations for Ng 
and N,. This will be demonstrated below after devel- 
opment of the mathematical model. 


MATHEMATICAL MODEL 
Let f, be the fraction of the total volumetric gas or 
vapour flow carried through the froth by bubbles of 
equivalent spherical diameter d, and rise velocity u,. 
The total gas holdup fraction in the froth is given by 


é=u, 3 uf (7) 
i 1 U; 


where n is the total number of bubble sub-groups in the 
froth so that 


and u, is the superficial gas velocity. 

The true total interfacial area per unit volume of froth 
is 
S Si 
‘= ou, 
We now assume plug flow of gas through liquid which 
is completely mixed vertically. A mass balance over a 
differential height of froth, when integrated over the full 
height of the froth, gives the fractional approach to 
equilibrium (point efficiency) of bubbles of diameter d, 


(6h; Koc: 
canitiohy aa di 3 (9) 
dU; Pc , 


a=6, 


(8) 


The point efficiency for the gas as a whole, Eo, is given 
by 


n 


Ene) £5... (10) 


i=1 
The number of overall gas phase transfer units Nog is 
given by 
Nog = —I|n(1 — Egg) (11) 


So from equations 9-11, we have 


6h, Koc; 
Nog = —In| ¥. frexp( —— os 12) 
™ Pp Si exp( dU; Pg , (1) 


From equations (3) and (12) we obtain an expression for 
the effective interfacial area, 


Mass Transfer Coefficients 
To predict Ko; from equation (1), it is necessary to 
have values of the individual mass transfer coefficients 
for each phase k,;, k,; and for each particular bubble 
size. Assuming that the penetration theory holds for 
each phase, we have for spherical bubbles, 


iD» 0.5 
k= 29 ( 98 (14) 


Tl 


! 
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In equation (14), D,, is the molecular diffusivity, @, is an 
enhancement factor to account for turbulent diffusion 
and f, is the residence time of a fluid element at the 
bubble surface. Clearly this equation is over-idealised 
and it is difficult, if not impossible, to predict @; and 1,. 
Nevertheless this has not deterred some previous work- 
ers who have made the following assumptions: 


Refs. (4,9) @,= 1, t,;=d,/u,= the time for a bubble to 
rise a distance equal to its diameter, which was the 
original Higbe assumption””. 

Refs. (8, 14, 16) @, > 1, t; = A,;/u, = the time for a bubble 
to rise through the total froth height. 


These semi-arbitrary assumptions are not necessary if 
we rely on correlations for N,, and N, since the values 
of @, and f, are implicitly included in the correlations. 
Therefore in this work we combine ¢, and 1, and propose 
the foilowing very simple equations involving the un- 
known hydrodynamic factors, p, g, whose values must be 
determined by experiment. 


kg = ppc(D&y’ and k, = qp,(Dk)° (15) 


Distribution of Bubble Sizes and Velocities in Froths 

Two distributions are available from the literature. 
Ashley and Haselden® proposed that there are two 
groups of bubbles in froths having diameters d, ~ 5mm 
and d, ~ 50 mm. The rise velocity of the small bubbles 
u, is taken as 0.3ms~'. The small bubble hold up 
fraction is 0.7 (1 — é)/0.3 and that of the large bubbles 
is X =(é —0.7)/0.3 where é is the total gas holdup 
fraction. The rise velocity of the large bubbles is given 
by mass balance as uw, = [u, — 0.7(1 — X)u,)]/X. Clearly 
f, =[0.7u,(1 — X))/u, and fZ = 1—/f,. 

A second distribution is also available based on the 
work of Burgess and Calderbank’. 


The Effective Interfacial Area 
In view of the uncertainty in predicting the mass 
transfer coefficients, there seems to be no point in 
attempting to take into account their variation with 
bubble size. Consequently we assume that Kog = Kog; in 
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Figure 2. Effect of small bubble rise velocity on predicted effective 
interfacial area using Ashley and Haselden’s bubble size distribution. 
u, = 1.68 ms~', &€ = 0.78. 
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equation (13). Based on Ashley and Haselden’s bubble 
size distribution and a particular value of u, the true 
interfacial area a can be determined from equation (8) 
Equation (13) is then used to determine the effective 
interfacial area for a series of values of Ko f;/p-.,. The 
results are shown in Figure | as a’ against 
Nog = Kogh;a’/pgu,. Figure | shows that for a particu- 
lar bubble size distribution, the effective interfacial area 
falls with the extent of mass transfer represented by Nog 
At low values of No, a’ approaches the true interfacial 
area a, but at high No, the large bubbles dominate the 
situation and the effective interfacial area is drastically 
reduced. Figure 2 shows the sensitivity of the effective 
interfacial area to the assumed rise velocity of the small 
bubbles u 

Based on Calderbank’s work", Ashley and Haselden’s 
proposed value of u, = 0.3 ms ' is perhaps too small and 
in subsequent work we take nu, = 0.6 ms 


DETERMINATION OF N.. AND N, 

FOR METHANOL-—WATER DISTILLATION 

We are now in a position to determine N,, and N, 
from the methanol-—water distillation data reported in 
the companion paper taking into account not only the 
variation of physical properties with composition, but 
also the variation of effective interfacial area 

Combining equations (1), (12) and (15) gives, 


In Vf 


6h,p (De) 

(16) 
PL)(p/q)(DR/DiY?) | | 
The hydrodynamic factors p and g have been obtained 
at each of the four F factors used, by fitting equation 
(16) to the experimentally determined vaiues of Nog 
obtained as a function of m. An NAG computer pro- 
gram for parameter estimation was used for this. The 
bubble size and velocity distributions used were those of 
Ashley and Haselden (with uv, = 0.6 ms ~'), together with 
an average experimentally determined froth height of 
11cm. The changes of D&, D‘ and p,/p, with com- 
position are shown in Figure 3 which were predicted 
from Reid et al'’. The variation of m with liquid 
composition is also :ncluded in Figure 3. 

Figure 4 shows equation (16) fitted to the experi- 
mental data for F = 1.26. The values of p and g obtained 
are given in Table 1. 

Although it seems from Table | that the trend is for 
both p and q to increase with F factor, as might be 
expected, it is difficult to draw any very definite conclu- 
sions as only four F factors were used 

To determine the experimental vaiues of N,, and N, we 
combine equations (1) and (3-5) with equaticn (15) to 
give at total reflux 


1+ m( oe Iv \( nt ) | (17) 


; Pi q D*. - 
N, = Nog m +| )( \( ' (18) 
Po) \P/\ Da 
In these equations, the experimental values of No, were 
used together with the values of p and g obtained by 


(du)(1 +m (pg 


Ne - Noc 
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Figure 3. Variation of physical properties with composition for the 
saturated methanol—water system at atmospheric pressure. 


parameter estimation. In this way values of N, and AN, 
have been determined which take into account the 
variations with composition and effective interfacial 
area. This method of determining N, and N, from 
experimental distillation data is more accurate than any 
previously proposed method. Its power lies in the way 
the effects of composition and hydrodynamics are sepa- 
rated. The former can then easily be accounted for while 
the latter are held constant for results obtained at a fixed 
value of F factor. A qualification, albeit a minor one, is 
that average values of p and q are used over the 
composition range involved. In fact p and gq might be 
expected to depend on Reynolds number and hence 
show a slight dependency on composition through vari- 
ations in density and viscosity. 

The values of N, and N, found by the above pro- 
cedure are compared in Figure 5 with the values ob- 
tained by the simple ‘slope and intercept’ method for 
F = 1.26. It can be seen that the slope and intercept 
method considerably overestimates N, and also slightly 
underestimates N,,. The conclusion is that the slope and 
intercept method for obtaining N, and N, is unreliable, 
particularly for N,. Because of the complex interaction 
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Figure 4. Equation (16) fitted to the experimental data for F = 1.26. 


Table |. Values of the hydrodynamic factors p 
and q 
1.26 1.54 2.21 


126 112 367 
24 68 45 


between the effects of variations in composition and 
effective interfacial area, it is not clear how much 
significance should be attached to the apparent asymp- 
totic approach of the calculated N, values to the N, 
value obtained by the slope and intercept method. It is 
of interest that the liquid phase contributes about 30% 
of the resistance to mass transfer for this system. 


Comparison of N,, and N, with Values 
Predicted by AIChE Correlations 


Values of N, and N, obtained, as in the AIChE 
method, from correlations based on experiments where 
the resistance to mass transfer is concentrated entirely 
either in one or the other phase, are, by their nature, 
limiting values corresponding to high and very low rates 
of mass transfer. They also correspond therefore to the 
extremes of effective interfacia! area shown in Figure 1. 
As a result, under distillation conditions, we expect that 
N, will be overpredicted and N, unpredicted by the 
AIChE method. The correctly determined values of N, 
and N, at x =0.21 (corresponding to m= 1.07) are 
shown as a function of F factor in Figure 6, where they 
are also compared with the AIChE predicted values. The 
trends noted above are evident in Figure 6. 

For the range of Nog which existed in the distillation 
experiments (1 < Nog < 2), it follows from Figure | that 
the effective interfacial area is expected to be consid- 
erably lower than the true interfacial area and close to 
the effective interfacial area which obtained during the 
AIChE absorption experiments used to determine Ng. 
The error in the predicted value of N, from the AIChE 
correlation is therefore expected to be considerable, but 




















Figure 5. Experimental values of N,, (OQ) and N, (@) determined using 
the present model compared with values obtained from the “slope and 
intercept” method. F = 1.26. 
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Figure 6. Experimentally determined values of N, and N, using the 
present model compared with predictions from the AIChE cor- 
relations. 


the error in the N,, prediction is expected to be much less. 
This is confirmed by Figure 6 for N, but the AIChE 
prediction of N,, seems to be lower than expected even 
taking effective interfacial area effects into account. It is 
difficult to give a definitive reason for this. One expla- 
nation might be that the N, correlation (but not the N, 
correlation) was developed for bubble cap trays and is 
recommended unchanged for sieve trays. 

A particularly interesting feature of Figure 6 is that 
overprediction of N, is much reduced at the highest F 
factor near to the transition to spray regime operation. 
This is exactly what one might expect, because discrete 
bubbles probably do not exist under these conditions, so 
that the true and effective interfacial areas are similar 
and there should be no overprediction by the AIChE 
method as a result. 


IMPLICATIONS FOR DESIGN 


Apart from the interfacial area effect, there are other 
reasons why N,, and N, may be inaccurate when pre- 
dicted from the AIChE correlations. Some have been 
discussed in the companion paper and others include the 
over simplification of the influence of physical properties 
on N,, through the use of Sc°° and differences in tray 
design referred to above. It is important to realise 
however that even if these various effects are negligible, 
the interfacial area effect alone can cause a large error 
in the predicted point efficiency. We can demonstrate 
this as follows. 

Suppose values of N, and N, are available from 
correlations such as the AIChE correlations. These are 
denoted by (Ng):i, and (N,),;, since they are limiting 
values. (N):im Corresponds to pure gas-film resistance, 
so that m->+0, and the corresponding effective interfacial 
area a; can be estimated from Figure | by putting 
Nog =(No)tim- At the other extreme, (N,);j,. Ccorre- 
sponds to almost complete liquid-film resistance, say 
m-—> 1000, and the corresponding interfacial area aj, 
which is close to d, is obtained from Figure | by putting 
Nog = 0. For convenience we assume that the physical 
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properties, D,, and p, are independent of composition. 
The conventional AIChE procedure involves deter- 
mining Nog from equation (19). 


a l ‘ mV 
Nog (No) im L (N, ) im 


and then Eo, is calculated from equation (11). As argued 
above, this procedure is incorrect because (N,),,,, 
and (N,):im are based on different effective interfacial 
areas. The correct procedure is to first convert N,, and 
N, to a common effective interfacial area a’ appropriate 
to the predicted No, value. Thus the corrected N,, and 
N, values are given by 


(19) 


: are 
No ; (No) im (20) 
aG 


—_— 
N, _ > (Nim 


ay 
Then Nog is predicted from equation (2): 
l | mV 


Noo No LN 

Nog No LN, 
This value of Nog is used in Figure | to obtain a better 
estimate of a’ and the iterative procedure repeated until 
it converges. Finally Eo, is calculated from equation 
(11). The results of such a calculation are shown in 
Figure 7, where the conventional AIChE prediction is 
compared with the improved predictive method pro- 
posed here. Clearly the conventional procedure severely 
overpredicts point efficiency for values of m in the range 
1 to 10. This implies overprediction in absorbers and 
strippers where such values of m might be obtained. At 
the limiting values of m—+0 and m-— o, the two methods 
are in close agreement as is to be expected, since under 
these circumstances the true situations are close to the 
limiting conditions under which the correlations were 
obtained. 

Some of the worst consequences of the effects dis- 
cussed above can be avoided if the practice is abandoned 
of obtaining values of (Ng)yim and (Ny) rim from experi- 
ments where the resistance to mass transfer is confined 
to either one or the other phase. A much better pro- 
cedure is that described in this paper where N,, and AN, 
are obtained directly from a mixed resistance system, as 


(22) 
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Figure 7. Comparison of predicted point efficiency for (Ng) in 
and (N,)r im = 10.0 
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in the methanol—water distillation experiments. However 
even in this case, it should be recognised that it will be 
very difficult to correlate N,, and N, values obtained 
from experiments in which Nog is widely different, 
because the effective interfacial area in such experiments 
is also expected to differ widely. In practice this means 
that values from distillation (high No) and absorption 
and stripping (low No) experiments will be difficult to 
combine in a single correlation. The preferred approach 
would seem to be to correct each N, and N, to a 
common interfacial area using Figure | before cor- 
relation is attempted. 


DISCUSSION 

The theory developed above is valid only for trays 
working in the froth regime and is inapplicable to the 
spray regime. However froth regime operation is very 
likely for absorbers and strippers which tend to have 
high liquid loads. The methanol—water distillation runs 
reported here were all confined to the froth regime. We 
have also neglected mass transfer which occurs in the 
bubble formation region. The effects of non-uniform gas 
residence time are inapplicable to the formation region 
and as a result this wil! tend to reduce the overpredition 
by the conventional procedure shown in Figure 7. 
Further work is in progress to take this into account. 
Furthermore the error associated with the conventional 
AIChE method depends strongly on the bubble size and 
velocity distributions assumed. The sensitivity of the 
procedure to these distributions is also currently being 
investigated. Finally it is worth noting that predictive 


methods for mass transfer in packed columns, which 
involve combination of the resistance of the individual 
phases, are also of doubtful validity because of non- 
uniform residence time of the liquid. 


CONCLUSIONS 

The conventional procedure of predicting point 
efficiency is from correlations developed from experi- 
ments carried out under limiting conditions where the 
resistance to mass transfer is confined entirely either to 
the gas or liquid phases. This procedure is incorrect. It 
neglects the variation of the effective interfacial area with 
extent of mass transfer. This can cause overprediction of 
point efficiency particularly in absorption and stripping 
columns. A better approach is to correlate values of N, 
and N, obtained under conditions where the extent of 
mass transfer (No) is close to the value expected in 
practice. The correct procedure for obtaining such val- 
ues of N, and N, from methanol—water efficiency data 
has been demonstrated. It is recommended that this 
procedure should be adopted to process other efficiency 
data obtained in future in order to enable more accurate 
correlations for N, and N, to be developed. Further 
work is required on measurement of bubble size and 
velocity distributions in froths. 


SYMBOLS USED 
active tray area (m’) 
effective interfacial area/unit froth volume (m~') 
true interfacial area/unit froth volume (m~') 
effective interfacial area for pure gas phase resistance (m~') 
effective interfacial area for pure liquid phase resistance 
(m~') 
D&, D‘ gas and liquid phase molecular diffusivities (m* s~') 
d equivalent spherical bubble diameter (m) 
Murphree gas phase point efficiency 
F factor (kg’*m~°°s~') 
fraction of gas carried by bubbles of diameter d 
froth height (m) 
overall gas mass transfer coefficient (kmol s~'m *) 
gas and liquid film mass transfer coefficients (kmol s~'m 
liquid flow rate (kmols_') 
slope of equilibrium line 
number of overall gas phase transfer units 
number of gas and liquid phase transfer uniis 
number of bubble subgroups 
hydrodynamic factors (s~">) 
residence time (s) 
superficial gas velocity (ms_') 
rise velocity of bubble of diameter d, (ms~') 
gas flow rate (kmols ') 
holdup fraction of large bubbles 
mole fraction methanol in liquid 
gas holdup fraction 
mV/L 
enhancement factor 
gas and liquid densities (kmol m~*) 
Subscripts and superscripts 
i value for bubble sub group i 
Lim limiting value 
mean value 
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LIQUID FLUIDISATION OF HIGHLY POROUS 
PARTICLES 
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Highly porous particles, fabricated from a single strand of stainless steel wire, have been used successfully to retain biomass 
within fluidised bed fermenters. The ‘surface’ of these particles is rough and, when they are free of biomass, liquid flow 
occurs through them. As a consequence of these factors the fluidisation behaviour of the particles was found to differ from 
that of smooth solid spheres, for which adequate correlations are already available to predict minimum fluidising velocity 
and bed expansion characteristics. Experimental results are presented which show that (a) surface roughness may be allowed 
for by the introduction of a sphericity factor, @,, into the Ergun correlation and (4) the altered behaviour due to flow 


through particles may be accounted for by distinguishing between the flow through and around the particles and amending 
existing correlations accordingly. 


INTRODUCTION 


The past forty years have seen the exploitation of 
fluidisation phenomena in a wide variety of processes 
involving gas/solid systems, liquid/solid systems, and 
more recently three-phase systems. There are, however, 
many particle types, the fluidisation characteristics of 
which have received little attention to date. One example 
is the fluidisation of highly porous materials, such as 
those used in the fluidised bed fermenter of Atkinson 
and Lewis' and others*’. In such fermenters microbial 
cells are held within porous ‘support particles’ which are 
themselves fluidised by the liquor, often using recycle. A 
variety of microbes may be immobilised in this way 
giving a range of possible applications. In all cases the 
particles, and hence the cells, are retained within the 
fermenter, allowing continuous fermenter operation 
without cell washout. This technology and its possible 
applications have been described elsewhere**. To further 
the exploitation of fluidised microbial systems some 
information is desirable on the fluidisation behaviour 
of porous support particles. 

The Biomass Support Particles (BSPs) used in these 
fluidised bed fermenters are formed from knitted fine 
gauge stainless steel wire stocking (Figure la) by 
die-pressing (Figure 14). This creates spheres of high 
porosity through which fluid can flow. The length of 
stocking used is specified by the amount of stainless steel 
desired in the particle. Since only one die is used in the 
manufacturing process, particle size is very consistent, 
and particle weight is controlled to within + 10°. The 
particles chosen for this study were of 6mm nominal 
diameter with a porosity of 80°,. 

In a fermenter, particles start empty and gradually 
become filled with biomass (Figure Ic). Once filled, the 
forces of inter-particle abrasion largely prevent biomass 
overgrowth, and in this way a constant amount of 
biomass is retained within a continuously operated 
fermenter. With certain modes of operation it is also 
possible that particles ranging from empty to full may 
co-exist in the fermenter. Thus, in order to be able to Figure 1. Biomass support particle structure. (a) Knitted stocking 
characterise bed behaviour, it is important to have (4) Empty BSP, (c) Filled BSP 
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Figure 2. Flow around and through spherical particles. (a) Smooth 
solid sphere (glass bead). The upward force is due to resistance to flow 
around the sphere. (4) Rough ‘solid’ sphere (filled BSP). As for smooth 
solid sphere but the resistance is increased due to surface roughness 
(c) Rough porous sphere (empty BSP). As for filled BSP except that 
the net resistance will be less, due to flow of fluid through the particle 


available information on minimum fluidising velocities 
and bed expansion for both empty and filled particles. 


THEORY 


Minimum Fluidising Velocity 
When a fluid flows upwards around a smooth, solid, 
spherical particle (Figure 2a), frictional forces cause a 
pressure drop which, when equal to the buoyant particle 
weight, will support it against gravity. For a bed of such 
particles the superficial velocity required to achieve this 
pressure drop is termed the minimum fluidising velocity. 
Various expressions exist for the prediction of this 
velocity, but probably the most widely applicable is that 
based on work by Ergun. The Ergun correlation’ ex- 
presses pressure drop through a fixed bed of particles as 
the sum of viscous and kinetic energy losses. At the onset 
of fluidisation the pressure drop should equal the 
buoyant weight of the bed and this is described by the 

familiar correlation® given by equation (1). 


| — Ems) HU ns 


= 
150 


(p, — p)gd> 
I p.Uin 
emt (Ps — P)Rd, 


© mf 


+1.75 =| (1) 


For porous particles p, is the apparent density and is 
defined by 
Pp, = (1 — W) Pm + Wp; (2) 
where wy is the porosity of the particle and p,, and p, are 
the densities of the matrix material (here, stainless steel) 
and interstitial material (e.g. agar, water) respectively. 
Equation (1) properly applies only to smooth, solid 
spheres and should, therefore, be modified to account 
for the ‘rough’, porous spheres used as Biomass Support 
Particles. For a BSP filled with biomass (which can be 
considered to be a solid sphere with a rough surface) 
Figure 2b shows that the surface area will be greater than 
that for a smooth sphere of the same nominal diameter. 
As a result of the roughness, the necessary pressure drop 
for fluidisation will be provided at a lower superficial 
velocity. No methods have been developed to allow for 
surface roughness, which is in any case difficult to 
quantify. In the case of the particles under consideration, 
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however, the roughness manifests itself more as a lack of 
sphericity which may be accounted for by the use of 
Wadell’s’ sphericity factor 

, = Surface area of a sphere having the same volume as 

the particle/Actual surface area of the particle 

The sphericity factor is unity for a true sphere and less 
for other shapes. It may be used as an amendment to the 
Ergun correlation’. 
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For irregular shapes the value of the sphericity is difficult 
to measure directly. Wen and Yu* believed that if wall 
effects can be neglected the packed bed voidage, ¢, 
should depend only on the shape factor regardless of the 
diameter of the particle. They showed that experimental 
data, covering a wide variety of particle shapes and 
packed bed voidage, could be described by the following 
approximations 
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Equations (4) and (5) may be substituted into equation 
(3) simplifying it to: 

pun 
(p, — p)gd, 

In the case of an empty BSP (Figure 2c) the effect of 
surface roughness still exists but the superficial velocity 
required for fluidisation will be greater than that for a 
filled BSP due to some of the fluid passing through the 
particle. 

The flow through a single porous particle will have an 
average velocity (u,,) which will be a function of AP. This 
takes the general form 

AP 
L. 


where K’ and K” are constants and L. is the character- 
istic length. In certain cases the second term is negligible 
and equation (7) then reduces to Darcy’s Law’. 
Sutherland and Tan'’, considering theoretically the 
settling of an isolated porous sphere suggested that for 
porosities as high as 99°, the extent of internal flow 
would be negligible. They had, however, made the 
limiting assumptions that the particle consisted of a 
cloud of smaller, impermeable spheres of equal size and 
that Darcy’s Law applied to flow through the particle. 
Neale et al.'' preferred the Brinkman extension to 
Darcy’s Law and showed using this approach that a 
significant amount of flow could occur through porous 
particles. Matsumoto and Suganuma” confirmed this 
experimentally, using open structures of stainless steel 
similar to BSPs. 

For a bed of porous particles the contribution to the 
superficial fluid velocity, due to flow through the 
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= K’ wu,+ K" pu? (7) 
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particles (U,) is given by 
U,=u,(1 —«) (8) 


Below the point of incipient fluidisation (1 — ¢) is con- 
stant and U, increases due to the increasing pressure 
drop. During fluidisation the pressure drop across the 
bed should remain constant and equal to the buoyant 
weight of the bed, resulting in a constant amount of flow 
through each particle, upjm..)- Consequently U,, is at its 
maximum at incipient fluidisation and beyond this will 
decrease as bed voidage increases, so 

U,, = Upimaxy(1 — &) (9) 
where ¢; is the bed voidage during fluidisation. 

Since both the flows around and through the particles 
are functions of AP it follows that the observed 
superficial velocity through the bed at incipient 
fluidisation will be 


Ut - Uns a (U3) mt ( 10) 


where U,,,; is given by equation (6) and (U,),,, 1s given by 
the equation 
( l Aw = 


Upienaxy( 1 — Eme) (11) 


Bed Expansion 
Richardson and Zaki'’ have shown that for a fluidised 
bed the superficial velocity, U, can be related to bed 
expansion by, 


(12) 


(13) 





The value of n was found to be 2.39 for smooth spheres 
when Re, > 500, but for rough or non-spherical particles 
a different value of n can be expected. For porous 
particles, however, equation (12) must be modified to 
allow for the effect of flow through the particles. In this 
case the actual superficial velocity contributing to bed 
expansion is given by | U,, ie. that which flows 
around the particles, and equation (12) becomes, 


(l U,) 


t 


(14) 


EXPERIMENTAL WORK 


Fluidisation 

The fluidisation of 6mm diameter glass beads was 
studied to test the applicability of equation (1) for large, 
smooth, solid spheres. Following this, 6mm diameter 
BSPs filled with agar (which has approximately the same 
density as biomass) were used in order to test the 
effectiveness of using the sphericity term to account for 
surface roughness. Finally, empty 6mm diameter BSPs 
were studied and attempts were made to measure the 
extent of flow through them 

The fluidisation tests were carried out, using water as 
the fluidising medium, in a glass vessel of 7.6 x 10°>-m 
diameter (Figure 3). Liquid flowrates were measured by 
rotameter and pressure drops were measured on a 
carbon tetrachloride manometer. The beds of particles 
were weighed before use and fluidised for a short time 
before measurements were made in order to allow the 
bed to settle to the maximum stable voidage. A foam 
pad located at the base of the column assisted liquid 
distribution. 

The apparatus used to study the extent of flow 
through particles (Figure 4) consisted of a glass tube of 
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Figure 3. Apparatus used for fluidisation studies. A—manometer. B—glass test section. 
E—holding tank. 


particle support plate. D—foam pad distributor 
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Figure 4. Apparatus used to measure flow through particles. A 
water supply. B—cylindrical test section. C—porous particle. D 
manometer. E—measuring cylinder. 


internal diameter equal to the diameter of a BSP 
(6 x 10°-*m). A single BSP was placed within the tube 
and water allowed to pass through it. The resultant 
pressure drop was transmitted to a carbon tetrachloride 
manometer where the small changes were measured 
using a travelling microscope. When the pressure drop 
across the BSP was equivalent to its buoyant weight 
(5.36 mm, water) a measure of the water flowrate was 
made by collection in a graduated cylinder over a period 
of one minute. The average of such measurements made 
for ten BSPs was used to calculate u, 


p(max)* 


Terminal Settling Velocities 
Individual particles were released under water in a 
0.3m diameter glass column and measurements were 
made of the time taken to descend through a 2.3m 
section of the column. 


RESULTS 

Diameter, buoyant density and porosity measure- 
ments based on displaced volume for each of the particle 
types used are given in Table 1. 

Fluidisation data at three settled bed heights (SBH) 
for each type of particle are plotted as pressure drop 
against superficial liquid velocity, U, in Figures 5, 6 and 
7, and as U against bed voidage in Figures 8, 9 and 10. 

Measurements of flow through empty BSPs gave a 
mean value for u of 7.5x 10~*ms~! (with a 


p(max) 


Table \. Specifications of particles used in the fluidisation studies 


Buoyant density 
Diameter p.—p 


Porosity 
Particle (m) 


(kg.m ‘ Wy 
Glass bead 6.06 x 10 
Agar-filled BSP 5.98 x 10 
Empty BSP 5.98 x 10 


1.59 x 10 0 
1.34 x 10° 
1.34 x 10° 





AP (mm. water 


o 0*:2m SBH (1°42kg) 
v 0-15mSBH (1-06kg) 
x 0-1m SBH (0-71kg) 


j 1 \ 
0-05 0-10 0-20 


U(m.s™) 











0-03 


Figure 5. Pressure drop (AP) across the bed against superficial liquid 
velocity (U) for various static bed heights (SBH) of 6 mm glass beads. 
Bed mass is shown in parentheses. The buoyant weights of the three 
beds of particles are represented by the points and A, B and C. 


standard deviation of 0.47 x 10°*ms from 10 
particles). One set of fluidisation data for empty BSPs is 
shown in Figure 11 both as U against bed voidage and 
as U — U, against bed voidage, U, having been defined 
by equation (9). 





—s 


AP (mm.water) 
uv 
am | 


o 0-3m SBH (1°50kg) 
v 0-2m SBH (1-00kg) 


x O-1m SBH (0-50kg) 
l l 
0-10 0-20 


Uim.s”) 











Figure 6. Pressure drop (AP) across the bed against superficial liquid 
velocity (U) for various static bed heights (SBH) of 6mm BSPs, 
agar-filled. Bed mass is shown in parentheses. The buoyant weights 
of the three beds of particles are represented by the points A, B and 
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Figure 7. Pressure drop (AP) across the bed against superficial liquid 
velocity (U) for various static bed heights (SBH) of 6mm BSPs, 
empty. Bed mass is shown in parentheses. The buoyant weights of 
the three beds of particles are represented by the points A, B and 
C 





5 


Results relating to incipient fluidisation are presented 
in Table 2. These include; particle Reynold’s number, 
Re,; bed voidage, superficial liquid velocity due to 


“mf> 
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flow through the particles, (U,),.-; and observed mini- 
mum fluidising velocity. The minimum fluidising 
velocities were determined by linear regression analyses 
(a) from the pressure drop (fixed-bed) data as the point 
at which AP was equivalent to the buoyant weight of the 
bed and (4) from the bed expansion data as the point at 
which ¢ = é,,>. Table 3 shows results for the expanded 
bed including; particle Reynold’s number at terminal 
settling velocity, Re;; Richardson—Zaki exponent, n; 
superficial liquid velocity at infinite bed expansion, U;; 
and terminal settling velocity, U;, from bed expansion 
data and as measured directly. Values for n and U, were 
determined by linear regression analyses of the bed 
expansion data, and U; by using equation (13). In both 
Tables 2 and 3 the results determined by linear re- 
gression analyses represent overall values from the three 
bed heights studied for each particle type. In the case of 
empty BSPs the bed expansion data used for the linear 
regression analyses was of the form | U,, against bed 
voidage so that the observed minimum fluidising velocity 
was given by equation (10). 

Theoretical minimum fluidising velocities calculated 
for each particle type are compared with the experi- 
mental results in Table 4. It should be noted that in all 
cases Re, was greater than 20 and less than 1000 so that 
neither kinetic nor viscous energy could be 
neglected in the calculations. 


terms 


DISCUSSION 
The fluidisation results for all three particle types 
when plotted as pressure drop against superficial liquid 
velocity on logarithmic axes (Figures 5, 6 and 7) showed 
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Figure 8. Superficial liquid velocity (U’) against bed voidage (¢) for various static bed heights (SBH) of 6mm glass beads. Bed tass is shown 


in parentheses. 
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Figure 9. Superficial liquid velocity (U) against bed voidage (¢) for various static bed heights (SBH) of 6mm BSPs, agar-filled. Bed mass 


is shown in parentheses 


the expected pattern of linear increase followed by an 
abrupt change at the point of incipient fluidisation’’. 
Ideally, the pressure drop at this point should be 
equivalent to the buoyant weight of the bed and no 


further increase should occur. 
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The results, however, 


showed minor deviations from this in that the transition 
from the fixed bed to the fluidised bed occurred, albeit 


abruptly, at a 


pressure drop marginally lower than that 


expected, and also that beyond the point of incipient 
fluidisation the pressure drop continued to increase very 





LJ 





| 3 


0-2mSBH 
(0-66kg) 


T 








j l 





0-4 


0-6 0-8 1-0 
€ 





T T 
0-3m SBH 
(0-99kg) 











Lb Rial 
0-4 0-6 0:8 1-0 





Figure 10. Superficial liquid velocity (U) against bed voidage (¢) for various static bed heights (SBH) of 6mm BSPs, empty. Bed mass is 


shown in parentheses. 
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expected, this behaviour was observed with all three 
particle types over the range of static bed heights 
studied, and is probably indicative of imperfect liquid 
distribution across the cross-section of the bed" 
Another general observation during the fluidisation tests 
was that in all cases a certain amount of compacting of 
the bed occurred prior to the onset of fluidisation, see 
Figures 8, 9 and 10. This was because each fluidisation 
experiment was carried out after having first allowed 
the bed to settle to its maximum stable voidage. A small 
amount of further settling was therefore to be expected 
as the superficial liquid velocity was increased during the 
fixed bed phase. 

Data for agar-filled and empty BSPs from Figures 6 
and 7, representing the same static bed height, have been 
plotted together in Figure 12. This comparison shows 
that the pressure drops at fluidisation are equal, and that 
the relationships between pressure drop and superficial 
velocity in the fixed bed have similar gradients, though 
these are displaced along the x-axis. Equal pressure 
drops may be expected during fluidisation since the 
buoyant weight of the bed was the same in both cases, 
j = but the displacement of results along the x-axis is of 
O04 0-6 08 1-0 significance as the particles are identical, apart from the 

€ liquid flow which can occur through empty BSPs. Since 

Figure |i. Superficial liquid velocity (U’) against bed voidage («) for this is the only difference, it may reasonably be expected 

one static bed height of 6mm BSPs, empty raw data @—data that the displacement along the x-axis at the point of 

modified to account for flow through the particles, i.e. U — U, against incipient fluidisation will be equal to (U,),,., see equation 

é. (10). Indeed, the value of 3.4 x 10°°m.s taken 

from Figure 12 compares extremely well with the 

slightly with increasing superficial liquid velocity. value of 3.37 x 10°-m.s~' obtained from the mea- 

Although the measured pressure drop at incipient surements of flow through individual, empty BSPs 
fluidisation was in no case more than 9°, lower than that (Table 2). 














Table 2. Results relating to incipient fluidisation 


Observed minimum fluidising 
velocity from 


Expanded bed 
Fixed bed data data 
Particle Re. ” (m.s~') (m.s~') 


Glass bead 360 J x 10 6.15 x i0 
Agar-filied BSP 340 5 , 5.81 x 10 5.58 x 10 
Empty BSP 550 : x 25 x 10 9.46 x 10 


Table 3. Results relating to the expanded bed 


{ I l T 
(from equ. 13) (by direct measurement) 
Particle Re, (m.s~') (m.s~') 
Glass bead 3200 0.492 536 
Agar-filled BSP 2200 0.380 368 
Empty BSP 2200 2. 0.398 365 


Table 4. Experimental and theoretical values of minimum fluidising velocity 


Theoretical minimum fluidising velocity 
Observed minimum fluidising 
velocity based on Smooth Rough Rough, porous 
: sphere sphere sphere 
fixed bed data expanded bed (equation | (equation 6) {equation 10) 
Particle (m.s~') data (m.s~') (m.s~') (m.s~') (m.s~') 


Glass bead 6.03 x 10>? 6.15 x 10>? 6.40 x 10 
Agar-filled BSP 5.81 x 10°? 5.58 x 10~? 7.85 x 10 $33 x 10-* 
Empty BSP 0275x2-* 9.46 x 10°° §.33 x 10 8.70 x 10 
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0-05 0-10 0-20 
-| 
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Figure 12. Pressure drop (AP) across the bed against superficial 
liquid velocity (U) for a 0.2m static bed height of: O, 6mm BSPs, 


agar-filled; ‘7, 6mm BSPs, empty. The horizontal line at A represents 
the buoyant weight of both beds of particles 





Minimum Fluidising Velocity 

Attempts at predicting minimum fluidising velocity 
have been made for each of the particle types and these 
are shown in Table 4. The original correlation proposed 
for smooth, solid spheres, equation (1), gave a reason- 
able prediction when used for the 6 mm glass beads. This 
suggests that the correlation is suitable for large particles 
of the size of BSPs. 

For the agar-filled BSPs where the ‘non-sphericity’, 
due mainly to surface roughness, is considerable, the 
results in Table 4 show that equation (1) was clearly 
unsuitable. In this case using the modification of Wen 
and Yu*, equation (6), gave a much better prediction, 
indicating the usefulness of this simplification of the 
original correlation. 

Having established the suitability of equation (6) to 
accommodate surface roughness in BSPs it can be seen 
(Table 4) that, used alone, this was insufficient to give a 
good descripuon of the fluidisation of empty BSPs, since 
some liquid flows through the particles. Equation (10) 
has been used to account for the phenomenon of flow 
through the particles, and the much improved prediction 
of minimum fluidising velocity obtained supports the use 
of this approach. 

In predicting the minimum fluidising velocity of emptv 
BSPs a measured value of (U,),., was used in equation 
(10). Clearly, it would be advantageous to be able to 
predict theoretically the extent of flow through the 
particles. Existing correlations for flow through porous 
media’ are generally for materials containing small pores 
through which flow is highly restricted and where 
Reynold’s numbers are usually extremely low (<1) so 
that the flow regime is quite different to that which can 


exist when water flows through BSPs. Probably the best 
correlations for flow through BSP type structures could 
be developed from those which described flow through 
packed beds. Examination of possible correlations 
would involve the use of such quantities as permeability 
and specific surface area within BSPs, these are not as yet 
available and would require separate study. 


Bed Expansion 

Beyond the point of incipient fluidisation, bed 
expansion for glass beads and agar-filled BSPs is shown 
by Figures 8 and 9 to follow the type of relationship 
observed by Richardson and Zaki'*’. The value of the 
exponent n (2.31) for glass beads (Table 3) was similar 
to that reported for smooth spherical particles (2.39). 
The higher value observed for agar-filled BSPs was 
probably due to the increased resistance to flow offered 
by the extended surface area of these particles. In this 
case a given increase in flow could reasonably be 
expected to cause a greater degree of bed expansion than 
for smooth spheres. 

It is evident from the non-linearity of the data shown 
in Figure 10 that the Richardson and Zaki relationship 
does not apply directly to the fluidisation of empty BSPs. 
However, the data can be modified to account for the 
flow of liquid through the particles by subtracting U,, 
obtained from equation (9), from the measured 
superficial velocity and plotting the value of (U — U)) 
against bed voidage. Figure 11 shows such a plot along 
with unmodified data for empty BSPs at one SBH. The 
Value Of Usimay) USed to determine U,, was that obtained 
by direct measurement of flow though individual BSPs 
(i.e. 7.5x10~*m.s~'). The usefulness of such a 
modification is apparent from the linear plot obtained in 
Figure 11, and this supports the use of equation (14) in 
describing bed expansion characteristics of empty BSPs. 
The exponent n obtained from the modified data was 
similar to that for agar-filled BSPs, see Table 3, and this 
reflects the similar behaviour of the two particle types 
once the flow through empty BSPs has been taken into 
account. 


Terminal Settling Velocity 


Table 3 shows that for both glass beads and agar-filled 
BSPs the terminal settling velocities obtained from the 
bed expansion data via the Richardson and Zaki 
relationship and equation (13) compared well with those 
measured directly. For empty BSPs, equation (14) used 
with equation (13) gave a reasonable value compared to 
that measured. 

It is interesting to note the almost identical measured 
values of terminal settling velocity for empty and agar- 
filled BSPs. The data in Figures 1] and 12 as well as the 
direct measurements made on individual BSPs indicate 
that a considerable amount of flow occurs through 
empty BSPs, which might suggest a difference in settling 
behaviour’. During settling, however, if the liquid is 
considered to be moving and the particle to be stationary 
the superficial velocity will be given by 


Uy = ugé + up(l — €) (15) 
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where u, and up are the velocities around and through 
the particle respectively. At infinite dilution, where e— 1, 
the contribution of flow through the particle will there- 
fore tend to zero. The buoyant weight of an empty BSP 
is essentially equal to that of an agar-filled BSP and the 
external surface of the two particles is the same. Con- 
sequently, u, may be expected to be the same in both 
cases, resulting in equal terminal settling velocities. 
Previous studies of porous particles'’'''* have suggested 
that a significant internal velocity may have a noticeable 
effect on terminal settling velocity, but these studies have 
been limited to the creeping flow regime and therefore 
may not be applicable to the flow of water through and 
around BSPs. 

In terms of fermenter operation the separation of full 
and empty BSPs may be advantageous”. If, for example, 
full particles, perhaps as a result of their lower fluidising 
velocity, were to occupy the top section of the bed it 
would be possible to remove them, extract the biomass 
and return them empty to the fermenter. Generally, 
particles of the same density will segregate in a fluidised 
bed if there is a sufficient size difference'*'® and equally 
sized particles will segregate if there is a density 
difference.'”'* Empty and filled BSPs have similar 
densities (the density of biomass is essentially the same 
as that of water) and are of the same size so would not 
segregate on these bases. However, they do exhibit 
different fluidisation behaviour due to the effects of 
porosity and it may be possible in due course to exploit 
this phenomenon to achieve segregation between empty 
and filled particles. Preliminary attempts to achieve such 
segregation by adjustment of the liquid flow rate have so 
far been unsuccessful. 


CONCLUSIONS 

The 6mm _ glass beads exhibited conventional 
fluidisation characteristics, thus indicating that the 
established correlations of Ergun’, equation (1), and 
Richardson and Zaki'’, equation (12), were applicable to 
large particles and that the experimental techniques 
employed were satisfactory. 

The modification made to the basic Ergun correlation, 
to account for surface roughness, equation (6), was 
shown to give a satisfactory prediction of minimum 
fluidising velocity for agar-filled BSPs. 

Results for empty BSPs showed quite clearly some of 
the effects on fluidisation behaviour caused by their 
highly porous nature. Modifications introduced to 
existing correlations in order to improve the prediction 
of minimum fluidising velocity equation (10), and to 
correlate bed expansion with superficial velocity, 
equation (14), for these particles proved adequate. 


SYMBOLS USED 
particle diameter 
bed diameter 
acceleration due to gravity 
constants in equation (7) 
characteristic length used in equation (7) 


Chem Eng Res Des, Vol. 61, March 1983 


exponent in bed expansion correlation 
pressure drop 

particle Reynold’s number at _ incipient 
fluidisation 


[= oe, 


ul 


particle Reynold’s number at terminal 
settling velocity 


(=*) 


i 
velocity around a particle 
velocity through a particle 
velocity through a particle when AP equals 
the buoyant weight of the particle 
superficial velocity based on cross-sectional 
area of bed 
superficial velocity at infinite bed expansion 
superficial velocity at incipient fluidisation 
superficial velocity at incipient fluidisation 
for porous particles 
superficial velocity due to flow through the 
particles 
U,, at incipient fluidisation 
terminal settling velocity 
bed voidage 
bed voidage during fluidisation 
bed voidage at incipient fluidisation 
viscosity 
density of liquid 
density of interstitial material within porous 
particles 
density of matrix material of porous particles 
density of particle 
sphericity factor 
particle porosity 
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BOOK REVIEWS 


Advances in Biochemical Engineering, Volume 20 
Edited by A. Fiechter 

Springer-Verlag, Berlin 1981 

Pp 209, US$38.20 


The wild enthusiasm of the biochemical engineering 
community for solving the world’s fuel problems is 
giving way to a healthy realism and a growing under- 
standing of the limitations as well as the potential of 
microbes and enzyme systems. The twentieth volume of 
Advances in Biochemical Engineering is devoted to a 
review of the state of the art and the worldwide or- 
ganisation of R&D in the area. 

The paper by Chang, Chou and Tsao (28pp, 80 refs.) 
reviews the structure of cellulose and the various pre- 
treatments which enhance enzymic hydrolysis. The evi- 
dence for complete hydrolysis of whole cellulose mole- 
cules in one one go by the cellulase system, rather than 
by random attack, is presented and cellulase kinetics are 
discussed in some detail. The hemicellulose fraction of 
lignocellulosic material is the subject of intensive devel- 
opment as a fermentation substrate at present. The 
chemistry of hemicellulose and the biochemistry of 
pentose metabolism is also reviewed in this volume by 
another group from Purdue University, Gong, Chen, 
Tsao and Flickinger (26pp, 193 refs.). The review goes 
on to outline briefly some of the fermentation results 
obtained with pentones in ethanol and polyol pro- 
duction. 

Maiorella, Wilke and Blanch provide a useful review 
on alcohol production and recovery (SOpp, 172 refs.). 
The conventional batch process is described and most of 
the newer alternatives discussed: continuous processes 
with and without cell recycle, CSTR, tower, dialysis and 
immobilised cell fermenters and of course methods of 
continuous ethanol removal from the fermentation. De- 
velopments in ethanol recovery are reviewed and the 
basis for by-product credits briefly discussed. 

A contribution by Kosaric, Duvnjak and Stewart 
brings together published data on costs of processes for 
ethanol from corn and from hypothetical processes from 
several starch and sugar sources and from various 
lignocellulosic material. The cost data assume mostly the 
N. American setting and are based on work published in 
1978-1986. Both technology and cost have moved since 
then so the figures can only be taken as a very rough 


guide. For those wishing to play the game of net energy 
analysis there are eight pages of data collected from 
various sources on both agricultural and distillery energy 
use. 

In a summary of the programme in the USA, Bungay 
perhaps dismisses too lightly the thermochemical treat- 
ment of biomass, and goes on to describe, briefly, the 
biochernical projects. His conclusions that “the remain- 
ing hurdles for commercialisation are not very difficult 
and further refinements can change for good to out- 
standing profitability’ need a more critical analysis, 
which fortunately is given elsewhere in the volume. 
Other articles give summaries of work in Brazil, Finland, 
FRG, South Africa, Sweden and Switzerland. The arti- 
cles on South Africa and Brazil report a number of 
practical processes in commercial operation. 

In an area which generates almost as many reviews as 
original work, it is difficult to produce a significant 
contribution to the review literature. This volume is a 
broad, rather than in-depth study and will primarily be 
of interest to those looking for a summary of the state 
of the art in an important area of biochemical en- 
gineering. 


R. C. Righelato 


Advances in Biochemical Engineering 

Vol. 21. Microbes and Engineering Aspects 
Edited by A. Fiechter 

Springer-Verlag Berlin, 1982 

Pp 232, US$42.90 


This volume of the series contains four review articles, 
each covering quite separate areas. Two are concerned 
with microorganisms and microbial metabolism; that is 
the production of microbial biomass and the microbial 
fixation of atmospheric nitrogen. The other reviews are 
more engineering based, one covering the modelling of 
microbial metabolism and enzyme formation, the other 
dealing with engineering aspects of foams in bioreactors. 
An overall view of this latest volume is that it is much 
in keeping with the rest of the series, providing good 
comprehensive reviews of biochemical engineering devel- 
opments. 
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BOOK REVIEWS 


The first article is a review by C. Rolz (ICAITA, 
Guatemala) and A. Humphrey (Lehigh, USA) of some 
700 recent references on the production of microbial 
biomass from renewable sources. Substrates such as 
straw, fruit skins, wood, bagasse etc. are all covered. The 
review may best be described as a preliminary intro- 
duction to methods available for utilising the substrates. 
However, the author’s reliance on other major reviews 
gives a rather unbalanced article. This, along with a 
deliberate lack of critical commeni limits the usefulness 
of the review. Substrate pretreatment, choice and eco- 
nomics are among the topics covered very briefly. 


In contrast V. P. Gutschick (Los Alamos Laboratory) 
presents a detailed and comprehensive review of the 
energetics of microbial fixation of dinitrogen. The article 
aimost exclusively concentrates on free-living nitrogen 
fixing microorganisms and mainly in their use to aid 


crop growth directly or indirectly in the production of 


fertiliser replacements. Extensive comment is presented 
on the biochemistry and thermodynamics of nitrogen 
fixation, and the author ends with some useful comments 
on the data, or rather lack of data, available for eco- 
nomic and energy balance assessment. 


A. Harder (Gist Brocades) and J. A. Roels (Delft) 
present a welcome although complicated article re- 
viewing the application of structured models in bio- 
engineering. As in chemical engineering, adequate 
models are needed to describe reaction kinetics. Two 
examples are used; the primary metabolism of micro- 
organisms is discussed even for quite complex systems 
such as activated sludge used in sewage treatment, and 
the microbial synthesis of enzymes subject to genetic 
control. The review emphasises the complexity of many 
of the models available and the need to ensure applica- 
bility and relevance. 


The problem of foam formation and its control during 
microbial growth is an area of biochemical engineering 
needing more attention. U. E. Viesturs ef a/. (Latvian 
SSR) provide a much needed review of this area. De- 
tailed comment is given on the design foam breakers, 
especially of the mechanical form, and of antifoam 
agents available for foam control. Instrumentation for 
foam control is also reviewed as are also some of the 
positive factors arising from the existence of a foam 
phase including improved oxygen mass transfer. 


M. D. Lilly 
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Bacteria and the Enhancement of Oil Recovery 
V. Moses and D. G. Springham 

Applied Science Publishers Ltd, 1982 

Pp 178, £16.00 


In a mere 164 pages the authors attempt to cover the 
combination of two very complex subjects—enhanced 
oil recovery and microbiology. Consideration is initially 
given to a brief general description of oil field recovery 
mechanisms. This is followed by a similar introduction 
to microbiology. The problems that a microbial culture 
would face in attempting to grow under reservoir condi- 
tions and in so doing produce products useful for the 
enhancement of oil recovery is then discussed in detail 
with a liberal sprinkling of details of field projects, albeit 
mainly from the Eastern bloc countries. Methods of 
adapting bacteria to grow in the inhospitable environ- 
ment of an oil reservoir are also given. It is presumed the 
book is aimed primarily at microbiologists rather than 
engineers, although in many places it assumes only a 
limited knowledge. 

In general, the book concentrates on how bacteria 
may be used to obtain the same effects as chemical 
physical EOR techniques, e.g., the production of 
surfactants/ bio polymers and/or gas. By necessity em- 
phasis is given to reporting MEOR projects carried in 
Stripper well environments where the nutrients (generally 
molasses) are injected with the bacteria. Recovery from 
such wells is only minimal and any fluid injected into the 
reservoir will affect the situation. The authors’ experi- 
ence in this situation also surfaces, albeit outmoded 
elsewhere. It is stated that when oii recovery declines use 
is made of secondary recovery. The economics of large 
fields generally dictate that secondary recovery schemes 
are implemented with the commencement of oil pro- 
duction. Indeed it can be shown that in most cases EOR 
is uneconomic if not tackled relatively early in field life. 

Little attention is devoted to heavy crudes, reduction 
in viscosity of heavy oils; selective degradation of high 
molecular weight crude oil constituents and removal of 
waxes. The authors very correctly stress that a quantum 
leap in technology is required for the successful imple- 
mentation of a MEOR project under typical North Sea 
conditions. This will require a multi-discipline approach 
both by academic institutions and oil companies. This 
book clearly indicates some of the problems involved in 
MEOR, but hopefully will also serve to encourage on 
account of potential oil recovery gains 


R. W. Mitchell 





CORRESPONDENCE 


TURBULENT FLOW IN 
AN AGITATED VESSEL 


From: 

Dr I. Fort 

Department of Chemical Engineering 
Prague Institute of Chemical Technology 
166 28 Praha 6, Suchbatarova 5 
Czechoslovakia 


With considerable interest I have read Drs Harvey and 
Greaves’s paper’ on numerical solution of the partial 
differentiai equation for transport of the scalar or vector 
quantity in the dissipative turbulent field in a stirred 
vessel. 

This contribution is of great value because of the 
concept of simulation of such a unit operation as mixing, 
especially for further computations with two or three 
phases in an agitated charge. Nevertheless, being a first 
attempt, it has certain problems open with respect to the 
interpretation of experimental data and to the com- 
parisons with other models. In the scientific literature 
there are a number of experimental data*’ obtained by 
means of different experimental techniques 1n liquids 
mainly water (hot-film anemometry, photographic tech- 
nique, Pitot tubes etc.). These data were taken for the 
determination of the mean-time as well as of the tur- 
bulence characteristics of the flow in a stirred system. 
For this reason it seems rather insufficient just to 
compare the results computed by the authors’ with the 
data obtained from one article’? only, moreover, the 
presented experimental results were obtained with air as 
a model agitated fluid. 

There are analytical models for the flow of stirred 
liquid in the system in question®'''*. These models 
describe with suitable accuracy the field of mean veloc- 
ities and, in the important region, also the Reynolds 
stress. Which approach is then better for the description 
of the flow in a stirred system, a simple analytical or a 
complex numerical model? With respect to the harmony 
between the experimental data and the results obtained 
from the theoretical procedures, the analytical model has 
so far appeared to be more adequate. 

I believe that the authors' of the paper will accept my 
comments with understanding and consideration. 
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Reply from: 

Dr P. S. Harvey 

AVL, Kleiststrasse 48 

Graz A-8020, Austria 

and 

Dr M. Greaves 

School of Chemical Engineering 
University of Bath 

Bath, BA2 7AY 


The authors are pleased to have an opportunity to reply 
to the comments of Dr I. Fort. He raises two points for 
discussion: (a) predictions are compared with only one 
set of experimental data—note in passing the use of air 
as the working fluid is not without justification’, while 
the computations’ employed the physical properties of 
ambient air; (b) there are analytical models which 
present themselves as able to predict the hydrodynamics 
associated with mixing in stirred vessels—the papers of 
De-Souza and Pike*, Ambegaonkar et al®. and Foit et 
al®. are typical of these. 

For the first point, we had to take a number of factors 
into account. They are: 


(i) The actual flow in a baffled vessel is obviously three 
dimensional. Experimental studies** ’ suggest that the 
neglect of @-gradients in a calculation could have 
significant consequences. This is very likely in so far as 
the prediction of turbulence fields is concerned, not to 
mention the field of swirl velocity. All 6/0 @ terms were, 
however, suppressed in the calculations of the paper’ 
upon which Dr Foft has commented. The extension 
required to include these terms is quite straightforward, 
though the presented initial excursion’ was aimed at 
establishing a methodology of prediction as implied in 
its introduction, while keeping the computational re- 
quirements to a minimum. 

(ii) Conditions at the impeller were approximated. 

(iii) A detailed validation of predictions would de- 
mand numerous calculations to cover the spread of 
available experimental data, notwithstanding the fact 
that the general level of accuracy of this data can vary 
widely in view of the range of measurement techniques 
employed over the years for stirred vessels. 
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Consequently, we argued that an in-depth validation 
exercise should await the results of 3-D calculations and 
the acquisition of detailed experimental data, for a 
standard geometrical configuration. Progress in this 
direction has already been made*. For our purposes it 
was felt that attention should be focussed on a particular 
system and one that had been subjected to a quite broad 
experimental study’. 

On the second point, Dr Fo/t argues that ‘the anal- 
ytical model has so far appeared more adequate’ when 
compared to the numerical model*' The analytical 
models that he refers to, view the flow domain as 
comprising a number (often up to eight) of distinct 
segments above the impeller plane, and an equal number 
below this plane. The nature of the flow in each segment 
is assumed a priori, to yield associated analytical expres- 
sions for the axial and radial velocities and turbulent 
shear stress of the impeller stream, and stream function 
everywhere else where potential flow is assumed®. Am- 
begaonkar et al? did include turbulent boundary layers, 
however. It has even been assumed that there are regions 
in which there is no mean flow at all*®. Other assump- 
tions are typically, axial symmetry, zero pressure gra- 
dients everywhere (though this seems rather restrictive), 
and an impeller stream which is symmetric about the 
impeller plane, even if the latter is not centred with 
respect to the fluid depth®. The latter assumption 
conflicts with logic and the experimental results of Reed 
et al’. The absence of pressure gradients is an assumption 
which goes against intuition, especially as there are 
several stagnation zones in the system. 

We believe that even if the flow can be compart- 
mentalised successfully, significant turbulence levels (or 
Reynolds stresses in the full definition of the tensor) are 
likely to be operative everywhere, and require prediction. 
This statement of likelihood is not merely conjecture in 
view of experimental evidence*”. Moreover, it is the 
function of stirred vessels to mix, for example, an 


incoming stream with bulk fluid. In the absence of 


widely distributed turbulence, this may not occur at an 
acceptable rate. We emphasise that the impeller stream 
is the most important region, but this is so not only 
because of its own unique hydrodynamic character, but 
also because it keeps the whole mass of fluid in re- 
circulation and (at high Reynolds numbers) in pos- 
session of velocity gradients everywhere. This is neces- 
sary to support the important balance between 
turbulence generation and dissipation, leading to good 


mixing. How, then, can the potential flow assumption of 


analytical models for the bulk of the vessel contents 
reflect this mechanism? Certainly not through a kine- 
matically based Lapiace equation for stream function or 
velocity potential. 

There are other objections to the analytical model. 
For instance, it is difficult to imagine how such a model 
could be extended to provide a three dimensional de- 
scription of the flow, unlike the procedure outlined 
recently’. This is very important, for apart from the need 
to predict flow past baffles, continuous flow processes 
eften involve off-axis inputs to the system. Finally, we 
have yet to encounter literature which describes an 
application of the analytical model to systems driven by 
other than flat-blade turbines—e.g., a propeller. The 
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numerical model would simply prescribe axial pumping 
at a propeller, whereas the analytical modeller must 
consider ways to segregate the flow. 

In view of the above, we are not convinced of the 
adequacy of analytical models, especially for future 
needs. We do, however, acknowledge that they have 
some part to play in the qualitative prediction of certain 
aspects of the flow in specialised systems, if comparisons 
with experimental data are taken into account*®. We 
acknowledge, too, that the numerical model is relatively 
complex, but then, so is the flow according to De-Souza 
and Pike*, who at that time saw the complexities as too 
unmanageable for the flow to be ‘modelled as one 
region’. 

In summary, the model’ focusses attention on the 
driving boundaries, and seeks to predict the resulting 
flow. This is unlike the approach upheld by Dr Foit, 
which tends to impose a solution based upon global 
observations, and one that cannot include all important 
effects, nor, it seems be extended to include them. We 
therefore regard the numerical model as being poten- 
tially much more adequate 


Amendment 


Since we had the opportunity of contributing further 
to the work reported’, we would like to make an 
amendment to Part I. This concerns the turbulence 
boundary conditions at 2, the surface swept by the 
impeller. It was stated that turbulence levels throughout 
the tank are completely determined by the magnitude 
and distribution of mean flow velocity gradients, yet we 
neglected turbulence on 2. Therefore, the impeller con- 
tributes to the predicted turbulence fields. The extent of 
this contribution cannot be determined unless a further 
calculation with 0k /0n = 0e/On =0 on L, where n de- 
notes the coordinate normal to 2, is performed. The 
latter condition may be more appropriate, provided the 
rate of vertical diffusion of radial momentum is not too 
excessive. These conditions are consistent with the text 
of Part I referred to above. 

On a final note, the expression O@ /ro@, which 
appears twice in the text of Part 1, should read — ép/réé. 
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1981-82 DOCTORATES IN CHEMICAL ENGINEERING 
IN THE UNITED KINGDOM AND IRELAND 


The following is a list of authors and titles of PhD theses (with names of research supervisors) in chemical engineering accepted 
in British and Irish Universities and Polytechnics during the academic year 1981-82. The list is as complete as possible, but 
we regret any omissions. Some information about earlier years is available in “Index to Theses. ..” obtainable from ASLIB, 
3 Belgrave Square, London SW1 in printed form, or on magnetic tape from Learned Information Ltd, Besselsleigh Road, 
Abingdon, Oxfordshire. Many theses are held by the British Library, Boston Spa, Yorkshire and can be made available to 


registered users of this library. 


University of Aston in Birmingham 


Dr K. K. Al-Aswad—Liquid-liquid extraction in a pilot-scale rotating 
disc contactor (Professor G. V. Jeffreys) 

Dr J. C. Bonnet—Hydrodynamics and mass transfer studies in a 
Scheibal extractor (Professor G. V. Jeffreys) 

Dr R. De Silva—Homogenzous precipitation of barium chromate (Dr 
D. E. Creasy and Professor P. E. Barker) 

Dr I. H. Hussein—A novel process for the production of castor oil by 
direct solvent extraction (Professor G. V. Jeffreys) 

Dr M. Jamialahmadi—Gas hold-up and mixing in bubble columns 
containing two or more phases (Dr E. L. Smith) 

Dr S. P. Nibber—Shell-side transfer in shell and tube heat exchangers 
(Dr B. Gay) 

Dr M. V. Nott—The effects of changes in recycling patterns in United 
Kingdom resource consumption (Dr A. V. Bridgwater) 

Dr G. J. Viachogiannis—Dextran polymer fractionation by production 
scale chromatography and ultrafiltration (Professor P. E. Barker) 


University of Bath 


Dr J. Hubble—/nvestigation and evaluation of a system for continuous 
regeneration of adenosine nucleotides (Dr. R. England) 

Dr E. S. M. H. Khater—Fouling in a hydrocarbon varporiser (Dr. B. 
D. Crittenden) 

Dr O. Olaofe—The catalytic dehydration of alcohols (Dr P. L. Yue) 


The Queen’s University of Belfast 


Dr S. J. Allen—Mathematical modelling of the adsorption of dyes from 
effluent using peat (Dr G. McKay) 

Dr N. M. H. El-Defrawy—Attrition of large particle molecular sieves 
in gas fluidised beds {Mr W. R. Murphy) 

Dr J. R. Gardner—Adsorption of dyes onto chitin from aqueous 
solutions (Dr G. Mckay) 

Dr P. McComiskey—U*tilisation of mollusc resources (Dr C. R. Hol- 
land) 

Dr I. F. McConvey—The isothermal mathematical modelling of 
physico-chemical adsorption of dyes from solution using spruce wood 
particles (Dr G. McKay) 


University of Birmingham 


M. Bourkiza-Liquid thermal diffusion separations (Dr T. R. Bott) 

Dr C. I. Hussain—Particulate magnetite fouling from flaming sus- 
pensions in simulated heat exchanger tubes (Dr T. R. Bott) 

Dr P. C. Kassim—Gas Solubilities in Components of Low Volatility and 
the Extraction of These Components by Compressed Gases (Dr M. B. 
King) 

Dr P. C. Miller 
T. R. Bott) 
Dr K. Ng—Natural convection effects in a model air-cooled heat 

exchanger (Dr T. R. Bott) 

Dr N. M. Nik-Sulaiman—High productivity fuel ethanol fermentation 
systems (Mr A. N. Emery) 


Biological fouling film formation and destruction (Dr 


University of Bradford 


Dr A. M. Abdelkarim—-Shear and normal stresses in uniaxial com- 
paction (Dr N. G. Stanley-Wood) 

Dr P. J. Bannister— Equilibria studies in the solvent extraction of copper 
using SME 529 (Dr M. A. Hughes) 

Dr J. K. Boden—The tensile strength and anisotropy of powder 
compacts (Dr J. C. Williams) 

Dr J. P. Chopra—The solvent extraction of molybdenum (vi) from 
alkaline media (Dr M. A. Hughes) 

Dr K. O. Ipinmoroti—The kinetics of solvent extraction of vanadium 
(IV) by di-2-ethylhexyl phosphoric acid (Dr M. A. Hughes) 

Dr G. A. Sorial—Binary gas adsorption on molecular sieves (Dr W. H. 
Granville) 

Dr K. J. Whiting—The treatment of cereal seeds in a spouted bed (Dr 
D. Geldart) 


University of Cambridge 


Dr C. J. M. Daniel—A database for chemical process design applica- 
tions (Mr H. P. Hutchison) 

Dr R. J. Holliday—Computer control and catalyst kinetics (Dr C. N. 
Kenney) 

Dr K. Konrad—Dense phase pneumatic conveying of particles (Dr D. 
Harrison) 

Dr E. R. Kossakowski 
J. F. Davidson) 

Dr D. McElhenny—Approximations in non-linear filtering with appli- 
cations to chemical engineering problems (Dr J. D. Perkins) 

Dr P. D. Martin—Heat transfer in non-bubbling fluidisation (Dr D. 
Harrison) 

Dr K. V. Thambimuthu 
R. Clift) 


Coal gasification in a fluidised bed (Professor 


Gas filtration in fixed and fluidised beds (Dr 


University College, Dublin 


Dr M. K. Looney—Numerical modelling of the transport equations for 
impingement drying (Professor J. J. Walsh) 


University of Edinburgh 


Dr A. L. Larez—Measurement of convective mass transfer coefficients 
by holographic interferometry (Dr N. McLeod) 


University of Exeter 


Dr R. A. Metcalfe—Experimental and theoretical studies of hydraulic 
mining (Dr T. W. Davies) 

Dr L. H. Mustoe 
A. Wragg) 

Dr A. F. J. Smith 
Bryant) 

Dr A. T. Vranch 
Patrick) 


Analysis of electrochemical reactor systems (Dr A. 
The anaerobic digestion of sewage sludge (Dr J. 


Two-phase flow in non-circular ducts (Dr M. A 
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Heriot-Watt University, Edinburgh 


Dr W. P. Jepson 
Nutt) 

Dr R. P. 8. Jolly—Study of fluid flows and dynamic air entrainment at 
a three-phase junction (Dr R. Burley) 

Dr R. Oliver—Particle growth studies in fluidized bed granulation (Dr 
B. Waldie) 

Dr E. J. Ryan Underwater plasma arc cutting (Dr B. Waldie) 


The grown of waves on thin sheets (Professor C. W. 


Imperial College, London 


Dr M. Assael—Accurate measurements of the thermal conductivity of 
gases (Dr W. A. Wakeham) 

Dr I. T. Cameron—Numerical solution of differential-algebraic equa- 
tions in process dynamics. (Professor R. W. H. Sargent) 

Dr D. Cook—lIgnition by explosions. (Professor F. J. Weinberg) 

Dr D. W. Edwards—Robust decomposition techniques for process 
design and simulation. (Professor R. W. H. Sargent) 

Dr A. M. Eliceche—Optimum design of distillation systems. (Professor 
R. W. H. Sargent) 

Dr S. Godoy—Turbulent diffusion flames. (Dr W. P. Jones) 

Dr S. Gomez-Gomez—A method for solving the global constrained 
minimisation problem. (Professor R. W. H. Sargent) 

Dr A. Hill—Stress relaxation of polystyrene and wSR studies of vinyl 
radicals. (Professor Sir G. Allen and Dr. J. S. Higgins) 

Dr A. M. Hull—Die entry flow of polymers. (Dr S. M. Richardson) 

Dr Z. Janjua—Scale-up of liquid-liquid dispersion in stirred tanks. 
(Professor H. Sawistowski and Dr E. S. Ortiz) 

Dr P. W. Leaney—The isothermal pyrolysis of n-butane in a laminar 
flow reactor. (Dr L. S. Kershenbaum) 

Dr K. T. Ma—Neutron scattering studies of local motions in polymer 
chains. (Dr J. S. Higgins) 

Dr R. S. Newman—Robustness of Kalman filter-based fault detection 
methods (Dr J. D. Perkins) 

Dr O. P. Nwammuo—FElectro-optic and scattering of polymer solutions, 
(Dr G. C. Maitland) 

Dr J. R. Paloschi—Numerical solution of nonlinear equations represent - 
ing chemical processes. (Dr J. D. Perkins) 

Dr M. M. Popovich—Temperature and velocity measurements in 
turbulent plumes (Professor F. J. Weinberg) 

Dr S. S. Purewal-——Jn-situ detection of airborne fibres by light scattering 
(Dr A. R. Jones) 

Dr V. Vesovic—The transport coefficients of polyatomic gases. (Dr W 
A. Wakeham) 

Dr S. Wongswan—Extraction of zinc by the liquid membrane process 
in a spray column. (Professor H. Sawistowski) 


University of Leeds 


Dr M. A. G. Al-Tajam— Removal of nitrogen oxides from effluent gases 
by reaction with ammonia in a continuous flow and filtration system 
(Dr D. Handley) 

Dr A. M. Assaf—ZJnvestigation of an alternative reactor system for the 
catalytic oxidation of ethylene. (Dr P. J. Heggs) 

Dr F. Darabi—Heat amd momentum transfer in packed beds. (Dr P. J 
Heggs) 

Dr M. Manzoor—Heat flow through extended surface heat exchangers 
(Dr P. J. Heggs and Dr D. B. Ingham) 

Dr S. Mitchell—ZJnvestigation of the factors affecting the operation of 
thermal regenerators. (Dr P. J. Heggs) 

Dr R. A. Mountford—Simultaneous heat and mass transfer in porous 
catalysts using network analysis. (Dr P. E. Preece) 

Dr C. L. Render—The chemical decoke of transfer line heat exchangers 
(Dr P. J. Heggs) 

Dr F. T. J. Shadid—Absorption studies of nitrogen oxides in aqueous 
solution. (Dr D. Handley) 

Dr M. Sklivaniotis—/dentification of heat transfer parameters in fixed 
beds. (Professor C. McGreavy) 

Dr C. Triantis—/nvestigation of operating policies for decoking ethylene 
cracking coils. (Dr P. J. Heggs) 
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University Colleges, London 


Dr D. J. Allenby 
D. Lilly) 

Dr D. J. Bell—The physical characteristics of protein precipitates and 
their centrifugal recovery (Dr P. Dunnill) 

Dr J. M. C. Duarte—The enzymic oxidation of cholesterol in the 
presence of water-immiscible solvents (Professor M. D. Lilly) 

Dr D. T. Keshavarz—The stability of tolplasmids in strains of Pseudo- 
monas putida grown in chemostat culture (Professor M. D. Lilly) 

Dr R. C. Killick—Fluidised bed filtration—the filtration of sub-micron 
particles in the absence of electrical forces (Professor A. W. Nienow) 

Dr D. J. Lewis—Microbial transformation of cholesterol and 
f-sitosterol (Professor M. D. Lilly) 

Dr N. S. Naimer—Studies of segregating fluidised beds 
continuous operations (Professor A. W. Nienow) 

Dr P. C. Papaloizou— Macromixing and micromixing in continuous flow 
systems (Dr L. G. Gibilaro) 

Dr N. Papamichael— The dissolution of protein powders (Dr M. Hoare) 

Dr F. Vardar—Effect of cycling dissolved oxygen concentrations on 


The enzymic oxidation of n-alkanes (Professor M 


batch and 


product formation in penicillin fermentations (Professor M. D. Lilly) 


University of Technology, Loughborough 


Dr J. S. T. Bogunjoko—Viscosity effects on the kinetics of free-radical 
polymerisation. (Dr B. W. Brooks) 

Dr N. J. D. Erinne—Energy recovery in drying by adsorption heat 
pumping. (Professor D. C. Freshwater) 

Dr A. E. Z. Hassan—Pool boiling of binary mixtures at sub 
atmospheric pressures. (Dr P. Rice) 

Dr A. G. C. Lane—Liquid jet mixing in tanks. (Dr P. Rice) 

Dr A. Shafaghi—Plant modelling for system safety analysis. (Dr P. K 
Andow) 


University of Newcastle upon Tyne 


Dr J. Annan—Manganese deposition in a falling bed electrochemical 
cell. (Professor F. Goodridge) 

Dr K. H. Javed Study of surface phenomena in liquid-liquid extraction 
(Professor J. D. Thornton) 

Dr K. Y. Ofosu-Asiedu—Kinetics of reaction of oxides of nitrogen with 
ammonia and water vapour. (Dr A. M. Mearns) 


Dr C. B. Saw—Ozonolysis and oxyphotolysis of municipal and industrial 
effluents (Dr C. R. Howarth) 


University of Nottingham 


Dr S. R. Bryant—Distillation column dynamic models of reduced order 
(Dr J. A. Wilson) 


Dr A. Mellati—Self-tuning controllers for distillation columns (Dr J. A 
Wilson) 


University of Reading 
National College of Food Technology 


Dr A. Anzaldua-Morales 
(Dr J. G. Brennan) 
Dr B. K. Saeed—Some technological aspects of indigenous Sudanese 

soups (molahs) (Dr N. D. Cowell) 


The texture of fibrous fruits and vegetables 


University of Salford 


Dr S. P. Abbas—Stability of heat pump working fluids (Professor F. A 
Holland and Dr F. A. Watson) 

Dr D. R. Acharya—An experimental and modelling study of gas 
adsorption in fixed beds (Dr R. Hughes) 

Dr H. A. Al-Rqobah—Analysis and measurement of diffusion in porous 
catalysts (Dr R. Hughes) 

Dr J. M. Landauro Paredes-7The design and development of a glass 
absorption cooler (Professor F. A. Holland and Dr F. A. Watson) 

Dr C. A. O. Nascimento-Coking and regeneration of catalyst pellets (Dr 
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EDITORIAL 


This issue of the journal contains a Review Paper 
“Solid—Liquid Fluidised Beds: Some Design Aspects” by 


J. B. Joshi. The author reviews numerous aspects of 


solid—liquid fluidised beds including the liquid phase 
turbulence intensity, the velocity—voidage relationship in 
the laminar, transitional and turbulent regimes, 
intermixing/separation in binary particle systems, 
bed—wall heat and mass transfer coefficients, liquid 
phase axial mixing, and the transition between particu- 
late and aggregative fluidisation. 


The theme of fluidisation is continued in “Flew of 


Powder through an Orifice from a Fluidised Bed” by P. 
D. Martin and J. F. Davidson. The authors describe 
experiments on the flow of solids from a pressurised 
fluidised bed through sharp-edged orifices, shaped noz- 
zles and tubes. The bed was maintained above incipient 
fluidisation but below the minimum velocity for bub- 
bling. Discharge rates were proportional to the square 
root of the bed pressure so that the flowing solids could 
be regarded as a ‘Bernoulli’ fluid. Hence discharge 
coefficients Cy and velocity coefficients C, could be 
calculated. However, the values found were lower than 
ideal behaviour. The authors suggest this may be due to 
the high apparent viscosity of the fluidised bed. A design 
equation for discharge coefficient is given. The authors 
also report jet voidage values and note that two of the 
shaped nozzles gave jet voidages well below bed voidages 
and that the compacted jets from these orifices exhibited 
coherence over considerable distances. 

The concluding parts of “*Particle-Gas—Liquid Mixing 
in Stirred Vessels” by Chapman, Nienow, Cooke and 
Middleton are published in this issue. Parts I and II 
appeared in March. 

Part III: “Three Phase Mixing” is concerned with 
simultaneous gas dispersion and particle suspension. 
Using the apparatus and techniques described in Part | 
the authors found that downward pumping impellers 
require least energy at low gas flow rates but are subject 
to gross flow instabilities and are very sensitive to 
gassing rate. Upward pumping impellers require most 
energy at low gas rates but become the most efficient at 
high gas rates. No instabilities were found. Design 
equations for disc turbines are presented and the authors 


conclude that the disc turbine is the safest choice of 


impeller type for three phase agitation in the present 
state of knowledge. Problems of scale-up are also consid- 
ered and the authors report that the specific power input 
to maintain the just-suspended condition should be kept 
constant or slightly increased depending on the gas rate. 

In Part IV: “Mass Transfer and Final Conclusions” 
gas-liquid mass transfer coefficients are presented. They 
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were determined by a new technique which required no 
knowledge of the gas phase residence time distribution. 
The k,a data correlate approximately with the energy 
dissipation rate but disc turbines and upward pumping 
impellers are more energy efficient. The presence of 
solids had little effect on k,a up to 3°%% by weight but a 
considerable effect at 20°,. 

In ““Metastable Zone of Solutions” Sohne! considers 
the problem of defining the metastable zone of super- 
saturation of solutions and introduces a new definition 
of the metastable zone. The new definition is based on 
the induction times of nucleation and growth. The 
author concludes with a discussion of experimental 
methods (isothermal and polythermal) for metastable 
zone width evaluation and of the significance of such 
experimental data. 

Le and Howell report an experimental and theoretical 
study of the effects of contaminants on ultrafiltration 
membranes in “Model for the Effects of Adsorbents and 
Cleaners on Ultrafiitration Membrane Structure”. The 
authors describe the changes in flux and membrane 
permeability in response to changes in solution pH and 
on exposure to sodium hypochlorite and other materials. 
In order to explain the differences in these changes the 
authors develop a composite model of the membrane 
consisting of an inner cylinder of amorphous polymer 
and an outer cylinder of more ordered polymer. Results 
of a computer simulation are presented and the authors 
conclude that the model gives a good insight into the 
behaviour of membrane pores. 

The Shorter Communication “Comparison of TGA 
with bench-scale rotary reactor studies” by Mu and 
Perlmutter compares conversion and energy relations 
(for solids temperatures) obtained by a_ thermo- 
gravimetric analyser and from a rotary reactor. Two 
solid decomposition reactions (of NaHCO, and Ag,CO,) 
were studied. The results indicate good agreement be- 
tween the two methods and the authors claim that the 
rotary reactor is an acceptable alternative, having the 
advantages of larger scale and closer approach to com- 
mercial operation. 

Finally, the Editor would like to draw the attention of 
prospective authors to the revised “Notes for Authors” 
which appear in this issue. It is hoped that this revision, 
which incorporates a statement of the editorial policy 
encouraging papers relating to design, will be helpful to 
those preparing papers for publication. 


Brian Gay 
Hon. Editor 





Notes for Authors 


Editorial Policy and Standards 

1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary. 

Accounts of research work of an experimental or theoretical 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited. 
Reports from industry and from research establishments are 
particularly welcome. 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression. 

2. Authors need not be members of the Institution. Papers 
must be in English and should normally be of 2500 to 5000 
words, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words. 


3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new analyses of previous work, or interesting 
aspects of work still in progress. A faster refereeing procedure 
has been arranged for such short Papers. 

4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment. 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review. 

5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper 1s acceptabie or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice. 


Manuscript Requirements 

1. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper. 

2. Mathematical expressions can sometimes be more easily 
interpreted by the printer if carefully written by hand. Where 
many equations appear, a list of symbols used should be 
inserted at the end of the paper, before the references. SI units 
should a/ways be used; the negative index notation is preferred 
to the oblique stroke. 


3. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 
numbers , followed by name and town of publisher in the case 
of a book. 


4. Tables, drawings and photographs should be on separate 
sheets at the end of the manuscript and not interspersed in the 


text. Tabulated data should not duplicate values detailed in the 
text or on graphs. Drawings submitted should be clear and 
complete and preferably in a form suitable for direct re- 
production. Photographs should be restricted to the minimum 
necessary. 


5. Where limitations of space preclude publication of de- 
tailed results, mathematical derivations, etc, authors are in- 
vited to include in their paper a statement that this information 
is available from them on application. Authors may make an 
appropriate charge for supplying items requested in this way. 
Such material should be supplied with the paper when submit- 
ted to the Editor. 


Submission of Papers 
1. Three copies of the paper should be sent to: 


The Editor, Chemical Engineering Research and Design, 
Institution of Chemical Engineers, 

George E. Davis Building, 

165-171 Railway Terrace, 

Rugby CV21 3HQ, England. 


or to an Associate Editor as follows: 


Australia: 

Prof R. G. H. Prince, 

Department of Chemical Engineering, 
University of Sydney, 

Sydney 2006, New South Wales, Australia. 
Continental Europe: 

Prof Dr J. R. Bourne, 
Technisch-Chemisches Laboratorium, 
ETH-Zentrum, 

CH-8092 Zirich, Switzerland. 


Continental Europe: 

Prof J. M. Smith, 

Laboratorium voor Fysische Technologie, 
Technische Hogeschool Delft, 

Prins Bernhardlaan 6, 

2628 BW Deift, Holland. 


India: 

Prof M. M. Sharma, 

Department of Chemical Technology, 
University of Bombay, 

Matunga Road, 
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New Zealand: 

Prof R. B. Keey, 

School of Engineering, 

University of Canterbury, 
Christchurch 1, New Zealand. 

USA: 

Prof J. O. Wilkes, 

Department of Chemical Engineering, 
University of Michigan, 

Ann Arbor, 

Michigan 48109, USA. 


2. A full address to which readers may send correspondence 
should be specified, including the post code. The address at 
which the work was carried out, if different, should also be 
indicated. Where there are several authors, one should be 
nominated to check proofs and to receive all correspondence. 


3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
cannot be incorporated at this late stage without incurring 
higher printing costs, and extensive alterations would necessi- 
tate postponement of publication of the paper to a later issue. 


4. Following publication the nominated author will receive 
50 off-prints of the paper (or 25 where there is just one author). 
Any further off-prints required should be ordered at proof 
stage. Reprints, ordered after publication, are more expensive. 





REVIEW PAPER 


SOLID-LIQUID FLUIDISED BEDS: SOME 
DESIGN ASPECTS 


By J. B. JOSHI 


Department of Chemical Technology, University of Bombay, India 


The liquid phase turbulence intensity in solid—liquid fluidised beds is predicted using the energy balance method of Davidson 
(1974) and Joshi and Sharma (1979) and is compared with available experimental data. In the turbulent regime, the increase 
in frictional drag on individual particles of a fluidised bed is explained on the basis of increased turbulence intensity. The 
velocity—voidage relationship in the turbulent, laminar and transition regimes is established using a rational approach. For this 
purpose, more than 1000 data points are analysed. The behaviour of non-spherical particles and wall effects are investigated. 

The settling velocity of a heavy particle and the rise velocity of a light particle are predicted and compared with experimental 
results. Criteria are given for intermixing/separation of binary particle systems. A velocity—voidage relationship for a multisize 
particle bed is presented. 

Bed—wall mass and heat transfer coefficients are related to turbulence intensity. These relationships are shown to hold for 
the extreme case of pipe flow. Experimental data on liquid phase axial mixing are also correlated. 

Criteria are discussed for the transition between particulate and aggregative fluidised beds. The problem of 
contraction/expansion of the bed after the introduction of gas is analysed. The liquid phase velocity profile in aggregative 
(bubbling or turbulent) beds is predicted on the basis of energy balance and compared with experimental data. 

An attempt is made to explain several unique observations and apparent discrepancies in the behaviour of solid—liquid 


fluidised beds. 


INTRODUCTION 


Solid—liquid fluidised beds (SLFB) are used in industry 
for hydrometallurgical operations, catalytic cracking, 
ion exchange, adsorption, crystallisation, sedimentation, 
etc. During the past three decades, substantial experi- 


mental data have been accumulated. Theoretical and 
empirical models have been used and several correlations 
are now available for the estimation of design parame- 
ters. Richardson’ has presented an excellent state-of-art 
review on this subject. Though substantial experimental 
data are reported in the literature, it is now desirable to 
analyse all the published information on a coherent 
basis. For this purpose, a clear understanding of the 
particle—liquid interactions is necessary. Further, some 
rational explanation is required for a variety of unique 
characteristics/discrepancies in the behaviour of SLFB. 
For instance, 


(i) The ratio of hindered settling velocity to terminal 
settling velocity is independent of the particle Reynolds 
number in laminar and turbulent regimes. 

(ii) In a fluidised bed of uniform particles, only a 
narrow range (of sizes and density) of particles remain 
suspended. The lighter particles float and heavier par- 
ticles settle at the bottom. 

(iii) The bed—wall mass (Ky,) and heat transfer (hy ) 
coefficients show peculiar behaviour. With an increase in 
solid phase hold-up, the values of Aw, and /y increase 
in the turbulent regime, show a maxima in the transition 
regime and decrease in the laminar regime. 

(iv) The bed—wall mass transfer coefficient varies with 
the superficial liquid velocity whereas the particle—liquid 
mass transfer coefficient is practically independent of the 
superficial liquid velocity. 

(v) In a solid—liquid fluidised bed, if a gas is intro- 
duced, contraction or expansion of the bed occurs 
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depending upon the particle diameter and the solid 
density. 


In the present paper an attempt will be made to analyse 
the fluid—particle interactions. On this basis, most of the 
reported data on the velocity—voidage relationship, mass 
and heat transfer and mixing will be examined to 
develop rational correlations. An attempt will also be 
made to explain the above-mentioned characteristics of 
liquid—solid fluidised beds. 


HYDRODYNAMICS 

When the superficial liquid velocity is increased be- 
yond that required for minimum fluidisation, the par- 
ticles are in a state of suspension. However, the particles 
are not stationary and perhaps non-uniformly distrib- 
uted. Handley et al’, Ryan et al’ and Kmiec’ have 
studied the particle movement in SLFB by a phoio- 
graphic technique. Handley et al’ have shown that the 
behaviour of particles depends upon the distributor 
design. If the distributor is designed in such a way that 
the liquid velocity is uniform throughout the column 
cross-section, the particles exhibit Brownian type ran- 
dom motion and gross circulatory motion of the par- 
ticles or liquid is absent. If the distributor holes are 
partially blocked, a circulatory motion of the suspension 
is observed. However, this gross circulation was present 
in the bottom portion of the bed (L/D <2) and the 
upper portion behaved as if it had received the liquid 
with uniform liquid velocity. 

Ryan et al’ have shown the existence of radial and 
axial variations of solid loading. Kmiec* observed par- 
ticle clusters and voids throughout the column. The 
maximum void diameter was equal to five particle 
diameters and was four times less than the diameter of 
a stable bubble of the Davidson—Harrison’ model. 
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From the above discussion, it can be seen that, even 
under the condition of particulate fluidisation, the liquid 
flow is highly turbulent in nature. The parameters of 
turbulence, scale and intensity, can perhaps be found 
using the procedure described in the next two sections. 


Force Balance for a Particle 


In the state of fluidisation, the frictional force between 
a particle and liquid counterbalances the net force of 
gravity and buoyancy. For a given solid particle—liquid 
system, the net force of gravity and buoyancy remains 
constant. The frictional force between the particle and 
liquid depends upon the relative velocity of the particle 
with respect to the surrounding liquid. Further, the 
frictional force increases because of the presence of other 
particles in a fluidised bed where the extent of increase 
depends upon the particle Reynolds number. It is im- 
portant to understand these fluid—particle interactions 
for predicting the velocity—hold-up relationship and the 
other design parameters. For this purpose, laws of 
conservation of energy and momentum will be used. 

The force balance for a particle in an infinite medium 
is given by the following equation: 


Cp. md 5p Vi2.=(x 6)d5 (ps — pi )g (2.1) 


The drag coefficient (Cp, ) for a single particle ex- 
presses the combined effect of skin and form frictions. 
Under turbulent conditions, C,, is given by the follow- 
ing equation: 


Cp, -(; 


= (Fp/A)/(5p. Vi, ) 


where U,, is the liquid turbulence intensity for a particle 
in an infinite medium. F,/A is the drag force per unit 
surface area of the particle. The value of Cy, , under 
turbulent conditions, is about 6.11 (on the basis of total 
surface area of the sphere). Therefore, from equation 
(2.2), the value of U./V., works out to be 0.33. The 
form turbulence in the vicinity of a particle has been 
measured by Brauer.° The component of the turbulence 
intensity in the direction of liquid flow was found to be 
in the range of 10 to 25% of Vz... Therefore, a value of 
33°, is reasonable for the resultant turbulence intensities 
in the three directions. 

In the presence of other particles, the settling velocity 
is ‘hindered’. In other words, the interstitial liquid 
velocity will be much lower than the terminal settling 
velocity. (In the case of solid—liquid fluidisation, the net 
settling velocity is zero. Under these conditions, the 
interstitial liquid velocity is equal to the particle settling 
velocity relative to liquid. In the subsequent discussion, 
these two velocities will be used with an identical mean- 
ing). This is because of the increased bulk turbulence in 
the presence of other particles. The combined drag 
coefficient is: 


Cp = (Cp + Co. ) (2.4) 


where Cy, is the drag coefficient due to the increase in 
liquid turbulence (bulk turbulence). The significance of 


equation (2.4) will be explained later. The force balance 
for a particle in the presence of other particles is given 
by the following equation: 


(2.5) 
In equation (2.5) it is postulated that the buoyancy force 
is proportional to the liquid density because any particle 


(size distribution not very wide) displaces liquid of its 
own volume. 


Cpmds 3p, Vz = (x/6)d}(ps — Px \g 


Energy Balance 


The liquid required for fluidisation is introduced 
against the static bed height. The energy input rate is 
given by the following equations’”: 

E, = (2/4)D°V, gH (€5p5 + & Pp, ) (2.6) 


The kinetic energy associated with the input liquid is 
normally negligible’. H is the expanded bed height. The 
liquid leaving the bed possesses a potential energy at the 
height H and is given by the following equation: 


E, = (2/4)D°V, gHp, 
The net power dissipation in SLFB is: 
E, = E,- E, (2.8) 
Substitution of equations (2.6) and (2.7) in (2.8) gives 


E, = (1./4)D? Hes (ps — pPLeV, (2.9) 


(2.7) 


Substitution of equation (2.5) in (2.9) gives: 
Ey = (32 /4)D?H Cy V5 Vp, €s/d, (2.10) 


It may be recollected that, in the turbulent regime 
(Re, > 500), some energy is dissipated in the vicinity of 
a particle because of the skin and form friction. In the 
presence of other solids, the liquid flow around a particle 
remains turbulent and equation (2.1) hoids even if the 
particle velocity is hindered (or liquid interstitial velocity 
is less than V,, ). The frictional force on a single particle 
is: 

es = Cp, nds Pi V2 (2.11) 


The total frictional power dissipation can be calcu- 
lated on the basis of total number of particles and 
equation (2.11): 

E; = (32/4)D°HCp,, €:€s Vip. /d, 


The net energy dissipation rate in the liquid motion 
can be calculated by subtracting (2.12) from (2.10) 


E = (3n/4d,)D* HesV €, py (Cp — Cp) (2.13) 
Substitution of (2.4) in (2.13) gives: 
E = (32/4d,)D* He Vie, Copy 
The power dissipation per unit mass of liquid is: 
E, = 3Cpés V5/d, = Pr (2.15) 
The power given by equation (2.15) is dissipated in the 
liquid phase for maintaining the turbulence. The experi- 
mentai data on the scale of turbulence are not available 
in the published literature. From the knowledge of flow 
past spherical particles’ and the wakes behind them, the 


scale can be selected equal to d,/2. Observations of 
Riquarts'':'* also support this selection. 


(2.14) 
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The relationship between scale (d,) and intensity (U’) 
of turbulence and the power dissipation per unit mass is 
given by the following equation”: 


(U’) = P,,d, (2.16) 


where, U’ is the bulk turbulence intensity and d, is d,/2. 
Using (2.15). equation (2.16) reduces to 


(US = 6sCpV5 
Using the definition [C, =(U’/V;)"] gives: 
U'/V_ = 1.5 € (2.18) 


where U’ is the bulk turbulence intensity because of the 
presence of other particles (bulk turbulence). It occurs 
because of the energy dissipation in the bulk liquid. The 
overall liquid phase turbulence is the combined effect of 
bulk turbulence and form turbulence in the vicinity of a 
particle: 


u\? ,. (U»* 
(7, = (1.5 €s) +(%) 


From equation (2.19) it can be seen that the bulk 
turbulence increases with an increase in ¢,. As a result, 
the liquid flow is perhaps turbulent at any value of V, 
and the value of U,, /V, (form turbulence) can be selected 
as 0.33. It may be noted that equations (2.4) and (2.19) 
are identical. When the value of Re, is very small 
(Re, < 1) then the turbulent motion of particles perhaps 
ceases and equation (2.19) no longer holds. The region 
of low Reynolds number will be discussed later. Sec- 
ondly, at the point of minimum fluidisation the motion 
of particles ceases and equation (2.19) is applicable when 
the random motion of particles begins. Therefore, for 
spherical particles, equation (2.19) may be used in the 
range (0 <¢,< 0.5). 

Handley et al’ have made extensive measurements of 
r.m.s. fluctuating velocities in a 75 mmi.d. SLFB, using 
photographic technique. They have shown that the root 
mean square fluctuating velocity in the axial direction 
(Uz) is about 2.5 times higher as compared to that in the 
transverse direction. This means that U; is about 0.87 
times U. It can be seen from Figure | that the agreement 
between predicted and experimental values of U7; is 
reasonable. This agreement should be considered pre- 
liminary, particularly in the light of the assumption that 


(2.17) 


(2.19) 
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Figure |. Comparison between predicted and experimental (Handley et 
al’) values of axial component of turbulence intensity. 
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the scale of turbulence has been selected equal to d,/2. 
In addition, the values of Re, employed by Handley et 
al’ are 45.2, 87.7 and 182. For a single particle, these 
values of Re, fall in the transition regime. However, in 
the presence of other particles, the liquid flow in the 
vicinity of a sphere is perhaps turbulent. In order to 
confirm the observations noted in Figure 1, it is desirable 
that the measurements of turbulence parameters be 
made over a wide range of particle size and density. At 
present, equation (2.19) will be assumed to hold for the 
calculation of turbulence intensity. 


BED EXPANSION 

Knowledge of the velocity-voidage relationship is 
important for the determination of contactor/reactor 
volume which is calculated on the basis of reaction 
mechanism and the phase in which the reaction takes 
place. Further, the solid phase hold-up governs the flow 
patterns of solid and liquid phases and thus indirectly 
affects the rates of mass and heat transfer and the extent 
of mixing. 

Excellent studies on this subject are reported by Wen 
and Yu", Richardson', Barnea and Mizrahi'*, Garside 
and Al-Dibouni"® and Ishii and Zuber'’. Examination of 
these studies reveals the following points: 


(i) The basic understanding of the Newton 
(Re, > 500) and intermediate flow regimes is inade- 
quate. A quantitative explanation is needed for the 
increase in drag force because of the presence of other 
particles. 

(ii) It is known that the ratio U, (interstitial liquid 
velocity to terminal settling velocity) remains practically 
constant in the Newton and laminar regimes. A rational 
explanation is needed for this observation. 

(iii) The wall effect is considerably high even if the 
d,/D ratio is less than 0.01. 

(iv) It is known that the velocity—voidage relationship 
for non-spherical particles is much different from that 
for spherical particles. 

(v) When the solid phase consists of multisize par- 
ticles, there are two possibilities. All the particles are 
either intermixed or separate into clear zones of 
fluidisation (each zone corresponding to each size). It is 
desirable to get a priori estimation regarding the type of 
fluidisation. 


Turbulent Flow 
The interstitial liquid velocity will be calculated on the 
basis of the theory developed in the previous section. 
Dividing equation (2.5) by (2.1) gives: 


Ve ~ (S=)" 
Vs, : 


Substitution of equations (2.4) and (2.19) in (3.1) gives: 


(3.1) 


(3.2) 


V. =( l ) 
V,, \2045ei+1) 


S 


The form of equation (3.2) is simple and it is very easy 
to use. It may be noted that V., is the settling velocity 
of a single particle under infinite conditions. In practice, 
the column wall reduces the value of V;, even if d,/D 
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ratio is less than 0.01. The problem of wall effects will 
be discussed in detail later. For the time being in 
equation (3.2) Vs, will be replaced by the settling 
velocity of a single particle in the presence of a wall 
(Vgy). Values of Vgy have been reported by several 
investigators or can be calculated by using the procedure 
discussed in the section on ‘Wall Effect’. Figure 2 shows 
the comparison between the predicted and experimental 
values of hindered settling velocity, with details per- 
taining to the range of variables employed by the 
different investigators. About 430 data points have been 
analysed in the Re, range of 500 to 3500. It can be seen 
from Figure 2 that equation (3.2) predicts V; with a 
standard deviation of 11°,. Maximum deviation was 
found to be 23%. 

Ghosal and Mukherjea” and Garside and AI- 
Dibouni'® have reported that the ratio V./V<;, is inde- 
pendent of d,, 4, and p, (when the particle diameter is 
much smaller than the vessel diameter). Equation (3.2) 
predicts the above observation. 


Laminar Flow 
For a single particle settling in an infinite medium, 
when the particle Reynolds number is less than 0.2, the 
drag coefficient is given by the following equation: 


(3.3) 


3nd, Vs, = (1/6)d) (ps — pig 


In the presence of other particles, it is likely that the 
laminar regime will prevail at still lower values of Re, 
(<0.2). 

If the flow area (€, ) in a solid suspension is assumed 
to be circular, the equivalent diameter, in the absence of 
any wall effect, is given by the following equation”': 

D 4d,e 
ae 


Under laminar conditions, it is assumed that the par- 
ticles in a suspension are more or less stationary. Fur- 
ther, it is imagined that the particle is suspended in a 
fictitious tube where the free area between the tube wall 
and particle corresponds to D,. in equation (3.4). As a 
result the liquid flows in the annulus formed by the 
fictitious tube and the particle. The following equation 
is assumed to hold: 


(3.4) 


et, ae 
-D, =—d,+—D,. 


# 3.5 
4 4°" 4 _— 


It may be remembered that, in reality, both D, and D, 
change along the length of the column. The force 
balance for a particle gives: 

— d*) _ 
= 6 fo (Ps — p, )g 


32, Vsd,K,x(D? 
(D,—d,y 4 


where K, accounts for the fraction of the drag (acting on 


(3.6a) 
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Figure 2. Comparison between predicted and experimental values of interstitial fluidisation velocity 


turbulent regime—equation (3.2). 
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the particie) out of the total drag on the tube and the 
particle surfaces. K, also accounts for the equivalent 
length over which a given particle influences the pressure 
drop. Further, K, accounts for the tortuous path be- 
tween the tube and the particle. 

When the tube diameter is very large as compared to 
particle diameter (D,»>d,), equation (3.6a) reduces to 


8K, ty, 4,Vs5, = (1 6)d}(ps — PL) (3.65) 


Comparison of equation (3.65) with equations (3.3) 
gives K, = 3/8. Dividing (3.6a) by (3.66): 


(3.7) 


(3.10) 


] 1/2 
R =(—_____ 
(; + (46, =) 


Several investigators'*'**°** *' have studied the bed 
expansion under laminar conditions. The details per- 
taining to the range of variables covered by some of the 
investigators is given in Figure 3 from which it can be 
seen that there is a good agreement between experi- 
mental values of fractional solid hold-up and those 
predicted by equation (3.8). It may be emphasised that 
the ratio V;/V;, (equation (3.8)) is independent of the 
particle diameter and the particle Reynolds number. 
This fact has been experimentally verified by several 
investigators e.g.'*'*'* when d,/D«1. Because of the 
wall effect (explained later) the values of V. will be less. 
In order to get an idea about the extent of wall effect, 
Figure 3 shows the line for a d,/D value of 0.1. 


Transition Regime 

When the particle Reynolds number is in the range of 
0.2 to 500, the ratio V./V., , in contrast to the laminar 
and turbulent regimes, depends upon the particle Rey- 
nolds number in addition to the fractional phase hold- 
ups. In the transition regime, both viscous and turbulent 
drags are operative. Dallavalle*’ has given a correlatior: 
for drag coefficient (Figure 4(a)). Alternatively, the 
experimental curve of Cp, against Re, can be split into 
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Figure 3. Comparison between predicted and experimental values of interstitial fluidisation velocity 
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Figure 4(a). Drag coefficient for a single particle in an infinite medium. 
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Figure 4(b). Drag coefficient for a particle in the presence of other particles in a fluidised bed 


three straight lines. The line for the transition region has 
been obtained by joining the end points for the laminar 
and turbulent regions at the Reynolds numbers of 2 and 
500, respectively (Figure 4(a)). 

The values of drag coefficients in the presence of other 
particles were obtained in the previous sections. For 
laminar and turbulent regimes, drag coefficients are 
given by equations (3.9) and (2.19), respectively. The 
range of Reynolds number over which the laminar and 
turbulent regions prevail depends upon the solid phase 
hold-up. It is very difficult to determine this range. 
Figure 4(b) shows the plots pertaining to equations (3.9) 
and (2.19). The range of the transition regime is some- 
what arbitrary. 

The velocity—voidage relationship in the transition 
regime can be obtained using Figure 4(b) 


<a (=) ; 
‘Sx Cor J 


(3.11) 


Figure 5 shows the comparison between the predicted 
and experimental values of V,. It can be seen that the 
agreement is within 9°,. 


Wall Effect 

It is known that the terminal settling velocity of a 
single particle is affected by the wall even if the d,/D 
ratio is of the order of 1/100. This is probably because 
of two reasons, (i) the flow area in the plane of a particle 
is less than the column cross-section, and (ii) the pres- 
ence of the wall in the vicinity of a particle makes the 
velocity gradient more steep than that present in an 
infinite medium. 

The equivalent diameter of the flow area in the case 
of a single particle settling in a tube is given by the 
following equation: 


D., = D —d, (3.12) 


Therefore, in the presence of a wall, equation (3.10) 
takes the following form: 


R =d,/D (3.13) 


For a single particle V, tends to Vcy. Substitution of 
equation (3.13) in (3.8) gives: 
Vow a a d, Dy 


BE Rete. etl 3.14 
V;, 1—(d,/DY ae 
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Figure 5. Comparison between predicted and experimental values of interstitial fluidisation velocity—transition regime 


Since, equation (3.14) has been obtained using force 
balance, it holds for laminar, transition and turbulent 
regimes. In the case of a single particle, the liquid phase 
bulk turbulence is practically absent and the particle 
does not exhibit any chaotic motion similar to that in 
suspensions. 
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Figure 6. Reduction in terminal settling velocity in presence of wall 
effect. 
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Steinour*, Wilhelm and Kwauk*, Richardson and 
Zaki'*, Loeffler and Ruth”, Oliver’', Al-Dibouni* and 
Martin et al** have studied the settling of a single particle 
in a tube. Figure 6 shows good agreement between 
predicted and experimental values of Vsy. For the 
purpose of comparison, the correlations reported by 
Ladenburgh”, Richardson and Zaki'* and Garside and 
Al-Dibouni"® are also shown in Figure 6. It can be seen 
that equation (3.14) and the correlation of Garside and 
Al-Dibouni’® almost coincide 


Non-spherical Particles 
Non-spherical particles provide more surface area as 
compared to spherical particles of the same volume. The 
force balance for a non-spherical particle in an infinite 
medium is: 


Conx AnzP Vins = Vu(ps — pig (3.15) 
Comparison of equation (3.15) with equation (2.1) for 
a spherical particle gives: 
C Ag [ V. ; 
DNx | - (3.16) 
Cox An \Vsnx, 


where, A, and Ay, are the surface areas for spherical and 
non-spherical particles of the same volume, respectively. 
The ratio A,/Ayx is called shape factor (S). Experimental 
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values of V,,. and V.,, indicate that the drag coefficient 
for non-spherical particles is larger than that for spher- 
ical particles. This is because the non-spherical particles 
provide more sharp edges and thus create more tur- 
bulence. 


Turbulent Regime. 
(3.16) gives: 


Substitution of equation (2.2) in 


— (3.17) 
SN« 

Following the same procedure, of equations (3.1) and 

(3.2), we get: 


Vey _ ( 1L.S€ V4 - 
Venn | \0.33(As/An)!? Vic Vow )/ (3.18) 





In this case aiso V.,, should be replaced by 
account for wall effects, if any. 

Figure 7 shows a fairly good agreement between the 
predicted and experimental values of interstitial 
fluidisation velocity. 


Vn W to 


JOSHI 


Laminar Regime. The procedure discussed in the Section 
on ‘Laminar Flow’ is applicable with the only difference 
that in the case of non-spherical particles, the surface 
area of solids is more as compared with spherical 
particles. The equivalent diameter of the flow area is 
given by the following equation (d,/D « 1): 


46,8 
as, 


te ” 


D. = (3.19) 


where S is the shape factor. 

The velocity—voidage relationship for non-spherical 
particles can be obtained using equation (3.8) where R 
is given by the following equation: 





(3.20) 


] 1/2 
ae ats wees 
14 + as eaF) 


where C is the ratio of average projected area of the 
non-spherical particle to the projected area of a spherical 
particle. 
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Figure 7. Comparison between predicted and experimental values of interstitial fluidisation velocity for non-spherical particles. 
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Multisize Particles 


The occurrence of multisize particles is more common 
in solid—liquid fluidised beds. The following aspects will 
be considered: 


(1) Classification of single particles 

(2) Criterion for suspension 

(3) Velocity—-voidage relationship for multisize par- 
ticles. 


Classification of Single Particles. First of all, let us 
consider the behaviour of a single particle which is 
different from uniform particles in a fluidised bed. The 
particle will be called dense if the terminal settling 
velocity is more than that of the uniform particles. In 
contrast, a light particle will have lower settling velocity 
than that for uniform particles. 

Kennedy and _ Bretton’ postulated that the 
classification velocity of a dense particle equals the 
difference between the interstitial liquid velocities for the 
dense and uniform particles at the same fractional solid 
phase hold-up. However, data on classification velocity 
reported by Prudhoe and Whitmore*® could not be 
correlated by the equation suggested by Kennedy and 
Bretton.*’ Recently Martin et al** have made a system- 
atic study of settling of dense particles and have pro- 
posed a correlation for their own data. However, data of 
Prudhoe and Whitmore® could not be correlated. This 
is probably because different authors collected data 
under different regimes of operation. Therefore, an 
attempt will be made to analyse fluid—particle inter- 
actions of dense and light particles in turbulent and 
laminar regimes. 


(a) Turbulent regime 
The classification velocities for dense and light par- 
ticles can be obtained on the basis of the theory devel- 
oped in the previous sections. Under turbulent condi- 
tions, the intensity of bulk turbulence is given by 
equation (2.18). Since the dense and uniform particles 
have different relative velocities (with respect to the 
liquid phase), they provide different values of form 
turbulence. Following the same procedure of equations 
(2.18), (2.19), (3.1) and (3.2), we get: 
U =[(1.5 e.Vs¥ + (0.33 Vp }'? (3.21) 
where V, and Vp are the relative velocities (between the 
particle and the fluid) for the uniform and dense par- 
ticles, respectively. Substitution of equations (3.2) in 
(3.21) and using equation (3.1) we get: 


; q 045i \., 
Va0=| Viox—(spaseai )¥* 


(3.22) 


The classification velocity is given by the following 
equation: 


Vpa= Vsp _ Vs, 
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Substitution of equation (3.22) and (3.2) in (3.23) 
gives: 


Ve ae (=e=) ( 20.45 €% \ }'? 
Von U\ Wee ) 20.45 62+ i) 


] \ 1/2 
my (masa + :) 


In the turbulent regime, the ratio of terminal settling 
velocities of different particles is given by the following 
equation: 


( Vspx\° _ APpdpp 
. Vs ) Apd, 

Figure 8 shows the plot of classification velocity 
against (Vs), /Vs,.)° with ¢, as the parameter. It can be 
seen that for (Vsp., /Vs,, ° > 1, the value of V, nominally 
increases with an increase in the solid phase hold-up. 

The above analysis also holds when a light particle 
(Vsp.. < Vs.) 1s introduced in a bed of uniform particles. 
In this case the value of classification velocity is negative 
or the light particle rises in the bed of uniform heavy 
particles. The values of V, for this case are also shown 
in Figure 8. 

An interesting phenomenon occurs in the case of light 
particles. When the bulk turbulence intensity (U’) is 
greater than the terminal rise velocity of the light 
particle, the light particle follows the random movement 
of U’ and steady rise will not occur. This condition is 
shown by the line AB in Figure 8. At any specified value 
of ¢, the critical value of (Vsp, /Vs,.) is obtained by 
locating the point of intersection of the classification line 
(equation (3.24)) and AB. 

For the case of spherical particles, when the fractional 
solid phase hold-up is about 0.6, the transition occurs 
from a fixed bed to a fluidised bed. The classification 


(3.24) 


(3.25) 

















dp0* 4Pp 
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Figure 8. Classification velocity of a single heavy or light particle in a 
bed of uniform particles 
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velocity will reduce to zero at this hold-up. It has been 
discussed earlier that the turbulence parameters found in 
the ‘Hydrodynamics’ section hold in the region 0 < 
€, < 0.5. Therefore, equation (3.24) may be used in this 
range of fractional solid phase hold-up. 


(b) Laminar regime 


In the case of the laminar regime, particle diameter 
plays an important role. Following the procedure of 
equations (3.3)-(3.9), the settling velocity of a dense 
particle is given by the following equation: 


{(— Rp? 
Vsp = Vso a 


——__—- 3.26 
\ l— Rp ,; ( 


where 


na Be ) (3.27) 


Rp =( leans 
\ 6€5 Ap, 

The vaiue of Vgp in the transition regime can be 
obtained using equations (3.22) and (3.26) and by fol- 
lowing the procedure of the section on the ‘Transition 
Regime’. 

Prudhoe and Whitmore* have measured classification 
velocities for dense particles (2570 < ps < 7720 kg m~*) 
in the laminar regime. Martin et al** measured 
classification velocities of dense particles in the transition 
regime. A comparison between predicted and experi- 
mental classification velocities is shown in Figure 9. A 
good agreement can be seen, with a standard deviation 
of 9%. 
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Figure 9. Comparison between predicted and experimental values of 
classification velocity 
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Criterion for Suspension of Single Particle. If particles of 
two different sizes are fluidised, the following situations 
are possible: 


(i) Dense particles remain settled at the bottom as if 
forming a packed bed. 

(ii) Dense and light particles form two distinct layers. 

(iii) Dense and light particles are intermixed and no 
apparent layers can be observed. 


The nature of fluidisation depends upon the individual 
settling velocities and the particle diameters. In order to 
get further insight into the phenomenon of intermixing, 
initially let us consider the behaviour of a single dense 
particle in a fluidised bed of uniform particles, in the 
turbulent regime. 

In a fluidised bed of uniform particles, a single dense 
particle can remain at the bottom or can get suspended 
(the particle does not remain at the bottom for a period 
of more than 1-2 s (Zweitering’)) depending upon the 
scale of turbulence and the classification velocity. A 
dense particle is just suspended when its classification 
velocity equals the turbulence intensity in the axial 
direction. The following condition can be obtained using 
equations (2.19) and (3.24): 


Vspn\° ( 20.45€2 \]!” 
LN Use (soasee | 


l v0.33 
20.45€5+1/ ~ 1.15 


Simplification of equation (3.28) gives: 


ma ae oc (3.29) 
Apd, (20.45¢€5 + 1)'° 

The condition given by equation (3.29) is shown in 
Figure 8 by the line CD. It can be seen from equation 
(3.29) that the critical particle size ratio for the sus- 
pension depends upon the density difference ratio and 
the fractional solid phase hold-up. Similarly, the condi- 
tion for the suspension of light particles is shown by the 
line EF in Figure 8. 

Wen and Yu" have experimentally shown that, for the 
particles of same material (Ap, = Ap) and at ¢, of 0.6, 
the particles are intermixed when d,,, /d, is less than 1.3. 
The value predicted by equation (3.29) is 1.28 which is 
in close agreement with the experimental value reported 
by Wen and Yu"* 

It may be noted from equation (3.29) that the min- 
imum value of d,»/d, is obtained at the maximum solid 
phase hold-up. The value of d,,/d, increases with a 
decrease in ¢,. Similar observations have been reported 
by Leva*® and Shannon*! in the case of gas-solid 
fluidised beds. 

Equation (3.29) holds for spherical particles. Similar 
equations can be derived for non-spherical particles as 
well. 


Velocity—Voidage Relationship. For the case of a multi- 
particle solid—liquid fluidised bed, if each size forms 
separate layer, the procedure discussed in the preceding 
sections holds for each layer. Therefore, for the tur- 
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bulent regime: 
| 


= : 3.30 
~ (20.4565,4+ 1)!" ) 


(3.31) 
VY, = Vues, (3.32) 


When the particles are intermixed, the root mean 
square bulk turbulence velocity is obtained by using the 
following definitions for a particle mixture. 


(a) Turbulent regime 


(3.33) 


N 
— p 2 €si 


N 
Vs, oma ¥ (6s Msi, ) 


| i=1 


(3.34) 


N N 
Ap = y Api€s; zz Es; (3.35) 
l i=! 
ie Vieni 
3.03 Apg 


The average particle diameter has been calculated on 
the basis of average terminal settling velocity. The 
velocity—voidage relationship is given by the following 
equation: 


d, 


i 


(3.36) 


V. " | \ 1/2 
Ve, "\soasdzi) 


In case the wall effects are significant, V;, is replaced 
by Vow. 


(3.37) 


(5) Laminar regime 


The average particle diameter is given by the following 
equation: 


‘18 pw, V-.. \"? 
d, =| by = 


3.38 
(3.38) 


where V,, and Ap are given by equations (3.34) and 
(3.35), respectively. The velocity—-voidage relationship 
can be obtained using equations (3.8) and (3.10) where 
d, is given by equation (3.38). 


MASS TRANSFER 

There are several industrially important operations 
such as ion exchange, crystallisation, leaching and cata- 
lytic cracking in which the solid—liquid mass transfer is 
likely to be the rate controlling step. The knowledge of 
particle—liquid mass transfer coefficient is important for 
the rational design of equipment. Further, solid—liquid 
fluidised beds can advantageously be employed for 
electrochemical reactions. In this case, information re- 
garding ‘he bed—wall mass transfer is required. The 
knowledge of bed—wall transfer is also useful for esti- 
mating the bed—wall heat transfer coefficients. In addi- 
tion, the bed—wall mass transfer coefficient provides 
some insight regarding the hydrodynamic behaviour of 
solid—liquid fluidised beds. 
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Bed—Wal!l Mass Transfer 


Jottrand and Grunchard*, Jagannadharaju and 
Rao*’, Krishna“ and Smith and King* have reported 
experimental data on bed—wall mass transfer coefficient. 
In all these cases, diffusion controlled electrochemical 
method has been used for the determination of mass 
transfer coefficient. Jagannadharaju and Rao*’ have 
proposed the following correlation: 


(~- ) sc28 = 0,43( 2? ie 
Ped Hy €s 

Smith and King*® have covered a wider range of 
particle sizes and density and have proposed a cor- 
relation similar to equation (4.1) with the only difference 
that d, has been replaced by the equivalent diameter of 
the flow area. 

Storck and Coeuret® have made an interesting anal- 
ysis of bed—wall mass transfer in packed and fluidised 
beds. They consider the particle as turbulence promoters 
and kw, has been correlated with pressure drop. How- 
ever, it is known that an increase in pressure drop does 
not always result in an increase in mass _ transfer 
coefficient. For instance, Pall rings provide higher values 
of mass transfer coefficient at a lower pressure drop. 
Further, all the above correlations do not hold under the 
limiting conditions of zero ¢, or for the case of pipe flow. 

It was thought desirable to correlate the value of kw, 
on the basis of the turbulence model developed in the 
Section on ‘Hydrodynamics’. For the case of pipe flow 
the Chilton—Colburn® analogy gives: 


(4.1) 


k a 
WB =(f/2)(Se)~ 


(4.2) 
Vs 


The friction factor (/) is given by the following equa- 
tion: 
f/2=(v*/V.) (4,3) 
where v* is the friction velocity and is proportional to 
the turbulence intensity. A preliminary examination of 
the Ky, data for open pipes*’**** indicates that the 
values of kw, vary linearly with v* and not v** as 
indicated by equations (4.2) and (4.3). The ky, data for 
Open pipes can be correlated by the following equation: 
kw, = 0.06( f/2)'? V,/Sc*? (mm s~') (4.4) 

From Figure 10 it can be seen that equation (4.4) 
correlates the data fairly well. The values of kw, reported 
by Jagannadharaju and Rao* are somewhat higher 
because of the presence of internals. 

In the case of solid—liquid fluidised beds, it has been 
discussed under ‘Hydrodynamics’ that the particles gen- 
erate strong bulk turbulence. The bulk turbulence in- 
tensity is given by equation (2.18). Therefore, in addition 
to the turbulence generated by the skin friction at the 
wall, the presence of bulk turbulence increases the 
overall turbulence intensity and hence the rate of mass 
transfer. For SLFB, equation (4.4) takes the following 
form: 


kw, = 0.06[f/2 + (1.5€,))]'? V5 /Se? (4.5) 


Equation (4.5) reduces to equation (4.4) when €, is zero 
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Figure 10. Relationship between bed—wall mass transfer coefficient and 
friction velocity/turbulence intensity. Column diameter = 50 mm. 


Equation (4.5) correlates all the mass transfer data from 
pipe flow and fluidised beds in the turbulent regime. 
Figure 10 shows that the agreement holds with a stan- 
dard deviation of 11%. 


Particle-Liquid Mass Transfer 


Previous Work 


(a) Single particle 


The mechanism of mass transfer at the particle—liquid 
interface is more complex as compared with that at the 
column wall. This is basically because the hydrodynamic 
behaviour at the particle—liquid interface varies accord- 
ing to the location on the particle surface. (For spherical 
particles, two distinct regions, namely boundary layer 
and wake region, prevail to the front and rear of a 
particle, respectively). Therefore, the value of mass 
transfer coefficient also varies according to the position 
on the particle surface. There have been practically no 
attempts to investigate the local variation of the mass 
transfer coefficient (ky) because of experimental 
difficulties; usually average values of kg, are reported. 
Gilbert et al®” and Sandoval-Robles et al have exten- 
sively studied the particle—liquid mass transfer and they 
have proposed correlations which cover all the data of 
earlier investigations. 

In fluidised beds, the bulk turbulence alters the mech- 
anism of mass transfer in the boundary layer and wake 
regions. Recently, Sandoval-Robles et al*' have shown 
that the solid—liquid mass transfer coefficient (kg, ) is 
practically independent of the particle diameter (scale of 
turbulence). Further, the effect of turbulence intensity on 
ky increases with an increase in the particle Reynolds 


number. The following correlation was obtained: 


ky d, = 6.( Pe ) “tee 
Dy My 


Earlier studies*** have investigated particle-gas heat 
transfer and the corresponding correlations contain Re 
t, and Re'’t, as parameters. From these reports, it 
appears that an increase in kg, becomes more and more 
pronounced with an increase in the turbulence intensity. 


(4.6) 


(b) Solid—liquid fluidised beds 
Several investigators**® have studied the 
particle-liquid mass transfer in SLFB. Tournie et ai® 
and Pandey et al®’ have summarised the range of vari- 
ables covered in the above studies. Solid dissolution, 
crystallisation, adsorption and diffusion-controlled elec- 
trochemical reaction were the techniques used for the 
determination of mass transfer coefficient. Tournie et al® 
have pointed out the following difficulties encountered 
when developing a generalised correlation. 


(i) Some investigators have used non-spherical par- 
ticles and in some cases the wall effects are substantial. 

(ii) Multi-size particle systems have been employed. 

(iii) A wide range of particle Reynolds number 
(0.1-1000) has been covered and it is unlikely that a 
single mechanism will hold for the entire range. 


Tournie et al® have proposed the following cor- 
relation in the range (1 < d, Vp, /u, < 1000): 


Sh = 0.245 Ga®?? Mv? Sc (4.7) 


The above equation reveals that the value of k,, is 
independent of the superficial liquid velocity and the 
particle diameter. However, it does not account for the 
non-sphericity, wail effects and the effect of the presence 
of other different particles. Dwivedi and Upadhyay” and 
Pandey et al®’ have made detailed analysis of all the 
experimental data and have suggested correlations. 
These correlations do not take into account the devi- 
ations (non-sphericity, wall effects etc.) listed above. 
Therefore, it was thought desirable to develop a more 
rational correlation on the basis of the “turbulence 
theory” developed in previous sections. 

Rowe™ has extended the theoretical analysis of Nelson 

and Galloway” and has obtained the mass transfer 
coefficient by using surface renewal theory. In contrast 
to the extensive data compiled by Tournie et al®, Rowe” 
found k,, to depend upon ¢,. The reasons for this 
observation also will be explained later. 
Correlation. It was thought desirable to correlate the kg, 
data with such a parameter which can account for the 
particle shape, the wall effect, the presence of other 
particles, the particle size and the superficial liquid 
velocity. A unique parameter, turbulence intensity (U), 
can explain the effect of all the above variables. It was 
discussed earlier that the scale of turbulence does not 
have any effect on kg. 

For a_ spherical particle, turbulence intensity 
(Re,, > 500) is given by equations (2.19) and (3.2). In the 
simplified form, we get: 


| = 0.33 V5 (4.8) 
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It can be seen from equation (4.8) that turbulence 
intensity is independent of the solid phase hold-up and 
hence independent of the superficial liquid velocity (V, ). 
This explains the important observation of Tournie et 
al® that the value of kg, is independent of V,. However, 
at lower values of ¢, (<0.15), the turbulence pattern is 
not fully developed and k,, increases, though nominally, 
when €, is increased from 0 to 0.15. 

When the d,/D ratio is relatively large, V;,, in equa- 
tion (4.8) needs to be replaced by Vy. The value of Vey 
is calculated using equation (3.14). If the d,/D ratio is 
greater’ than 0.1 the wall effects are substantial 
(Vey /Vs, ~ 0.8), and a fully developed turbulence pat- 
tern is perhaps not obtained. In general, an increase in 
the d,/D ratio decreases Vy and hence decreases U. 

In the case of non-spherical particles the turbulence 
intensity is given by equation (3.17), which on 
simplification gives 


U =0.33 S'? Vg, (4.9) 


where S is the shape factor and V,, is the terminal 

settling velocity of the equivalent spherical particle. 
The following correlations hold: 

For Re, > 500 


Ks d, _" 5( 20) ( Pm ) 3 
Duy — Hy Pi Zu 


For | < Re, < 500 


Ksudy _ fee" Ly \" 
Dy 7 Ly PLQmu 


/ \ / 


(4.11) 


It is known that V;, (and hence U) varies as d}* and 
d, in the turbulent and transition regions, respectively 
(Figs 11 and 12). Therefore, it can be seen from equa- 
tions (4.10) and (4.11) that kg is independent of the 
particle size. This confirms another important obser- 
vation of Tournie et al® over a wide range of Re... 
Further U (or V,,,) varies as (Ap)'? and (Ap)*” in the 
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Figure 11. Correlation for particle—liquid mass transfer coefficient in 
turbulent regime. Measurement technique: benzoic acid dissolution. 
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Figure 12. Correlation for particle—liquid mass transfer coefficient in 
transition regime 


turbulent and transition regions, respectively. Therefore, 
it can be seen from equations (4.10) and (4.11) that ky 
varies as Ap raised to a power of 0.3 and 0.33, re- 
spectively. Tournie et al® have reported a value 0.3 
which is in excellent agreement with those predicted by 
equations (4.10) and (4.11). 

Rowe and Claxton™ studied the dissolution of benzoic 
acid in a fluidised bed of glass particles of the same size. 
Using the criterion developed in the section on 
‘Classification of Single Particles’, the light benzoic acid 
particles will remain suspended in the glass particles in 
the range of €, covered in their work. Since the number 
of benzoic acid particles was small as compared with the 
number of glass particles and since the former are 
suspended, the benzoic acid particles experience the 
turbulence generated by the glass particles. Therefore, 
the turbulence intensity was calculated (equation (4.8)) 
on the basis of V,, of glass particles. It can be seen from 
Figure 11 that data of Rowe and Claxton™ are very well 
correlated by equation (4.10). 


HEAT TRANSFER 


In the case of cooling crystallisation, heat needs to be 
removed whereas in the case of catalytic cracking heat 
needs to be supplied to SLFB. The knowledge of 
bed—wall heat transfer coefficient is desirable for the 
estimation of heat transfer area. 

Richardson and Mitson’', Richardson and Smith” 
and Wasmund and Smith” have measured, the bed—wall 
heat transfer coefficient. The analysis of the data reveals 
that the values of heat transfer coefficient are much 
higher as compared with the single phase pipe flow at the 
same liquid velocity. 

The data on bed—wall heat transfer are re-examined 
on the basis of the analysis of bed—wall mass transfer 
discussed earlier. The following correlation holds in the 
turbulent regime with standard deviation of 7°,. 


hy|Cot pr = 0.18(f /2 + Cp)! V5 / Pr? (5.1) 


where Cp = (1.5 €)’ 





JOSHI 





T T T 7 T TT T | 
73 
Data of Wasmund and Smith 


- @ Pipe flow 
© Solid-liquid fluidised bed 








on ee ee 


5 10 


¥f/2+Cp Vg 


0-66 
(P.) 





(mm/s) 


Figure 13. Relationship between bed—wall heat transfer coefficient in 
turbulent regime and friction velocity/turbulence intensity 


It may be pointed out that the wall heat transfer 
coefficient for pipes and SLFB are given by the unique 
equation (5.1). Further, the numerator of equations (4.5) 
and (5.1) means bulk turbulence intensity. Therefore, 
one of the important results of the present analysis is the 
establishment of analogy between turbulence intensity 
(U’), wall-bed mass transfer coefficient (kg) and 
wall-bed heat transfer coefficient (h,, /p, Cp, ). It may be 
emphasised that the units of these parameters are iden- 
tical. 

From the above discussion, one interesting point 
emerges. In the turbulent regime (Re, > 500), the pres- 
ence of solid particles increases the bulk turbulence. By 
contrast, in the Jaminar regime (Re, < 0.2), the presence 
of solids increases the suspension viscosity. A further 
probe in this problem is desirable to understand the role 
of solids on the hydrodynamic behaviour of suspensions. 

In the foregoing sections the analysis of heat and mass 
transfer was carried out for the turbulent regime 
(Re, > 500). In the transition regime maxima are ob- 
served in the values of ky, and hA,. This is probably 
because, in addition to the turbulent core, resistance is 
provided by the laminar and buffer layers in the transi- 
tion regime (Figure 13). Initially, when ¢, increases bulk 
turbulence intensity increases. Further increase in €, 
increases the suspension viscosity and the resistances of 
laminar and buffer layers increase. The overall effect of 
the above two factors results in a maximum value in 
bed—wall heat and mass transfer coefficients. 

In the laminar regime, an increase in €, will increase 
the suspension viscosity and monotonically decrease the 
vaiue of ky, and h,. 


MIXING 
Liquid Phase Axial Dispersion 


When the solid and liquid phases are completely 
backmixed or when they move in a plug-flow manner, 


the performance of SLFB can be evaluated by using 
usual techniques. When the extent of mixing is in 
between the above two extremes the axially dispersed 
plug-flow model is widely used for estimating the bed 
performance. Chung and Wen” have critically reviewed 
the earlier work and have proposed the following cor- 
relation which holds for fixed beds as well: 


€, Pe 
———— = 0.2+ 0.011 Re°* 
(Re),,/Re * : 
Shemilt and co-workers have extensively studied 
liquid phase axial mixing and have reported the follow- 
ing correlation’’. For this purpose, all the published data 
have also been analysed. 


‘2D, \!? 
1—{ 0.25 _ 
| TH) |e 0.74 


Equation (6.2) perhaps suggests that the values of D, 
depend upon the bed height which is contrary to experi- 
mental observations. 

It was thought desirable to develop a rational cor- 
relation on the basis of earlier work’. Under turbulent 
conditions, Joshi’ has suggested the following cor- 
relation which holds for bubble columns, gas—solid and 
gas-liquid—solid fluidised beds and mechanically agi- 
tated contactors: 


(6.1) 


75 77 


(6.2) 


D, = 0.33 DV. (6.3) 

In all the above cases the bulk circulation of the 
continuous phase occurs. By contrast, in the case of 
particulate fluidisation, the gross liquid flow is not 
developed under turbulent conditions. Therefore, the 
axial dispersion occurs mainly because of the liquid 
phase turbulence and the liquid velocity profile. The 
contribution of the former was found to be negligible as 
compared with the experimental values of D,. The 





a - J ij 
Symbol dp (mm) pg (kg m3) a 
14-30 2630 
6-35 2630 
4°76 2630 
2:00 2630 
4°76 2700 
2-00 7720 
2-00 2600 


~< om oe) 
oO uw oO 
oO oO oO 


yu 
oO 


4 2 
Liquid phase axial dispersion coefficient, OD, x 10° (m Is) 








it 4 
2 3 


De Vg x 10° (m?/s) 





Figure 14. Correlation for liquid phase axial dispersion coefficient in 
turbulent regime. Column diameter = 50 mm. 
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following correlation holds under turbulent conditions 
(d, Vs, py/my > 500): 


D, = 3.75 D.Vs (6.4) 


From Figure 14 it can be seen that equation (6.4) fits 
all the experimental data with a standard deviation of 
17°,. The value of the proportionality constant is larger 
in equation (6.4) as compared to that in equation (6.3). 
This is probably for two reasons. First, the value 0.33 
holds perhaps in the range of high Reynolds numbers. 
Tichacek and Barkelew™* have shown, for the case of 
flow through circular pipes, that the value of the con- 
stant increases with a decrease in Re below 30,000. 
Second, the wall in the case of pipes, bubble column and 
gas-solid and gas—liquid—solid fluidised beds is station- 
ary. In the case of solid—liquid fluidised beds the equiv- 
alent diameter is based on the wetted area of particles. 
The particles, however, are in turbulent motion. 

In the laminar regime, Joshi” has shown that D, 
varies as (D, V, )’. This dependence could not be checked 
for SLFB because of the lack of data in this region. A 
rational analysis of data in the transition region is very 
difficult and extensive experimentation is needed before 
a systematic analysis is possible. Levenspiel™ has shown 
in the case of pipe flow and Joshi” has shown in the case 
of bubble columns that the values of D, can even 
decrease with an increase in the liquid velocity. 


Aggregative Fluidisation 


It is believed that solid—liquid fluidisation is usually of 


particulate type. At higher density differences and/or for 
larger particle sizes, however, aggregative fluidisation is 
observed. The particulate type of fluidisation is charac- 
terised by practically uniform distribution of particles, 
absence of bubbles and absence of intense circulatory 


flow of the continuous phase. In the aggregative type of 


fluidisation, bubbles are invariably present and an in- 
tense liquid flow is generated even though the net flow 
at any cross-section of the fluidised bed is very small. In 
some cases the continuous phase flow is upward at the 
centre and downward near the column wall**' or in the 
reverse direction’. Due to the intense circulation of the 
continuous phase, the rates of heat and mass transfer 
and the extents of mixing are very high (even by an order 


of magnitude) as compared with the particulate type of 


fluidisation. As a consequence, it is desirable to know the 
type of fluidisaticn for the appropriate selection of the 
design equations. 


Transition from Particulate to Aggregative Fluidisation. 
In the ‘Hydrodynamics’ section, it was discussed that 
particles exhibit a random motion in the particulate type 
of fluidisation. The intensity of turbulence increases with 
an increase in the power dissipation per unit mass (P,, ). 
Therefore, under otherwise identical conditions, an in- 
crease in the density difference (p,— p,) increases P,,, 
and hence increases the value of turbulence intensity. It 
is worthwhile to assume that the liquid circulation is 
stable at higher values of P,,. In the case of bubble 
columns also, Joshi” has shown that, at lower values of 
superficial gas velocity (V,,), most of the input energy is 
dissipated at the gas-liquid interface and the liquid 
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circulation is practically absent. This regime is usually 
referred to as the ‘homogeneous regime’. The value of P,, 
increases with an increase in V,, and at a certain critical 
value of V.(Vogc), the recirculation begins. This regime 
is usually termed the ‘turbulent’ (or ‘churn turbulent’) 
regime. The fraction of input power, dissipating in the 
liquid phase is given by the following equation: 
2 (Vex éoVy,) 


: =x (6.5) 
g Vix 


The value of x depends upon the nature of gas—liquid 
system, column diameter, column height and the sparger 
design. In the case of solid—liquid fluidisation the follow- 
ing equations can be written on the basis of equations 
(2.16), (2.18), (3.2) and (6.5): 


(1.5 €.Ve.¥ (d, 2) 


anny ——— == X (6.6 
(20.45¢€5+ 1)-V,¢ 


(20.45 «; Ap) 


—— =x (6.7) 
€, (20.45 €5 + 1)p, 


It is likely that at a certain value of x, the particulate 
type of fluidisation transforms into aggregative type of 
fluidisation. It is interesting to note that the value of x 
increases linearly with the density difference. Also. it 
increases with the particle diameter. It is known that the 
aggregative type of fluidisation occurs when the density 
difference (Ap) and the particle diameter are large. This 
observation is consistent with equations (6.6) and (6.7). 
Further, the aggregative fluidisation is stable at high 
values of €< 

It appears that more experimental investigation is 
desirable to test the validity of equation (6.7) in 
solid—liquid fluidised beds. An initial analysis of the 
available data in the turbulent regime indicates that the 
aggregative fluidisation occurs when the value of x in 
equation (6.7) is greater than one. 


Flow Pattern in Aggregative Fluidisation. For bubble 
columns under turbulent conditions, Joshi and Sharma’® 
and Joshi’ have given a theoretical procedure for the 
calculation of velocity profile on the basis of the energy 
balance approach of Whalley and Davidson*’. Following 
is an alternative procedure. Joshi’ has shown that a 
unique procedure can be used for the determination of 
continuous phase velocity profile for bubble columns 
and aggregative or bubbling fluidised beds. 

Turbulent shear stress is given by the following 
equation’: 


T= —p, VLU (6.8) 


where v; and v; are the fluctuating components of the 
liquid velocity in the axial and radial directions, re- 
spectively. In the case of aggregative fluidisation the bulk 
turbulence is perhaps isotropic. Therefore, it can be seen 
from equation (6.8) that the value of t/p, is uniform 
throughout the bed. Assuming that the scale of tur- 
bulence is independent of the spatial coordinates, we get: 


z =| = F aad 


where / is the mixing length. Substitution of equation 
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(6.8) in (6.9) gives the velocity profile if the value of / is 
known. For the aggregative solid—liquid fluidised beds 
the predicted velocity profile cannot be confirmed be- 
cause of the lack of experimental data. Fortunately, for 
bubble columns the experimental measurements of the 
liquid velocity are available over a wide range of vari- 
ables (0.13 < D < 5.5m; 20 < V, < 900mm s~'). There- 
fore, the liquid velocity profile will be predicted for a 
bubble column and compared with the experimental 
data. The power consumption per unit mass in bubble 
columns is given by the following equation: 


€gVix) (6.10) 


It is reasonable to assume that the value of / is 0.08D 
in bubble columns under turbulent conditions. Follow- 
ing the procedure of equations (2.16) to (2.18) and 
assuming isotropic turbulence, we get: 


vi = 0.25[gD (V,—€oV,..)}'" 


The relationship between the velocity gradient and the 
turbulence intensity is obtained by substituting equation 
(6.8) in (6.9), we get: 

dv, v, 
- = (6.12) 


dy l 


Pr =8 (Ve - 


(6.11) 


Equations (6.11) and (6.12) indicate that the velocity 
gradient is constant throughout the cross-section. (The 
velocity at the wall is zero and it may be assumed that 
the velocity increases from zero to the maximum down- 
ward velocity in a short distance from the wall). It is well 
known that the liquid flow is upward in the centre and 
downward near the column wall’. The liquid velocity will 
be zero at a point between the centre and the column 
wall. This point can be obtained on the basis of equation 
(6.12) and the material balance. In the case of no net 
liquid flow (liquid:batch; gas:continuous) the upward 
and downward flows are equal. Therefore, we write: 

x. ° D/2 
2zrdrv,= 


2nrdrv, (6.13) 


0 
© 


where r= R-y 

Solution of equation (6.13) gives the value of A equai 
to 0.67R. The value of A equal to 0.71R was obtained 
by Joshi and Sharma**’ using the vorticity equation 
which is close to that obtained in the present analysis. 
The liquid velocity at the column axis can now be 
obtained: 


V, = 1.04[gD (Vg —66V,.))"" (6.14) 


The comparison between the experimental values of 
liquid velocity and those predicted by equation (6.14) is 
given in the Table. An excellent agreement can be seen 
from the Table. However, the predicted velocity profile 
is triangular, basically because of the assumptions of the 
constant value of / and the isotropic turbulence. These 
turbulence parameters need to be measured for further 
insight in the hydrodynamic behaviour of multiphase 
contactors. Velocity profile in the case of aggregative 
SLFB can now be predicted. The energy dissipation rate 
per unit liquid mass is given by the following equation: 

i 136%, Vid 


P =(- Rt. . (6.15) 
a (20.45 €5+1)'?, 


Ss 


Table. Comparison between predicted and experimental values of 
liquid velocity at the column axis 
Vo V, (ms~') 


- V, (ms~') 
(ms~') 


experimental predicted Refs 


0.044 0.32 0.343 85 
0.100 0.523 0.50 

0.170 0.63 0.626 

0.710 0.955 1.11 

0.02 0.266 0.294 

0.06 0.440 0.474 

0.10 0.560 0.596 

0.052 0.43 0.42 

0.075 0.40 0.41 

0.045 0.27 0.289 

0.082 0.32 0.378 

0.155 0.40 0.501 

0.225 0.68 0.589 

0.28 0.85 0.644 

0.32 0.98 0.681 

0.37 1.05 

0.019 0.223 
0.038 

0.064 

0.095 0.450 
0.165 0.574 
0.35 8 1.29 

0.53 z 1.51 

0.92 a 1.88 

0.019 ; 1.00 

0.069 ' 1.32 


0.722 
0 ,79 


0.299 
0.377 


With a vaiue of scale of turbulence equal to 0.08 D in 
aggregative fluidisation, we get the following equation 
for the intensity of bulk turbulence: 

' L.SegVs, —) , 
Cy, = __ | —__ ; 
me ‘ 


d, 
Substitution of equation (6.16) in (6.12) gives the 
continuous phase velocity profile. 


(6.16) 


Initial Contraction/Expansion of Three-Phase Fluidised 
Beds 

In a solid—liquid fluidised bed, when a gas is intro- 
duced, the bed either contracts or expands depending 
upon the density difference, the particle diameter and the 
range of liquid and gas velocities. Turner”, Ostergaard”’ 
and Stewart and Davidson” made these observations. 
The argument forwarded for the contraction was: in the 
presence of gas, the bubbles carry liquid with the help of 
relatively solid free wakes behind them. Darton and 
Harrison”, Epstein and Nicks”, and Epstein’’ and EI- 
Temtamy and Epstein” have analysed the problem of 
contraction/expansion in detail on the basis of wake 
phenomena and they have suggested criteria for a priori 
predictions. Their experimental data indicate that all the 
beds contract when a gas is introduced except for the 
case of lead beads as the solid phase. 

The mechanisms by which the solids are suspended are 
different in particulate and aggregative types of 
fluidisation. In a particulate type of fluidisation the 
particles exhibit random chaotic motion, however, the 
net displacement of any particle is practically zero. In an 
aggregative type of fluidisation the particles follow the 
circulatory motion of the liquid phase. The bulk liquid 
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flow may be upward at the centre and downward near 
the column wall. The net liquid flow will be upward 
equivalent to the superficial liquid velocity. When the 
circulatory flow is superimposed on the net liquid flow, 
the upward liquid flow at the centre is higher than the 
downward liquid flow near the column wall. In this flow 
pattern, the particles settle near the column wall and rise 
in the central region. Therefore, the solid concentration 
increases near the wall as compared to the central region. 
This is very similar to the case of a bubble column where 
higher bubble concentration exists at the centre and 
lower near the column wall. Therefore, when a particu- 
late type of fluidisation, under otherwise identical condi- 


tions, is transformed into an aggregative type of 


fluidisation, a region near the column wall is developed 
where settling of particles occur. This results in a con- 
traction of the bed. 


When gas is introduced into a particulate type of 


fluidised bed, the presence of bubbles transforms the bed 
into an aggregative type of fluidisation and contraction 
occurs. When gas is introduced into an aggregative type 


of fluidised bed, there is no change in the type of 


fluidisation and the bed expands because of the presence 
of bubbles. All the data reported by Epstein et al” ” can 
be explained on the basis of the above analysis. 

In addition to the above reasoning, the 
contraction/expansion also depends upon whether the 
gas phase supplies energy to or extracts energy from the 


bed. This subject is difficult to analyse in the absence of 


experimental data on individual phase hold-ups in the 
presence of gas and the bubble rise velocity. Systematic 
work has been undertaken. 


CONCLUSIONS 

(1) Turbulence intensity in solid—liquid fluidised beds 
is given by equation (2.19). 

(ii) It has been shown that ‘turbulence intensity’ is the 
governing parameter for the velocity-voidage re- 
lationship, behaviour of non-spherical and multisize 
particles, and mass transfer and heat transfer. 

(iii) The interstitial fluidisation velocity—voidage re- 
lationships in turbulent and laminar regimes are given by 
equations (3.2) and (3.8), respectively. 

(iv) In the turbulent regime, the binary particle system 
remains intermixed if the condition given by equation 
(3.29) is satisfied 

(v) Bed—wall mass and heat transfer coefficients are 
successfully related with turbulence intensity and are 
given by equations (4.5) and (5.1), respectively. 

(vi) The liquid phase axial dispersion coefficient in the 
turbulent regime is given by the following equation: 


D, = 3.75 D.Vs 


For laminar and transition regimes, the correlation 
suggested by Krishnaswamy et al” is recommended. 

(vii) The transition from particulate to aggregative 
type fluidisation occurs when the fraction of input 
energy dissipating in the liquid phase increases. 

(viii) After the introduction of gas, particulate 
fluidised beds contract whereas aggregative fluidised 
beds expand. 
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SUGGESTIONS FOR FURTHER WORK 


1. The knowledge of turbulence parameters (scale and 
intensity) is very important for the clear understanding 
of particle—liquid interactions. This will help in reliable 
prediction of transfer coefficients of heat and mass. The 
published information regarding the turbulence parame- 
ters in solid—liquid fluidised beds is sparse. Future 
studies should include such measurements covering a 
wide range of particle sizes and density. Large size 
columns (at least 200 mm i.d.) need to be investigated in 
order to study the possible gross liquid circulation. Both 
particulate and aggregative types of beds should be 
studied. 

2. It is generally believed that the presence of solid 
particles increases the liquid viscosity. This is perhaps 
true when the particles are fine. The present analysis 
indicates that the presence of relatively large particles 
increases the bulk turbulence, which is consistent with 
observed high rates of heat and mass transfer. It is now 
desirable to understand the role of particles in increasing 
the viscosity or turbulence which will have opposite 
consequences. 

3. It has been discussed in this paper that the pro- 
cedures for predicting the velocity—-voidage relationship 
also hold for non-spherical particles. Conversely, shape 
factor of non-spherical particles can be determined by 
carrying out relatively easy experiments on_ the 
velocity—voidage relationship. This work needs to be 
undertaken. 

4. In a SLFB of uniform particles, a heavy particle 
settles and a light particle rises. It is desirable to collect 
data on settling and rising velocities over a wide range 
of particle sizes and density and using different uniform 
particles. This will help in further understanding of the 
particle—liquid interactions. 

5. The occurrence of multisize particles is more com- 
mon. Criteria need to be developed for the classification 
of small and large particles. These situations are im- 
portant in classifying types of crystallisers and where 
fines are removed using SLFB. It is also desirable to 
investigate mass and heat transfer characteristics and 
extent of mixing in multisize particle beds. 

6. In the case of aggregative fluidised beds gross 
circulation of suspension occurs. There is practically no 
information available in the published literature regard- 
ing the internal velocity profiles and future studies 
should include this aspect. 

7. Despite the industrial importance of non- 
Newtonian liquids, scanty information has been re- 
ported regarding the performance of SLFB using non- 
Newtonian liquids. It is desirable to investigate 
velocity—voidage relationship, mass and heat transfer 
characteristics and extent of mixing in beds employing 
non-Newtonian liquids. 

8. There are several solid—liquid operations in which 
the rate controlling step is nonlinear. For instance, in 
hydrometallurgical operations the rate of diffusion 
through the product ash layer or the surface reaction 
may be the rate controlling step. In the case of crys- 
tallisation, the rate of growth may be nonlinear with 
respect to concentrations involved. In catalytic cracking 
the rate controlling step can be expressed by a nonlinear 
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Langmuir—Hinshelwood type of equation. In all these 
cases, usual dispersion models cannot be applied to 
calculate the performance of reactor/contactor. For 
these cases, Joshi et al” have suggested procedures to 
construct performance charts. Similar charts need to be 
prepared for solid—liquid fluidised beds. 

9. There is a need to simulate large size solid—liquid 
fluidised beds. Some experimental data should be col- 
ected using large size columns and actual operations of 
industrial importance such as dissolution, crystallisation 
and ion exchange need to be carried out. This will 
enhance confidence, and this relatively simple equipment 
will be used more widely in future. 


SYMBOLS USED 
surface area of a particle (m’) 
surface area of a non-spherical particle (m’) 
surface area of a spherical particle (m’) 
drag coefficient (on the basis of frictional force per unit 
surface area) 
drag coefficient of a single particle settling in an infinite 
medium 
drag coefficient because of turbulence in liquid phase 
drag coefficient of a non-spherical particle settling in an 
infinite medium 
drag coefficient for a particle in the transition regime 
drag coefficient of a single particle settling in an infinite 
medium where Reynolds number is in transition regime 
specific heat (Jkg~' “C~') 
column diameter (m) 
equivalent diameter of flow area in solid—liquid fluidised 
bed, wall effect neglected (m) 
impeller diameter (m) 
liquid phase axial dispersion coefficient (m* s~') 
diameter of an imaginary tube in which a particle is 
settling and the area between the imaginary tube and the 
particle corresponds to D, (m) 
equivalent diameter of flow area in presence of wall 
effect (m) 
molecular diffusivity (m*s~') 
scale of turbulence (m) 
particle diameter (m) 
diameter of a particle, different from uniform particles 
in a solid—liquid fluidised bed (m) 
power dissipation in liquid phase (W) 
power dissipation in solid—liquid fluidised bed (W) 
power input (W) 
power recovery because of pumping of liquid (W) 
power dissipation per unit mass of liquid (W kg~') 
power dissipation at solid—liquid interface (W) 
frictional energy dissipation rate at the surface of single 
particle (W) 
frictional force on a single particle (N m~?) 
fanning friction factor at pipe wall 
Galileo number, d} pi guy? 
gravitational acceleration (m s~*) 
bed height (m) 
bed wall heat transfer coefficient, Jm~*s~'°C™' 
Chilton—Colburn factor for mass transfer 
thermal conductivity (J m~'s~'°C~') 
particle-liquid mass transfer coefficient (ms~') 
bed-—wall mass transfer coefficient (m s~') 
bed height (m) 
mixing length or scale of turbulence (m) 
density number, (ps — p,)/p; 
number of different particles 
Peclet number, V, H /D, 
power consumption per unit liquid mass (W kg~') 
Prandti number, C,; /f; k; 
pressure drop (N m~’) 
dimensioniess number defined by equation (3.10) 
dimensionless number defined by equation (3.27) 


. 
Greek Letters 
€ 


7 

p 

Ap 

T 

Ty 
Subscripts 
D 

G 


Reynolds number, d, Vp, /M, 

Reynolds number, d, Vs, py /Hy 

Reynolds number, dV inePL/Hy 

Shape factor 

Schmidt number, p/p, Zy 

Sherwood number, kg; d,/7y 

overall turbulence intensity or root mean square 
fluctuating velocity (ms~') 

bulk turbulence intensity (ms~') 

average turbulence intensity in the vicinity of a single 
particle falling at its terminal velocity (ms_') 

average turbulence intensity in the vicinity of a single 
nonspherical particle falling at its terminal velocity 
(ms~') 

ratio of interstitial fluidisation velocity to terminal set- 
tling velocity, Vs/Vs, or Vs/Vsw 

axial component of turbulence intensity (m s~') 
continuous phase velocity at the column axis in aggre- 
gative fluidised beds 

terminal rise velocity of a bubble (ms~') 

average continuous phase circulation velocity (ms_') 
superficial gas velocity (ms~') 

critical superficial gas velocity at which transition from 
homogenous to churn turbulent regime occurs (ms~') 
superficial liquid velocity (ms~') 

volume of non-spherical particle (m°) 

classification velocity (ms~') 

interstitial fluidisation velocity, V, /e,(ms~') 
interstitial fluidisation velocity for dense particle (ms ') 
interstitial fluidisation velocity for ith particle size in a 
multiparticle system 

terminal settling velocity of an ith size particle in a 
multisize particle system 

minimum fluidisation velocity, superficial (ms ') 
interstitial fluidisation velocity of non-spherical particles 
(ms~') 

terminal settling velocity of a particle in the presence of 
a wall effect (ms~') 

terminal settling velocity of a particle in an infinite 
medium (ms_~') 

terminal settling velocity of a dense particle in the 
presence of wall effects (ms~') 

terminal settling velocity of a dense particle in an infinite 
medium (ms_') 

terminal settling velocity of a non-spherical particle in an 
infinite medium (m s~') 

friction velocity 

constant in equation (6.7) 

distance from wall 


fractional phase hold-up 
viscosity (Pa s) 

density (kg m~*) 

Ps — Py 

turbulent shear stress (N m~~) 
average turbulence intensity 


different particle 

gas 

ith particle size in a multisize particle (NV) system 
liquid 

at minimum fluidisation 

solid 

slurry 

infinite medium 
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FLOW OF POWDER THROUGH AN ORIFICE 
FROM A FLUIDISED BED 


By P. D. MARTIN (GRADUATE) and J. F. DAVIDSON (FELLOW) 


Department of Chemical Engineering, University of Cambridge 


Fine powder flowed as a horizontal jet through an orifice in the side of an air-fluidised bed. The orifice was alternatively 
(1) sharp-edged, (2) tapered smoothly with a hyperbolic profile, (3) a cylindrical tube. The powder was alumina trihydrate 
of mean diameter 75 ym, fluidised above the velocity for incipient fluidisation, but below the minimum velocity for bubbling. 
The bed was thus expanded to a mean voidage fraction «¢, of 0.57. The outlet air, above the bed, passed through a throttling 
valve so that the pressure P in the bed supplying the orifice could be controlled. 

Estimates of the discharge coefficient C,, and the velocity coefficient C\, were based on the equations for a liquid which 
obeys Bernoulli’s theorem: C,, was obtained from the mass flow rate and C, from the jet velocity which was calculated 
from the measured jet trajectory. These measurements also gave the exit voidage fraction ¢ of the jet. 

In that the discharge rate was proportional to ./ P, the powder appeared to flow like a ‘Bernoulli’ liquid but there were 
marked differences from ideal behaviour: (1) for all orifices 0.56 < C,, < 0.70, including the shaped orifices; (2) the values 


of Cy (0.62 < C, < 0.71) were much below unity. These differences may be due to the high apparent viscosity of the fluidised 
bed. 


For two of the shaped orifices, ¢, was much below ¢,. The compacted jets from these orifices exhibited coherence, retaining 
their original diameter over a flight of 1m or more. 


INTRODUCTION the orifice could be controlled: P was the sum of the 
Experimental studies of the flow of particles from a pressure in the freeboard plus the pressure due to the 
fluidised bed through a circular or rectangular orifice gravity head of the fluidised bed above the orifice 
have been described by a number of authors! ® The bed was contained in a 10 cm 1.d. pyrex glass tube 
Massimilla’ has reviewed some of these. and the with a 5cm dia. side branch to accommodate a variety 
associated theoretical treatment. of nozzles and orifices. The pyrex tube was connected to 

Distinguishing features of the present work are as a steel plenum chamber supplied with air through valve 
follows: 

(1) Whereas previous workers, with the exception of 
Howard et al.° used the gravity head of the fluidised 
particles to propel them through the orifice, in this work 
the particle motion was caused mainly by pressurising 
the fluidisation vessel. 

2) This work concerns fine particles expanded by a 
fluidising air velocity above the minimum for incipient 
fluidisation but below the minimum value for bubbling, 
where these velocities differ significantly. Particles so 
fluidised are of such a size and density as to fall into 
group ‘A’ of Geldart’s® classification for air fluidisation; 
previous work, on the other hand, has mostly concerned 
larger and/or denser (group ‘B’) particles in an 
incipiently fluidised or bubbling bed. 

(3) A variety of sharp-edged orifices and shaped or 
tubular nozzles was used. Nozzles have received little 
attention from previous workers; only Jones and 
Davidson** tested shaped nozzles, though Howard 
et al. investigated a nozzle shaped as a truncated cone. 
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EXPERIMENTAL 





Fluidised Bed Apparatus 
Figure | is a diagram of the apparatus, a conventional ‘ er oe es a 
fluidised bed. but with a means of controlling the Figure iuidised bed bor nozzle and orifice flow measurements. The 
: f : 3 . freeboard pressure is varied by adjusting valve V2. M = mercury 
pressure P, in the freeboard by adjusting the air outlet : 


manometer, W=water manometer. Air main: |.5bar gauge 
valve V2. Hence the pressure P in the bed at the level of maximum. Not to scale 
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FLOW OF POWDER THROUGH AN ORIFICE 


Table |. Velocity coefficients 


Exit 
diameter 
d, (mm) 


Description Number 


Sharp-edged orifices It 
Shaped-nozzles 


Straight tubes 


fused in mass flow experiments. 


Vl from an air main of maximum pressure 1.5 bar 
gauge. The air distributor, held between the pyrex tube 
and the plenum chamber, was a porous bronze plate 
supporting a multi-layer paper membrane giving a high 
pressure drop, typically 42 kPa at a fluidising velocity of 
10mms_~'. By adjusting valves Vi and V2, values of P 
up to 0.5 bar could be obtained. The bed was fluidised 
in the non-bubbling mode at a fluidising velocity of 
9.3 mms_'; minimum fluidising and minimum bubbling 
velocities were 6.9mms~' and 9.5mms~' respectively 
for the particles used. At the velocity of 9.3 mms ~', the 
voidage fraction in the fluidised bed, &,, was 0.57. 

The side arm of the pyrex tube was fitted with a 
flanged brass tube into which the required nozzle or 
orifice was inserted, its face flush with the tube wall as 
shown in Figure |. The flow of particles could be 
stopped by a rubber plug, mounted on a closure arm 
which passed through a flexible seal, see Figure 1. 


Nozzles and Orifices 

Eight orifices were used as follows, see Table 1 for 
dimensions. 

(1) Three sizes of sharp edged orifice. 

(2) Three shaped nozzles of the form indicated in 
Figure |, the hyperbolic cross-section being described by 
the equation of Jones and Davidson’ 

r=r,/,/(1—x/X) (1) 


Here r.(=d,/2) is the radius of the exit hole, x is the 
distance upstream from the exit measured along the axis 
of symmetry and X is the length of the nozzle, i.e. the 
distance from the exit to the wall of the fluidised bed. 

(3) Two straight tubes, let into a plate flush with the 
wall of the fluidised bed. 


Particles 


Rounded alumina trihydrate particles of density 


~, = 2420 kgm and mean diameter 


d, = 75 ym 
(estimated by Coulter counter) were used. 


Observations and Measurements 
With the exit plug closed, the pyrex tube (Figure 1) 
was partly filled with powder and an expanded non- 
bubbling fluidised bed was established by adjusting 
valves V1 and V2. On withdrawing the plug, a powder 
jet issued from the orifice and was photographed. The 
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Velocity 
Length coefficient 
¥ (mm) Cy 


Standard 
deviation 
0 0.65 0.03 
0 0.64 0.04 
0) 0.63 0.03 
5 0.67 0.02 
15 0.62 0.03 
31.5 0.68 0.06 


15 0.71 0.04 
31.5 0.7] 0.06 


size of the orifices and nozzles was not so large as to 
defluidise the bed when opened. A typical photograph is 
shown in Figure 2; it includes (i) enough of the jet 
trajectory to deduce the exit velocity v, using the plumb 
line which appears in the middle, (ii) the manometers 
and (ii) the bed surface. 

Note the coherence of the jet from a shaped nozzle 
(Figure 2). The jet appears to consist of a central 
coherent core surrounded by a thin layer of slower- 
moving particles which fall away as seen in the photo- 
graph. But the main core retains its coherence at a 
distance of a metre or more from the exit. Jets from 
orifice plates and cylindrical tubes were less coherent: 
apparently the converging form of the shaped nozzle 
gives a more dense and hence more coherent jet; this will 
be discussed below in connection with exit voidage 
measurements. 

In some experiments, noted in Table 1, the mass flow 
was obtained by collecting the jet particles over a 
measured period and weighing. 


RESULTS 


Jet Velocity and Velocity Coefficient 
The exit velocity v, of the jet was deduced from the 
trajectory by measurements from photographs such as 


Figure 2. The jet being initially horizontal 


v, = 2z(g/2y)'? (2) 
where z and y are the horizontal and vertical distances 
from the exit. 

The manometer readings gave the pressure P, in the 
freeboard and the pressure drop AP across the bed, 
giving the pressure P in the fluidised bed at the centre 
line of the jet 


P = P,+(H,— H.) AP/H, (3) 


where H, is the bed height and H, the height of the exit, 
measured above the level of the bottom pressure 
tapping, and AP is the pressure drop across the bed. 

The bed voidage fraction «, was difficult to control 
precisely, because the bed conditions changed slightly 
when the jet flow started. Its value was calculated from 


&, = 1 — AP/p,gH, (4) 


the mean over all experiments being «¢,=0.57 with 
standard deviation 0.02. 
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Figure 2. Jet from shaped nozzle; d, = 


The assumptions that the flowing particles (i) have 
constant voidage fraction and (11) obey 
theorem gives the theoretical jet velocity 
v, = (2gH)'? = [2P/p,(1 — e)]'? 


= (2PgH,/AP) 
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Figure 3. Measured jet velocity against theoretical jet velocity. Each 


continuous line is a best fit, through the origin. Each broken line is 
fitted to the nearby data points. 





3.1mm, X =31.5mm. A plumb line and manometers (cm scales) are included. 


where H is the effective total head. v, is plotted against 


v, in Figure 3. Values of the velocity coefficient Cy = v,/v, 
and its standard deviation are given in Table 1. 
Jet Voidage Fraction ¢, 
The voidage fraction of the issuing jet was inferred 
from the experimental jet velocity v. combined with the 
measured powder mass flow rate G, using the relation 


& = 1—4G/n(d, - AY Poe (6) 


In deriving equation (6) it was presumed that the 
effective jet diameter is d, — d,: this follows from the fact 
that when a particle bed is in contact with a wall, there 
is a high voidage fraction adjacent to the wall. 

The mass flow rate G took a finite time to measure, 
and therefore could not be recorded simultaneously with 
each photograph from which v, was estimated. Therefore 
G was plotted against ,/ P as shown in Figure 4 and the 
broken lines were fitted to each set of data: each broken 
line relates to the nearby data points, covering only those 
data points within the range of ./ P for which the line 
is drawn. Then each value of ¢ was calculated from (i) 
the estimated value of v. from a photograph such as 
Figure 2 and (11) the value of G from the broken line of 
Figure 4 at the appropriate value of P, as recorded from 
the photograph. 


DISCUSSION OF RESULTS 
Jet Velocity and Velocity Coefficient 

Figure 3 shows that the jet velocity is, to a good 
approximation, proportional to ,/P as suggested by 
Bernoulli's theorem, but on the other hand the velocity 
coefficients for all orifices are somewhat less than unity; 
see Table 1. It is by no means clear why Cy should 
have such values. The low values of Cy may be due to 
fluidised bed viscosity; values of bed viscosity mw, of 
0.1-1 Nsm~? have been suggested’; now the relevant 
orifice Reynolds number is Re = p,(| — é,)v.d,/, and 
with v. = 3 ms‘, d. = 3.1 mm, Re = 2420 (1 — 0.57) x 3 
x 0.0031/(0.1 — 1) 10-100, so viscous effects are 
significant and may account for Cy being below unity. 


Chem Eng Res Des, Vol. 61, May 1983 





FLOW OF POWDER THROUGH AN ORIFICE 165 


pintnicmaptagtantaemme ete 
0 a3 
“+ Sharp - edged ae) 


| de= 2:75 mm 





| Shaped nozzles| 
| 


|Length 
r 131.5 mm 
115.0mm ¥ 


0-02}+- [5-0 mm = i 





Jet mass flowrate G (kg s7) 


| Straight tube | 
| dg=3-1 mm 


x =315mm_ 


200 
yP 
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Table 2 shows mean values of Cy 
of orifice. 
Figure 3 were drawn. The fact that Cy is a little higher 
for the straight tubes may be due to the acceleration to 
be expected within each tube. The tube entrance is likely 
to behave as a sharp-edged orifice in which the particles 
have a lower velocity than the gas. This slip between gas 
and particles must cause acceleration of the particles in 
the tube, accounting for the higher velocity of the exit jet 
as compared with sharp-edged orifices and nozzles. 


for the three types 


Jet Coherence 
Figure 2 shows the coherence that was observed for 
shaped nozzles. With the fine powder used in this work, 
it seems that, once generated, a jet of low voidage retains 
its form over great distances: the reasons for the 
coherence may be as follows. 
(i) The low permeability means that air cannot readily 
enter the jet to separate the particles; only the surface 
layers can be readily stripped off. 


Table 2. Mean velocity and discharge coefficients 


Velocity 
coefficient Cy, 


Discharge 
coefficient C) 
Sharp-edged orifices (1,2,3) 0.64 (i) 0.58 
Shaped nozzles (4,5,6) 0.66 (4,5,6) 0.70 
Straight tubes (7,8) 0.71 (8) 0.56 


Description 
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From these values the continuous lines of 


(ii) Short-range interparticle forces (such as capillary 
forces) of the kind that stabilise the bed against bubble 
formation at fluidising velocities somewhat above 
incipient, may also stabilise the jet. 

The most coherent jets were those with low exit 
voidages, generated by the shaped nozzles. Presumably 
the converging particle flow pattern at the exit counter- 
acts the dispersive effect of the ‘slippage’ air which 
percolates through the powder; this air must leak out of 
the sides of the jet as it leaves the orifice, dispersing the 
particles; this dispersion has been studied by Berber"®. 


Jet Voidage Fraction ¢, 

Figure 5 shows the estimated values of ¢ plotted 
against the pressure P in the fluidised bed supplying the 
jet. While there is much scatter it is clear that the jet 
voidage fraction for two of the shaped nozzles is well 
below the voidage fraction, ¢,= 0.57, in the fluidised 
bed. Thus there was compression of the flowing material 
to give an exit voidage below the value for incipient 
fluidisation, about 0.53, and even below the value for 
fully settled powder, about 0.49. By contrast the exit 
voidage fractions for the sharp-edged orifices and the 
tubes are a little above &,. 

These results are consistent with the appearance of the 
jets: the lower voidage jets, from the shaped nozzles, 
were more coherent than the jets of higher voidage. 
However, of the jets produced by the shaped nozzles, the 
differences resulting from differing values of X/d, could 
not be distinguished visually. 

The effect of orifice shape on « is clearer if it is 
assumed that all the experimental orifices and nozzles 
were shaped according to equation (1) and that (i) for 
the sharp-edged orifices, ¥ =0 and (ii) for the tubes, 
X-»+«. This led to Figure 6 which shows «¢, plotted 
against X/d, at various supply pressures, the points in 
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Figure 5. Jet voidage fraction for different nozzles and orifices. B-B, 
mean bed voidage fraction. The curves were drawn by hand to show 
the trend of each set of data 
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Figure 6. Effect of nozzle shape factor on jet voidage fraction. B-B, 
mean bed voidage fraction. Pressures (bar); 0.1 @, 0.2 D, 0.3 A. 


Figure 6 being taken from the curves in Figure 5. From 
Figure 6, as indeed from Figure 5, it appears that the 
long shaped nozzle behaves like a tube in giving a high 
exit voidage; both the high jet voidage and high Cy can 
be attributed to acceleration of the particles within 
cylindrical or near cylindrical nozzles. 

Figure 6 shows an optimum (i.e. lowest ¢,) value of 
X/d, of about 5, and thereby supplements the work of 
Jones and Davidson’, who suggested on theoretical 
grounds the nozzle shape described by equation (1) 
without specifying the relative values of X and d.. 
Burkett et al.° have suggested that this nozzle shape 
might be the shape of the stagnant particle/moving 
particle boundary inside the bed in the vicinity of a plane 
sharp-edged orifice. 


Mass Flow Rate and Discharge Coefficient C, 
From Figure 4 it appears that the mass flow rate ts 
nearly proportional to ,/ P. A discharge coefficient Cp, 
which could readily be used by designers (provided the 
particies are very small compared to the orifice), is given 
by 


Cp = 4G (nd:(2Pp,(1 — &,)]!) 


Values of Cp are given in Table 2. The value for nozzles 
is significantly higher than for orifices and tubes, because 
e, is higher for nozzles. The value C,, = 0.70 is a mean for 
all three nozzles. For the 15 mm and 5 mm long nozzles, 
Cp is larger. Hence it appears that although the straight 
tube has the highest velocity coefficient, in terms of 
discharge the shaped nozzle is best. 


CONCLUSIONS 

From measurements on jets of fine powder flowing 
from an expanded non-bubbling fluidised bed through 
sharp-edged orifices, shaped nozzles and tubes, the 
conclusions are as follows. 

(1) Very compacted jets, i.e. jets with low voidage 
fraction, are formed by using shaped nozzles of 
(length)/(exit diameter) ratio of about 5. Such nozzles 
can generate jets of voidage fraction slightly below the 


value for a settled bed of the powder, suggesting that ihe 
particles in the jet are in contact with one another. Such 
jets are coherent over distances of | m or more of free 
flight. 

(2) The velocity coefficients Cy, calculated on the 
supposition that the flowing powder obeys Bernoulli’s 
theorem, are well below unity, see Table 2. This may be 
an effect of orifice Reynolds number which is based on 
fluidised bed viscosity. 

(3) The discharge coefficients Cp, also based on 
Bernoulli’s theorem, are somewhat higher for shaped 
nozzles than for sharp-edged orifices and straight tubes, 
see Table 2. 


SYMBOLS USED 


discharge coefficient 

velocity coefficient 

exit diameter 

particle diameter 

mass flow rate of powder 

acceleration of gravity 

height of bed corresponding to pressure P 
height of jet above bottom pressure tapping 
height of bed surface above bottom pressure tapping 
pressure in bed at jet level (gauge) 
freeboard pressure (gauge) 

bed pressure drop 

nozzle radius 

nozzle radius at exit 

measured jet velocity 

theoretical jet velocity 

length of nozzle 

distance upstream from nozzle exit 

vertical distance of trajectory below jet exit 
horizontal distance of trajectory from jet exit 
bed void fraction 

void fraction of jet at exit 

solid density of particles. 
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PARTICLE-GAS-LIQUID MIXING IN STIRRED VESSELS 
Part Ili: Three Phase Mixing 
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and J. C. MIDDLETON (MemBer) 


University College London and ICI Corporate Laboratory, Runcorn 


Part II] considers simultaneous gas dispersion and particle suspension. In general, particle suspension requires more power 
than gas dispersion and higher powers are required for each with increasing gassing rate. Downward pumping agitators suspend 
solids at less power than disc turbines at low gassing rates but are subject to flow instabilities and severe loss of suspension. 
At high gas rates, they are no longer energy efficient. Upward pumping impellers are least energy efficient at low gas rates. 
However, the energy required for particle suspension is also independent of gassing rate and at high rates, these are the most 
energy efficient. No instabilities are exhibited. For a Rushton turbine at a clearance of 7/4 no instabilities are exhibited and 
N,< and N, can be calculated as set out in Parts I and IJ respectively. The increase in speed required to just completely suspend 
particles on gassing for a 7/2 size impeller is given by AN ,, = 0.94 Q., where Q,, is in vvm. On scale-up, the specific power 
required for suspension may increase or decrease depending on the impeller type and solids type and concentration. 


INTRODUCTION 


The importance of ensuring that the discontinuous phase 
is well-dispersed in the continuous phase has been firmly 
established for a wide variety of multiphase reaction and 
transfer systems. Hence in the literature there has been 
much attention paid to establishing criteria which define 
this state. In the context of an agitated vessel, there are 
two criteria, N-p and Nj,, which relate to gas—liquid and 
solid—liquid dispersions respectively. These criteria have 
been characterised in the previous two parts of this 
series. The simultaneous satisfaction of both these 
criteria is equally vital in three-phase systems. However, 
very little work exists in the literature on this topic. The 
little there is suggests that important additional inter- 
actions occur in three-phase situations and reveals that 
the straightforward application of principles deduced in 
two-phase systems is an unreliable form of design. 

The objective of this third paper is to ascertain the 
major interactions between the gas dispersion and par- 
ticle suspension mechanisms as a basis for examining in 
detail the effect of the major variables on Nj<,, the 
minimum agitator speed for particle suspension under 
gassed conditions, and Nc-p simultaneously in a three- 
phase system. 

Three-phase slurry reactions have long formed a 
source of much published work. Though they are often 
carried out in stirred vessels, the emphasis is usually on 
the reaction kinetics and there is generally very little 
consideration given to the hydrodynamics involved. A 
recent review paper’ quoted Zwietering’s correlation 
with respect to ensuring complete suspension, but made 
no observations with respect to any effect of the gassing 
on suspension speeds. 

The first work to deal with the interactions of aeration 
and suspension was published in 1969 by Arbiter et al.’ 
in the field of froth flotation. They noticed that drastic 
sedimentation of suspended particles occurred on aerat- 
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ion if a critical air flow number was exceeded. The 
critical flow number was a function of particle size and 
coincided with a sudden change in the ratio P,/P with 
flow number. The results of their work are difficult to 
relate directly to those presented in this series, since the 
impeller and shroud geometry used in flotation cells is 
very different from the more standard arrangements 
considered here. The sudden drop in P,/P was explained 
as being due to particles blocking the suction ports of the 
impeller, which is unlikely to occur in an unshrouded 
system. They also noted that sedimentation was achieved 
gradually with increases in gas rate or decreases in 
impeller speed in systems which did not display this 
critical fall in P,/P. However, the major conclusions 
appear to be relevant to this investigation. They are: 


(a) Aeration causes a decrease in power consumption 
and particle sedimentation is associated with this 
decrease. 

(b) If the fall in P,/P is sudden, then there is a corre- 
sponding total loss of suspension. 


Zlokarnik and Judat’ proposed a self inducing tube 
stirrer combined with a propeller as an efficient means 
of simultaneously dispersing gas and suspending solids. 
A complex empirical relationship was given for the 
critical Reynolds number at which particles were sus- 
pended by this configuration, but no term accounting for 
aeration was included in it. The justification for this was 
presumably their claim that the gas had a negligible 
effect on the propeller pumping rate when introduced to 
the system in this manner. The correlation reduces to a 
form very similar to that proposed by Baldi et al.* for 
two phase systems. Oldshue’ also briefly considered 
three-phase systems but was mainly concerned with 
transfer processes and made no mention of the hydro- 
dynamics. 
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The work of Queneau et al.° further demonstrates the 
wide range of operations where a knowledge of the 
hydrodynamic state of a three-phase system is essential. 
The overall objective of their work was to specify scale 
up requirements for the upgrading of an atmospheric 
leaching plant to extract nickel from _nickel-copper 
mattes. They observed that a loss of suspension occurred 
at high gas rates, low speed or small impeller diameter 
and low power input. Though they observed the superior 
energy efficiency of a propeller over a radial turbine and 
also the savings available on lowering the radial im- 
peller, these quantitative data were obtained without 
aeration. It was also noted that muluple impellers were 
less efficient for suspension than a single impeller for 
equal power input. A graph was presented of P,/P 
against Fl,,, showing particle sedimentation to occur for 
P, P <0.5. However, in some cases they reported no 
settling out even when the impeller was flooded with gas. 
All the work was completed in an i] inch diameter vessel 
with gas rates up to approximately 0.8 vvm. Particle 
diameters were mostly less than 50 um. It is difficult to 
draw any positive conclusions from this work, since 
suspension and sedimentation of the particles were not 
defined in terms of a standard criterion, e.g. Nj;. How- 
ever, no comments were made that implied extreme 
sedimentation as reported by Arbiter et al.’. 

Since this project began, work has been published 
relating specifically to the interaction of aeration on Nj. 
and of suspension on gas-liquid hydrodynamics. 
Wiedmann et al.’ presented data obtained in two tanks 
(7 =0.2m and 0.45 m) over a very wide range of gas 
rates (up to Q,=10vvm) for various particle—liquid 
conditions and utilising both disc turbines and pro- 
pellers. Several important qualitative conclusions can be 
drawn from their work, though their absolute data 
values imply particle suspension was achieved at speeds 
some 50°, lower than this work, or that of Zwietering*® 
or Nienow’ would predict, and must therefore be re- 
garded as slightly suspect. Both Nj, and (€;)js,. were 
found to increase as gas rate increased, more so for the 
propeller than the disc turbine. The minimum mixing 
requirement for the gas phase, Nop, was found to be 
independent of particle conditions (Ap, X, d, etc.) and to 
be achieved at lower speeds than N,.,. These character- 
istics were explained solely in terms of the fluid flows 
induced by the ascending bubbles upsetting and reducing 
the output flow from the impeller. 

Subbarao and Taneja’ investigated propeller agitated 
three-phase dispersions in a 0.164 m diameter vessel with 
the gas sparger situated above the impeller. A modei was 
derived for predicting Nj, in two phase systems (see Part 
1) but implied amongst other things that N,, increased 
with impeller diameter and, not surprisingly, the data 
did not fit the theory very well. They also assumed that, 
on aeration, an entrained liquid flow—proportional to 
sparge rate—would be set up in a counter-current direc- 
tion to the propeller-induced flow and hence hinder 
suspension. The resulting relationship implied that, on 
aeration, an increase in N above that necessary to just 
suspend the particles in a two-phase system was re- 
quired, and this increase was proportional to the gas 
rate. The data obtained seemed to support this postulate 
but with a lot of scatter and only for very low gas rates. 


As a result of this they defined a critical flow number 
(equivalent to Q,/(N — Njs)D* = 5 x 10~*) for which 
suspension was just achieved. It was also noted that, 
with a sufficiently high gas rate, all the particles could be 
sedimented and that a flow number evaluated at these 
conditions agreed closely with the critical flow number 
proposed by Arbiter et al.”. However, this was probably 
a coincidence since the blocking mechanism which 
caused particles to sediment suddenly in Arbiter’s work 
was not possible in the open geometry used by them””, 
where sedimentation was not sudden and an order of 
magnitude increase in gas rate was necessary to com- 
pletely collapse the suspension. 

There are, then, clear indications of aeration affecting 
the suspension of solid particles. However, the expla- 
nations put forward to account for this effect are not 
satisfactory. Consequently, no clear method of designing 
a three-phase stirred tank system has emerged and this, 
therefore, forms the major objective of this series of 
papers. 


EXPERIMENTAL 

Part I of this series gives details of equipment and the 
shorthand notation used throughout this work to define 
the system geometry. 

The presence of particles sometimes hindered visual 
observation of the extent of gas dispersion. However, the 
criteria established in Part II, in terms of the power 
response of each impeller, enabled N_p to be detected. 

Njs, was detected by visual observation of the base, as 
described in Part I. It was found that it sometimes took 
two to three minutes to attain steady state particle 
motion, especially at high gas rates. Nevertheless, even 
when the gas was dispersed throughout the tank, the 
gradual decrease in particles on the base with increasing 
speed and the just completely suspended condition, 
could be clearly observed. 


MAJOR INTERACTIONS FOR DISC TURBINES 

The major interactions between gas dispersion and 
solid suspension are described in this section for disc 
turbine impellers. This impeller type has been well 
documented in the literature in terms of both its particle 
suspension and gas dispersion capabilities. Having es- 
tablished in this section the major consequences of 
combining these two duties for a well documented 
system, the basis formed in Parts I and II will be used 
to present and discuss the characteristics of other sys- 
tems and examine in detail the effects of all the major 
variables. Because of the instability reported in Part II 
when dispersing gas at an impeller clearance of 7/6, the 
T /4 clearance is used as the standard against which other 
clearances are compared. 


Effect of Particles on Gas—Liquid Hydrodynamics 

The importance of particle effects on the gas—liquid 
hydrodynamics is assessed by examining the manner in 
which particle size, density and concentration affect the 
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Figure |. Effect of particle concentration on power number versus flow 
number plots for a disc turbine. (7/2, DT; T,; soda glass ballotini; 
Q,, = 0.5 vvm). 


speed at which the gas phase 1s completely dispersed N.p 
the gassed power Po, and the overall! gas holdup e. 

The variation of both particle size d, and density, p or 
Ap, had a negligible effect on Nop, Po, or € at the lower 
concentrations investigated. However, this was not true 
of particle concentration X. Figure 1 shows how a 
ten-fold increase in X affected the Po, versus Fl, plot for 
a T/2 disc turbine situated at C = T/4. Consider first the 
absolute values of the power numbers. The figure shows 
that at 0.5 vvm, concentration has only a small effect on 
Po, provided that the particles are suspended, i.e. for 
N > Njs,. However, at N < Njs,, the concentration of 
particles in the system had a very significant effect on the 
gassed power number. An explanation for this phenom- 
enon is the false base formed by the particles effectively 
reducing impeller clearance at low speeds, which causes 
a decrease in power number similar to that observed in 
Part I. As N tended to Njs, (as indicated in Figure 1) so 
particles were suspended, the false base removed and the 
power numbers tended to a common value. Table | 
demonstrates the variation of power number with con- 
centration for various gas rates, at the just suspended 
condition. 

This table shows that the power number generally 
increased as particle concentration increased at the just 


Table \. (Po,),, as a function of X for various gas rates (T<; 
T/2, DT; soda glass ballotini) 


Vo (vv™) (Po); or (Po, )j5 


0 15 6.2 
0.25 5.7 53 5. 5.6 
0.5 6. 4. 4.7 
1.0 ; 3. 3. 3.2 
XY, : ; 15 
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suspended condition. This is not surprising since (Po)). 
and (Po,),, were calculated on the basis of the liquid 
properties and the effective density in the impeller region 
will increase in the presence of particles of greater 
density than the liquid. A 30% concentration implies an 
increase of approximately 20°, in the overall density 
(assuming homogeneity and Q,,=0) and thus a 20°% 
increase in (Po),, since p was actually taken as the value 
for the liquid only. Since (Po),, does not show a 20° 
increase, then this suggests that either the dispersion is 
not homogeneous or Po is insensitive to X for other 
reasons. The data in Table | demonstrate that similar 
fractional increases in (Po,),, were observed with X, i.e 
of the order of 10% for the concentration range exam- 
ined. 

The second observation drawn from Figure | involves 
the position of the minimum in the Po, versus Fi, plot 
which marks Np, the speed at which the gas phase is 
taken as being just dispersed (see Part Il). For low 
concentrations (¥ < 15%), Nep is independent of con- 
centration. However at the higher concentrations 
(X¥ > 15%), Nep was achieved at lower speeds, i.e. higher 
Fi,,. In these cases at Nep, the particle bed was so close 
to the impeller that gas was easily dispersed and the 
overall liquid flow pattern tended to the single flow loop 
normally found with low clearances (see Part II, Figure 
15) and their associated lower power numbers and 
torque fluctuations. As particle bed heights diminished 
with increasing speed, so all the power number versus 
flow number curves converged. 

Figure 2 shows gas holdup, ¢, against solids concen- 
tration. Allowing for experimental error in measuring ¢ 
(+ 10% for disc turbines), a negligible change is observed 
though there may be a small decrease with particle 
concentration. Van den Berg'' concluded that no change 
in interfacial area occurred on the addition of particles 
of 7S5um<d,<600um and X¥ <4% from mea- 
surements made using a suiphite oxidation technique in 
a 0.29 m diameter vessel. Alternatively, Joosten et al. 
observed a decrease in gas hold-up only at very high 
solids concentration, though no quantitative details were 
given. They supported their observation by the fact that 
in three-phase fluidised beds, a high particle volume 
fraction encourages bubble coalescence and a decrease in 
gas holdup.'*'* 

In conclusion, for the range of variables investigated, 
the effect of particles on the gas-liquid hydrodynamics 
of a three phase system is virtually negligible provided 
that the system is well-mixed, i.e. N > Nj., and N > Nep 
If either or both of the discontinuous phases are not well 
dispersed, then high particle concentrations may have a 
significant effect. 


Effect of Gas on Solid—Liquid Hydrodynamics 

Consider an agitated suspension of particles at its just 
suspended condition with no aeration, i.e. N = Nj,. The 
effect on sparging a small amount of gas into this system 
was to cause slight sedimentation such that, for the same 
impeller speed, the particles were nc longer just sus- 
pended, i.e. N < Njc,. Further increases in Q, led to 
more sedimentation. It was demonstrated in Part II that 
as gas rate increased, the pumping capacity and ability 
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Figure 2. Gas holdup versus particle concentration (7/2, DT; T,; soda glass ballotini; (@ QO, = 1.00 wm and N = 3.17 revs "'; O O,=0.5 vwm 
and N =2.5revs_’). 


of the impeller to circulate fluid and the power input 
decreased. The manner in which it did so was linked to 
graphs of power number against flow number for con- 
stant speed. In Part I it was established that either drag 
forces, local energy dissipation and associated turbulent 
eddies, or both, were probably responsible for sus- 
pension. Any decrease in pumping capacity and power 
input will therefore decrease all the parameters which 
cause particle suspension. However, an increase in Nj. to 
Njsg ensured complete resuspension. Similarly, under 
gassed conditions such that N was just less than Njg,, a 
reduction in Q, gave complete resuspension. On the 
other hand the dramatic collapse of suspension reported 
by Arbiter? never occurred. 

In fact, there is a unique combination of gas rate and 
impeller speed at which the just suspended condition is 
achieved. This also applied to the Np); condition (i.e. the 
speed at which there is a maximum in the sampled 
particle concentration near the vessel base—see Part I) 
and was well illustrated by the results obtained for glass 
powder (Figure 3). A clear peak was obtained when 
plotting normalised concentration (=sample concen- 
tration/bulk concentration), over a range of impeller 
speeds for Q,, = 0.25 vvm (Figure 3(a)) in the same way 
as a peak was obtained in an unaerated system. If N was 
held constant at 4.1 rev s~'(Npjsy at Og = 0.25 vvm) and 
the gas rate was varied, then a peak again resulted at a 
gas rate of 0.25vvm (Figure 3(b)). Higher gas rates 
(Q, > 0.25 vvm) resulted in sedimentation and at lower 
gas rates (Q, < 0.25 vvm), the dispersion was partially 
homogenised, i.e. for 0, = 0, Nyy < 4.1 revs™'. 

Figure 4(2) shows how N,,, increased linearly with gas 
rate for the same glass powder system. Also, the rate of 
increase was such that it overcame the reduction in 
power that occurs on aeration. As a result, a net increase 
in the power input from the agitator is required to cause 
suspension (Figure 4(4)). Thus a greater power input is 
necessary to cause suspension under aerated conditions 
than unaerated, suggesting that the gas presence has an 
additional effect other than a reduction of flow from the 
impeller region, in the form of damping local turbulence 
and velocities near the vessel base. This effect is also 
suggested by Sicardi et al.'°, who obtained similar trends 


from some experiments using very low density particles. 

The gas phase was generally well dispersed before the 
particles were just suspended, i.e. Ncp < Njs,. Exceptions 
to this are discussed in detail later. However, from the 
effects described above it is clear that an allowance must 
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Figure 3. Sampling results for a glass powder suspension (a) at 
0.25 vvm (b) at 4.1 revs~' (7/3, DT; Ty; X¥ = 3%). 
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Figure 4. Effect of gas rate on (a) Nj, and (b) (€;)ss, (7/3, DT; Ts; 
0.3°% glass powder). 


be made for the influence of aeration on particle sus- 
pension. 

By examining in detail the consequences of varying 
firstly the gassing rate and the particle properties and 
secondly the equipment configurations, especially with 
regard to the interaction of Q, on Njs, which appears to 
be the more significant, a far more complete picture of 
the characteristics of a three-phase system emerges. 


THE INFLUENCE OF PARTICLE AND LIQUID 
PARAMETERS 


Particle Density 
Under aerated conditions (see Figure 5), the de- 
pendence of the just completely suspended condition on 
density is reduced from N,,ocAp®* (see Part I) to 


Nisg x Ap® 2 ( ] ) 


The gas phase was always dispersed before the par- 
ticles were suspended, i.e. Njs, > Ncp with one exception. 
The polystyrene particles were suspended just as gas 
bubbles were first being circulated down the vessel walls 
towards the base. Thus for a fixed gas rate, the lightest 
suspension duty involved the particles with the lowest 
density difference, and as Ap increased so Njs, also 
increased. Figure 6 demonstrates this effect by marking 
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the minimum suspension and gas dispersion condition 
for 0.5 and | vvm. From Figure 6, it can be seen that Njg, 
was achieved at a point that remained !n approximately 
the same position on the Po, versus F/,, graph in relation 
to Ncep (the minimum) for both gas rates. 

As indicated earlier, additional gas loading to a system 
in the just suspended state resulted in some sedimen- 
tation. It was found that the same increase in impeller 
speed was necessary to restore complete suspension, 
independent of the density difference (see Figure 7). 
Replotting Figure 7 as ANj<.(=Njs, — Nys) against QO, 
(Figure 8), enabled all the data to be correlated by a 
straight line through the origin. Since the absolute value 
of N,, for the lead glass ballotini was approximately five 
times that for the polystyrene in an unaerated system, 
then a similar absolute increase in N with Q, would 
result in a very much higher percentage increase in Ng, 
with Q, for the least dense particles. Hence a much 
greater relative increase in power input was required to 
re-suspend the polystyrene on aeration. This effect is 
shown in Figure 9. 

Thus for a wide range of density differences and 
independent of the gas-liquid mixing condition, the 
increase in impeller speed necessary to restore the just 
suspended condition on increased gassing rate was de- 
pendent only on Q, for that particular geometry. There- 
fore on aeration of a system with a very light suspension 
duty, many times the ungassed specific power input 
requirement, may be necessary to restore complete sus- 
pension, whereas only a small relative increase in (€7))s, 
would be necessary for a difficult suspension duty (i.e. 
one of high density difference) 


Particle Concentration 
The relationship between N,, and particle concen- 
tration given in Part I for unaerated systems was found 
to hold equally well in aerated systems, as shown in 
Figure 10 for both disc turbine and mixed flow impeller 
systems; 1.e. 


Ny X*™ (2) 


At N 


<€ Nj, it was observed that, at low concen- 
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Figure 5. Influence of Ap on Nj, for various gas rates (7/3, DT; Ts, 
X=1%; d,=300 um; ungassed; 0. 
0, =0.5 vm; @ QO, 
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Figure 6. Po, versus Fl, showing the just suspended condition for various particle densities, 7/3, DT; T,: d, = 300 um; X = 1% (Z, Ap = 50 kgm 
Y. Ap = 250kgm~-*; X, Ap = 1200 kg m~*; W, Ap = 1480 kgm~°; V, Ap = 1900 kg ~’). 





trations, the soda glass ballotini that were suspended 
became dispersed throughout the whole liquid volume 
whilst at very high concentrations, there was a very 
definite layer of clear liquid near the upper surface. On 
the other hand at N=JN,,,, for all the concentrations 
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Figure 9. Specific power input versus Q,, for various Ap (Details and 
symbols as in Figure 6). 





1 
1:0 





GQ, (vvm) 





Figure 7 versus Q,, for various Ap (Details and symbols as in 
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Figure 10. Effect on Nj, of varying particle concentrations for various 
Figure 8. ANy, = Ny, — Nj against gas rate for various Ap (Details and gas rates and impeller types, T,,; soda glass ballotini (A, Q, = | vvm; 
symbols as in Figure 6). B, O, = 0.5 vvm; C, Q, = 0 vvm). 
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Figure 11. AN,. versus QO, for various particle concentrations, 7/2, DT; 
T.,; soda glass ballotini (U, X = 3%; V, X =5%; W, X = 10%; X, 


K = 15%: Y, X = 20": Z. X = 30%) 


examined, this clear layer was eliminated and particles 
dispersed throughout the whole vessel contents indepen- 
dent of gas rate. This observation is reported because it 
shows the difficulty of defining a suspension criterion 
based on interface height."’ 

Figure 11 shows AN, against Q,, for six particle 
concentrations covering a ten-fold range. As with Ap, 
this variation in X has a negligible effect on the linear 
relationship between AN,, and Q,. The increases in 
specific power input necessary to maintain this condition 
are presented in Figure 12 for three different concen- 
trations and show no apparent dependence on_X, though 
as described in the previous section, the relative increase 
in (€,))s, was higher for the lighter suspension duty, 1.e. 
the lowest concentrations. 


Particle Diameter and Size Distributions 
Once again, Nj, increased with particle diameter 
under sparged conditions in almost the same way as it 
did without sparging. Figure 13 presents the data for 0, 
0.5 and | vvm. Conti and Baldi'® suggested that the 
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Figure 12. Specific power input to just suspend soda glass ballotini 
versus gas rate (details and symbols as Figure 11). 
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Figure 13. Effect of d, on Nj, for various gas rates, 7/2, DT; Ty; 1% 
lead glass ballotini; ungassed (© 0.5 vvm; 1.0 vvm; A and B, 
size distributions, see Part I) 


mechanism responsible for suspension changed for 
d, < 200 ym, which is not disproved by this data since 
the data points relating to the smallest particles 
(d,=92.5 um) appeared to be marginally lower than 
expected from inspection of the other results. However, 
much more information would be required to establish 
this point and a regression treatment of this data for 
sparged conditions gives: 


Njs, cd (3) 
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Figure 14. Effect of Q,, on (a) AN, and (>) (€,;)ys. for various d, (7/2, 
DT; Tx; 1% lead glass ballotini; (O, d, = 92.5 um; P, d, = 485 wm; R, 
d, = 925 um; S, d, = 2650 wm) 
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with correlation coefficients of 0.95 or 0.96 respectively 
for the two gassing rates. AN, increased approximately 
linearly with Q,, just as it did with variations in X and 
Ap (Figure 14(a)) so that again the increase in (€, )js. Was 
greatest for the lightest suspension duty (Figure 14(4)). 
As in the unaerated case, the size distributions detailed 
in Part I (Table 6) fitted the unisized data reasonably 
well for both 0.5 and 1.0 vvm when characterised in 
terms of a mass mean diameter (Figure 13). The ho- 
mogeneity of the dispersions containing the smaller 
particles was superior to that of the largest size fraction 
at all impeller speeds. Even at extremely low impeller 
speeds N < Nic, the smallest particles were dispersed 
throughout the whole liquid volume and no interface 
existed near the surface, whilst the bulk of the particles 
remained at rest on the base. Again, this suggests that a 
suspension criterion associated with the height of the 
slurry/clear liquid interface'’ has severe limitations. 


Particle Shape 

As in the unaerated case, higher than expected speeds 
were required to cause suspension of the anthracite 
particles. (€;)js. WaS more than twice that required for 
equivalent spherical particles. However, AN,, increased 
with gas rate in a similar way to that observed with more 
spherical particles. The effect of particle shape on Nj, has 
previously been shown to be generally slight.’ However, 
extreme shapes have a significant influence on Nj, 
though they may increase or decrease it.’ 


Liquid Viscosity 
As with the unaerated case no measurable effect on 
Njsg was observed when increasing the kinematic vis- 


cosity from 10~° to 5 x 10°°m’s~'. 


Liquid Level 


A few experiments were done with liquid levels up to 
1.6 T. No increase in N,,, was observed though the soda 
glass ballotini particles were only suspended up to a 
height of about one tank diameter. Thus, when using 
H/T ratios # 1, the suspension parameters S should be 
based on the geometrical ratio C/T rather than C/H as 
a dimensionless measure of bottom clearance. 


Conclusions 


The relationships presented in Part I showing the 
dependence of Nj, on various particle and liquid proper- 
ties in unaerated systems have been examined under 
gassed conditions. In general, the governing exponents 
have been found to be slightly lower in aerated systems, 
though only significantly so for Ap which was still the 
most influential particle variable. 

For a given disc turbine impeller geometry, the in- 
crease in impeller speed necessary to restore complete 
suspension on aeration AN), was almost directly propor- 
tional to the gas rate for a very wide range of hydro- 
dynamic conditions, particle densities, sizes, concen- 
trations and shapes. This led to an increase in the specific 
power inputs necessary to maintain the just suspended 


state on aeration. Assuming that a given suspension duty 
requires a particular turbulence ana velocity field on the 
vessel base, independent of aeration rate, then the 
increased specific power inputs required on aeration 
confirm that the gas presence has a damping effect on the 
flow and turbulence generated in that region. 


THE INFLUENCE OF IMPELLER TYPE 


The trends described in the last section have referred 
to experiments performed using disc turbine impellers. 
However, the previously established advantages of other 
impeller types with regard to suspension in unaerated 
systems was confirmed in Part I. Also, these alternative 
impellers have been demonstrated to be capable of 
satisfactorily dispersing the gas phase with varying de- 
grees of efficiency (see Part II). In this section, the 
influence of aeration on Nj, is examined for the various 
impeller types under consideration and Figure 15 shows 
the increase in speed necessary to restore particle sus- 
pension on aeration AN, against gas rate for all the 
impeller types in T,, (D = 7/2, C = T/4, X = 3%, soda 
glass ballotini). 


Disc Turbines (DT) 


In accordance with the results reported earlier, the 
disc turbine produces a linear increase in AN,, with Qg. 
Much further work is required in order to specify exactly 
the parameters responsible for suspension and then to 
establish the effect of gas sparging on these parameters. 
However, Bryant and Sadeghzadek"* have reported that 
average circulation times in a disc turbine agitated vessel 
also increase linearly with gas rate. Increased circulation 
time implies decreased linear flow rates averaged 
throughoui the vessel and this probably explains partly 
the linearity observed between AN,, and Qq. 














Q, (vvm) 


Figure 15. AN; versus Q, for various impeller types. D = T/2; Ty; 


X = 3% soda glass ballotini (V7 4MFD; O AFD; 2 DT; @ ADT; A 
4MFU). 
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Figure 16. AN, versus Q,, for axial and mixed flow impellers pumping 
down. D = T/2 (VY 20% soda glass ballotini, 4MFD, T,,; V 1% sand, 
4MFD, T~; W 1°,, sand, 4MFD, T,; O 3°; soda glass ballotini, AFD, 
Tx: V 3°, soda glass ballotini, 4MFD, T,,; 7 1°, sand, 4MFD, T,,). 


In Part II, a relationship was suggested between the 
manner in which the ratio P,/P decreased with in- 
creasing gas rate for a given impeller system and the 
capacity of that system to circulate fluid and hence 
suspend particles. In the case of the disc turbine, the 
gradual decrease of the ratio P,/P (or alternatively Po,) 
with gas rate for constant speed (Figure 22 in Part II) is 
in accordance with the gradual sedimentation observed 
when a disc-turbine agitated system operates below the 
just suspended condition. This confirms that a re- 
lationship exists between the cavity formation process 
which produces this fall in P,/P and the reduced pump- 
ing capacity of the system and thence the ability of the 
system to suspend particles. 


The Downward Pumping Impellers (MFD, AFD) 
In contrast to the disc turbines, Figure 15 shows that, 
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Figure 17. Power number versus flow number for the 7/4 4MFD 


impeller (T,; 1°% soda glass ballotini; Q,, = 0.5 vvm) 


at low gas rates, the impellers producing axial com- 
ponents of flow (4MFD, AFD) require only very small 
increases in speed to maintain the system in the just 
suspended condition. However, as Q, increases so ANj< 
becomes significantly higher. Figure 16 demonstrates 
that this characteristic response applies to a range of 
particle conditions, geometries and scales for both the 
4MFD and AFD impellers. 

Generally the disc turbine established a well-dispersed 
gas phase at lower speeds than those for which particle 
suspension was achieved, except for the lightest of 
suspension duties. Also, stable operation was possible in 
terms of power demand for all combinations of sus- 
pension and gas dispersion requirements. However, the 
impellers with a downward axial component of flow 
displayed fluctuations in power demand and correspond- 
ing fluctuations in the degree of gas dispersion (see Part 
II). Figure 17 shows the power number versus flow 
number graph for the smaller 7/4 4MFD impeller 
operating at a constant gas rate. When operating this 
smaller impeller at its critical condition, the system 
oscillated between a completely dispersed gas and partic- 
ulate phase (Figure 18(b)) and a situation where the 
particles were completely sedimented and the gas phase 
badly dispersed (Figure 18(a)). This regime of instability 
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Figure 18. Flow patterns, gas dispersion and particle suspension for an aerated 7/4 4MFD impeller 
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was relatively narrow and corresponded with the jump 
in power number (Figure 17). At higher speeds 
(N > Nep) the system remained well mixed. The obvious 
result of this critical behaviour was that small increases 
in gas rate could cause sudden and catastrophic sedimen- 
tation, as reported by Arbiter et al.’ for flotation cells. 
Also, as in Arbiter’s work, the severity of this sedimen- 
tation corresponded with a sharp drop in the ratio P,/P 
with gas input rate (Figure 22(5) in Part Il) compared 
to the more gradual decrease in P,/P and correspond- 
ingly gentle sedimentation observed for disc turbines. 
The larger 7/2 4MFD impeller showed the same 
characteristic flow instabilities but in a less severe man- 
ner. Instead of oscillating between complete suspension 
and all the particles being stationary on the vessel base, 
the particle velocity across the base varied between a 
high and low value. However, even for N < Nop, par- 
ticles were partially suspended. Nj,, corresponded with 
the point when the period of these flow fluctuations was 
one to two seconds and thus sometimes occurred at 
N < Nop, since Nep is defined as the speed at which the 
torque fluctuations are negligible (see Part II). 
Therefore operation at N < Njs, involves a less severe 
loss of efficiency with larger 4MFD impellers since 
sedimentation is less severe than for the smaller version 
(a slightly more gradual fall in P,/P with Q, — Figure 
22(a) of Part II). Figure 19 shows how Nc, increases 
with gas rates for both 4MFD impellers in T,, along with 
the regions of instability (from Figure 12(5) of Part II), 
the upper limit of which corresponds with Nep. At low 
gas rates for both impeller sizes, Njs, was slightly greater 
than Nop, implying that the gas phase had been dis- 
persed before complete suspension was achieved. How- 
ever, aS gas rate was increased, because these impellers 
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Figure 19. Comparison of gas dispersion, particle suspension and 
unstable conditions for 4MFD impellers in T,, (soda glass ballotini; O 
N,,, for X = 1%; 01 Nye, for ¥ = 20% V Ny, for X = 3%). 


were not so capable of handling the high gas loading, the 
bulk of the gas thereafter ‘chimneyed’ up the shaft. 
Consequently gas dispersion became the more severe 
duty for OQ, > 0.25 vvm. However, because of the reduc- 
tion in pumping capacity at N < Nep, Nyjsp = Nep- 

These characteristics, then, are responsible for the 
responses shown in Figures 15 and 16, i.e. for low gas 
loadings a relatively small increase in speed is necessary 
to restore complete suspension, whilst for higher gas 
loadings, a much higher rate of increase in speed is 
needed. The propeller was very similar in behaviour to 
the MFD impellers, as is also shown in Figures 15 and 
16. This corresponds with the similarity in gas dispersion 
behaviour (Part II). However, the rate of decrease of 
P,/P with Q, (Part II—Figure 22(a)) was less marked 
than with the 4MFD impellers and as expected less 
severe sedimentation occurs as Q,, increases. The in- 
crease in gassed power number that occurred for iow gas 
rates with the propeller also enhanced the flow activity 
on the vessel base. As a result at low gas rates the effect 
of gas on Nj, was negligible ic. ANj,~0 for 
QO, = 0.25 vvm as shown in Figure 16. 


The Angle-Blade Disc Turbine (ADT) 


Only one set of data (for Q, = 0.5 and 1.0 vvm) was 
obtained with the ADT impeller. Nevertheless, in- 
spection of Figure 15 shows that ANj, varies with Q, 
somewhere between the way that it does with the disc 
turbine and with the AFD or MFD impellers. 


The Upward Pumping Impellers (MFU) 

The 4MFU impeller was shown in Part I to be the 
least energy-efficient impeller with regard to particle 
suspension in unaerated systems. However, in Part II it 
was shown that Ncp and P,/P were relatively insensitive 
to increases in gas rate (see Part II, Figures 18 and 22). 
Because of this insensitivity to gas rate, Njs, was also 
comparatively insensitive to it. Thus comparatively low 
values of AN,, were required with increasing Q,, (Figure 
15). 


Comparison of Impellers 


As the result of these phenomena the order of merit 
in terms of the energy required to cause suspension 
(given in Part 1) changes when gas is introduced. Figure 
20 shows that, at zero and low gas rates, the energy 
required by AFD or MFD impellers, especially for the 
smaller versions (D = T/4, Figure 20(5)) is much less 
than with the other types examined. However, as gas rate 
increases so these impellers lose their advantage and 
eventually the disc impellers and, more noticeably, the 
mixed flow impeller pumping upwards becomes the most 
energy-efficient. These two types also have the advantage 
of: 


(a) Not displaying drastic sedimentation if the gas rate 
fluctuates. Thus, they can be operated closer to the 
minimum conditions 
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Figure 20. Specific power input versus gas rate for various impeller 

types: (a) D = T/2, 3% soda glass ballotini (b) D = T/4, 1% soda glass 

ballotini; T,, (1 DT; O AFD; A 4MFU; § ADT; 7 4MFD; ¥ 
6MFD). 


(b) Producing a more homogeneous system for severe 
suspension duties (e.g. high concentration) than the 
AFD or MFD impellers, especially at high gas rates. 


Thus the choice of an optimum impeller system de- 
pends on the process gassing rate. At low gas rates, the 
MFD and AFD impellers should be the most suitable, 
provided that there are no fluctuations in Q, since this 
could result in drastic collapse of suspension. However, 
even with a large safety factor built in, e.g., operating at 
€+ = 2(€)ysg Which would ensure that even large changes 
in Q, would not lead to sedimentation, very iarge 
reductions in the operating specific power input could 
still be achieved. If a very high process gas rate is 
required, a disc turbine or a mixed flow impeller pump- 
ing upwards is the optimum choice, though the disc 
turbine is singly the most versatile. Perhaps the optimum 
specifications for versatility would be a mixed flow 
impeller with a reversible mode so that it could operate 
pumping upwards or downwards as the situation de- 
manded. 


Chem Eng Res Des, Vol. 61, May 1983 


THE INFLUENCE OF OTHER GEOMETRIC 
PARAMETERS 


Impeller Diameter 


The relationships found in Part I relating Nj. to 
impeller diameter in ungassed systems were 


Nj D~?* (4) 
and 
Nigoc D>" (5) 


for the DT and the 4MFD impeller respectively. These 
relationships were also found to hold in three-phase 
systems as shown by Figure 21 and summarised in 
Table 2. 

However, as with unaerated suspensions, the predic- 
tion of power consumption from these relationships 
should be undertaken with great care since power num- 
bers may vary due to minor dimensional inconsistencies 
which are unavoidable between impellers of different 























Figure 21. Nyx, versus impeller diameter for (a) 4MFD impellers and 
(b) DT impellers. T,,; 1°% soda glass ballotini (1) ungassed; 0 0.5 vvm; 
@ |.0vvm) 
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Tabie 2. Exponents relating N,, to impeller diameter 
(from T,, data) 


Impeller type 


DT 

DT 

DT 
4MFD 
4MFD 
4MFD 


Gas rate Q, (vvm) Exponent on D 
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Figure 22. (€;)js, versus D for (a) 4MFD and (b) DT impellers 
(Conditions and symbols as Figure 21). 


size. Figure 22 gives measured values of (€;)js,. As in 
ungassed systems, for a disc turbine impeller, large 
diameters required less power than small (Figure 22(5)). 
For 4MFD impellers on the other hand (€;),s, is only 
slightly affected by impeller size (Figure 22(a)). This is 
not unexpected since from equation (5) for ungassed 
systems 


(€7)j30¢ D®* (6) 


or if Zwietering’s data (N,,«D~'*’) is applied, then 
(€;)ys 18 independent of impeller size. 

The effect of gas rate on Nj, is indicated in Figure 23 
for three sizes for disc turbine. This figure contains data 
collected over the complete range of particle variables 
studied, i.e. 50 < Ap < 1900 kgm~*; 92 < d, < 2650 ym; 
0.3 < X¥ < 30%. For each size of impeller and this wide 
range of variables, a linear relationship between AN, 
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Figure 23. AN, versus Q, for three sizes of DT impeller in T., for all 
materials studied (O D=T7/2; V D=T7/4; 0 D=T/3). 


and Q, is obtained for the two larger impellers, i.e. 
ANjs = aQ (7) 


where a = 0.9 vvm~'s~!' and 2.4vvm~'s~' for the 7/2 
and 7/3 impeller respectively. Expressing the link be- 
tween a and impeller size (D = T/Y) as a power re- 
lationship gives 
Qp=- ry = 9.9 Y/2y (8) 

where y = 2.42. On this basis, a = 4.82 vvm~'s~' for the 
T/4 impeller and a line based on this value has been 
plotted in Figure 23. A reasonable agreement with the 
data is obtained. 

Figure 24 shows AN,, against gas rate for two sizes of 
4MFD impeller. In this case, a linear dependence is not 
found. 
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Figure 24. Effect of varying impeller configuration on AN,, for 4MFD 

and 6MFD impellers in T,, (7 4MFD, D =T7/4, 3°, soda glass 

ballotini; W 6MFD, D = 7/4, 3°, soda glass ballotini; barred line 
indicates range of values from Figure 16 for 4MFD, D = T/2). 
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THREE PHASE MIXING 


Impeller Clearance 


The combination of lower suspension speeds and a 
reduced power number due to the modified flow pattern 
was shown to produce considerable decreases in (€;)js 
for unaerated systems when the impeller clearance of a 
T/3 disc turbine was reduced (see Part I). These trends 
were also found to be true in three-phase dispersions, 
though flow instabilities were observed at C = 7/6 as 
outlined in Part II. However, at high gas rates, the effect 
became gradually less significant, due to stagnant areas 
forming near the periphery of the tank base where fillets 
of particles were observed to settle. Table 3 reflects this 
trend, showing a 46° reduction in the specific power 
necessary to suspend a 3% soda glass ballotini sus- 
pension with no aeration on reducing the clearance from 
C=T/4 to C=T/6. However, as Q, was increased 
from 0.25 to 1.25 vvm, so the power saving decreased 
from 42 to 16%. Significant reductions in Po, were 
obtained throughout associated with the change in flow 
pattern from a predominantly radial to a predominantly 
axial type flow (see Part II). However, the reduction in 
Nis, steadily decreased with increasing gas rate until at 
1.25 vvm, Njs, was higher for a clearance of C = 7/6 
than for C = 7/4. 

The savings obtained by reducing the clearance of a 
T/2 disc turbine (Table 4) were relatively low under 
aerated conditions in comparison to those obtained for 
the 7/3 version since no flow transition and drop in Po, 
occurred for the larger impeller. 


Comparison of the 6MFD with the 4MFD 
The 6-bladed MFD impeller has previously been 
shown to have advantages over the four-bladed version 
in terms of both its ability to disperse gas (see Part II) 


Table 3. The effect of varying impeller clearance of a 7/3 disc turbine (T.,; 3' 
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and to suspend particles (Part I). These advantages lead 
to a lower increase in Nj;, on aeration (Figure 24) and 
reduced power requirement compared to the 4MFD, 
especially at high gas rates (Figure 20(6)). 


Double Impeller Systems 

Brief tests were carried out to examine the effect of 
using a double impeller system in Ty. The ADT 
(D = T/2) impeller was placed at a clearance of 0.14 m 
(C = T/4) and a DT impeller (D = T/2) at a clearance 
of 0.56 m (C = T) with an increased liquid level of 1.5 T. 
As with single impellers, increasing the liquid level had 
no effect on Nj... With a 20° concentration of soda glass 
ballotini and a gas rate of 2.5 x 10°° m’s~' (=1.09 vvm 
on H = T basis), it was found that this combination of 
impellers required a specific power input of 1.8 W kg 
to just suspend the particles. With the disc turbine 
removed, the power requirement was only 0.85 W kg 
but the particles were only suspended to a height of 
approximately one tank diameter. Thus the extra disc 
turbine improved homogeneity but also doubled the 
power requirement to effect suspension. It was noted, 
however, that a reasonable gas rate applied via a simple 
sparge ring, in the same position as and replacing the 
disc turbine, had the same homogenising effect without 
the need for extra power. 


SCALE UP 
Data presented in Part I of this series showed that 
apparently minor geometrical dissimilarities on the ves- 
sel base could have a significant effect on the impeller 
speed and particularly power required to suspend a given 


concentration of particles. This phenomenon was 


soda glass 


ballotini) 


0< 


(vvm) 


Nis OF Nycy 
(rev s~') 


4.28 
4.95 
5.90 


5.07 
5.62 
6.73 


6.67 
6.90 
8.18 


8.65 
7.78 
9.33 


Table 4. The effect of varying impeller clearance for a 7/2 disc turbine (| 
T.) 


QO, C/T 
(vvm) ( ) 


Vic or N js, 
(revs -) 
4 "779 
5.03 
5.65 


5.93 


0 
0 

1.0 
1.0 


0.167 
0.25 
0.167 


0.25 
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Figure 25. Effect of scale on Nj, for 0, = 1 vvm. D = T/2; 1% Sand 
(W 4MFD: @ DT). 


equally true under gassed conditions and is demon- 
strated in Figures 25 and 26. Considering the results 
from Ty, Ty, and 7,,,, which were geometrically similar 
vessels (each had a sparge pipe across the base—see Part 
I), there was a slight decrease in the exponent on tank 
diameter on aeration (Table 5). Thus Njs, is slightly less 
sensitive to changes of tank diameter at high gas rates 
than it is at low gas rates if the rate of aeration is scaled 
on tank volumes. This tendency for the exponent to 
decrease with increasing vvm also applies for all of the 
other variables examined (Ap, d,, etc.) where tank size 
did not vary and hence the method of scaling Q, is 
irrelevant. Table 6 shows the effect of scaling gas rates 
by superficial velocities instead of vvm. In this case, the 
general trend is for Nj, to become a stronger function 
of vessel size as gas flow rate increases. These trends offer 
further support to scaling gas rates in terms of tank 
volumes rather than superficial velocity. 

Figure 27 shows all the data obtained for disc turbine 
impellers of diameter 7/2 and with a clearance of 7/4 
over the complete scale and particle property range 
investigated. A linear regression analysis on the data 


gives a value for the proportionality constant of 


0.94s~'(vvm)~' (c.f. equation 7) with a correlation 


Table 5. Scale-up relationships [Nj., < {scale)‘] 
for a 1°, sand suspension. (Data from Ty, To, 
and T,,, only; D = T/2) 


O- Exponent a 
(vvm) Disc Turbine 4MFD 


0 0.85 0.74 
0.25 0.75 0.64 
1.00 0.80 0.54 


Table 6. Effect on exponents of scaling gas flow rate by superficial 
velocity 


Exponent of scale for various superficial 
gas velocities 
Impeller 
Data source type 0 1.4mms 


4mms 6mm s 


DT 0.85 0.88 0.95 
DT 0.74 1.0 1.12 
4MFD 0.74 














T(m) 


Figure 26. Effect of scale on (<;);sy for Q,, = | vvm (Conditions and 
symbols as Figure 25). 


coefficient of 0.94. Therefore the relationship: 
AN); = 0.94 QO, (9) 


where Q, is in vvm, is offered tentatively as a design 
equation. More data particularly on the larger scale 
would be useful in building up confidence in its applica- 
bility. 

Thus, for a given increase of gas rate on any scale of 
operation, a similar increase in the impeller speed neces- 
sary to maintain the ‘just suspended’ state will be 
needed, provided geometric similarity is maintained. 
This will, of course, result in a decrease in the magnitude 
of the exponent relating Nj., to tank diameter, as shown 
in Table 5. Also, the exponent will decrease more rapidly 
for the 4MFD which shows a higher rate of increase in 
AN,, at high Q, than the disc turbine. The most 
important consequence of this effect is that the re- 
lationship between (€;)js. and scale will also vary with 
gassing rate. Thus at high gas rates, an increase in the 
specific power input, (€;);,., may be necessary on scale- 
up. For example, if Njs,0c 7~°”*, then this implies a small 
decrease in (€;)js, on scale up [((€7))sp% T~°*]. However, 


2°55 
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_ 9 data points 


‘Al 


4 data points 


CiD 
“~7 data points 





“6 data points 
pt 








0:5 1-0 
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Figure 27. AN, versus Q,, for 5 vessel sizes. 7/2, DT; all materials 
(barred line indicates T,, range from Figure 23; A, T.; B, Ty: C. Ty): 
Be tad 
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if at high Q, we have N,,ocT~°°, this implies an 
increase in specific power input on scale up 
[(€r)jse% T°°]. These trends are reflected in Figure 28 
which demonstrates how (€,))s, varies with gas rate for 
two vessel sizes. 


CONCLUSIONS 

The influence of particle properties and concen- 
trations on the just suspended condition in gassed 
systems are similar to but slightly weaker than in the 
ungassed case. Downward pumping impellers require 
least energy at low gas flow rates but are subject to gross 
flow instabilities and are very sensitive to gassing rate. 
Upward pumping impellers require most energy at low 
gas rates but little or no extra energy is required up to 
about | vvm. Therefore at high gas rates they are the 
most efficient. No instabilities are found. 

Disc turbines exhibit instabilities at low clearance 
(C/T = 1/6), a recommended configuration for particle 
suspension in ungassed systems. No instabilities are 
found at a clearance of C/T = 1/4 and large impellers 
(D = T/2) require least energy for both gas dispersion 
and particle suspension. Ncp can be calculated for this 
configuration from"” 


(Fle)eo*(Fr t(D /T)?*> = 2.25 (10) 
and N,, from* 
Nys = S v"'d°?(g Ap /p,)X°3 D ~ 8 (11) 


with S obtained from Zwietering*, Nienow’ and Part I 
of this work. In addition, 


ANys = Nip — Nyg = 0.94 Og, (12) 


where Q,, is in vvm. Taking into account the availability 
of this design procedure, the large body of literature on 
the power consumption of a disc turbine when gassed, 
its stability over all gassing rates up to | vvm in vessels 
up to 1.8 m diameter, the 7/2 disc turbine at a clearance 
of H/4 offers the safest impeller type for three phase 
agitation at present. 




















05 075 
Q,,(vvm) 


Figure 28. Effect of scale on (€,);5, versus Q,,. T/2, DT (f 30°, 
glass ballotini; @ 3°, soda glass ballotini). 
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Because of its lower power requirement when sus- 
pending solids at gas rates >1 vvm, the upward pump- 
ing 45°-pitch impeller may have very distinct advantages 
at very high gas rates and further work on it would be 
worthwhile. 

Scaling-up vessel size at high gas rates (Q,, scaled as 
vvm) requires the specific power input to maintain the 
just suspended condition to be kept constant or slightly 
increased, depending on the gas rate. This is an inter- 
esting compromise when it is considered that equation 
(10) for calculating N-p predicts an increase in (€;)cp on 
scale-up (at constant vvm) and it is generally accepted as 
shown in Part I and implied by equation (11) that there 
is a decrease in (€;),;, On scale-up in unaerated systems. 


SYMBOLS USED 


(See also Parts I and II) 


a constant of proportionality (vvm~'s~') 

AN. Nysy — Nj (rev s~’) 
the agitation speed required to just completely suspend 
all the particles under gassed conditions (rev s~') 
exponent (dimensionless) 
relative impeller size defined as D = T/ Y (dimensionless) 
the mean energy dissipation rate required to just suspend 
all the particles under gassed conditions (W kg~') 
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PARTICLE-GAS-LIQUID MIXING IN STIRRED VESSELS 
Part IV: Mass Transfer and Final Conclusions 
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and J. C. MIDDLETON (MEMBER) 


University College London and ICI Corporate Laboratory Runcorn 


Gas—liquid mass transfer coefficients are presented which have been determined by a new transient response technique which 
is independent of the gasstiquid contacting pattern. It is shown that k, a data are roughly correlated by energy dissipation rates 
but that disc turbines and upward pumping impellers are more energy efficient. Downward pumping impellers are less energy 
efficient and because of the large increases of energy required to disperse gas at high gas rates, any effect of gassing rate is 
obscured. The more traditional assumed gas-mixing patterns do not discriminate in this way. The presence of solids has little 
effect on k, a up to 3% by weight but may considerably reduce it at 20%, probably due to the damping of turbulent eddies. 
It is speculated that for systems in which solid—liquid reaction rates control, agitators which minimise the energy for suspension 


will be most efficient. 


INTRODUCTION 


It has been shown in Part III of this series of papers that 
under some circumstances impellers which produce an 
axial component of flow have advantages with regard to 
the simultaneous dispersion of gas and suspension of 
particles over the standard six-bladed disc turbine. But, 
in addition to the methodology used above to determine 
optimum configurations, assessment of the gas-liquid 
mass transfer coefficient, k,a, for different impeller types 
enables a further check to be made on the overall 
suitability of a given configuration. 

As has been demonstrated in recent publications, 
however, there are problems in evaluating mass transfer 
data because of the dependence of k,a on the gas phase 
dynamics. The background to this problem is given in 
detail elsewhere'’. A ‘gassing-out’ technique and a new 
model for determining k,a from both the off-gas and 
liquid phase transient responses have, however, been 
developed'’, whereby, k,a can be estimated without 
making any assumptions about the gas phase residence 
time distribution (e.g. the gas phase could be well mixed 
or in plug flow). The liquid phase is assumed to be well 
mixed. 

In the presently reported work, this technique and 
model have been used to determine k,a values since 
different impellers clearly give different gas mixing pat- 
terns. All that is reported here are k,a data for the 
different impellers with 3°, and 20% by weight soda glass 
ballotini and without particles present to allow com- 
parisons to be made. All measurements were made in T., 
at 25°C. 


COMPARISON OF IMPELLER SYSTEMS 
The restrictions imposed on these experiments, 1.e., 


N > Nj, and N >Nep, meant that a larger range of 
specific power inputs could be examined for the lower 


gas rate (0.25 vvm) than could be for the higher rate 
(1 vvm). 

The conclusion of van’t Riet’ that k,a is dependent 
only on power input at a constant gas rate and indepen- 
dent of impeller type, seems reasonable when consid- 
ering Figure 1. In this figure, k,a is plotted against 
specific power input for the four impeller types studied 
at a sparge rate of 0.25vvm. Although there is some 
scatter and little overlap of power inputs, the k, a values 
seem to vary little with impeller type, but show a gradual 
drop in the rate of increase in k,a with power input. The 
disc turbine produces the highest mass transfer 
coefficients, but also requires the highest power inputs to 
simultaneously disperse the gas and suspend the par- 
ticles. The 4MFU impeller (mixed flow pumping up- 
wards) appears to be marginally less efficient than the 
other impellers at the lower power inputs, but for 
(«,) > 1 Wkg™' each impeller produces approximately 
the same k,a values. 

However, at the higher gas rate (1 vvm), this method 
of correlation is not satisfactory (Figure 2). The indi- 
cation in Figure 1 that the disc turbine and 4MFU 

01 











le l i 
05 10 2:0 30 40 
€.(W kg) 
Figure |. k,a versus €, for various impeller types. Q,, = 0.25 vvm; 
D =T/2; Ty (OQ DT; O AFD; VY 4MFD; A 4MFU). 
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MASS TRANSFER AND FINAL CONCLUSIONS 
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Figure 2. k,a versus €, for various impeller types, (Q,, = | vvm; other 
details and symbols as Figure 1). 


impeller have a definite advantage is now clearly demon- 
strated. The hydrodynamic experiments suggested that 
the downward pumping impeilers should be considered 
as being distinctly different from radial and upward 
pumping ones and treating them separately here again 
produces much better graphical correlations (see Figures 
3 and 4). Figure 3 shows that k,a is dependent on both 
€; and gassing rate in a similar way for the DT and 
4MFU. This dependence on both ¢; and gassing rate has 
normally been reported for disc turbines’. However, 
Figure 4 indicates that k,a data for the AFD and 4MFD 
are capable of correlation in terms of €; only. This is at 
first surprising but is explicable when the very enhanced 
power input to cope with higher gas rates if dispersion 
is to be achieved is taken into account. Thus the very 
rapid increase in k,a with €, is due to the extra enhance- 
ment arising from the increase in gassing rate. It should 
be noted that no overlap of the data from the two 
gassing rates occurs. No equations have been put for- 
ward because of the limited amount of data and because 
of the change of slope over the range studied as also 
noted by Wisdom‘. 
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Figure 3. k,a for the disc turbine and the mixed flow pumping-up 
impeller (other details and symbols as Figure 1). 
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Figure 4. k,a versus ¢, for the downward pumping impellers (other 
details and symbols as Figure 1, but filled-symbols are for 
QO, = | vvm) 


The runs represented in Figure 2 were also treated 
according to (a) the ‘no oxygen depletion’ (simple 
model), (b) the well mixed and (c) the plug flow gas 
phase assumptions’. The results are presented in Figure 
5(a) to (c) respectively. This figure confirms the superi- 
ority of the disc turbine, independent of the gas flow 
model. It should be noted however that the 4MFU 
impeller is shown to produce relatively low k,a values (in 
relation to the 4MFD and AFD impellers) when com- 
pared to those derived using the new model. It is very 
clear that if a proper comparison of impeller types is to 
be made, the use of a technique which eliminates the 
sensitivity to gas phase mixing is essential. 


THE EFFECT OF PARTICLE CONCENTRATION 


The reduction in k,a at high solids concentration 
reported by Joosten et al’ was generally confirmed by 
this work. No significant difference in k,a was found 
between runs without solids and those with 3°, solids. 
However, all runs with 20% solids indicated substantial 
falls in k,a (see Table 1) especially for the highest k,a 
values. This may be due to the solids damping out the 
high turbulence levels which must be present to obtain 
such high k,a values. 


DISCUSSION 


Gas-—Liquid Mass Transfer 

Predicted k,a values from the recent review of van’t 
Riet’ can be compared with the present results. Since his 
correlation was principally based on data evaluated via 
the simple ‘no depletion’ model (as its drawbacks and 
alternatives have only recently been appreciated), com- 
parison must be done as in Figure S(a). As can be seen, 
the present results are about 60°, above the predicted 
values which is just outside the error band of 40% 
suggested by him’. 
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(c) 
Figure 5. k,a versus €, for various impellers (Q, = 1 vvm) where k,a 
is evaluated according to: (a) the simple model, (>) the well-mixed gas 
phase model, (c) the plug-flow model (other details and symbols as 
Figure 1). 


It has previously been recognised that the gas phase 
mixing pattern that is assumed affects the absolute value 
of k,a, in this case by a factor of as much as 3.5 at high 
power inputs (c.f. Figure 5(a) and (b)). However, it has 
ofien been considered that the relative values for com- 
parison purposes did not depend on the gas mixing 
assumption. However, comparison of Figures 2 and 5 
clearly show that the relative values are also highly 
dependent on the assumption especially when the phys- 
ics of the gas mixing is very different. One final point 
worthy of note is that the k,a data which, using the 
present measurement technique, clearly cannot be all 
correlated with ¢, (Figure 2) are quite adequately cor- 
related that way when based on the simple model (Figure 
S(a)). 


Table 1. The effect of 20°, by weight solids on k,a (only 4 


experiments) 
kya (kK, 2". sotids 
‘) (s~') 
0.074 0.052 
0.070 0.050 


0.21 0.079 
0.19 0.075 


Perhaps the only real conclusion that can be drawn 
from this comparison with van’t Riet’s correlation and 
the comparison of the different models for evaluating 
k,a is the need to reappraise all previous data and to 
treat all literature values with caution. 

The present technique has allowed the gas—liquid mass 
transfer potential of four impeller types to be compared 
even though they cause very different gas flow patterns. 
Disc turbine and upward pumping impellers give the 
highest k,a values for a given power input and the rate 
is further enhanced by increased gassing rates. On the 
other hand, the AFD and 4MFD impellers give lower 
k,a values at the same ¢, value and as gas rate is 
increased the greatly increased power required for gas 
dispersion masks any independent influence of gas rate. 


Solid—Liquid Mass Transfer 

Though experimental measurement of solid—liquid 
mass transfer coefficients, k, was not made, it is inter- 
esting to speculate whether the very different solid 
suspension ability revealed by the different impellers 
might be turned to advantage. 

Models of solid—liquid mass transfer have usually 
been based on Kolmogoroff’s theory of isotropic tur- 
bulence or on a terminal velocity-slip velocity theory’. 
Kolmogoroff’s theory implies equal k values at equal 
energy dissipation rates whilst the terminal velocity-slip 
velocity theory implies equal k values kj, at Ny. It has 
been shown that predictions based on the latter theory 
can be correlated by the former though in doing so much 
of the detail is lost®. Largely this loss of detail comes 
about because the mode of data presentation is such that 
equal k values at (€,)), values differing by a factor of as 
much as 10 cannot be distinguished®. Thus, results from 
many early workers could all be correlated by the 
Kolmogoroff model especially if ¢; was inferred from 
literature power numbers. 

Recently, a number of workers’**'° have measured k 
and ¢, for different impellers and vessel configurations 
for two phase systems. All found that k varied very 
considerably at constant ¢; and three*”'’ found k,, to be 
approximately constant at Nj. Extrapolating these re- 
cent two-phase findings to three phases, it seems reason- 
able to conclude that k,,, can be assumed to be constant 
at Njs,. Therefore, when solid—liquid reaction rates limit 
the overall process rate, the use of the impeller which 
disperses gas and suspends solids with the least power is 
recommended. 


GENERAL CONCLUSIONS 


The decrease in impeller power consumption on aerat- 
ion has been shown to have serious effects on the particle 
suspension capability of an impeller, resulting in a given 
suspension duty requiring higher impeller speeds and 
power inputs to achieve the just suspended state as gas 
rate is increased. The manner in which Po, decreases 
with increasing Q, gives an indication of the severity of 
these problems, which vary with impeller geometry. 
Impellers which produce a component of flow in the 
opposite direction to the overall direction of gas flow 
through the vessel, including a disc turbine with a low 
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clearance, can experience severely unstable behaviour. 
This can result in dramatic sedimentation of the sus- 
pended solids. 

The consequence of these interactions is that the 
optimum impeller choice for a given duty in two-phase 
systems is not necessarily the best choice in a three-phase 
one. The way in which (€; );s, increases over the ungassed 
value as sparge rate increases varies with impeller type 
and thus, although the AFD and MFD impellers are in 
some ways superior at zero and low gas rates, they 
require the largest energy inputs to suspend solids and 
disperse gas at high gas rates. 

It should be noted that the necessary increases in 
agitation to maintain the just suspended state are de- 
pendent only on the interaction between the gas sparge 
rate and the impeller pumping capacity. Hence on 
aeration, for a given impeller system, a very light 
suspension duty will require a similar increase in Ng, 
and (€;)js. aS a very severe suspension duty, resulting in 
a much more significant fractional increase in agitation 
conditions for the lighter duty. 

The following recommendations are made as a basis 
for the design of a three phase system: 


1. An economic and/or hazard analysis of the system 
should be carried out to identify the most important 
constraints on the design. For example: 


(a) Stability: operation at speeds below Njs, and/or Nep 
might result in dangerous heat build-up or un- 
acceptable conversion losses etc. 

(b) Mass transfer: a high k,a value might be essential to 
the reaction or absorption system. 

(c) Power consumption: high power costs may necessi- 
tate operation at minimum possible power input. 

(d) The rate limiting step: if the solids reaction rate is 
limiting, the minimum power input for Nj, and Nep 
should be used. 


2. Impeller choice: this depends on the most important 
constraints (see above) and the required process gassing 
rate. At very low gas rates, the AFD and MFD impellers 
sometimes require considerably lower power inputs to 
achieve Ny, but, unless a considerble safety margin is 
used, flow instabilities may occur if there are any 
fluctuations in gas rate. Also, if a high k,a is required, 
their advantage is diminished since correspondingly high 
power inputs will then be necessary and the disc turbine 
or MFU impeller becomes a better choice since it 
produces no flow instabilities. At high rates of aeration, 
the disc turbine and MFU impellers appear superior in 
terms of energy requirements, system stability and mass 
transfer coefficients. The ADT impeller showed no 
significant advantage over the standard disc turbine. 
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3. Of all the impellers studied, the disc turbine appears 
to be singularly the most versatile for three phase 
operations. It has been shown for this impeller type, over 
a wide range of vessel sizes (0.019 m’ < V, < 4.41 m’), 
that the impeller speed required to achieve the just 
suspended state can be estimated approximately by the 
method given in Part III of this four-part series. How- 
ever, the method should be used with caution and more 
work on the large scale is required. On the other hand, 
Zwietering’s expression'' remains the best basis for 
estimating N,, though a slightly modified scale-up rule is 
recommended (see Part I). In general, (€,),, decreases on 
scale-up. 

The expressions governing scale-up in aerated systems 
differ slightly from those applicable in unaerated sys- 
tems. In terms of specific power inputs these differences 
are magnified and in general it is necessary to slightly 
increase (€;))s. OF Maintain it constant on scale-up. 


SYMBOLS USED 
(See earlier Parts) 


ka gas-liquid mass transfer coefficient (s~') 
V, liquid volume in vessel (m°*) 
k solid—liquid mass transfer coefficient (ms~') 
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METASTABLE ZONE OF SOLUTIONS 


By O. SOHNEL 


Research Institute of Inorganic Chemistry, Usti nad Labem, Czechoslovakia 


The so-called metastable zone phenomena in solutions of soluble salts are considered in terms of the formation of nuclei 
and their subsequent growth to detectable size. A new definition of the metastable zone is suggested based on induction 
times of nucleation and growth taking into account that the true metastable zone is connected solely with the nucleation 
step. Experimental methods for metastable zone width evaluation are reconsidered from the view-point of the suggested 
definition and the significance of experimentally determined data is discussed. 


INTRODUCTION 

The so-called metastable zone of supersaturation in 
solutions from the time of its discovery by Lowitz' in 
1795 until the present has been a subject of continua! 
controversy. Its existence has been supported?’ and 
denied* '® calling on different experimental evidence. 
Methods for measuring the metastable zone width have 
been criticised and there have been arguments'':'* about 
the value of the polythermal method'’, which for some 
time had been regarded as being capable of giving 
information about the kinetics of nucleation. 

There appears to be little agreement at present either 
on the meaning of the metastable zone itseif or on the 
experimental methods for its evaluation. However, since 
the kinetics of nucleation in solutions of soluble 
substances plays an important role both in industrial 
crystallisation practice and research activities it would 
seem desirable to reconcile the different views. 


KINETICS OF NEW PHASE FORMATION 


According to the classical theory of homogeneous 
nucleation a step-wise reaction takes place within a 
supersaturated solution, such as 


a,t+a, 


\=—a 


i.e. clusters of different size are formed. For each super- 
saturation there is a certain size of cluster a, which is in 
equilibrium with the mother phase. Such a cluster is 
called the critical nucleus. Once a critical nucleus is born 
in the mother phase it grows, so long as the solution 
remains supersaturated, and in doing so may reach 
visible size. 

The rate of new phase formation by nucleation is 
given by'*!* 


J =Qexp(— @AG*/kT) (i) 
where 


G = po*v? (KT) (In SY 


(3) 


Factor @ in equation (1) expresses the lowering of the 
nucleation energy barrier caused by the presence of 
foreign particles in the mother phase that can catalyse 
nucleation. Nucleation proceeds as homogeneous if 


o@ =1 (i.e. foreign particles are absent or inactive), 
heterogeneous if 0<@< 1 (active foreign particles 
present) and secondary if @ = 0 (crystals of the same or 
an isomorphous substance present). 

The true induction period of nucleation, defined as the 
time elapsed between establishing supersaturation in the 
mother phase and the formation of critical nuclei has 
been expressed as'® 


t,.= K/J (4) 
Insertion of (1) into (4) gives 
t, = KQ~'exp(@AG*/kT) (5) 


For limited ranges of supersaturation, equation (5) may 
be reasonably approximated by' 

t, = const-c~" = const’-S~" (6) 
Since critical nuclei are too smail to be observed, their 
detection has to wait until they grow to a suitable size, 
which takes a certain time, ¢,, expressed as'* 


tp =k — Cg) ® =k (S — 1)-* (7) 


Hence, the measured induction period of crystallisation, 
i.e. time elapsed between the creation of supersaturation 
and the first visible appearance of crystals (or the first 
detectable change in solution physical properties, except 
perhaps conductivity'’) is” 


ling = 1. + hy +l, (8) 


The first term in (8), ¢,, expressing the time needed to 
establish the equilibrium distribution of clusters in 
solution, is generally neglected as it is probably” 
unimportant compared with ¢, or /,. 

Because /, and /, are experimentally dependent on 
supersaturation [mth and gth power respectively, see 
equations (6) and (7)] and since n is generally greater 
than g, ¢, decreases with increasing supersaturation 
faster than 7,. This has been shown experimentally for 
sparingly soluble substances such as*' BaSO,, and there 
is no reason to suspect a different behaviour in the case 
of soluble substances. 


CONCEPT OF A SOLUTION METASTABLE 
ZONE 


The metastable zone of a solution was classically 
regarded as a region of concentration greater than 
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Figure |. The solubility-supersolubility diagram according to Ting 
and McCabe” s—solubility curve, m—boundary of metastable 


region. |1—zone where no nucleation occurs, 2—zone where nucle- 
ation can take place 


the equilibrium concentration, where no new phase 
formation takes place’. The region boundary was 
regarded as sharp and running parallel to the solubility 
curve in the phase diagram. At concentrations exceed- 
ing the region boundary, the formation of a new 
phase was considered to be inevitable and more or less 
instantaneous. 

This early concept was later refined and slightly 
modified by assuming that, for example, either 


(i) the metastable zone is divided into 2 regions. In the 
first no nucleation occurs whereas in the second it 
can take place, but only after considerable time 
(Fig. 1)”, or 
the metastable zone boundary is not sharp, but a 
rather ill-defined region over which 4, sharply 
decreases to near-instancy with a small increase in 
supersaturation”. 


However, both these modificiations still consider that 
the appearance of a new phase marks the metastable 
zone boundary in agreement with the classical definition. 

Thus, the principles of a classical concept of a solution 
metastable zone, still widely accepted, are as follows: 


(i) a supersaturated solution, which is apparently 
stable (even for limited period of time), i.e. no 
changes of solution physical properties can be 
observed during that period, is a metastable state; 
a new phase formation via a nucleation mechanism 
takes place in a metastable state; 

a solution which may remain at certain super- 
saturations in a metastable state for some time (i.e. 
the measured induction period of crystallisation, 
lings IS Qreater than zero) possesses a metastable 
zone: 

the width of a metastable zone is given by the 
supersaturation at which the change of some 
selected physical property of a solution is instan- 
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taneous, i.e. at which ¢,,, may be regarded as equal 
to zero. 


Such concepts of the metastable zone (except for (i) 
which is a consequence of chemical thermodynamics) are 
not tenable in the light of new evidence which points to 
the fact that an experimentally measured induction 
period of crystallisation, and its dependence on super- 
saturation, does not necessarily prove the involvement of 
a nucleation step in the new phase appearance'':'*. This 
is understandable on the basis of equation (8) since for 
systems where ¢ ~ 0 in equation (5), i.e. t, ~ 0 or 1, <1,, 
then a /,,4 governed predominantly by /, can say little or 
nothing about nucleation in the solution. 

A new definition of the metastable zone of a solution 
that is connected solely with the nucleation step will now 
be proposed. 

Solutions for which the true induction period of 
nucleation is positive in a region of even small super- 
Saturation, 1.e. ¢, > 0, are regarded as systems having a 
metastable zone. 

Since /,, decreases more steeply than /, with increasing 
supersaturation, then at a certain value of super- 
saturation, S.,. 1, becomes negligibly small compared 
with ¢, which corresponds to S,.,,, through equation (7). 
This means that for supersaturations greater than S.,,, 
t, no longer contributes significantly to ¢,, and this value 
of S.,;,, in the sense of the suggested definition, can be 
attributed to the metastable zone boundary. Thus, even 
at this boundary a new phase does not appear in- 
Stantaneously, but only after some time /, 

The proposed definition of the metastable zone differs 
from the classical concept mainly by the suggestion that 
the existence of a /,,, does not dy itself substantiate the 
existence of a metastable zone in that system. For 
instance, a system with @ ~ 0, 1.e. 1,~ 0 (the case of 
secondary nucleation) does not possess a metastable 
zone, yet substantial values of 4,, have been 
reproducibly measured for such systems at reasonably 
low levels of supersaturation 

For the experimental evaluation of the metastable 
zone width, the basic question of how to separate the 
experimentally determined /,,, into 7, and 7, terms has 
yet to be resolved, and it appears to be beyond our 
capability at present. As already mentioned, the 
detection of critical nuclei and hence the evaluation of 
t,, is impossible. Further, estimations of f, are dubious 
since the application of equation (7), with constants A 
and g derived from the growth rates of macrocrystals, is 
probably invalid owing to the size-dependence of growth 
of small (< 10 pm) crystals”. 

There is, however, another way of looking at the 
problem. It is clear that ¢, cannot be greater than /,,,. 
the time for mononuclear growth given'’’ by the 
expression 

tm = (v/4Dr,) exp{ B'a-v* (KATY In S; (9) 


If, for a given supersaturation, even a very small one, 
ling > to m the system will possess a metastable zone. If for 
any supersaturation f,45 < f, , 1t 1s difficult, if not impos- 
sible, to decide whether or not a nucleation step plays 
any significant role in the new phase formation at 
that system, and hence whether the system possesses a 
metastable zone. 
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The indecision in the latter case stems from the 
possibility that nuclei can grow by faster mechanisms 
than the mononuclear one, in which case the equivalent 
t, would be shorter than ¢,,, and f,,4 could still have 
significant contributions from both ¢, and 1¢,. Un- 
fortunately, it is not possible to identify the controlling 
mechanism of the growth of nuclei with the present level 
of knowledge. 

From another point of view, nucleation is a process of 
stochastic nature, which should result in a distribution 
of the experimentally measured /,,, around the average 
value for a given supersaturation. Such behaviour of 
aqueous solutions has been confirmed experimentally for 
several substances****:*’. Since variations of /,,3, owing to 
riucleation of a stochastic nature, are caused by different 
t, times in identical conditions, it would support the idea 
that the measured induction periods in these cases 
included substantial ¢, and hence the nucleation step was 
significant in such cases. On the other hand, if growth 
rate dispersion phenomena” are considered, then ¢, for 
a given supersaturation may fluctuate in identical condi- 
tions, thus bringing about variation in the measured 4,4 
even if a nucleation step is not involved. Therefore at the 
present level of knowledge it cannot be decided what, in 
the case of f,.4 <t,m. plays a decisive role, if it is the 
nucleation step or only the growth of crystals to visible 
size. 

The above new approach to the metastable zone 
concept overcomes, in principle, the objections raised on 
the basis of the dependence of /,,, on the sensitivity of 
the method used for detecting the appearance of the new 
phase'-. There is no basic difference if larger crystals are 
detected (long ¢,) rather than small ones (short /,) since 


only the overall duration of f,,, is changed, leaving the 
relation /, > 0 undisturbed. Also the common practice of 
choosing any convenient value of 4,4 as a limiting value 
to establish the metastable zone boundary” is quite 
acceptable in the light of the suggested new definition, so 
long as the relation ¢,>0 for a certain region of 
supersaturation is satisfied. Although in these cases the 


metastable zone boundary is situated arbitrarily 
depending on the value of either ¢,,, or the crystal size 
selected to mark the boundary, and may, therefore, vary 
from author to author, the width of such a metastable 
zone is a measure of a new phase formation tendency 
when compared for different initial conditions. 

Recently’, an attempt was made to define the 
metastable zone of solutions on the basis of the 
parameter 


P=(the rate of increase of crystal surface area 
expected due to growth) divided by (the actual 
rate of crystal surface area increase in the studied 
system) 


The set of concentrations and temperatures for which 
0.9 < P < 1.0 determines the metastable zone. The main 
disadvantage of such an approach is the fact that crystal 
area cannot be measured directly and has to be calcu- 
lated from experimentally determined kinetic equations 
describing crystallisation. Since these equations can be 
determined only for crystals of size considerably larger 
than those playing a decisive role in the metastable zone 
phenomena, their validity cannot be expanded with 


certainty beyond the crystal size range actually studied, 
and, therefore, cannot be used for calculation of the 
parameter P. 


METHODS FOR METASTABLE ZONE 
WIDTH EVALUATION 

Experimental evaluation of metastable zone width can 
be carried out by isothermal or polythermal methods. 

In the isothermal method, the induction period is 
determined as a function of supersaturation, which is 
assumed to remain constant up to the onset of nuclea- 
tion. The supersaturation is established as quickly as 
possible and the time between its establishment and the 
first detected change in some suitable physicai property 
is measured and regarded as (,,,. The supersaturation 
corresponding to the chosen critical /,,, 1s, at present, 
considered to give the metastable zone boundary 
(Fig. 2). The experimental equipment and modes of 
operation vary slightly from author to author, but the 
principles are common”! * 

The shape of the /,,, versus S curves is affected mainly 
by solution temperature, agitation and the presence of 
both soluble and insoluble impurities. The fact that 4,,, 
decreases to a constant value with an increasing intensity 
of agitation®** at constant supersaturation (Fig. 3) lends 
support to the nucleation concept of the metastable 
zone: the nucleation energy barrier is reduced to a 
negligible value and 4,,, is dominated by /,. A solution 
under such conditions does not then possess a true 
metastable zone, even if it did at a lower level of 
agitation. In a similar manner, early work by Young’ 
indicated that sufficient mechanical shock applied to a 
slightly supersaturated solution, otherwise stable, causes 
new phase appearance presumably by lowering the 
nucleation energy barrier to zero. 

Thus, for the isothermal method of metastable zone 
width determination it is a matter of prime importance 
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S 

Figure 2. Induction period of crystallisation of Ni(NH,).(SO,),°6H,O 
as a function of supersaturation for 0 C and 25 C from Mullin and 
Osman”. 
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Figure 3. Induction period of crystallisation of Ni(NH,),.(SO,),-6H,O 
as a function of stirrer speed, from Mullin and Osman* 


to find if there is a value of supersaturation below which 
either no nucleation occurs or the expression f,,4 > f, 
holds. In the affirmative case the studied system pos- 
sesses a metastable zone, the width of which may then 
be specified by any conventional approach. 

The polythermal method of metastable zone width 
measurement is based on cooling a solution of known 
Saturation temperature to a temperature 7. at which 
changes of solution physical state are detectable*® *’. 

The difference between the saturation temperature, 
T.,,, and the temperature 7, at which first crystals are 
observed is usually expressed as maximum undercooling 
AT yy... Which is connected with Ac,,,, by 

(T . 
Acuna =| ee dT (10) 
J Tsat — AT max 
It has been shown, however, that AT,,... or Ac,,,, does not 
correspond to the boundary of the metastable zone (see 
Fig. | in Janse and de Jong'') in the light of either the 
classical or the present new definition of the metastable 
zone. 

The experimental data, ie. AT,,,, versus the 
corresponding rate of cooling (—7T) can be fitted 
satisfactorily by the expression 


log (— T) = b log AT,,,, + B (11) 


max 


The significance of b in equation (11) differs according 
to the assumptions made about the process: 


Meaning of b Reference 


n 36 

(3g +n + 3)/3 40 
(3g +n +4)/4 41, 42 

g+l 1] 

n+ 1 25 


The simple fact that the significance of b depends on 
the initial assumptions, reduces confidence in any 
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theoretical treatment of the polythermal method results. 
Besides, values of b for any system reported by different 
authors can vary dramatically”. 

Thus, there seems to be nothing what would indicate 
that equation (11) or the polythermal method itself can 
offer any insight into the nucleation processes taking 
place in supersaturated solutions or provide data 
connected with metastable phenomena in solutions 


CONCLUSIONS 

A new definition of the metastable zone of a solution 
is suggested based on induction times of nucleation and 
growth, taking into account that the true metastable 
zone is connected solely with the nucleation step. Such 
a definition overcomes most of the difficulties which arise 
from the classical concept; mainly the impossibility of 
differentiating between primary and secondary nucle- 
ation, as only the former should be considered when 
discussing metastable zone phenomena. It is therefore 
suggested that, of the experimental methods available 
for metastable zone width evaluation, the isothermal 
method is preferable. The full significance of data 
obtained by the polythermal method is at present 
uncertain in many ways and therefore this method 
should not be used when basic information about the 
nucleation step in new phase formation is sought 


SYMBOLS USED 


intercept in equation (11) 
slope of a line according to equation (11) 
concentration 
concentration difference 
diffusion coefficient 
Gibbs free energy change of formation of a critical nucleus 
kinetic order of growth 
nucleation rate 
Boltzmann constant 
kinetic constant of growth 
a constant 
kinetic order of nucleation 
radius of initial crystal 
supersaturation 
induction period 
temperature 
undercooling 
cooling rate 
mean ionic volume 
geometric factor 
ii) correction factor due to non-homogeneous nucleatior 
Q pre-exponential factor 
o interfacial tension 
Subscripts 
crit critical 
eq equilibrium 
g growth 
ind induction 
m mononuclear 
max maximum 
n nucleation 
sat saturation 
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BOOK REVIEWS 


Advances in Molten Salt Chemistry 

Volume 4: Electronic Properties 

Edited by G. Mamantov and J. Braunstein 
Plenum Press, New York, 1981 

Pp 444, US$55.00 


Four main topics of molten salt chemistry are surveyed. 

The subject of liquid metals and ionic melts is covered 
by W. W. Warren (69pp). Information on their thermo- 
dynamic, electrical and magnetic properties and a dis- 
cussion of theoretical models governing their electronic 
behaviour is given. 

B. Cleaver (87pp) writes on high pressure studies of 
melts, reviewing recent data on density, compressibility, 
enthalpy, entropy, free energy, viscosity and electrical 
conductivity. 

J. R. Selman and H. C. Maru (130pp ) discuss the uses 
of alkali carbonate melts in coal gasification and fuel 
cells. The preferred system is ternary Li-Na-K carbonate 
eutectic with Al,O, powder which forms a paste contain- 
ing lithium aluminate at 930K. The electrodes are 
porous sintered nickel. Hydrocarbon fuel gases are 
reformed and desulphurised internally in the presence of 
steam to provide the hydrogen fuel. Low quality coals 
may be gasified in Na,CO, melt at 1230K to give a 
suitable fuel gas. 


Y. Ito and S. Yoshizawa (44pp) naturaliy emphasise 
recent developments in molten salt technology in Japan. 
The significant advance is the increased stability of 
f-aluminia and its use as a porous diaphragm material 
to separate cathode and anode compartments. It is used 
as a diaphragm in the production of sodium metal from 
NaCl-AICl, melt at 530K or from NaOQH—NaCN-Nal 
melt using an amalgam. Current efficiencies in these cells 
are up to 95°, compared to 50°, for an aqueous Castner 
cell. The sodium-sulphur battery also uses f-alumina as 
a separator. 

Liquid metal bipolar electrodes (Li-Pb or Li-Zn) have 
been used in the production of chlorine gas from halide 
melts using a skirt instead of a diaphragm to prevent 
electrolyte mixing. Molten salt chlorination processes in 
a fuel cell provide electrical power as well as chlorinated 
hydrocarbons, whilst load leveiling in electrical power 
generation may be achieved by hydrogen from the 
electrolysis of NaOH containing small percentages of 
water injected at 600 K. 

The reviews in this book contain much information 
and many ideas which may well lead to future large scale 
developments of interest to the Chemical Engineer. 


E. Rhodes 


Book Reviews continue on page 197 
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MODEL FOR THE EFFECTS OF ADSORBENTS 
AND CLEANERS ON ULTRAFILTRATION 
MEMBRANE STRUCTURE 


By M. S. LE and J. A. HOWELL (FELLOW) 


Department of Chemical Engineering, University College of Swansea 


The water permeability of a PCI polyacrylonitrile copolymer membrane was markedly dependent on the experimental 
conditions, including pH, and, to a lesser extent, on the temperature. These effects are virtually instantaneous. However, on 
exposure to sodium hypochlorite the membrane permeability decreased to a minimum initially, then gradually increased to a 
level well above the origina! value. A mode! based on the change in internal stresses in the pore structure is presented together 
with a digital computer scheme to simulate the membrane dynamic response to environmental changes, and particularly to 
chlorine absorption where significant transient effects were observed. 


INTRODUCTION 


The use of ultrafiltration membranes dates back more 
than a century’ and although the process is now used 
extensively on an industrial scale, our knowledge of what 
goes on at the membrane surface and in the pores is still 
far from complete. In general, clean membranes are 
extremely susceptible to fouling due to adsorption? *. 
Whilst there have been claims that detergent treatment 
of some membranes caused significant flux enhancement 
via membrane swelling with concomitant pore enlarge- 
ment’ °, a similar flux increase by phosphate treatment 
has also been observed by Le and Howell’ although no 
sign of physical changes in the membrane was apparent. 
Extreme pH conditions can cause membrane hydrolysis, 
particularly of the cellulosic types, but the influence of 
pH on membrane permeability has not otherwise been 
reported in the literature. It is now clear that the 
permeability of some non-cellulose membranes _ is 
markedly dependent on the solution pH and to a lesser 
extent on the temperature, and also other substances. 
Although the membrane has no retentivity for NaOCl, 
a dramatic flux decline occurred within the first 15 min 
exposure to a 100 ppm solution. The membrane perme- 
ability then gradually increased, whilst still in the same 
solution, to a much greater level than the original value. 
These observed responses of flux to temperature or pH 
or chlorine concentration can be explained in terms of 
a material mechanics and solid phase diffusion model to 
be presented below. 


MATERIALS AND METHODS 


Ultrafiltration membranes (tubular type T6/B) were 
obtained from Paterson Candy Internationa!, Hamp- 
shire. Sodium hypochlorite, as household ‘Domestos’, 
was manufactured by Unilever. Ovalbumin and other 
materials were suppiied by BDH Chemicals, Dorset. 

The UF unit consisted of two 1.2 cm diameter x 38 cm 
tubes in series. It was connected to a gear pump which 
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could deliver 0.6m’ h~' of solution at 1.8 bar pressure. 
A coiled heat exchanger in series with the unit main- 
tained the system at a constant temperature of 45 °C 

Chlorine in the form of NaOCl! was added to the water 
reservoir to a final concentration of 100 ppm as Cl 
during the run. Flux was determined by measuring the 
time taken to collect 20cm° of permeate. The protein 
concentration was determined by ultraviolet absorption 
at 280 nm. 


RESULTS AND DISCUSSION 


Phosphate 


Figure | shows the increase in flux with time of a 
virgin membrane in 0.1 M phosphate solution. Such an 
increase has also been observed for membranes which 
have a reduced flux after ultrafiltering a non-protein 
solution, e.g. distilled water or salt solutions. Ordinarily 
a very brief contact with protein could cause severe flux 
loss, however, incubating a virgin membrane with pro- 
tein solution in molar phosphate buffer for a short time 
has resulted in a substantial flux increase’. 
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Figure 1. Flux enhancement with phosphate treatment. Virgin mem- 
brane (T6/B). P = 1.8 bar. T = 45 C, 0.1 M phosphate 
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Figure 2. Membrane permeability dependence on pH. T6/B membrane 
(1980). P = 1.8 bar. T = 45°C. Reynolds No. = 30000. 


Membranes which have previously been treated with 
phosphate when exposed to protein in non-phosphate 
buffer for a similar period exhibited no flux loss. Harper* 
showed that various membranes have certain phosphate 
binding capacity and the amount of bound phosphate 
was influenced by the presence of other materials includ- 
ing protein. 

Figure | also shows that at pH 11.0 the rate of flux 
increase was much faster; presumably the foulants have 
a greater negative charge at high pH and so repulsion 
with phosphate was greater. These observations suggest 
that flux enhancement by phosphate or detergent treat- 
ment was caused by the clearing of the pore via ion 
exchange. Thus, an initial low retentivity for species 
which have a molecular diameter of the same magnitude 
as the pores is to be expected and this is not to be 
interpreted as pore enlargement. 


Hydrogen ion 

Figure 2 shows the dependence of the membrane 
permeability on pH. The flux values are steady state 
values. The water pH was varied by addition of 1 M HCl 
and 1M NaOH. The membrane’s response to pH 
change was practically instantaneous. In twice-distilled 
water, flux decreased steadily with increasing pH up to 
pH 9.0 then fell off rapidly with pH. Change of flux 
through pH variation was totally reversible. 

However, in once-distilled water, flux increased 
slightly with increasing pH below pH 9.0; beyond this it 
began to decrease sharply. Clearly, once-distilled water 
contained some contaminants which resulted in the low 
flux; presumably as pH increased some of the materials 
desorbed. 


Chlorine 


Often sodium hypochlorite is used to clean and ster- 
ilise UF equipment, but the chlorine can have an adverse 
effect on the membrane. Figure 3 (curve A) shows that 
the water permeability of a clean membrane declined 
dramatically during the first 15min after the intro- 
duction of chlorine into the system. After this, it began 
to increase rapidly at first then very slowly toward the 
end of the 4th hour. Curves B and C show that if the 


chlorine was removed and the membrane was perfused 
with fresh water, flux would continue to increase. 
Apparently for exposure of less than 5 min the mem- 
brane gradually attained its original permeability; longer 
exposure, however, caused the permeability to increase 
well above the original value. This suggests that ab- 
sorbed chlorine could be leached away by water only 
partially. Consequently, chlorine absorption is cumu- 
lative as shown by Figure 4, where the same membrane 
was used to ultrafilter protein in between the exposures. 
The increase in water permeability resulting from 
chlorine absorption led to a marked reduction in the 
membrane retentivity for ovalbumin as shown by Figure 
5. For comparison, the retentivity curve for another 
membrane of the same characteristics, but which has 
been treated with hydrogen peroxide, is also presented. 
Hydrogen peroxide is a very effective reagent for re- 
moving protein from solid surfaces. Le and Howell’ 
showed that the total flux exhibited by a virgin mem- 
brane could be reclaimed by treating a fouled membrane 
with hydrogen peroxide in conjunction with phosphate. 
The water flux obtained with chlorine treatment was 
almost twice the virgin membrane flux or that obtained 
with the surface cleaning approach (hydrogen peroxide). 
The chlorine-treated membrane’s retentivity for oval- 
bumin increased to a maximum, which was about the 
same valaue for an untreated membrane, after 8 minutes 
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Figure 3. Flux response to chlorine absorption and leaching. 
A = absorption, pH = 8.2. B and C=desorption in water. T6/B 
membrane (1979). P = 1.86 bar. T = 45 °C. 
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Figure 4. Effect of chlorine treatment on membrane permeability. T6/B 
membrane (1980). P=1.8bar. T=45°C. 100ppm Cl (NaOCl). 
pH = 8.2. Desorption in water (20h). 


of ultrafiltering the protein. It showed that either the 
protein has absorbed to the pore wall and so reduced the 
effective pore size or that it has formed a sieving barrier 
on top of the membrane, or both. In any case, it is quite 
clear that chlorine caused pore enlargement. Thus pore 
enlargement as a consequence of chlorine or H* absorp- 
tion is a pertinent assumption. 
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Figure 5. Membrane retentivity after chlorine and peroxide treatment. 
T6/B membrane (1980). Ovalbumin in 0.15 M NaCl. P = 1.8 bar. 
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There are two pieces of evidence to suggest that 
pore enlargement is not due to membrane swelling but 
by relative contraction. First, a decrease of 30K in 
the temperature resulted in an increase in the mem- 
brane permeability of about 6° (permeability = flux x 
viscosity), and secondly, the membrane was embrittled 
considerably after two days of continuous exposure to 
100 ppm chlorine which led to the destruction of the 
membrane after a cumulative exposure of 10 days with 
the development of visible cracks. It is possible that 
contraction is caused by interference with the hydrogen 
bonding by the foreign materials or by formation of 
chemical bonds which eventually decompose, a mech- 
anism for diffusion in solid phase proposed by Treybal"”. 


The Model 

The majority of UF membranes are fabricated by the 
so-called phase inversion process in which a solidified 
polymer phase forms the porous structure while a liquid 
phase, poor in polymer, fills the pores and creates the 
skin. Smolders'' showed that the structure resulting 
from micro-crystallisation or gelation from low or 
medium polymer concentration contained an appre- 
ciable amount of amorphous polymer. 

The following model is based on the idea that the 
membrane capillaries or pores are hollow cylinders of 
composite materials, i.e. a cylinder which consists of an 
inner cylinder of amorphous polymer and an outer 
cylinder or jacket of a more ordered polymer. Figure 6 
shows a cross section of the cylinder. 

Suppose the bond length in the amorphous polymer is 
a function of the local temperature or pH or chlorine 
concentration, while the crystallised polymer is not 
significantly affected. For example, let the cylinder 


Pore 


Amorphous 
Polymer core 


Crystallized 
polymer jacket 


Figure 6. Cross-section of the modelled pore 
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radius be described by the equation 
R*@) = R(1—kC’) for kC*«!l (1) 


where C is the local chloride concentration at point R 
and R“" is the new radius which would be attained 
under a free contraction and k is some constant. 

Suppose also that the amorphous polymer cylinder 
consists of finite layers such that the chlorine concen- 
tration in each layer can be considered constant. Let R,, , 
R.,, R,,...R,, denote the inner radii of the layers and 
Ry. Ro. Roy... R,, the outer radi. Initially and under 
stress equilibrium the outer radius of the first layer will 
equal the inner radius of the second layer, thus R,, = R», 
R,. = R:; 

To be able to compute the pore radius at any partic- 
ular instance in time, the concentration (or temperature) 
profile must be known. This is obtained by finite 
difference solution of the unsteady state diffusion equa- 
tion in cylindrical coordinates, viz: 

60°C 06C ROC 
Det 


0C/OR =0 at R= R,, 

C =constant at R= R, 
and 

t=0, R,,<R<R,.C=0 


For computation purposes, chlorine concentration in 
any layer is taken as the average of the values in that 
layer. The pore radius for a particular concentration 
profile (or at a particular time) is then determined by an 
iterative method, as follows. 

First, the free radii in each layer corresponding to the 
chlorine concentration in that layer is calculated accord- 
ing to (1). Then one proceeds starting either with the 
innermost or the outermost layer, for example starting 
with the outermost layer, because the outermost layer 
has contracted by a different amount from the layer 
immediately adjacent to it, thus creating stresses in both 
layers and shifting them to new positions. The new radii 
for these two layers are determined. Now from its new 
position the interaction of the 2nd layer (counting from 
the outside) with the 3rd layer is determined and the new 
radii for these two layers are evaluated. 

This process is repeated until the effect of the inner- 
most layer and the one next to it has been considered. 
For stress equilibrium 
- Ry) =0 


c= DIR, 
For computation purposes ¢ is set to some small value. 
If « is too large after the iterative process, the whole 
process is repeated using the iterated values for R, and 
R,. When the above condition is satisfied the effect of the 
jacket on the shrunken inner cylinder is considered and 
the final value of the pore diameter corresponding to the 
concentration profile is calculated. 

The following sample calculation shows ail the steps 
involved in the determination of the pore diameter for 
a particular concentration profile in the mth layer. 


(i) Effect of chlorine 

Free radii 
RY) = R,,(1 —kC?m) 
Ri) = R,,, (1 —kC?m) 


(1) Effect of differential contraction 


From equation (13) (See appendix for derivation of 
equations) 


(Rip — Pete 1») 


5 2 2 
= <p im _* 4 R, m—l1) R i(m — 1) 
 -—_ — > eS = 
E R ‘ies R; o(m—1) Rim 1) 


om wm 


m=—nn—l,..., 2 


where E is the modulus of elasticity and p is the reaction 
pressure caused by the differential contraction. p acts as 
an external pressure to layer m so equation (7), (8) and 
(9) are used to evaluate the new values of R,,, and R 
Equations (5), (6) and (9) are used to calculate R 
and Rom—1): 

Now calculate e, 


om * 


i(m — 1) 


€= ) (Ry — Ry») 


If € is too large repeat step (ii). 
(iii) Effect of the jacket 
Use equation (12) 


(R, — Ro) = 2p | ——4 + — 
vie p| gat aD Ba aD 


R,,R? R,, Ri 


where j denotes the jacket and R, denotes the pore 
diameter. R;, is given by equations (5), (6) and (9) and 
this completes the calculations for a particular concen- 
tration profile. 


Effect of temperature and pH 


The effect of temperature and pH on the pore di- 
ameter can be computed more readily. It is probable that 
because the membrane is very thin (< 1 mm), any change 
in the temperature would quickly reach steady state and 
also no transience could be observed for pH change 
because the hydrogen ion can diffuse rapidly into the 
polymer. Thus if one assumes the bond length of the 
polymer to be some function of the temperature or pH, 
the steady state value of the pore diameter can be readily 
obtained as described above, ignoring step (ii). For 
example, if one takes the coefficient of thermal expan- 
sion of the polymer to be 0.0006K which is a 
reasonable value for this material, then a decrease of 
30 K in the temperature would produce a 2°, reduction 
in the radii of the inner cylinder. Applying the above 
procedure with the values of the cylinder thickness and 
moduli suggested below will result in a 6°, increase in the 
permeability, which was observed in practice. 


The Simulation 
Figure 7 shows the flow chart for a digital computer 


simulation of the dynamic flux response to chiorine 
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jacket remained high, while that near the pore wail 

decreased, the pore diameter would increase further. 

Although the simulations did not reproduce the ex- 

perimental flux profile exactly, it produced all the essen- 

r tial features; bearing in mind that diffusion in the real 

| Calc. conc. profile | situation is much more complex and also the parameters 

—»] used in the simulations are not optimised, the above 

4 model gives a very good insight into the way membrane 
pores behave. 
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It appears that two distinct types of treatment can 
Calculate restrained radii modify ultrafiltration membrane flux. Materials ad- 
starting from the sorbing to the surface and fouling it, or conversely 
outermost layer cleaners which remove such foulants, modify surface 
properties alone and while pores may be blocked or 
cleaned, the polymer surrounding the pore is unaffected. 
Next layer The second type of effect is modification of the pore 
structure which is dealt with in detail in this paper. These 
effects may be permanent (chlorine) or reversible (mod- 
Sum of gap | erate pH and temperature). 
small? 
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Lamé’s Principal Stresses and Radial Deflection 








Next profile Steady state? If a relatively long open-ended thick-walled cylinder is 
' subjected to internal and external pressure P, and P. 
respectively, the classical Lame solution’ shows that the 
principal stresses at any point R from the central axis of 
the cylinder are: 

_ PR? — P,R2+(R? R2/R°)(P, — P.) 

S, = : (3) 
R,—R 


Figure 7. Flowchart for dynamic pore response simulation 


diffusion through the pore wall. A finite difference 
method was used to generate the concentration profile. 
The thickness of the amorphous polymer cylinder was 
assumed to be five times the pore diameter and 1/20th 
of the crystallised polymer jacket. The thickness of the 
jacket was not critical, but no minimum could be 
produced if the thickness of the amorphous layer was 
less than twice the pore diameter. The modulus of 
elasticity for the crysiallised polymer was taken as six 
times that of the amorphous; this ratio affects both the 
minimum and maximum in the same way. The form of 
equation (1) determines the location of the minimum. 
For a first order equation the minimum occurred earlier 
and for higher order equations it occurred later. Figure 
8 shows the flux response in three separate simulations 
with a maximum radius reduction of 7%. The flux, 
according to Poiseuille’s law, is directly proportional to 
the 4th power of the pore diameter. 

The effect of leaching the chlorine from the membrane l J 
cannot be easily simulated, because at this stage the ' 2 
chlorine concentration profile cannot be described math- Teme (arbitrary scole 
ematically. However, it can easily be shown that if the 
chlorine concentration near the crystallised polymer 
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Figure 8. Simulated flux response 
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and 


6 PR, — PR) + (RoR; ses (4) 
is R2—R? 
where S, and S, are the tangential and radial stresses 
respectively. R, is the inner radius and R, the outer 
radius. (N.B. The sign of S, has been changed from the 
original derivation to conform with the standard and 
preferred convention of tensile stress positive and com- 
pressive stress negative.) 
If the external pressure is zero (P, = 0), equations (3) 
and (4) reduce to 
P.R? 
R2 — R;} 
P R? 


me 


(5) 


Likewise, if 
(7) 


(8) 


The radial deflection or displacement of a point in the 
cylinder, distance R from the central axis is expressed in 
terms of the two principal stresses as 


d =(R/E\(S,+ uS,) (9) 


where E is the modulus of elasticity and y is the Poisson 
ratio. 


Relative Deformation 

If a hollow cylinder is subjected to, say, a temperature 
gradient in the radial direction, because of the non- 
uniform contraction or expansion, it would be under 
stresses. It is required to determine the change in the 
internal radius of the cylinder under such conditions. 
Suppose the cylinder consists of finite layers such that 
the temperature in any layer can be considered uniform. 
Take any two adjacent layers and let R,, R, and R, 
denote the three radii. For convenience let the outer 
layer be referred to as the jacket and the inner layer as 
the core. 

Consider the situation in which the jacket shrinks 
relative to the core, thereby exerting a pressure on the 
latter. This pressure P produces compressive stresses in 
the core and tensile stresses in the jacket, i.e. it acts 
effectively as an external pressure source to the core and 
as an internal pressure to the jacket. The radius R, 
denotes the outer radius of the core and the inner radius 
of the jacket before it shrinks. The length of the inner 
radius of the jacket will be greater than if it were allowed 
to contract freely by an amount d,, which by manipu- 
lation of equations (5), (6) and (9), is given by 


d, 


PRi(RY+RP 
= 7h (Bt a) (9a) 


E, \R?—R? 


J 


where R5 and Rj are the freely contracted values. The 
subscript j refers to the jacket. The outer radius of the 
core will be reduced by an amount d,, which by combi- 
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Figure 9. Schematic representation of the relative deformation 
of the composite cylinder. d, >0 (tensioned). d,< 0 (compressed). 


d = d, = d). 


nation of equations (7), (8) and (9), is shown to be 
PR, ( R3 : ; 
L= -— (> + (9b) 
“s ¢ Zz Rj H:) 
c refers to the core. At the completion of the shrinking 
process the difference d, which is the amount the inner 
radius of the jacket would have changed had it con- 
tracted freely, is given by the following equation (see 
Figure 9) 
d = d, — d, 
for a small contraction R, = R, and R,~= R,. 
Hence 


1 (R3+ R3 
d = PR,| = 5 = 1) 
E,.\ R; — R;3 J 


+ 


| (Fe 


ot) | (10) 
If the jacket and core are of the same material yw; = pl. = pu 
and E;= E.= E, then 
PR, (Ri+ R3 
“2 = 7 Ri” 


E. 


R>+ i) 


d ae 
R,— R; 


\ 


Ed (R;— R3)(R3 — Rj) 
PP a. een (11) 
However, if the core shrinks relative to the jacket, the 
resultant pressure will produce tensile stresses in the core 
and compressive stresses in the jacket. Similarly, by 
proper manipulation of equations (5) to (9) it can be 
shown that the amount d, which the outer radius of the 
core would have changed under free contraction, is given 
by 
R, R; R3R? 
d = 2P| ————___ + —_—___ (12) 
E(R;— R33)  E(RyY — RY) 


where R; and R; are the freely contracted values and if 





ULTRAFILTRATION MEMBRANE STRUCTURE 


(13) 


The problem of computation of the change in the 
internal radius of the hollow cylinder involves a series of 
calculation steps in which the effect of each and every 
layer on the whole cylinder is determined in turn. This 
is illustrated by the example in the text. 


SYMBOLS USED 


Chlorine concentration (mol m~*) 
radial deflection (m) 

diffusivity (m? s~') 

Young’s modulus (N m~?) 
pressure (N m ~~) 

radius (m) 

stresses (N m~?) 

summation of error 

Poisson’s ratio 


Subscripts or superscripts 
c core 
free free expansion or contraction 
i inner 
jacket, or general term of a series 
outer 
radial 
tangential 
final state 
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Upgrading Coal Liquids 

R. F. Sullivan 

American Chemical Society, 1981 
Pp 277, US$39.00 


There is a steadily accumulating literature on making 
liquids from coal, reflecting the world need to develop 
effective and economic large scale processes against the 
future time when they will be required. 

The book is mainly a collection of research papers 
presented at the 1980 ACS Symposium held in Houston, 
selected and edited by Dr. Richard F. Sullivan (co- 
author of two of the papers). Of many recent books 
published on this subject, this is one of the first to 
concentrate on the refining treatments and the special 
analytical techniques which are necessary to the pro- 
duction of usable products. The scope is wide, dealing 
with liquids derived from different coals and extensive 
details are given relating processing conditions to prod- 
uct analyses. 

It is especially useful to see related papers collected 
together and to perceive the collection of data on process 
variables, catalysts, liquid compositions and, in one 
paper, some much needed biological test results. More- 
over, there are interesting postulates on mechanisms of 
coal conversion which are a necessary step in process 
understanding and improvement. The book is essential 
reading and a reference source for research workers, 
both in universities and in industry and as such presumes 
a fairly detailed knowledge of the subject. The standard 


Chem Eng Res Des, Vol. 61, May 1983 


of the papers is high and their presentation is admirably 
clear, with a useful sudject index to facilitate reference 

In spite of the breadth of interest and treatment shown 
in the papers, one lasting impression emphasises how far 
the refining of coal liquids stands behind the comparable 
technology in petroleum. This in no way detracts from 
the usefulness of the book, for it can equally be used to 
indicate some areas in which future work is required 


J. Owen 


Catalysis—Science and Technology, Vols. 1 and 2 
Edited by J. R. Anderson and M. Boudart 
Springer Verlag, 1981 

Vol. | pp. 309 US$64.60, Vol. 2 pp. 282 US$61.50 


These two volumes herald the introduction of a new 
series of reviews on the science and technology of 
catalysis: the series is edited by Anderson and Boudart, 
two researchers of immense stature who will un- 
doubtedly influence the development of the series and 
introduce appropriate and timely subjects for discussion. 
The editorial preface asserts that the policy will be to 
limit review articles to topics which are relevant to 
industrial processes. The objective is therefore to include 
reviews of importance in catalyst applications and which 
impinge directly on catalytic process. Apparently, how- 
ever, ancillary subjects such as surface science, materials 
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Shorter Communication 


COMPARISON OF TGA WITH BENCH-SCALE 
ROTARY REACTOR STUDIES 


By J. MU and D. D. PERLMUTTER 


Department of Chemical Engineering, University of Pennsylvania, Philadelphia, USA 


The larger samples used in a bench-scale rotary reactor, as well as the continuous surface renewal and temperature uniformity 
of the solid bed, offer advantages over conventional thermogravimetric studies. Kinetic results obtained on such a rotary reactor 
are compared with those from a small-scale thermogravimetric analysis instrument, showing that the results are substantially 
in agreement, if the bench-scale experiments are properly interpreted. The reactor characteristics are determined experi- 
mentally from measurements on the solid decomposition reactions of NaHCO, and Ag,CO,, respectively. 


INTRODUCTION 

Kinetics information on solid decomposition reactions 1s 
commonly obtained from experiments using a thermo- 
gravimetric analyser (TGA). The usual TGA accepts 
samples of fractions of a gram, but the exact choice of 
sample size and heating rate are rather arbitrary. Judd’ 
has argued that sample size, shape, and packing can have 
a marked effect on measured kinetics, and has cited 
examples of changes in mechanism. Gallagher and 
Johnson’ also reported a pronounced dependence of 
activation energy and rate constants on sample weight 
and heating rate. Alvarez et al.’ have emphasised that 
diffusion phenomena and temperature gradients must be 
accounted for in interpreting data on the decomposition 
of calcium oxalate monohydrate. Similarly, Barret* and 
Reich and Stivala® invoke diffusion and temperature 
effects to evaluate their measurements, and conclude 
that intrinsic kinetics may be masked, if experimental 
conditions are improperly chosen. These considerations 
are of particular importance when small-scale data are 
to be used to analyse or design bench-scale or commer- 
cially significant sized equipment, where any mass or 
heat transfer limitations would be expected to be even 
more severe. 

Ishkin and Dubil® pointed out that a rotary furnace 
requires simpler experimental technique and provides 
more direct scale-up than a fluidised bed, while retaining 
somewhat similar movement of material. In addition, 
the rotary reactor also has the advantages of continuous 
surface renewal, a well-mixed charge, and temperature 
uniformity. Barrett’ demonstrated the utility of such a 
reactor in gas—solid kinetic studies, and Chen and Yang’ 
applied the rotary reactor in a solid—solid reaction study. 

The objective of the work reported here is a com- 
parison and evaluation of decomposition data obtained 
from a bench-scale rotary reactor with that obtained on 
the same materials decomposed in a TGA apparatus. 
The relative heat and mass transfer effects are taken into 
account for different bed depth and speed of reactor 
rotation. Two chemica! reactions were run: 


2 NaHCO,-+>Na,CO, + H,O + CO, 


and 
Ag,CO,>Ag,0 + CO, 


APPARATUS 

A rotary reactor was designed and built according to 
the specifications shown in Figure |. It consists of a 
magnetic drive assembly, a pressure probe, thermo- 
couples, and a cylindrical reaction chamber that rotates 
within an enclosing static cylinder. The dimensional 
details are shown in Figure 2. Internal flights were used 
to promote surface renewal behaviour, as described by 
Barrett’. The reactor was heated by a Techne Model 
SBS-2 furnace with circulating hot air as heating 
medium. A Setra Model 304A Electronic Manometer 
was used to monitor the pressure changes which are 
related to the conversion as reaction proceeds. The 
pressure and several temperature signals from the ther- 
mocouples in the rotating chamber, and the jacket were 
continuously recorded by a multi-point recorder. It may 
be noted that in order to avoid possible interference with 
the movement of solids or transport of thermal energy. 
the bed temperature was not measured directly, nor 
could it be assumed to be identical with the temperature 
of the surrounding gas in the rotating system. 


ENERGY BALANCES 

The accumulated thermal energy in the reactor wall 
and the solid reactant must be the sum of the transfer 
from three sources: the reactor gas to (1) the solid 
reactant and (2) the reactor wall, and (3) the outer gas 
to the reactor wall; less the heat of the endothermic 
decomposition reaction. Assuming that the same heat 
transfer coefficient applies to all three gas—solid trans- 
fers: 


(1) 
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Figure 1. Sectional view of rotary reactor. 1. rotary reactor, 2. flight, 3. thermocouples, 4. gas outlet, 5. outer static cylinder, 6. cooling jacket, 
7. locking screw, 8. magnetic drive, 9. shaft, 10. protecting tube, 11. spacer. 











Figure 2. Detailed dimensions of the rotary reactor: W = 0.005, L =0.02, D, = 0.188, D) = 0.257, T = 0.094, A = 0.025; units in ft 


The various constants for this equation can be estimated 
independently, leaving only T and 7, as unknowns at 
each elapsed time. Furthermore, since the solid reactant 
receives its heat of reaction from the reactor wall: 


T= —AHr + h.AgT,, + hy) AyT. 
a h,A, +h A; 
Solving equations (1) and (2) simultaneously gives the 
solid reactant temperature at each experimental time. 

The solid temperature can also be related to con- 


version by the commonly adopted Avrami-Erofeev 
kinetic model (Young’) rearranged in the form: 





(2) 


(3) 
but is should be noted that although such data inter- 
pretation is common, it is in essence an empirical 


convenience rather than a mechanistic model. 
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BASES OF COMPARISON 


The TGA and the bench-scale results may be com- 
pared on the basis of either conversions or energy 
relations. Both approaches were taken in this study. 


TGA Data Correlation 


Standard TGA results were obtained from the two 
decompositions of interest with a DuPont Model 951 
thermogravimetric analyser. The samples were Fisher 
Scientific reagent grade materials, NaHCO, of density 
1.02 gcm~’ and reported purity > 99.8%, and Ag,CO, of 
0.83 gcm~* density and purity >99.9°%%. To minimise 
heat and mass transfer effects, the TGA was run at the 
slow heating rate of 5°C min™'; the small sample of 
10mg was maintained under a nitrogen atmosphere 
flowing at 80cm’ min~'. Equation (3) was adopted to 





MU AND PERLMUTTER 


Table |. Kinetics correlations of TGA data 


Temperature range (°C) 
Conversion range of regression fit 
Reaction order 

Energy of activation (kcal gmole~') 
Preexponential factor (s~') 
Standard error (°%) 


correlate the TGA data to obtain the best parameters for 
the conversion range from 5 to 98°. The results are 
summarised in Table | together with standard errors 
calculated by the method suggested by Bennett and 
Franklin”. 


Static Beds 

A major advantage of the rotary reactor is its ability 
to produce freshly exposed surface continuously for heat 
transfer and reaction. For comparison with the TGA, 
however, a series of sodium bicarbonate decomposition 
runs were carried out in the rotary reactor with sample 
sizes from | to 5 g without any rotation. The system was 
evacuated prior to a run, and the furnace temperature 
was controlled at 160 °C. 

The instantaneous records of temperature and pres- 
sure from each of the bench-scale runs were used to 
compute conversions and rates of reaction. The results 
were correlated by fitting to equation (3) to extract the 
estimates of activation energy, frequency factor and 
reaction kinetic order given as Table 2. The results in 
Table 2 are internally consistent, showing only a small 
effect of sample size to suggest a bed depth influence, 
arising perhaps from temperature inhomogeneities. The 
reaction order and activation energy are in reasonable 
agreement with the TGA findings in Table 1, but the 
overall rate is quite different, indicating the need for the 
continual surface renewal and temperature uniformity of 
the solid bed in a rotary reactor. 


Rotary Reactor Data 


A series of NaHCO, deompositions at 160 °C were 
also carried out for a fixed sample size of 3 g at various 
rotation speeds (12, 48, 60 and 72rpm). The same 
conditions were used in a series studying the silver 
carbonate decomposition, but in this case the furnace 
temperature was set at 220°C. 

There are no direct measurements available for the 
temperatures within the solid particles; however, this 


Table 2. Kinetics correlation: effect of sample size in a static bed 


Activation 
energy, E 
(kcal gmole~') 


18.9+0.2 
18.9+0.3 
18.4+0.3 
19.0 + 0.6 
19.3+0.4 


Preexponential 
Sample size, Reaction order, factor k, 
(g) n (s~') 


1.16+0.01 .65 x 10° 
1.17+0.02 .32 x 10° 
1.08 + 0.01 F 10° 
1.21+0.04 .75 x 10° 
1.28 + 0.05 3. 10° 


NaHCO,—Na,CO, 


Decomposition reaction 
Ag,CO,—>Ag,O 
84-182 121-251 
9.02-0.98 
l 

21.9+0.2 
1.49 x 10° 

4.3 


variable can be computed by two independent methods, 
the first based on energy conservation and heat transfer, 
i.e., using equations (1) and (2); and the second utilising 
TGA data with the empirical kinetic model equation (3). 
The physical constants used in the evaluation of equa- 
tions (1) and (2) are shown in Table 3, with further 
details available in Mu'’. 

Figure 3 shows the comparable results of these com- 
putations for a series of runs at various speeds of reactor 
rotation. The general agreement between the values 
computed by energy conservation and the estimates 
based on TGA kinetics leads to a measure of confidence 
in the several heat transfer estimates that were incor- 
porated in the model. 


Conversions 


An alternative comparison between TGA and bench- 
scale results may be obtained by predicting isothermal 


Table 3. Physical constants used 


1. Reactor Geometry 
Inner cylinder size: 2, in dia. x Ih in 
Outer cylinder size: 23 in dia. x 1Sin 
Volume of wall: 0.0028 ft? 
Heat transfer area of outer surface: 0.178 ft? 


For NaHCO, For Ag,CO, 
reaction reaction 
Solid fill angle: 67 89 
Heat transfer area of inner sur- 0.085 ft? 0.091 ft? 
face: 
Heat transfer area of solid bed: 
Heat transfer area between reac- 
tor wall and solid bed: 


0.016 ft? 
0.019 ft? 


0.020 ft? 
0.025 ft? 


2. Physical Properties 
Thermal Heat 
conductivity Density capacity 
(Btu/h ft °R) (Ib,,,/ft*) (Btu/lb,, °R) 
NaHCO, 0.043+ 63.6 0.27 
Ag,Co, 0.227 51.8 0.088 
Ag,O 0.0234 52.8 0.068 
Reactor 530+ 0.8567 + 1.28 
wall x 10°°T 


3. Heat Transfer Coefficients 
Reactor wall 
to solid 


Reactor wall 
to solid 
NaHCO, bed Ag,CO, bed 
(Btu/ft?°Rh)t (Btu/ft?°Rh)t 
60 49 
120 98 


Rotation Reactor wall 


to gas 
(Btu/ft? °R h) 


159 120 


+ Perry’, t Kreith'? 
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USING TGA RESULTS IN TABLE } 


100} 
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Ow . 4 


100 105 110 115 120 


SOLIDS TEMPERATURE, °C, COMPUTED BY EQUATION (3) 


SOLIDS TEMPERATURE, °C, COMPUTED FROM EQUATIONS 
(1) AND (2) USING BENCH REACTOR DATA IN TABLE! 


Figure 3. Comparison of solids temperatures computed by two 
methods (NaHCO, decomposition). 


conversion curves to be expected from the rotary reactor 
correlations. A series of such curves for Ag,CO, decom- 
position at three different temperatures and for three 
rotation speeds are shown in Figure 4, where they are 
superimposed on TGA experimental curves. The agree- 
ment shows again that a rotary reactor is an acceptable 
alternative for the study of solid decomposition reac- 


tions, having the advantages of larger scale and closer 
approach to commercial operation. 





CONVERSION 


a, 





i 
120 
REACTION TIME, min 





Figure 4. Comparisons of computed conversion for the decom- 
position of silver carbonate at three selected reaction temperatures 
under different rotation speeds; A: 12 rpm, B: 48 rpm, C: 72 rpm, D: 
computed from TGA non-isothermal experimental data. 
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SYMBOLS USED 
heat transfer area between the gas phase and the externai 
reactor wall 
heat transfer area between the gas phase and the internal 
reactor wall 
heat transfer area between the gas phase and the solid bed 
heat transfer area between the reactor wall and the solid bed 
heat capacity of the solids or reactor wall 
activation energy 
average heat transfer coefficient from the inner wall to the solid 
phase 
average heat transfer coefficient from the gas phase to the outer 
wall 
heat of decomposition reaction 
frequency factor 
order of reaction 
decomposition rate 
reaction time 
temperature of solid phase 
temperature of the gas phase inside the reactor 
temperature of the gas phase outside the reactor 
temperature of the reactor wall 
total volume of solids or reactor wall 
Letters 
fractional conversion of the decomposing solid 
density of solids or reactor wall 
Subscripts 
S solids 
W reactor wall 
Superscript 
° value at initial time 
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CORRESPONDENCE 


From 

Dr. I. H. Lehrer 

Department of Chemical Engineering 
Monash University, Victoria 3168, Australia. 


The practical value of recent correspondence on axial 
dispersion in bubble columns'*’ can be improved by 
numerical information and some quantitative argument. 

A number of equations have been proposed to de- 
scribe the axial dispersion coefficient D, pertaining to 
turbulent liquid in a bubble column without internal 
fittings, called here a simple bubble column. Two of such 
equations used by Field and Davidson‘ in a comparison 
with experimentally based data of Towell and 


Ackerman? are 


D,, = 0.90d'“[L(U, — 0.235e)}"? (m? s~') (10) 
D,, = 0.678 d'* U®3 (m2 s~') (5) 


Equation numbers are the same as in the work of Field 
and Davidson‘. Like others, equations (5) and (10) do 
not take into account the configuration of gas and liquid 
feed. Equation (10) could incorporate consideration of 
kinetic energy, but the latter is not among the terms used 
in its formulation. 

The Comparison Table given here allows assessment 
of the predictive performance of equations (5) and (10) 
in simple bubble columns with co-current upward gas 


Comparison Tabie. Prediction accuracy of two equations for the turbulent liquid phase dispersion coefficient D, in gas-liquid 
bubble columns without internal fittings. The comparison is with experimentally-based values of D, reported in Tables I 
and II of work by Towell and Ackerman*. Equation numbers are the same as in the work of Field and Davidson‘. 


d L U, Uc 
(m) (m) (mm s~') (mm s~') 


D,, (m’ s~') 


eq (10) 


100(Dy. cate — D, obs) D, cak (%) 
With D, calculated from: 


eq (5) eq (10) eq(5) 


A. Data shown by Field and Davidson‘, Table 4, (+ and averages added). 


lw 


Two-fluid sparger (i.e. gas and liquid through the same holes), 19 holes, ;” diameter, configuration not specified). 


Liquid backmixing data 


0.41 
0.41 
0.41 
0.41 


3 
1.5 
1.5 
1.5 


Liquid pulse data 


0.41 
0.41 


Two-fluid spargers, three off, each with 41 
Liquid backmixing data 


1.07 
1.07 
1.07 
1.07 
1.07 
1.07 


1.5 
‘3 


5 


| 
1 
5.1 
He 
5.1 
Jl 


l 


! 


l 


6.8 
6.8 
3.6 
3.6 


6.8 
3.6 


17 
35 


8.5 


17 
35 
17 


0.053 
0.096 
0.039 
0.085 


0.055 
0.031 


0.26 
0.32 
0.20 
0.26 
0.28 
0.26 


0.061 
0.093 
0.061 
0.093 


0.060 
0.060 


0.22 
0.27 
0.18 
0.22 
0.27 
0.22 


Two-fluid sparger, 19 holes, {” dia, configuration not specified. 


Liquid backmixing data 


0.41 
0.41 
0.41 
0.41 


2.85 
2.85 
2.85 
2.85 


Liquid pulse data 


0.41 
0.41 


Gas entry via single orifice, 0.4” dia facing downward, 


2.85 
2.85 


Liquid pulse data 


0.41 
0.41 
0.41 
0.41 
0.41 


l 


NAINNN 


3.6 
6.8 


wwrennrd 


19 


0.0569 
0.1069 
0.0463 
0.0989 


0.0153 
0.0558 


0.0587 
0.0888 
0.0587 
0.0888 


0.0584 
0.0584 


(—) 26 
(+) 3 
(+) 8 
(+) 2 


(+) 26 
(+) 10 
|average| = 


holes, {’ diameter, configuration not specified 


(—)12 
(+)28 
(+) 5 
(—)27 
(+) 11 
(+) 12 


|average| = 15.8 
B. Balance of Towell and Ackerman’s data’ (Details not shown in Field and Davidson‘ Table 4). 


(—)4l 
(+) 18 
(—)17 
(+) 3 


|average| = 19.8 


(—) 204 
(—)43 


|average| = 123.5 


(—)10 
( }@ 
(+)41 
(+) 11 


(+) 32 
(+) 53 
|average| = 


(—)32 
(+)15 
(—) 6 
(—) S50 
(+) 7 
(-) 5 
|average| = 


(—) 36 
(+) 1 
(+) 8 
(—) 8 
|average| = 


(+) 20 
(-—)37 
|average| = 28.5 


liquid entry against impingement plate 2” above column bottom. 


0.1295 
0.0854 
0.0564 
9.0564 
0.0854 


(+) 54 
(+) 33 
(+)40 
(+) 51 
(+) 33 
|average| = 42.2 
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(+)40 

(+) 24 

(+) 36 

(+) 47 

(+)24 
|average| = 34.2 
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and liquid flow in relation to the data of Towell and 
Ackerman®. The Comparison Table shows data in two 
parts, A and B. Part A deals with the data listed in detail 
by Field and Davidson’, which pertain to simple col- 
umns. They analysed the remaining data listed in Part B, 
but did not include the details. Agreement between 
experimentally-based values of D, and the values pre- 
dicted by equations (5) and (10) is much better in part 
A of the Table than in part B. 

With liquid rates of similar magnitude, equations (5) 
and (10) consistently and considerably overestimate D, 
for the arrangement in which gas entered separately 
through a single, downward-facing orifice above a liquid 
impingement plate near the column floor. 

Referring to Tables I and II in the work of Towell and 
Ackerman’, the experimentally derived values of frac- 
tional gas holdup e and of the axial dispersion coefficient 
D, in simple bubble columns can be plotted against 
superficial gas velocity U,. It will be seen that (i) at equal 
U,. the multi-orifice, two-fluid (i.e. gas plus liquid 
discharging through the same hole) injectors resulted in 
larger values of e than those found with the single-orifice 
downward-facing gas sparger and separate liquid feed; 
(ii) at equal U,, and equal column diameter d, multi- 
orifice, two-fluid injectors resulted in larger values of D, 
than those obtained with the single-orifice downward- 
facing gas sparger. Thus there is evidence that in the 
simple columns discussed in the work of Towell and 
Ackerman’, the configuration of gas and liquid injection 
influenced fluid behaviour in the column. 

Improved agreement between experimentally-derived 
values of D, and values predicted by equations for the 
3.2m diameter industrial columns* may result from 
knowledge of the fluid injection configuration and allow- 
ance for it in predictive equations; specification of 
interfacial tension and purity of fluids is also desirable. 
Such information is the basis for predicting the type of 
bubble motion, particularly at low values of Ug. 

In evaluating power input, it is often necessary to 
simplify an energy balance to allow numerical estimates. 

Considering the cases in the literature cited here, i.e. 
a body of liquid in which gas is dispersed, there is nett 
upward flow of both gas and liquid, gas and liquid leave 
the containing column as separate streams. 

The terms deleted from an already simplified balance 
in my earlier letter are’ °*: 


| 


. 
| liquid 


The pressure p,, depends on energy loss by friction, i.e. 


Zou) — E, (a) 


Pin = g[(z. ut Zin liquid 7 h pel at e) + Pal) 
+ AP iriction 7 Pas out (b) 


where / is the head above the liquid outlet. When 
Pp. = constant and p.> py, 


. =< j , ~ - ' , 
E a Wiiquid C8 (Zou Sia iquid + (AP griction Pods (c) 


To find £, numerically, both e and Ap,,...;,, must be 
known. 

The number of published equations for fractional gas 
hold-up e yielding different values® and doubts about 
their applicability to large diameter columns do not 
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create confidence in prediction of e. Even measured 
values at fixed flowrates can vary widely and/or appear 
untrustworthy, e.g. the footnote to Table 5 in the work 
of Field and Davidson‘ states: ‘The measured voidage 
is suspect and E; too low. Meaningful values of E are 
unobtainable with these data.” 

The same uncertainties exist with regard to evaluation 
Of AP giction IN eQuations (b) and (c) above, or in fact, with 
regard to pressure drop in bubble columns generally, e.g. 
column B. Table 5*, and a paper by Miller’. 

Deletion of the terms in equation (a) is equivalent to 
saying that: 


per unit mass of liquid flowing through the column, 
pressure energy at  inlet=potential energy at 
outlet + friction energy] (d) 


When nett liquid flow is from top to bottom, 


potential energy at inlet 
= pressure energy at outlet + friction loss. 


Also, a complete balance for bubble columns must make 
allowance for gas generation, positive by evaporation or 
formation by chemical reaction, negative by conden- 
sation or absorption. 


SYMBOLS USED 


column diameter (m) 

axial dispersion coefficient in turbulent liquid phase (m*s~') 
fractional holdup of gas 

power (W) 

gravity acceleration (ms *) 

liquid entry head loss (m) 

column height, distance between gas inlet and free surface (m) 
pressure (N m~*) 

superficial gas velocity (ms~‘} 

superficial liquid velocity (ms~') 

mass flowrate (kgs ') 

vertical distance above datum (m) 

density of continuous (liquid) phase (kgm °) 

density of dispersed (gas) phase (kg m~°) 
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From 

Dr D. N. Miller 

Engineering Department 

E. I. du Pont de Nemours & Co., Inc. 
Wilmington, DE 19898 

U.S.A. 


In recent correspondence Lehrer’ and others’* have 
commented on the influence that kinetic energies of the 
feeds at the points of injection can have on overall 
bubble column performance. The data of Towell and 
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Ackerman’ are cited with reference to the effects of 
differing gas and liquid sparging devices on axial dis- 
persion and fractional gas holdup. Towell and 
Ackerman reported that “little effect of sparger type on 
liquid axial mixing coefficient could be found”; on 
reexamination of these data Lehrer concludes “there is 
evidence that...the configuration of gas and liquid 
injection, influenced fluid behaviour’. In subsequent 
discussion, however, Lehrer makes the point that re- 
ported observations on bubble column performance 
parameters are highly variable. Any feed point effects 
will be small within the variations possible in experi- 
mental measurement. 

The earlier work of Towell et al.° can also be cited in 
this regard. In this study bubble column measurements 
of mass transfer, interfacial area, and bubble size were 
made with three different sparger types. The authors 
concluded that “the type of sparger was found to have 
comparatively little effect on bubble size throughout 
most of the column...” 

Our own recent studies’ support this conclusion. The 
high shear created by fluid movement in the close 
vicinity of the sparger in a typical bubble column seems 
to produce a minimum bubble size at that point. This 
minimum size is much smaller than would be predicted 


for bubble formation at the holes of a sparger in a 
quiescent liquid. The mean bubble size effective in 
determining other overall performance parameters in- 
creases up through an aerated column as the result of 
coalescence. and rate of coalescence is therefore a further 
consideration that must be taken into account in evalu- 
ating bubble column performance. 

It is important that sparger detail be fully reported in 
bubble column studies. With a well-designed sparger, 
however, and uniform lateral dispersion of fluids at the 
feed points, the influence of feed characteristics on 
overall bubble column performance will be minimal and 
can usually be neglected. 


REFERENCES 

. Lehrer, I. H., 1982, Trans [ChemE, 60(2): 126 

. In this issue. 

3. Joshi, J. B., 1982, Trans IChemE, 60(2): 126 

. Field, R. W. and Davidson, J. F., 1982, Trans [ChemE, 60(2): 127 

. Towell, G. D. and Ackerman, G. H., 1972, Chemical Reaction 
Engineering (Proc Sth Euro/2nd Int Symp Amsterdam) (Elsevier, 
Amsterdam) B3-1. 

. Towell, G. D., Strand, C. P. and Ackerman, G. H., 1965, AJChE- 
IChemE Symposium Series No. 10 (t1ChemE, London), 10: 97. 
Miller, D. N., “Interfacial area, bubble coalescence and mass 
transfer in bubble column reactors,” AJChE J (to be published) 





Book Reviews continued from page 197 


properties and techniques will not be entirely eschewed 
provided that they do not obscure the central theme 
focussing on industrial applications. 

The first two volumes contain a total of ten reviews, 
two paying attention to the historical development of 
catalyst usage and principles of catalysis, the remaining 
eight articles concentrating on aspects of catalysis which 
are not only pragmatic but also embrace and put into 
perspective fundamental concepts. 

The first article in Volume | is by H. Heinemann who 
carefully traces the history of industrial catalytic process 
development. It is both instructive and important for 
any scientist or engineer to have an appreciation of the 
effects which catalysis has had on industrial process 
development, so that the balance between catalyst neo- 
doxy and commercial necessity is firmly established 
before embarking on fresh ventures. Heinemann 
achieves this by describing the basis upon which certain 
processes have been developed and quantifying the 
capacity of the market which consumes the products. 

A critical outline of the design concepts involved in 
the choice of a catalytic reactor configuration to perform 
a given catalyst duty and a description of the basis upon 
which catalyst testing is undertaken forms the material 
for Chapter 2 by J. C. R. Turner. Catalytic reactor 
design and operation necessarily demands consideration 
of mass and heat transfer effects between fluid stream 
and catalyst and also the mixing of reactants: these 
principles are succinctly described by Turner. 

Chapters 3, 4 and 5 in volume | all deal with 
important catalytic processes. The catalytic activation of 
dinitrogen and the ubiquitous ammonia synthesis reac- 
tion is discussed by A. Ozaki and K. Aika in Chapter 3 
and the well established Fischer-Tropsch synthesis with 
its increasingly prominent applications is the subject of 


Chapter 4. Volume | ends with a very clear account by 
J. H. Sinfelt of the catalytic reforming of hydrocarbons, 
catalytic reactions and processes which are bound to 
play an important economic role in our future employ- 
ment of energy resources. 

Volume 2 of the series commences with a history of 
the concepts by G. M. Schwab and includes many of the 
earlier ideas of catalysis as well as well-established 
principles and the more modern views of catalytic activ- 
ity. All of these are put neatly into perspective. 

In Chapter 2 of Volume 2, J. Haber reminds readers 
of the importance of crystal structure and surface phases 
in catalysis. There is rather less emphasis in this review 
on the significance of solid catalysts in industrially 
significant reactions than there might have been for a 
series with such laudable objectives concentrating on 
applications. 

The editors’ policy, however, is reverted to in Chapter 
3 of the second volume, where Froment and Hosten 
discuss kinetic modelling, a most important application 
if models are to be used successfully for quantitative 
predictions of performance. Similarly, Chapters 4 and 5 
by A. J. Lecloux on catalyst texture and K. Tanabe on 
solid acid and base catalysts contain a wealth of practical 
principles and applications. 

It is to be hoped that further volumes in the series will 
appear and it is believed that such reviews will form a 
useful complement to series on catalysis from other 
publishing houses, provided that the emphasis remains 
on industrial applications and technology. Both Vol- 
umes | and 2 are printed clearly and bound handsomely. 
They will form useful review material for academic and 
industrial researchers who wish to remind themselves 
and keep abreast of scientific and technological applica- 
tions of catalysis. 

W. J. Thomas 
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The Editorial Board is pleased to publish as a Review 
Paper the Royal Society Esso Energy Award Lecture 
“New Concepts in Thermodynamics for Better Process 
Design” by B. Linnhoff, which is reproduced by permis- 
sion from the March 1983 Proceedings of the Royal 
Society. It is entirely appropriate that a lecture given in 
response to an award by our premier learned society, 
sponsored by one leading petrochemical company, and 
based largely on work done in a leading chemical 
company should be disseminated to chemical engineers 
through their own journal, Chemical Engineering Re- 
search and Design. 

The paper by D. Geldart and M. Haesebrouck “Stud- 
ies on the Intermittent Discharge of Coarse Solids from 
Fluidised Beds” shows that mass flow rates smallez than 
values predicted by published equations are due to a 
smaller effective pipe diameter and to sub-fluidisation of 
the upper portion of the bed. Experimental results by 
these and other authors are correlated by an equation 
which includes the effect of size of particles, orifice and 
bed. 

In “Correlation of Separation Results from Light 
Dispersion Hydrocyclones”, D. A. Colman and M. T. 
Thew describe a design of hydrocyclones for removal of 
a lighter dispersed material from a more dense dispersed 
phase which has been developed in the authors’ labora- 
tories. Experimental results for the separation of dis- 
persions of both oil and solid particles in water are 
reported. The results are analysed in terms of a reduced 
migration probability plotted against a dimensionless 
drop diameter. An analytic approximation to this curve 
is proposed together with a function of hydrocyclone 
Reynolds number from which the diameter of droplet or 
particle having a migration probability of 75° can be 
predicted. 

P. E. Barker, K. England and G. Vlachogiannis report 
a mathematical model for the fractionation of dextran in 
a semi-continuous chromatograph refiner and the results 
of a computer simulation of the model. Effects of 
concentration and temperature were allowed for by the 
use of data from a batch chromatographic system. The 
simulated results are compared with experimental data 
from a large semi-continuous chromatograph refiner and 
good agreement is demonstrated. The authors point to 
possible deficiencies in the model and suggest im- 
provements which could be incorporated. 

In “Correlations for Dispersed Phase Hold-up in 
Sieve-Plate Liquid—Liquid Extraction Columns” A. 
Kumar and S. Hartland analyse reported data for a 
number of systems in the absence of mass transfer. 
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Correlations of hold-up for the mixed-settler, dispersion 
and emulsion regions are given and are shown to give 
average percentage deviations of the order of 13%. 
Criteria for the boundaries between the regions are also 
given. 

D. Burfoot and P. Rice report an experimental study 
of the effect on heat transfer and pressure drop of a 
twisted tape inserted into a circular tube. Results are 
reported for a number of inserts equidistantly spaced 
along the tube. The largest heat transfer coefficients were 
obtained when the spacing and insert lengths were equal 
but the authors note that this may be coincidental. None 
of the configurations were more effective than the empty 
tube using the constant pumping power criterion. Meth- 
ods of increasing the effectiveness are discussed and the 
authors note that the surface roughness of the inserts is 
important. 

Sieve plates for distillation are considered by A. B. 
Ponter and T. Tsay. A plexiglas model was used in which 
a row of holes, situated above an air chamber and over 
which water flowed. Bubbles formed were photographed 
by a high speed movie camera. The region studied was 
at and above the incipient weeping point. Frontal con- 
tact angles were measured from the resulting films and 
were found to be significantly influenced by bubble size 
and liquid velocity. Bubble frequency was also measured 
and was correlated with liquid velocity, gas velocity, hole 
radius and air chamber volume. The authors note partic- 
ularly the effect of chamber volume and compare their 
results with those of previous workers. 

N. Blakebrough, W. J. McManamey and G. Walker 
describe a study of heat transfer in the down-flow tube 
of an air-lift fermenter. The liquid was in laminar flow 
and contained suspensions of cells. The authors in- 
vestigated the effect of the osmotic pressure of the 
suspending medium on the heat transfer coefficient and 
found that reductions of the coefficient of up to 50% 
could be obtained by increasing the osmotic pressure. li 
is considered that this effect is due to the reduction in 
length of the hyphae protruding from the cell nucleus 
caused by increasing osmotic pressure, it being proposed 
that the scraping action of the hyphae disturb the 
boundary layer near the heat transfer surface. 

The July issue of the journal is completed, as is usual, 
by a report, by P. J. Heggs, on the Annual Research 
Meeting of the Institution, which this year was con- 
cerned with the subject of “Process Intensification”’. 


Brian Gay 
Hon. Editor 
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Editorial Policy and Standards 

1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary. 

Accounts of research work of an experimental or theoretical 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited. 
Reports from industry and from research establishments are 
particularly welcome. 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression. 

2. Authors need not be members of the Institution. Papers 
must be in English and should normally be of 2500 to 5000 
words, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words. 

3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new analyses of previous work, or interesting 
aspects of work still in progress. A faster refereeing procedure 
has been arranged for such short Papers. 

4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment. 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review. 

5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards all 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice. 


Manuscript Requirements 

1. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper. 


2. Mathematical expressions can sometimes be more easily 
interpreted by the printer if carefully written by hand. Where 
many equations appear, a list of symbols used should be 
inserted at the end of the paper, before the references. SI units 
should always be used; the negative index notation is preferred 
to the oblique stroke. 


3. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 
numbers , followed by name and town of publisher in the case 
of a book. 


4. Tables, drawings and photographs should be on separate 
sheets at the end of the manuscript and not interspersed in the 


text. Tabulated data should not duplicate values detailed in the 
text or on graphs. Drawings submitted should be clear and 
complete and preferably in a form suitable for direct re- 
production. Photographs should be restricted to the minimum 
necessary. 


5. Where limitations of space preclude publication of de- 
tailed results, mathematical derivations, etc, authors are in- 
vited to include in their paper a statement that this information 
is available from them on application. Authors may make an 
appropriate charge for supplying items requested in this way. 
Such material should be supplied with the paper when submit- 
ted to the Editor. 
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nominated to check proofs and to receive all correspondence. 


3. A proof will be sent to the nominated author, to be 
checked for possible typographical errors. Other alterations 
cannot be incorporated at this late stage without incurring 
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REVIEW PAPER 


Royal Society Esso Energy Award Lecture 


NEW CONCEPTS IN THERMODYNAMICS 
FOR BETTER CHEMICAL PROCESS DESIGN 


By B. LINNHOFF 


Department of Chemical Engineering, UMIST, Manchester 


Most chemical processes are networks of different pieces of equipment. Usually, even the best pieces of equipment will give 
a poor overall process if linked up inappropriately in the network. This paper describes principles and procedures for better 
process network design. Development of the procedures began in 1972. In the years since, industrial applications have led to 
significant improvements in even the most modern processes. 

The paper begins with a fresh look at thermodynamic Second Law analysis. This classical analysis highlights inefficient parts 
of complex systems, drawing the engineer’s attention to excessive losses of potential. Unfortunately, the analysis is both difficult 
to produce and difficult to interpret. To tackle the first problem, the paper describes how Second Law information can be 
obtained from conventional heat and mass balances. There is no need for additional data. To tackle the second problem, the 
paper introduces a general distinction between ‘avoidable’ and ‘inevitable’ inefficiencies. This makes an interpretation of the 
analysis practically more meaningful. 

Next, the paper describes thermodynamic procedures and principles for specialized sub-tasks in process design. Emphasis 
is placed on heat recovery networks. Here, the problem is to recover as much heat as is economically justified within a process 
before externally supplied heat is used. The concept of ‘inevitable’ inefficiencies leads to techniques for the prediction of the 
‘inevitable’ amount of external heating. This amount is called the energy target. The target either stimulates the engineer into 
achieving it or gives him confidence that his design is optimal. 

The paper continues by describing the concept of the heat recovery ‘pinch’. The pinch leads to the design of, first, heat 
exchanger networks, which achieve the energy targets, and, second, overall processes, which keep the targets low. 

Two common threads in all these procedures are the attempt to keep the engineer involved (they do not constitute ‘automatic’ 
design) and the attempt to make best practical use of inefficiencies that are ‘inevitable’ anyway. Owing to these features, the 
procedures usually help the engineer to find processes that are elegant in a general sense. Many designs found in practice were 
not only energy efficient but easily operated and maintained, safe, had relatively simple network structures and, most 
surprisingly, were cheap to build as well as cheap to run. 


INTRODUCTION of reactors, distillation columns, compressors, heat ex- 
A Personal Word changers, driers, furnaces, quench units, etc. 

When designing such processes, the chemical engineer 
faces two tasks. First, there is the conventional en- 
gineering task of designing the individual pieces of 
equipment. Second, there is the task of designing the 
overall process. This involves decisions of where and 
how to integrate the various pieces of equipment or, 
quite frequently, whether to integrate at all. 

In many design offices, ‘integration’ has a bad name. 
Too many promising schemes have not fulfilled their 
promise in the past. Generally, integrated processes 
cannot readily accommodate changes in operating con- 
ditions, local equipment failure can more easily affect the 
entire plant, maintenance procedures become more 
difficult, etc. in addition, integration can be costly in 
terms of capital. 

The procedures described in this paper have repeat- 
edly led to practical integration schemes and have 
proven that the common scepticism regarding integra- 
tion is not always justified. Table | shows a summary of 
applications in I.C.I. (1977-1981). The experience gained 
in these studies is as follows: while it is correct that 

Figure | shows an outline diagram of a typical process inappropriate integration can do great harm it is also 
for the production of ethylene from naphtha. The dia- correct that elegant integration can yield great benefits. 
gram is much simplified with only the most essential Integration is simply an aspect of process design that 
process steps shown. Even so it is a complex network should not be approached casually. 


This paper would never have been written had it not 
been for the Esso Energy Award. Admittedly, I was 
planning to write a review paper anyway, but, without 
the Award, that review would have been conventional. 
It would have attempied to give a balanced description 
of the entire work and to give a clear history of previous 
research, and it would have been aimed at a somewhat 
specialist readership. The present paper is different. It 
reviews not so much an area but one particular devel- 
opment in that area. In a way, it describes one man’s 
approach. As such it mixes facts with preferences, ex- 
perience with speculation and science with judgement. In 
short, it lacks discipline when compared with a con- 
ventional review. Also, it is written for the non-specialist 
reader. I admit I thoroughly enjoyed letting go of 
discipline and chatting to the non-specialist and I feel 
indebted to the Royal Society for this opportunity as 
well as for the Award itself. 


Process Integration 


© Institution of Chemical Engineers 
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NEW CONCEPTS IN THERMODYNAMICS 


Table 1. Applications in ICI 1977-81 (see Ellis, 1981) 


Process 
organic bulk chemical 
unspecified 
speciality chemical 
bulk acid 
petrochemical 
crude unit 
inorganic bulk chemical 
speciality chemical 


unspecified 


general bulk chemical 
inorganic bulk chemical 
future plant 

speciality chemical 


unspecified 


general chemical 


Year of 
study 
1977 
1978 
1978 
1979 
1979 
1979 
1979 
1979 


1979 


1979 
1979 


1979 
1979 
1979 


1980 


New process or 
modification of 


existing plant 


new 
new 
new 
new 
mod 
mod 
new 
mod 
new 
mod 
new 
new 
new 


new 
new 
mod 
new 
new 


Energy savings 
available 
(£L/a) 


400000 
> 3 million 
800000 
40000 

1 million 
> 500000 
16000 

> 100000 
> 100000 
2 million 
2 million 
6%, scope 
100000 
180000 
30-40", 
50000 
150000 
150000 
180000 


Capital cost 


expenditure (£) 


or Savings 


Same 
savings 
savings 

70000 
2 million 
savings 
savings 
80000 
Savings 
6 million 
6 million 

unclear 


unclear 
30", savings 

75000 

500000 


Savings 


power house 1980 
petrochemical 1980 


petrochemical 1981 


mod phase 1, 34000 
mod phase 1, 100000 


mod phase |, 600000 


unclear 
12-month payback 
24-month payback 
100000 
300000 
300000 
600000 


phase 2, 150000 


phase 2. 1700000 


phase 2, 600000 


For every study completed at the time the table shows the type of process, the year of the study, whether it was new 
design or a plant modification and the energy and capital cost implications. In all cases energy savings were 
identified (quoted as percentages compared with existing usage or as revenue) and where a number is given in the 
last column this represents the corresponding capital cost expenditure. However, in many studies the capital cost 
is either similar to or less than that for the existing ‘state of the art’ design 


A Complex Problem 

A ‘casual approach’ may appear understandable when 
considering what an enormous task a thorough ap- 
proach would be. Finding the ‘best’ integrated process 
network is difficult. For example: there are impurities in 
the feedstock; should we separate them from the feed or 
should we carry them through the process and separate 
them from the products? Should we compress the com- 
bined products before we separate the by-product or 
should we introduce the compression afterwards? Which 
(by-) product should we separate first? Not counting 
ancillary items such as pumps and valves there may be 
50 or more major pieces of equipment in many chemical 
processes. If there are, say, three possible positions for 
each of these in an overall network then there are 3° or 
approx. 7 x 10° different networks! Evidently this esti- 
mate is based on some gross simplifications. It does, 
however, make the point that ‘best integration’ is a very 
complex problem indeed. 

In practice ‘best’ networks are hardly ever found. It 
takes many years, and many different consecutive instal- 
lations before the design of a chemical process evolves 
towards the ‘best’. This progress is documented for quite 
a few processes in the industry in so-called ‘learning 
curves’. Figure 2 is an example for the ammonia process 
technology (Marsden, 1980). 


Early Research 


Research in process network design is aimed at gener- 
alised procedures which, for any process, will lead to a 
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‘best’ network. Generally, such procedures are called 
‘Process Synthesis’ procedures. An extensive review in 
Process Synthesis has recently been published by 
Nishida et al. (1981). Early research in Process Synthesis 
accepted the argument of there being many different 
possible designs. Thus, a large number of networks were 
generated and evaluated on the computer. The research 
then focused on two main endeavours: first, the devel- 
opment of mathematically efficient search techniques to 
scan quickly as many designs as possible; second, the 
development of ‘heuristics’, or rules-of-thumb. These 
were used to prefer or reject families of solutions on the 
basis of common sense. Examples of such heuristics are: 
(i) the most plentiful product must be separated first (this 
avoids repeated processing of the biggest mass flow; (ii) 
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Figure 2. Learning curve for improvements in the ammonia process 
technology (Marsden, 1980) 
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the most difficult separation must be done last (this 
ensures that the most difficult operation is carried out on 
the smallest mass flow). 

There were two main problems with this approach. 
First, even the fastest mathematics were too slow for 
processes of realistic size. Second, heuristics make sense 
in isolation but what do we do if the most plentiful 
product is also the most difficult one to separate? 


Using Thermodynamics 

Why then use thermodynamics? Today, I could argue 
‘it’s obvious’. However, I have to admit that, about 8 
years ago, I did not know much about chemical process 
design. Had I known more, I might have followed the 
conventional research route. The problem was that I was 
much more interested in thermodynamics than in pro- 
cess design. Like so many young researchers, i was not 
really driven by wanting to solve a problem but by 
wanting to try a problem-solving technique. In the event, 
the technique was appropriate. It led to a deeper under- 
standing of the characteristics of process networks. This 
understanding in turn allows the engineer to identify 
better processes. 


SECOND LAW ANALYSIS 
Entropy, Exergy and Practical Design 

Entropy, available energy, or exergy analysis (i.e. 
Second Law analysis) is often referred to as an obvious 
tool for studying the quality of engineering designs (see 
for example Denbigh, 1971). Different from a First Law 
analysis (or heat balance), a Second Law analysis com- 
pares actual performance with best possible per- 
formance. 

Take a combustion engine. The actual engine may 
deliver 0.24 units of work per unit of fuel consumed, i.e. 
NistLaw = 0.24. 

If an ideal engine operating under the same conditions 
could deliver 0.3 units of work per unit of fuel con- 


sumed, then the Second Law efficiency of the actual 
engine is 


= 0.24/0.3 = 0.8. 
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Next, a domestic central heating systern may produce 
0.7 units of useful heat per unit of fuel consumed. Thus: 


_ 
Nist Law — 0. /. 


If an ideal system in the form of, say, a heat pump could 
produce 2.7 units of useful heat per unit of fuel, then 


Nond Law = 9.7/2.7 = 0.26. 


For the engine, the First Law efficiency seems quite 
low whereas the Second Law efficiency is high. In the 
second example, the First Law efficiency gives us a false 
sense of security. Generally, the Second Law assessment 
emphasises what would be possible. 

Apart from efficiency, Second Law analysis evaluates 
the amount of useful energy that is lost in a process. This 
loss is usually measured in terms of entropy gain or 
exergy loss. 

Entropy, as a concept, is intuitively less meaningful. 
The entropy of a substance increases with temperature 
but decreases with pressure. Thus, the entropy of steam 
at p = | bar (x 10° Pa) and T = 100°C is the same as that 
of steam at p=100bar and 7 =690°C! To make 
matters worse, no process can be assessed without 
considering the entropy gain of the universe... .! Little 
wonder that generations of engineering students have 
wondered what entropy is all about. 

Keenan (1932) is often said to have improved on this 
situation by introducing the concept of available energy. 
However, the concept goes back at least as far as Gouy 
(1889) and his essay ‘Sur l’energy utilisable’. Rant (1956) 
introduced the term ‘exergy’ as a word which has a 
meaningful similarity to ‘energy’ and is easily pro- 
nounced in many languages. Generally, exergy is re- 
garded as a much simpler concept than entropy. A 
system’s exergy is its ability to deliver work. If exergy is 
‘lost’, then the system can deliver less work. Exergy 
decreases with both temperature and pressure and, when 
a process is analysed, the universe can be ignored. 

Analysing a nitric acid process in terms of exergy 
losses gives an assessment such as that shown in Figure 
3. This is said to give the engineer clues as to where 
improvements might be possible. 

So far, I have summarised conventional textbook 
knowledge. Eight years ago I knew as much as this about 
Second Law analysis. What I have found out since is that 
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Figure 3. Exergy losses in a typical nitric acid process (Linnhoff, 1979). 
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there are two basic problems when it comes to applying 
the analysis in earnest in the context of chemical process 
design. First, generating the analysis is not easy. The 
data and correlations needed are not usually well docu- 
mented. It takes a long time to produce results such as 
those shown in Figure 3. Second, it is not at all clear how 
the analysis should be interpreted. Usually there are 
some good practical reasons for entropy gains and 
exergy losses. For example, rapid cooling might cause a 
large exergy loss. Unfortunately, without rapid cooling, 
the wrong chemical reactions would take place. In 
complete contrast to the science of thermodynamics, the 
interpretations of Second Law analysis is anything but 
scientific. To find out which exergy loss matters is more 
an art than a science. The following is a description of 
how both problems were tackled, i.e. that of producing 
and that of interpreting Second Law analysis. 


Producing an Analysis 


Figure 4 summarises the conventional way of produc- 
ing both a First Law and a Second Law analysis for a 
steady-state chemical process. In both cases, we know 
temperature, pressure and composition of the process 
flows. When producing a First Law analysis, enthalpy 
correlations allow us to calculate enthalpy changes AH 
as a function of temperature, 7, pressure, p, and com- 
position, c. When producing a Second Law analysis, 
entropy correlations allow us to calculate entropy 
changes AS. 

This seems straightforward enough. But what is the 
situation in industrial practice when a Second Law 
analysis is required? Quite often, a heat and mass 
balance, i.e. a First Law analysis, is available. In other 
words, the enthalpies of process streams are known. By 
contrast, exact stream compositions, correlations and 
data may not be available. (Design contractors often 
keep their data and correlations confidential and only 
communicate the overall results of calculations.) To 
produce a Second Law analysis from such information 
is impossible by the approach described in Figure 4. 

But do we need these data and correlations if we have 
a completed heat and mass balance? Consider heating a 
liquid at constant pressure. Enthalpy increases with 
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Figure 4. Traditional way of producing First and Second Law analyses. 
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Further, we can write 


In(7,/T,) _ In(7,/T,) (T.w), 37 (4 

i= Ben 
where (7,4); 1s the logarithmic mean of 7,, 7, and by 
combining equations (3) and (4) obtain 
To simplify further, we may write 

(Tam )i2 * Tim)i2 (6) 
where (T,y),2 is the arithmetic mean of 7,, 7,, and 
obtain 


AS = AH [(T,y,),2]7' (7) 


Note that temperatures in these equations are absolute. 

Equations (5) and (7) demonstrate a general ap- 
proach. They allow us to calculate entropy changes as a 
function of enthalpy changes and operating conditions. 
There is no need for explicit entropy data or cor- 
relations. Better still, there is no need to know which 
chemicals, and in what composition, are making up the 
stream! This is demonstrated by way of a simple example 
in the Appendix. 

A summary of the approach is given in Figure 5. 
Provided enthalpy changes AH are known, we can define 
functions of operating conditions, X, and calculate 
approximate entropy changes: 


AS =f (AH, X) (8) 


Linnhoff and Carpenter (1981) describe a small num- 
ber of transfer functions X,, X,, X,..., which allow the 
engineer to relate any entropy change to its correspond- 
ing enthalpy change. This includes the treatment of 
chemical reactions; obliterating the need for reaction-free 
energy data. Approximate exergy changes are obtained 
analogously through transfer functions Y: 


AEx =f (AH, Y) (9) 


The simplicity of the approach becomes apparent in the 
Appendix. Typically, the analysis of a chemical process 
of average size will take a day or two. 

What about accuracy? There was a gross simplifi- 
cation in the derivation of equation (5) and another in 
that of equation (7).. Let us remember the purpose of 
a Second Law analysis. We do not need the results to size 
equipment or to predict the behaviour of a process. All 
we need the results for is to establish a ‘batting order’ in 
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Figure 5. Producing Second Law analysis from First Law analysis 
through transfer functions. 


our mind as to where we think that process im- 
provements will be possible or likely. The approach 
exemplified in equations (8) and (9) has been used in 
many project studies to date and accuracy has not 
presented a problem. Sometimes, there is a choice be- 
tween transfer functions of different accuracy. An exam- 
ple is the choice between equations (5) and (7). Initially, 
engineers tend to be cautious. As they become more 
experienced, they tend to use the simplest function 
available. 

Lastly, the approach has another unexpected benefit. 
It tends to enhance the engineer’s understanding of the 
way in which First Law and Second Law principles 
interact and complement each other. This may be appar- 
ent in the Appendix. Since the ultimate aim of the 
analysis is to improve the engineer’s understanding, this 
benefit is of considerable importance. 


Interpreting an Analysis 

Over the past 10 years or so many papers have been 
written on the subject of entropy or exergy studies of 
chemical processes. Examples are papers by Riekert 
(1974), and Gaggioli and Petit (1977). A tongue-in-cheek 
summary of most such papers is as follows. First, there 
is an explanation of thermodynamic concepts, i.e. of 
entropy, 7, S-diagrams, exergy, free energy, etc. Second, 
there is a ‘case study’. Exergy balances and efficiencies 
are calculated for an example process with a table of 
losses resulting similar to Figure 3. Third and last, the 
reader finds a paragraph or two saying that this exercise 
will enable the design engineer to improve his system. 
There is a marked lack of explanation of how informa- 
tion such as that gathered in Figure 3 should lead to 
improved designs. Sadly, most papers do not discuss the 
key question: how do explicit design changes follow 
from the study of exergy (or entropy)? 

Consequently, the engineer’s search for the exergy loss 
that can be avoided remains not unlike the search of the 
sleuth for the criminal, working from a mixture of 


honest as well as misleading clues. Let us look, then, at 
how the most famous sleuth of ali tackles the problem. 

Once, when discussing a murder case, Dr Watson gave 
to Sherlock Holmes his opinion on who seemed most 
likely to be the murderer. Holmes interrupted ‘This is 
not a scientist’s approach, Watson. A scientist does not 
work by guesses but by elimination. There may be fifty 
suspects. Draw up a list, considering everyone. And 
rather than speculating how likely a suspect looks, find 
reasons why he or she can be eliminated from the list. 
For example, an old lady might be listed. If the murder 
weapon was a heavy club, eliminate her from the list. 
Finally, there will be one suspect left on the list and you 
cannot find a reason why he should be eliminated. He 
must be the murderer.’ 

Following Holmes’ reasoning, Linnhoff (198 1a) lists a 
number of ‘themes’, based on experience, which expiain 
why exergy losses may have to be eliminated from the list 
of ‘suspects’. The engineer is asked to examine each loss 
against each theme. If one or more of the themes excuse 
the loss, or part of the loss, then the loss, or part of it, 
is called ‘inevitable’. We cannot improve the process by 
eliminating this particular loss. if no theme excuses the 
loss, then it is called ‘avoidable’. We should be able to 
improve the process by eliminating this avoidable loss, 
or part of it. In some cases, the extent to which losses 
are avoidable can be calculated by following defined 
rules. Most importantly, this applies to chemical reactors 
(Flower and Linnhoff, 1979). In other cases, the engineer 
has to make estimates. Two of the non-quantitative 
themes follow to serve as examples. 


Losses Breed Losses 

Figure 6 shows a chemical process requiring two 
services, steam and refrigerant. There are two energy 
conservation schemes, | and 2. Scheme | would save ten 
units of Second Law weighted energy (i.e. exergy), in 
steam. Scheme 2 would save ten units of Second Law 
weighted energy (i.e. exergy), in refrigerant. Both 
schemes have the same capital cost. On first inspection, 
the schemes seem equally promising. 

Now consider Figure 7. A simple diagram shows how 
both steam and refrigerant are produced from primary 
fuel. Fuel is burned in the boiler to generate steam at an 
efficiency of 7 = 0.8. Some of that steam is consumed by 
the process. The remaining steam is fed through turbines 
(yn = 0.66) to provide shaft work for the refrigerant 
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Figure 6. A process requiring two services. 
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Figure 7. The provision of refrigerant involves more losses than the 
provision of steam. 


system. The refrigeration system (yn = 0.25) provides the 
refrigerant. The efficiency values given in Figure 7 are 
typical of many industrial systems. Consider now the 
implications of saving ten units of steam exergy or ten 
units of refrigerant exergy. In terms of primary fuel 
supply the steam savings will lead to 10/0.8 = 12.5 units 
of fuel exergy saved. The savings in refrigerant will lead 
to 10/(0.25 x 0.66 x 0.8) = 75 units of fuel exergy saved. 
We recognise that there is a multiplication chain of 
inefficiencies. The further away we are from the original 
source of energy, the more pronounced the overall effect 
will be of our schemes on fuel supply. In conclusion, 
scheme 2 seems much more promising than scheme 1. 

In a general sense, the theme ‘losses breed losses’ 
excuses losses, or parts of losses that happen close to the 
original source of energy. It places emphasis on losses 
that take place far away. In practice, the theme has been 
found by many designers to yield worth-while insights. 

Having discussed ‘losses breed losses’, let us reflect on 
industrial energy conservation campaigns. After the oil 
price rise in 1974, many large companies introduced 
systematic energy conservation campaigns (see, for 
example, Robertson, 1974). 

Most of these campaigns seemed to place heavy 
emphasis on measures in the boiler house and the utility 
systems. No doubt, such measures have in their favour 
economy of scale. On the other hand, ‘losses breed 
losses’ makes it clear that the leverage on overall fuel 
supply is low. 


Load against Level 

Figure 8 shows two quantities of heat, a large amount 
at low temperature and a small amount at high tem- 
perature. Amounts and temperatures have been chosen 
such that the Second Law weighted energy (exergy) is the 
same for both. (The ambient temperature assumed is 
298 K.) This then has the following implication: with 
ideal machinery (Carnot engines and heat pumps), it is 
possible to convert each quantity of heat into the other. 
Heat loads and temperatures are interchangeable at the 
‘rate of exchange’ fixed by ideal machinery. This is 
the thermodynamic assessment. The design engineer’s 
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Figure 8. Relative roles of heat load and temperature in Second Law 
analysis: more heat at lower temperature has the same exergy as less 
heat at higher temperature. 


assessment of this situation is different. If he requires 
heat at 500 K, then high temperature heat could be used 
by simple heat transfer but low temperature heat could 
not. If he requires heat at 350K then both sources of 
heat can be used. We recognise that the temperature 
level of heat is of prime importance to the engineer. It 
determines whether or not heat can be used without 
resorting to heat pumps. This is in contrast to the 
thermodynamic assessment, which considers tem- 
peratures and heat loads interchangeable. 

In general terms ‘load against level’ excuses Second 
Law losses, which take place at levels of potential that 
are too low to be useful in simple operations. These 
losses are considered as practically ‘inevitable’. On the 
other hand, losses that take place at high levels of 
relative potential are emphasised as being potentially 
‘avoidable’. 

Having discussed ‘load against level’, it is interesting 
to reflect that Second Law analysis is quite commonly 
used by mechanical engineers. Mechanical engineering 
systems (such as combustion engines, refrigeration cycles 
and power stations) are generally designed to fulfil 
energy functions. Heat loads and temperature levels are 
usually chosen to suit these energy functions. By con- 
trast, chemical engineering systems are designed to fulfil 
chemical functions. Temperature levels and heat loads 
have to be compatible with the requirements of the 
chemical reactions and separations. Energy transfers and 
transformations are considered of secondary im- 
portance. In this situation, load against level makes 
Second Law analysis a much less meaningful tool than 
it is for the mechanical engineer. 


Summary 

Figure 9 shows the distribution of exergy losses in the 
nitric acid process from Figure 3 after allowance has 
been made for ‘inevitable’ losses. The procedure has only 
been applied to the chemical reactions but, even so, 
different priorities from those in Figure 3 suggest them- 
selves to the engineer as to where in the process 1m- 
provements might be possible. 

Both the concept of producing Second Law analyses 
from heat balances by using equations (8) and (9) and 
the concept of inevitable and avoidable losses have been 
applied to date in many industrial studies in I.C.1. In 
almost all cases, improved designs followed; see Table 1. 
Two studies have been described in detail by Townsend 
(1981) and another has been described by Linnhoff 
(1982). 
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Figure 9. Exergy losses in nitric acid process after exclusion of ‘inevitable’ losses in chemical reactions. 


Why does the approach seem to work? I feel that both 
the use of the transfer functions for numerical work and 
the use of the ‘themes’ for conceptual reflection have the 
same effect: they enhance the engineer’s understanding 
of the process under examination and of thermodynamic 
principles in general. Quite possibly, the themes do not 
realiy represent a firm method of interpreting Second 
Law analysis. If this is so, then the improvements 
obtained followed from people’s better understanding. I 
would be inclined to think that this would be an even 
more encouraging result. 


HEAT RECOVERY NETWORKS 
Description of the Problem 


As has become apparent in the preceding discussion, 
Second Law analysis is an evolutionary tool; a process 
design is required as a starting point. This left me some 
years ago with the desire to tackle the problem of 
designing integrated networks from ‘scratch’. 

Like so many researchers before me, I started with 
heat recovery networks. The chemical engineering con- 











Figure 10. (a) A heat recovery network without recovery. (b) A heat 
recovery network with maximum recovery. 


tent of this problem is simple, making it easy to focus on 
the problem of networking. In brief, the problem can be 
described as follows. The major pieces of equipment 
such as reactors, distillation columns, compressors, etc. 
are given. The process streams from and to these pieces 
of equipment are known. Some streams have to be 
heated while others have to be cooled. Mass flow rates, 
heat loads, and temperature specifications are given. The 
simplest design of a network for heat transfer would use 
utility heaters on all streams that have to be heated and 
utility coolers on all streams that have to be cooied, see 
Figure 10(a). This type of design is usually believed to 
minimise capital cost. A more complex design would 
‘match’ streams that have to be cooled against others 
that have to be heated in heat exchangers, avoiding the 
use of utilities but incurring capital cost, see Figure 
10(5). The objective in heat recovery network design is 
to select streams for matching such that the network is 
cheapest in terms of utility and capital cost required. 

A practical example of a heat recovery network is 
shown in Figure 11. The system represents the front end 
of a speciality chemicals process (Boland and Linnhoff, 
1979). Feed is heated before reaction in two heat ex- 
changers and two utility heaters. The reactor products 
are cooled in three heat exchangers and a cooler and are 
fed to a separator. The bottom product from the separ- 
ator is heated by the reactor products. The top product 
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Figure 11. Front end of speciality chemical process. 
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is mixed with a recycle flow from the main process and 
fed back into the reactor. The task in the present context 
is to find another heat recovery network that would 
achieve the same objectives at lower total cost of energy 
and capital. 


Early Research 


In many systems, most streams could potentially be 
available for heat interchange with most others. This 
gives rise to many possible networks. Ponton and 
Donaldson (1974) give an estimate of the size of the 
problem: a process having five streams to cool and five 
streams to heat (this is small by normal industrial 
standards) could have as many as 


approx. 1.6 x 10” 


different solutions! Consequently, research in heat ex- 
changer networks followed the usual Process Synthesis 
pattern: large computer programs used efficient mathe- 
matical search techniques supported by heuristics. The 
problems were much the same as in general Process 
Synthesis (see the Introductory Section on Early Re- 
search). 


Performance Targets 


The economics of heat exchanger networks mainly 
depend on the cost of energy and capital. Energy costs 
tend to be dominated by the utility heat load. Capital 
costs for a process of a given production rate (i.e. size) 
tend to be dominated by the number of different pieces 


of equipment or, in short, ‘capital items’. Thus, it is 
relevant to ask two questions about the system in Figure 
11. First, ‘Do we need 1722 units of heating?’ Second, 
‘Do we need six capital items for heat transfer?’ Clearly, 
there must be a minimum figure for both the energy and 
the number of capital items. Can we determine what 
these minimum figures are? In other words, can we set 
“targets”? 


Energy Targets 

To establish the energy target, the Second Law anal- 
ysis theme of load against level is relevant. It tells us that 
it is chiefly temperature that is important for heat 
recovery. In the present context the situation is compli- 
cated by the fact that, as heat is exchanged with a 
process stream, the stream’s temperature changes. This 
consideration leads to Figure 12. 

Figure 12, in turn, leads directly to Figure 13. In 
Figure 13(a) the 7,H-graphs of process streams between 
key items of equipment such as reactors, distillation 
columns, compressors etc. are shown. One graph repre- 
sents a stream to be cooled from 550 K to 350 K. There 
are two other streams to be heated. Then, the overall 
amount of heat available or required within ranges of 
temperature is calculated from the sum of all heat 
capacities within each range (Figure 13(6)). The re- 
sulting graph in Figure 13(b) is called the ‘Grand 
Composite’ 7,H-graph for a process. Let us examine its 
physical significance. 

Where the slope of the Grand Composite is positive, 
more streams (in terms of total heat capacity, not 
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Figure \2. Relative roles of heat load (specific heat) and temperature 
in simple heat transfer 


number) have to be heated than cooled. Where its slope 
is negative, more cooling is required than heating. Thus, 
sections G—F and D-B represent overall heating require- 
ments whereas sections A-B, D-F and G-H represent 
overall cooling requirements. We can see that the tem- 
peratures allow us in the limit to recover heat from 
section A-B to section C-B, and from section E-F to 
section G-—F. This leaves us with the external heating 
requirement D-C and cooling requirements D-E and 
G-H. We have established energy targets for the overall 
process! 

It is clearly possible to construct Grand Composites 
for any number of process streams. The task is ideally 
suited for simple computer programs. With little effort, 
it is possible to include allowances for minimum tem- 
perature differences (Figure 13 is based on the assump- 
tion of zero temperature differences: this is obvious at 
points B and F) and for the use of discrete utility levels 
(Linnhoff and Hindmarsh, 1982). Also it is possible to 
consider constraints such as: there must be no heat 
transfer between a given hot stream and a given cold 
stream (see Cerda et al., 1982). (Figure 13 is based on the 
assumption that heat exchange is possible between any 
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Figure 13. Setting the energy target: (a) T,H-graphs for individual 
process streams; (b) Grand Composite T,H-graph for overall process 
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two streams.) With these provisions for practicality, a 
simple and powerful tool emerges for the prediction of 
heating and cooling targets. Note that only process 
stream data are required. We do not need to have a heat 
recovery network to set the target. 


Capital Targets 

The capital target does not follow directly from 
thermodynamics. However, it is derived from the same 
philosophy of trying to understand a problem. 

In essence a heat recovery network connects separate 
heat sources (hot process streams and utility heat 
sources) and sinks (cold process streams and utility heat 
sinks). Once the energy targets are known, and therefore 
the utilities, we know all these sources and sinks. A heat 
exchanger then simply transfers heat from one source to 
one sink. Figure 14 illustrates this situation for the 
system in Figure 11. The hot process streams and the hot 
utility (predicted by means of the Grand Composite) are 
shown at the top of the diagram and the cold streams at 
the bottom. A possible arrangement of heat exchangers 
is represented by lines. (The arrangement is different 
from that shown in Figure 11.) The question is: What is 
the minimum number of lines necessary to connect two 
hot streams with three cold streams? 

The answer is given by Euler’s general network 
theorem from graph theory (see Linnhoff et al., 1979): 


E=N+L-S (10) 


In this equation, E is the number of edges in a graph, N 
is the number of nodes, L is the number of loops, and 
S is the number of separate components into which a 
graph can be divided. Clearly, edges are heat exchangers 
in Figure 14 and nodes are streams and utilities. We shall 
normally have fully ‘connected’ networks with S = 1. 
Thus 


E=N+L-1 (11) 


Trying to minimise the number of heat transfer units 
(edges), we write 


| = Nrnin v Lain — | (12) 


We cannot change the number of streams (they consti- 
tute the problem we are trying to solve) 


Bain =N + Lwin -4 (13) 


but we can hope to reduce the number of loops to zero 
(Linnhoff, 1981b): 


E...=N-—1 (14) 


We conclude that, subject to a network being connected, 


Reactor 
Product 


Figure 14. Heat exchanger network as a graph. Application of Graph 
Theory yields equation (1). 


Tabie 2. Comparison of actual performance with targets 

for the system in Figure |! 

Actual Target 
utility heat in 1722 1068 
utility heat out 654 0 
number of heat transfer units 6 4 


the minimum number of heat transfer units is one less 
than the number of streams and utilities. The minimum 
number is obtained by eliminating loops from the net- 
work. 

Experience has shown that equation (14) represents a 
meaningful and practical target. However, its applica- 
tion to real systems warrants some discussion. The 
necessary comments are given by Linnhoff and Turner 
(1981). 


Applying the Targets: an Example 

Table 2 shows a comparison between the actual 
performance achieved by the system in Figure 11 and the 
targets evaluated by using the principles just described. 
Evidently there is a great stimulus for improved per- 
formance in terms of both energy and capital. Design in 
this case is easy, yielding the system shown in Figure 15 
(Boland and Linnhoff, 1979). The system is cheaper in 
terms of energy and capital. It is safe and operable. It 
simply is a better system than that in Figure 11. 


Targets, learning curves, and technology prompting 

It is interesting to note that the concept of setting 
targets, as such, is well established. In many companies, 
management pressure is brought to bear on design 
departments by ‘technology prompting’. The manager 
does not know what improvement is possible. However, 
instead of saying to his engineer ‘improve’, he says 
‘improve by 5%’. The latter approach is said to exert 
stronger pressure on the engineer. 

A special way of technology prompting is by extrapo- 
lation of learning curves of the type shown in Figure 2. 
In the early stages of a technology, good progress is 
expected. As the technology becomes more mature, there 
is less scope for improvement. Thus, the manager would 
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Figure 15. Improved front end of speciality chemicals process: approx. 
40°%% less energy with fewer capital items. 
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initially prompt for large improvements but gradually 
reduce his challenges. 

In a way, the energy target described in this paper 
represents the asymptote to energy learning curves (if 
there is no development in chemistry and basic equip- 
ment technology). The implication is that the area under 
the learning curve could now be avoided. We know 
where the asymptote (target) lies and can prompt tech- 
nology accordingly. The act of prompting is the same as 
in past practice. The prompt itself has changed. It is no 
longer based on guesses but on objective analysis. 


Network Design 


Design with Targets 

The simplest form of design is by inspection keeping 
the targets in mind. The engineer uses his usual methods 
and techniques, but he is stimulated by knowing the 
targets. For the system in Figure 15, for example, this 
approach is adequate (Linnhoff, 1981b). 


The Network ‘Pinch’ 

We have not yet exhausted all implications of Figure 
13. The most important feature of Grand Composites is 
probably the least obvious one: point D in Figure 13(4) 
represents a bottleneck for heat recovery. We call it the 
network ‘pinch’. 

Owing to the nature of their construction, Grand 
Composites have marked points of inflexion. One of 
these points will be at a position of lower enthalpy than 
any other. In Figure 13(4) this is point D. Above and 
below this point the Grand Composite extends to higher 
enthalpy. Above, this implies an overall positive slope 
(i.e. heat is required). Below, this implies an overall 
negative slope (i.e. there is heat surplus). It follows that 
the overall process is divided into two distinct parts: a 
heat sink (requiring heat input) above the pinch point 
and a heat source (requiring cooling) below the pinch 
point, see Figure 16. 

Further, and this is an important observation, we can 
state the following by enthalpy balance over the sink and 
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Figure 16. The pinch divides the heat recovery network problem into 
a sink and a source. 
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Figure 17. There is a fundamental correlation between the pinch heat 
flow and the excess utility requirements. (a) Optimal system (in terms 
of energy). (6) Sub-optimal system 


the source. An optimised system (in terms of energy) 
requires heat input A,,,, and heat output B,,. with no 
heat flowing across the pinch, see Figure 17(a). A 
sub-optimal design for the same system will feature heat 
input A, heat output B and heat flow across the pinch 
a, see Figure 17(b). There is an exact correlation be- 
tween the pinch heat-flow and the excess utility con- 
sumption: 


A — Ani, =% = B (15) 
where 


A is the heat input to a system, 
B is the heat output from a system, and 
a is the heat flow across the pinch. 


In words, the pinch heat flow must always exactly 
correspond to the difference between (i) heat input and 
minimum input, and (ii) heat output and minimum 
output! Thus in Figure 13, any heat transfer from 
temperatures above 460 K to temperatures below 460 K 
must result in excess utility requirements, both hot and 
cold. 

This observation leads to two design principles, which 
are as simple as they are powerful. 

(i) As long as heat transfer across the pinch is avoided 
the overall system is guaranteed to be optimal (in terms 
of energy). 

(ii) If heat transfer across the pinch is introduced, the 
overall system is guaranteed to be less than optimal by 
as much as the pinch heat flow. 

In a nutshell, the traditional problem of process design 
could be described as the engineer’s inability to predict 
later consequences of early decisions. Who would start 
the design of a network such as that shown in Figure | 
and be confident that the early steps are ‘right’? With the 
two simple principles just discussed, the designer can 
now have confidence in his early decisions. He can take 
them in full knowledge of their later implications. Heat 
transfer matches wholly above or wholly below the pinch 
are compatible with optimal overall performance (prin- 
ciple (i)). Heat transfer matches across the pinch are 
guaranteed not to be (principle (ii)). 
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Systematic Design Methods 

In connection with the simple concepts of the pinch 
and the Grand Composite, more complex methods were 
developed for the systematic design of networks. It is 
interesting to note that this development did not evolve 
from the simple concepts towards the complex methods 
but that the reverse was the case. Five or six years ago, 
I felt like so many others that the most worth-while 
contribution in the area of Process Synthesis would be 
a systematic design method. Accordingly, I concentrated 
on this goal (Linnhoff and Flower, 1978a,b). Later, 
when trying to apply these methods in practical contexts, 
I realised that the basic understanding of important 
principles such as targets and the pinch can be a far more 
powerful asset in design than systematic methods. Sys- 
tematic methods exclude the engineer from the design 
task. Above all, design is a creative process and to 
exclude the engineer from it must be a mistake. In 
recognition of this fact, I have shifted my emphasis over 
the years from the ‘invention of methods’ to the ‘demon- 
stration of principles in use’. A recent paper on heat 
exchanger network design (Linnhoff and Hindmarsh, 
1982) emphasises the need for the engineer to take his 
own decisions whenever possible and simply concen- 
trates on the explanation of basic principles. 


PRACTICAL ASPECTS 
The approach to design discussed in this paper has 
proved practical. As far as ICI is concerned, the list of 
applications in Table | bears witness to this fact. In more 
general terms, the experience gained from the studies 
documented in Table | can be summarised as follows: 


@energy: 6-— 60°, savings 

@capital: expense — 25°, savings 

@ return on investment: improved by factors of up to 4 

@often energy could be saved alongside capital 

@sometimes process flexibility was improved 

@design time was saved 

@concepts are valid for design of new processes and for 
modification of existing processes 

@concepts are applicable over a wide range of tech- 
nology 


There must be many different reasons why a devel- 
opment bears such practical fruit. The single most 
important reason has been the enthusiasm of many of 
the people involved (see the acknowledgements). But 
how does enthusiasm develop? It tends to increase when 
things prove practical. The following is an attempt to 
pinpoint the most important reasons for the practicality 
of the approach. Some have been described by Linnhoff 
and Turner (1980). 

The pinch. The pinch was known before (see the first 
section of the Discussion following) but its implications, 
i.e. the distinction between the process sink and source 
and equation (15), were not. Consider these concepts in 
the context of Figure 1. The separation of sink and 
source introduces a totally unsuspected division in a 
process. The divided parts are ‘overlain’. Streams, and 
parts of streams, from everywhere in the process may 
belong to either the sink or the source. Without knowing 
about the concept of keeping sink and source separate 


the designer will make ‘convenient’ matches and the 
chances of obtaining an optimal network must be 
minimal. 

Objective targets. Setting targets is quick and simple 
and does not require complex design calculations. The 
stimulating effect of targets undershooting a given design 
is great. The satisfaction that a designer obtains from 
seeing the targets confirming his design is great, too. 
Gone are the niggling doubts: have I really exhausted all 
possibilities? In short, people enjoy setting targets. 

The concepts are simple. In my experience, techniques, 
procedures and computer programs are used in practice 
not because they save money (that is the theory) but 
because they are simple (that is the practice). A compli- 
cated procedure will usually require a strong manage- 
ment ‘push’ to be applied. A simple procedure will 
spread almost by itself. I believe the procedures and 
principles outlined in this paper find ready application in 
practice essentially because they are simple to grasp and 
easy to apply. 

The approach is interactive. The approach represents 
a complete turnaround from today’s usual black box 
computer design procedures. Black boxes sometimes 
insult the engineer’s intelligence. The procedures and 
principles described here enhance it. 

The philosophy is design oriented. This applies es- 
pecially to Second Law analysis. Traditionally, the em- 
phasis in thermodynamic text lies on the preciseness of 
concepts and definitions and on the correctness of 
reference states, datum points, system boundaries, etc. 
Most such subtleties are totally unnecessary in the 
context of process network evaluation. Indeed, they can 
be counterproductive. The average design engineer tends 
to respond by thinking that this is a task for the 
specialist. The approach to Second Law analysis that has 
been described in this paper redresses the balance. There 
is little concern with the science of thermodynamics. The 
focus is on how the science is used. 

Design time savings. One of the biggest hurdles for the 
practical use of the principles initially was the fact that 
industrial designs are usuaily carried out under time 
pressure. It is often more profitable to finish a design in 
time than to have it fully optimised. Who wants to start 
learning about exergy in this situation, and network 
pinches? However, it gradually became apparent that 
application of the principles saves time rather than costs 
time. The ability to screen alternatives at an early stage 
by comparative targeting, the tidiness of the pinch 
concept, they all help the designer to turn out designs 
faster than before and with greater confidence. 

Integrated systems can be controlled. Another hurdle 
was the widespread scepticism regarding the control of 
integrated systems (see the Introductory Section on 
Process Integration). However, a modern process may 
be integrated anyway by, say 80°, in heat terms. Im- 
proving its energy load consumption by 30°, then means 
reducing the non-integrated load from 20 to 14%, in- 
creasing integration from 80 to 86%. This is a small 
change in heat load and, in any case, heat loads are not 
as important for control as is network connectivity. 
Usually the change in heat load is accompanied by 
changes in network topology, with the engineer’s better 
understanding of loops and network connectivity, see 
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Figure 18. Surface area requirements for networks such as in Figure 
10. The network that avoids recovery does not have the smallest 
surface area! This is due to the inordinate increase in the amount of 
heat transferred. (Mass flowrates, specific heats and heat transfer 
coefficients are assumed to be unity.) 


equations (10)-(14). On balance, improved control- 
lability can result (Linnhoff et al., 1982). 

Save capital by saving energy! The final hurdle for 
practical acceptance was the common belief that energy 
conservation requires investment. Surprisingly, many of 
the applications listed in Table | have led to energy 
savings alongside capital savings. In other words, com- 
pared with the ‘old’ design (which might be one of the 
most modern of processes) the new design was cheaper 
to run and cheaper to build. Initially, my colleagues and 
I simply thought this was a string of good fortune. As 
time went on, we could no longer fail to understand. It 
became apparent that proper recognition of the pinch 
led to reduced overall heat loads with only small in- 
creases in driving forces. Reduced heat loads led to 
reduced equipment sizes, which in turn led to lower 
capital costs. The message here is a general one. There 
are two effects that link energy and capital costs in 
processes: first, driving forces and second, load. Higher 
efficiency means smaller driving forces but also lower 
load. Smaller driving forces cost capital, but lower loads 
save capital. The overall effect might well be capital 
savings. This is exemplified in Figure 18. Our usual belief 
that energy conservation costs capital is based on a 
consideration of driving forces only. We tend to forget 
about the heat load effect. 
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DISCUSSION 
Comparison with Previous Work 


So far, I have only given generalised, and tongue-in- 
cheek, discussions of previous work. I felt this was 
justified as many of the principles and procedures dis- 
cussed here represent a complete departure from most 
previous work. However, there are four previous work- 
ers I know of who have done similar work. First, there 
is Denbigh (1956), who distinguished avoidable and 
inevitable irreversibilities. Second, Frankenberger (1967) 
used a formula equivalent to equation (5) for exergy. 
Third, Hohmann (1970) developed 2 technique for set- 
ting energy targets in heat-exchanger networks and 
guessed equation (14). Fourth, Umeda et al. (1978) 
observed a ‘bottleneck on heat recovery’ in heat ex- 
changer networks and called it the ‘pinch’. 

Initially, all these sources were unknown to me and 
with hindsight I am sure that this was a great blessing. 
Usually, different people make the same discovery using 
different approaches and each approach is carried by its 
own momentum beyond the discovery in a different 
direction. In the event, Denbigh did not generalise the 
distinction of ‘avoidable’ and ‘inevitable’ losses beyond 
the discussion of the Gibbs free-energy change in chem- 
ical reactors. Frankenberger used his transfer function 
solely to calculate exergy changes in heat transfer. 
Hohmann used equation (14) without recognising the 
pinch. This left him without design clues and, con- 
sequently, he found limited application for the energy 
target. Umeda et al. observed the existence of the pinch 
but did not recognise the principle of avoiding heat 
transfer across it. 

It often only takes a little step beyond existing knowl- 
edge to greatly enhance practical usefulness. The chances 
of making such little steps are often better when existing 
knowledge is arrived at independently and from a 
different direction. The lesson to learn is that ‘reading 
the literature’ might be a bad way for a novice to enter 
a research field. 


On-going Research 


About two years ago when working with the heat 
recovery network techniques in ICI, my team and I came 
to recognise that the pinch is significant not only for heat 
recovery networks but also for thermal systems in 
general. Useful observations were made especially in the 
areas of integrated heat and power systems (Townsend 
and Linnhoff, 1982) and of distillation processes (Dun- 
ford and Linnhoff, 1981). 

The power system most familiar to the chemical 
engineer is the steam turbine. It accepts high pressure 
steam for the generation of shaft work and rejects steam 
at lower pressure, either as waste or at a usable level (see 
Fig. 19). If X is the heat input, Y is the heat output, and 
W the work generated, then by simple energy balance 


X=W+Y (16) 


Steam turbines are frequently employed in chemical 
processes with the exit steam used for process heating. 
An important question in design is where to use the 
steam. 
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Figure 19. Simple model of a steam turbine. 


The pinch offers an almost trivially simple answer, see 
Figure 20. If the steam is above the pinch (Figure 20(5)) 
the integration is highly worth while. The total heat 
input of the combined system (process and turbine) is 


LX (heat in)=(A — Y)+X (17) 
which, with equation (16), reduces to 
L(heat in)={A—(X¥ —W)}+X (18) 
=A+W 


In other words, the integrated system requires an 
amount W of heat over and above the requirement of the 
process on its own. One could say, that, owing to the 
integration, heat has been converted to shaft work at 
100°, efficiency! For those trying to reconcile this state- 
ment with Carnot’s teachings, there has not been so 
much a conversion of heat but a reduction in the wastage 
of heat. 

Figure 20(c) describes the situation if the steam is used 
below the pinch. The total heat input is no less than that 
for the separate systems. There is no benefit to be 
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Figure 20. Integrating a steam turbine and a process in terms of heat 
recovery. (a) No integration. (b) Integration above the pinch is very 
worth while. Marginal fuel supply over stand-alone process is equal to 
work generated, W. (c) Integration below the pinch cannot confer any 
improvement compared with no integration. 
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Figure 21. Distillation columns consume temperature not heat. 


obtained from the integration. It follows that good 
designs should utilise turbine exit steam above the 
process pinch. 

Surprising as it may seem, from this simple insight 
follows an entire approach for the design of integrated 
heat and power systems including the use of heat pumps. 
A detailed description has been given by Townsend and 
Linnhoff (1982). 

Another piece of equipment familiar to the chemical 
engineer is the distillation column. Not so well known to 
other engineers, a distillation column is often described 
as a separator ‘running on heat’. This is misleading. 
Distillation columns tend to absorb heat at a given 
temperature and then to reject it (i.e. roughly the same 
amount) at a slightly lower temperature, see Figure 21. 
Thus, they do not really run on heat but on temperature. 

This difference is important when considering the 
integration of distillation columns in processes, see 
Figure 22. Integration across the pinch (Figure 22(c)) 
gives no benefit compared with the separate systems. 
Integration above or below the pinch (Figure 22(6)) 
leads to the columns and the process requiring no more 
energy than the process would require on its own. The 
reason is that the columns do not consume heat but 
temperature. They simply make use of spare temperature 
differences available from the process. This simple in- 
sight, too, has far-reaching implications. A fuller de- 
scription is given by Dunford and Linnhoff (1981). 

These principles for heat and power systems and 
distillation column integration appear to be just as 
practical as those for heat recovery networks. The reason 
is that they are similar in nature. They avoid hard and 
fast rules. As such, they represent a worth-while devel- 
opment in their own right. However, they are exciting 
for another reason, too. 

Figure 23, the ‘onion diagram’, describes the hier- 
archical build-up of chemical processes. First, we need to 
know the chemistry and the network of reactors and 
chemical species. Once we know the reactors, we can 
define separators. Once we know the separators, we 
know pressure levels and vapour-liquid splits and we 
can define compression and expansion duties. Once we 
know compressors and expanders, we can design the 
heat recovery network. The traditional approach to 
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Figure 22. Integrating a distillation column and a process in terms of 
heat recovery. (a) No integration. (b) Integration above or below the 
pinch enables the column to run for ‘free’. (c) Integration across the 
pinch cannot confer any improvement compared with no integration. 


process design is to build the process ‘from the inside 
out’. There does not seem to be any other way. How can 
we design separators if we do not know yet what to 
separate? 

Yet, the principles for heat and power and for dis- 
tillation column integration represent a departure from 
this approach. Rather than accepting the inner layers of 
the onion and saying: “Here is the inner process, how do 
we design a heat exchanger network for it?’, we say: 
‘Here is the inner process, how do we change it?” We 
change the process by placing engines and distillation 
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Figure 23. The ‘onion’ diagram represents the hierarchical nature of 
process design 


columns on the appropriate side of the pinch. This leads 
to different Grand Composite curves with lower energy 
targets. 

This departure from traditional practice is funda- 
mental. By working ‘from the outside in’ in Figure 23 we 
learn how to improve the whole process in an evo- 
lutionary manner in such a way that the ultimate heating 
and cooling requirements become minimal. In my opin- 
ion, the research prospects for studying the implications 
on reactor design and the basic process mass balance are 
exciting. 


Implications Outside the Chemical Industry 
This paper has been discussing chemical processes. 
However, many of the principles discussed apply to the 
study of thermal systems of other kinds. I have restricted 
the discussion to the chemical industry in order to feel 
confident in terms of practical experience. Yet there is 
one temptation I cannot resist. 


Manufacturing & Consuming 





IRON & sTeEL|—> 




















ELECTRICITY, 














1 




















ENERGY ENERGY 
SUPPLY — LOSSES 
(100) 32 








ENERGY 
OUTPUT 


Figure 24. Simplified network of the national economy. Only one third of the primary energy supply is ultimately used. Two thirds are required 


to offset losses. (Approximated from information given in DoE 1981.) 
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The overall economy, national and worldwide, could 
be described as a giant thermal network. Energy is 
supplied in the form of gas, coal, hydro and nuclear 
electricity, and crude oil, see Figure 24. Then, the energy 
industries generate coke from coal, electricity from coal, 
gas, and oil, refined oil from crude, etc. Next, the 
manufacturing industries consume this energy as well as 
one another’s products. Finally, the consumers receive 
energy, goods, and services. As shown in Figure 24, the 
direct energy value in Britain of the energy, goods, and 
services delivered to the consumer is only about one 
third of the primary energy supply to the economy. 
Similar figures apply in other countries. 

Evidently, losses breed losses here. We conclude that 
one unit of energy saved in the manufacturing industries 
may save up to three units of energy on the oil tanker! 
In my opinion, this consideration makes it imperative 
that we devote efforts, as a nation, to the conservation 
of energy at the consumer end. I cannot help feeling 
an analogy between government policies and the cor- 
porate energy campaigns described under ‘Losses Breed 
Losses’. Just as the companies concentrated on their 
boiler-houses, the national government concentrates on 
its power stations and the energy supply system. The 
overall returns are lower here than at the consumer end. 
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APPENDIX 


Calculating the Entropy Gain in a Simple Heat Exchanger 
by Means of Transfer Functions 


Figure 25 illustrates a simple counter-current heat 
exchanger with a small heat loss to ambient. Stream 
enthalpies and temperatures are known; stream com- 
positions are not known. 

With equation (7): 


AS, , = (H2 — H,)((Tam)i2] 


/ 9 
= (800 kJ — 1000 kJ) | aK TOK) 
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= —0.308kJ K7' 
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Figure 25. A simple counter-current heat exchanger. 


AS; 4 - (H, Pre H,){( Tam sa) 
y \ 
400 K + 550 K) 





= (690 kJ — 500 Kn ( 


= 0.400 kJ K~' 
The entropy gain of the surrounding is 
Q/T, =0.034kJ K~' 
Thus, the overall entropy gain is 
AS... = — 0.308 kJ K~' + 0.400 kJ K~! 
+ 0.034kJ K~! 
0.126kJ K~! 


Note that the use of equation (5) instead of equation (7) 
would have yielded the result 


AS, = 0.129 kJ K~! 
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BOOK REVIEWS 


Kinetics and Mechanism, A Study of Homogeneous 
Chemical Reactions 

By J. W Moore and R. G. Pearson 

John Wiley and Sons, 1981 

Pp. 455, £23.70 


This is the third edition of Frost and Pearson’s well- 
known and important text on the rates and mechanisms 
of homogeneous chemical reactions in the gaseous and 
liquid phases. The present volume bears little resem- 
blance to the first and must be considered as a com- 
pletely new book. 

The text begins with a good chapter on the mathe- 
matical analysis of reactions of various orders and 
recognises the usefulness of computers when measuring 
rate constants. The following chapter on experimental 
techniques and the treatment of data continues this 
theme. Next comes a chapter on elementary processes, 
where the collision theory of gas phase reactions is 
presented, along with an account of the determination of 
reaction cross-sections by molecular beam methods and 
the wealth of detailed knowledge emerging from such 
studies. This chapter ends with an account of the 
theoretical aspects of unimolecular reactions. The fol- 
lowing chapter is entitled ‘Elementary processes: poten- 
tial energy surfaces and transition-state theory’ and 
develops both the calculation of trajectories over poten- 
tial energy surfaces and the transition-state theory. An 
account of orbital symmetry rules for chemical reactions 
is also given. The next chapter looks at the rate constants 
measured for simple reactions and is concerned to 
rationalise both their activation energies and pre- 
exponential factors. Included here is yet another look at 
unimolecular reactions and energy transfer. 
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The emphasis changes with a self-contained chapter 
on reactions in solution, which is a well organised 
account of collision and transition-state theories for the 
liquid phase, the effect of the solvent, ion solvation and 
the kinetics of various reactions. The next chapter is on 
complex reactions and the mathematica] analysis of 
reaction networks, along with a small section on com- 
puter simulation, all of which will appeal to chemical 
engineers. There follows a chapter on homogeneous 
catalysis, which is largely devoted to acid-base catalysis, 
but with an interesting brief account of enzyme catalysis. 
The final chapter deals with chain reactions and photo- 
chemistry, but unfortunately takes these topics to no- 
where near the same level of sophistication as some of 
the earlier chapters. There is very little here on com- 
bustion. 

The book is at its best in the two chapters on 
elementary processes, where an up-to-date review is 
given of the thinking of chemical physicists on the 
kinetics of the simplest reactions in the gas phase. It is 
all clearly written, well illustrated and backed by a 
competent bibliography. There are also numerical prob- 
lems at the end of each chapter. Some chemical en- 
gineers, especially those with a background in physical 
chemistry, will find lots of interest in the book and wil! 
also be impressed by recent exciting progress in gas 
kinetics. Otherwise, the book is most suited for those 
starting research or finishing a degree with a specialised 
course in gas-phase kinetics. 


A. N. Hayhurst 


Book Reviews continue on page 232 





STUDIES ON THE INTERMITTENT DISCHARGE OF 
COARSE SOLIDS FROM FLUIDISED BEDS 


By D. GELDART (FELLOW) and M. HAESEBROUCK 


Schools of Chemical Engineering, University of Bradford 


When coarse solids are discharged from fluidised beds through short pipes, the mass flow rates are frequently smaller than 
values predicted by published equations based on small particies. This is shown to have two causes—a smaller effective pipe 
diameter when the tube/particle diameter is small, and sub-fluidisation of the upper portion of the bed which reduces the effective 
head or driving force. The results have been correlated by an equation which includes the effect of the size of particles, tube 
and fluidised bed. Jet velocities appreciably larger than (2¢H)'* have been measured and are attributed to the large quantities 


of gas which escape when coarse particles are discharged. 


INTRODUCTION 


The rate at which solids flow out of fluidised beds is of 
interest in many industrial processes. A fluid bed may be 
used to feed powder to another part of the process or it 
may be the reactor from which processed solids or spent 
catalyst has to be removed, continuously or at regular 
intervals. 

In almost all published work the powders used had 
mean particle sizes less than 500 4m, and most were 
smaller than 300m. During a recent development 
programme involving the fluidisation of solids larger 
than about 1000 ym it became apparent that the mass 
discharge rate from short pipes showed dependencies on 
orifice diameter and bed height which differed 
significantly from those reported in the literature for 
finer particles. This observation led to the present siudy. 


PREVIOUS WORK AND THEORY 


Earlier studies (see Table 1) can be divided into two 
categories: (a) those in which air is introduced through 
a distributor at the bottom of the bed of solids in order 
to fluidise them. In most of these studies the solids 
flowed through orifices of various shapes set in the side 
wall; (6) those in which air is introduced at the top of 
the bed or hopper in addition to that supplied to the 
base, or supplied only to the top above the solids. In 
most of these studies the orifice was in the base of the 
bed or hopper. 

By analogy with a liquid flowing out of an orifice in 
a tank, it can be shown that the exit velocity is: 


v. = C,./(2gH) 
The volumetric flow rate of ‘fluid’ is then: 
Q = C,a,/(2gH) 


However, in the case of fluidised solids, it is the mass 
flow rate which has to be measured, and this requires an 
assumption about the bulk density of the exit stream of 
fluidised solids. Using the density at incipient 
fluidisation, Stemerding' concluded that C, was 0.5 for 
180 um sand, if the hydraulic diameter of the orifice 
exceeded 5mm (i.e., an orifice/ particle ratio of about 


28). Jones and Davidson’ also concluded that C,; ~ 0.5 
for D,/d, larger than about 40, but recorded values as 
iow as 0.28 when D,/4, was 11. Zenz’ recalculated the 
data of Massimilia et al.* Using an effective orifice size 
D, — 1.5d, and the bed density at incipient fluidisation 
Ppmr-; he obtained a discharge coefficient of 0.445, whilst 
de Jong**® used D, — kd, where k depends on the particle 
shape and can have values from 1.4 to 2.9. Chin et al.’ 
obtained data which suggested k was as high as 3.6. 

Thus for small particles it has become customary to 
express the mass flow rate of solids leaving an orifice in 
a fluidised bed as: 


T > . 
M = Ci. 1 (Dy) — kd,)(2gH)'” (3) 


where 0.45< C,;<0.55 and p, is the bulk density at 
incipient fluidisation pgyr. In liquid systems C, ~ 0.6 
due largely to the contraction of the fluid stream, but 
since it has been noted that fluidised jets show no 
contraction, it could be argued that C, should be nearer 
1, perhaps 0.8 to 0.9. This implies that in reality p, may 
be appreciably lower than its value at incipient 
fluidisation, Ppyr. 


EXPERIMENTAL 


Scope of Programme 


It was decided to use two sizes of fluidised bed, 0.15 
and 0.3m diameter, and bed depths up to 1.5m. Al- 
though the primary objective was to study the behaviour 
of coarse solids, fine particles were also included in the 
programme (Table 2). The mean particles sizes of the 
powders lay between 20 ym and 2120 um, and particle 
densities ranged from 4000 to 942 kg m~’. Most of the 
experiments were done with short vertical pipes fixed 
flush with the distributor but in some tests short tubes 
were fixed in the wall horizontally and at 45°. Tube 
diameters were varied from 9 to 43 mm; the minimum 
tube/particle diameter was 7 and the maximum 1250. 
None of the tubes was longer than 200 mm. 
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DISCHARGE OF COARSE SOLIDS 


Table \(a) Studies in which air was introduced only at the bottom of the bed of solids, through a distributor 


Maximum 
Bed 
Depth 
(m) 


Solids Opening Bed 


Investigators 


Type 
Sand 
Coke 


Limestone 
Glass Beads 


d,(um) 
220 
330 
320 
460 
800 
260 


2. 
500 | 
J 


260 


Shape Size (mm) Shape Size (mm) Comments 
a et al. Orifices, all in the side 
wall of the bed 

Gas efflux rate also 
measured. Bed contained 


wire screens 


Round Round 90 dia 


Iron Sand 
Sand 

Limestone 
Iron Sand 


Round 
Square 
Rectangular 


7-20 dia 
6.2-17.7 
44 x 17.7 


Round 190 dia 


Stemerding (1963)' Sand 180 Round 5~70 dia 


Probably vertical short 
pipes 


Annular {$ 30 i.d. G 


152-168 o.d 0 SPamr(2eH) 


Volpicelli (1964)'' Catalyst Rectangular 2 x 16 Rectangular (2D) 


200 x 16 


Slit in side wall 


Jones and ; 
Davidson (1965)- 


Sand 


Orifices in side wall 
150 dia shaped and sharp edged 
600 x 600 G, = 0.Sppyp(2gH) 


Round 4.75-32 dia Round 


Square 


Burkett et al. 
(1971)" 


Sand 
Ballotini 


Rectangular 10 x 12.7 


Fn Be 
X 


Rectangular (2D) 


610 x 12.7 


Bed height not varied; 
studied mostly pressure 
and voidage distribution 
Slots in side wail 


Jones (1972)" Sand 200 


450 
270 


Short vertical tubes flush 
with distributor, and 
located centrally 


G.x<D°“H *d. 


13 and 19dia Round 304 dia 


Plastic 

Spheres 
Chin et al. (1980)’ Copper 64 
Concentrate 159 


Round 
Slot 


2.5 x 5.1 dia 
26.7 x 3.8 dia 


Round 203 dia Eight orifices around a 
vertical pipe 


Gas flows measured also 


Table \(b) Studies in which air was introduced at the top as well as at the bottom of the bed or ho 


Solids Bed 


pper or only at the top 


Opening Maximum 


Bed 
Investigators 


Type d{um) Shape Size (mm) Shape _ Size (mm) 


Trees (1962)'4 


Iron ore 


440 Round 


26, 5}, 


Round 


79, 105, 


600 dia 


Depth (m) 


Equivalent 


Comments 


Flow between two beds or 
out of one only via sloping 


127, 203 dia tubes in side wall; various 


angles, length and 
pressure differences 
G x D 
Resnick et al Sand 
(1966)'° 


456 
680 
671 
3360 


140,205 Round 
100, 200 


Air introduced at top of 
pressurised hopper; hole in 
base 

G.X& Ap D 


KCl 
Seed 
Sand 
Glass 
spheres 
Plastic 
spheres 


Round 7.1 to 20 dia 


Round 140 dia 


de Jong 
(1969, 1975)°*° 


oe Round 50, Air introduced at bottom 
AND top of bed. Air 
leaving with solids 
measured. Vertical pipes 


central in distributor 


6.9, 10, 13.4 dia 


200 dia 


150 


McDougall and 


Air introduced at top only 
Knowles (1969)'* 


of pressurised hopper 
G,.xAp'-D 


Seed 2200 Round 12.7 to 76.2dia Round 451 dia 


Equipment and Techniques 


A diagram of the 0.3 m diameter column is shown in 
Figure |. It differs slightly from the 0.15 m diameter bed 
which had a side arm in addition to the tube in the 
distributor. In the smaller unit the tubes were sealed by 
rubber bungs; in the larger unit a rubber sphere was 


attached to a bell crank lever which could be operated 
through a gland in the wall. 

The column was filled with solids and the air flow 
adjusted so that the bed was vigorously fluidised, but not 
slugging. The average bed height was noted and the flow 
started by pulling the trigger. For the first few seconds 
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Table 2. Solids and configurations used 


Solid dum) ex 


x 320 20 0.58 
y Alumina 75 0.46 
Southport | 195 0.42 
Sand 4S 327 0.47 
Onx 14S 766 0.39 
Onx 7/14 1280 0.38 
Polyethylene | 710 0.58 
Polyethylene 2 820 0.53 
Plastic ovoids 2120 0.44 
Plastic cubes 2100 0.44 


Southport 2 181 0.5 
Onx 1000 1000 0.47 
Polyethylene | 710 0.58 
Polyethylene 2 820 0.53 


p,(kg m 


4000 
1900 
2650 
2650 
2650 
2650 


the solids flowed into the smaller of 2 compartments in 
the container (position A) until the flow was assumed 
stable. The container was then pushed in position B. 
After a fixed time, usually 10s, flow was stopped and the 
bed height measured again. The effective bed height was 
then calculated from 


~ | -e, } 

BE ge (4) 
\2(H? — HI 5 

by analogy with a liquid flowing out of a tank. 

A set of experiments was carried out on a coarse sand 
(d, = 1280 um) to determine the effect of fluidising veloc- 
ity on solids mass flow rate and the results are presented 
in Figure 2. They appear to show that mass flow rate 
levelled off only when U—Uy, exceeded about 


0.45 ms~' but the bed was near slugging at that velocity; 


we shall return to this point later. 


RESULTS AND DISCUSSION 


The results for particles less than about 330 um 
fluidised in the 0.15 m diameter bed follow the form of 
equation (3) as shown in Figures 3 and 4 though the 


# Solids plus air 
5 


we 
Position A 


Position B | 








Figure |. Arrangement of equipment. The 300 mm diameter column. 
1—fluidised bed. 2—trigger. 3—windbox. 4—discharge pipe. 
5—collecting container. 6—distributor plate. 7—rubber ball. 


Pipe Dia (mm) 


9, 16, 20, 25 
9, 16, 20, 25 
9, 16, 25 
9,16, 20, 25 150 + side of column 
9, 20, 25 150 
9,16,20,25 150 
9, 16, 20, 25, 43 150 + side of column 
16, 20, 25, 43 150 + side of column 
16, 20, 25, 43 
, 25, 43 


, 20, 40 
, 20, 40 
, 20, 40 
, 20, 40 


Column (mm) 


300 + side of column 


discharge coefficients, C; (calculated using p, = Pgyr; 
k =0) vary between 0.45 and 0.75, increasing with 
decreasing particle size. However, the mass flow rates for 
the coarse solids depart considerably from equation (3) 
in the dependency on bed height (Figure 7), and also on 
tube diameter (Figure 4) if k is assumed zero. The 
ordinate in Figure 4 is essentially C,a and if the systems 
were behaving in an ideal way, all the points should lie 
on a straight line of slope 2. 


Mass flow (kg/s ) 


Or 02 03 0405 06 O° 
Air velocity m/s } 


Figure 2. Variation of discharge rate with air velocity 0.15 m diameter 


bed with onx 7/14 (@, = 1280 um), Bed depth 0.4m, D, = 20mm. 


Mass flow rate M(kg/s) 





O04 O06 
Bed height H(m) 


Figure 3. Mass flow rate of fine alumina versus bed height. «320 in 
0.15m column. d, = 20 um. p, = 4000 kgm~*. Broken line shows 
M =0.5 pymr(t/4)Dj5,/(2gH). 
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do Ap 

(um) (kg/m?) 
4000 
1900 
2650 
2650 
2650 


2650 
M m 


Ponag J29H 





Bed diometer=O-i5m 





20 30 
Tube diameter mm 


Figure 4. Effect of tube diameter on solids discharge. 


Figure 5 shows that C, becomes smaller as bed height 
and particle size increase but that the decline with 
increasing bed height is less when the bed diameter is 
increased. The effect of bed diameter is shown more 
clearly in Figure 6. 


Sub-fluidisation 


We expected that this effect might be caused by 
leakage of gas along with the solids. Several workers 
have turned their attention to the prediction and mea- 
surement of the amount of gas leaving with the solids 
and the work has been reviewed by Massimilla.* Here we 
consider the simplest expression, that due to Jones and 


Bed diameter = |SOmm 
Tube diameter = 25mm 





Bed diameter 300mm 
Tube diameter 20mm 





Oo4 06086 
H m 


Figure 5. Effect of particle and bed diameter on discharge coefficient. 
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Figure 7 
discharge rates. Polyethylene | in 0.15m dia column. @, 
Po 


10 000, 


, 


t 
Slope = O- Si 


Southport sands 


dp = 19Oym ) 


Mass flux of solids Gs (kg/m's } 


Mass flow rate of solids M(kg/s) 


eight H im 


Figure 6. Effect of orifice diameter on height dependency on discharge 
rate, polyethylene | 


Davidson.’ A volumetric flow of gas Q, leaves with the 
particles as though it were a moving packed bed; in 
addition, there is a superimposed flow of gas Q, moving 
under the pressure gradient around the orifice. The total 
exit gas flow rate is expressed as: 


0.=0,+ 0, 
Me, TN 


+ —Uy-H ) 
p, (I : 5 UME mr L 


Effect of bed diameter, particle size and bed height on 


710 um 
= 942 kgm 


F 





GELDART AND HAESEBROUCK 


Operation above a solid 
line iS Necessary to avoid 
sub fluidisation 


Bed slugs above this line 


Figure 8. Effect of particle size on U — Uyp required to avoid 
sub-fiuidisation. Bed dia = 150mm. D, = 15 mm. 


By substituting for M from equation (3) and dividing 
throughout by the cross-sectional area of the bed A we 
obtain; for k = 0, C; = 0.5: 


QO. 0.5(1—emr) (Do 
A (1-«&) (5, 
, 20 mae ( =) 


iy Ds Ai \ Ds, 


(2gH x: yr 


(7) 


The second term on the right hand side is derived from 
D’Arcy’s Law and as written it is not strictly valid at 
Reynolds Numbers (p;Uypd,/u) above about 2. By 
inserting some reasonable values of €y, and €,, (0.5 and 
0.8 respectively), we can explore the effect of the param- 
eters D,, Dg and Hy, on the minimum velocity at which 
a bed should be operated so that the gas flow rate 
throughout the bed should not fall below Uy; when 
solids are flowing out. Q./A is therefore the minimum 
operational excess gas velocity U — Uy, required to 
ensure that sub-fluidisation does not occur. 

In Figure 8, equation (7) is plotted for three values of 
Uys (0.5, 0.1 and 0.01 ms~') corresponding approxi- 
mately to sands of mean size 1250, 370 and 120 ym. The 
bed diameter is 150 mm and orifice diameter 15 mm. The 
minimum slugging velocities calculated from the equa- 
tion of Baeyens and Geldart’ and Yagi and Muchi" are 
also plotted in Figure 8. 

The effect of particle size is striking; the graph shows 
that for the coarse particles at any bed height greater 
than about 0.4m, a bed 0.15 m diameter would have to 
be in the slugging range (prior to commencement of 
solids outflow) in order to ensure no sub-fluidisation. It 
should be emphasised that the effect of sub-fluidisation 
is to reduce the effective bed height and consequently, to 
reduce the mass flow of solids below that predicted by 
equation (3). A substantial solids flow will still be 
achieved, as can be seen from Figure 2. However, 
sub-fluidisation can be a significant factor for coarse 
solids and explains in part their departure from Equa- 
tion (3) as shown in Figures 4 and 7. It could have 
undesirable results if the solids in the unit have a 
tendency to be sticky since temporary sub-fluidisation 
could develop into something more permanent. 


¥ Incipient slugging 
velocity 


ae 








Hur m 


Figure 9. Effect of orifice diameter on U — Uy, required to avoid 
sub-fluidisation. 300mm _—s diameter _ bed. Uyr = 0.5 ms~! 
Gy cang © 1250 pm. 


Sub-fluidisation can be reduced, or avoided altogether 
by several means: (a) increasing the gas velocity above 
the critical value calculated from equation (7) but this 
may be so high that it results in violent slugging; (4) 
reducing the orifice diameter, but of course this also 
reduces the solids outflow; (c) increasing the bed di- 
ameter. This is the most effective, as can be seen by 
comparing Figures 9 and 10, but it is probably the least 
practical. 

The shaded areas below a particular curve on Figures 
9 and 10 represent the region within which sub- 
fluidisation is likely. For example, a bed 0.3 m diameter 
and | m deep operating at U — Uy = 0.2 ms~' (Point A 
in Figure 9) would be slugging and when an orifice 
smaller than about 15 mm is opened to discharge solids 
the bed would not be sub-fluidised (since A is above the 
D, = 1S mm line); however, discharge through an orifice 
30 mm would cause sub-fiuidisation. By operating under 
the same conditions in a bed 0.6m diameter, the bed 
would probably not be slugging and orifices as large as 
50mm could be used without causing sub-fluidisation 
(Figure 10). 

We were able to verify these deductions qualitatively 
by fixing a circular mesh over the upper entrance to the 


am 
-, Incipient slugging 





Figure 10. Effect of orifice diameter on U — Uy, required to avoid 
sub-fluidisation. 600mm _ diameter bed. Up = 0.5 ms~!. 
Gy sang © 1250 pm. 
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Solids 
ox 320 

¥ alumina 
Sand 
Sarid 
Polyethylene | 
Polyethylene 2 
ONX 7/14 
Plastic cubes 
Plastic ovoids 


Symbol dp um 

20 

75 

195 

327 

710 

820 
1280 
2000 / 
2120 é / 

/ 

Chin, Munz and Grace & 


ee Queraeare~ 


Jones and Davidson 


A} 
# 

/V) 
// / 


Daag. se 810 20 30 40 
Do-4 dp mm 


Figure 11. Correlation of discharge data against D, — 4 ,. 


pipe, fluidising the bed at a particular velocity and then 
opening the ball valve, allowing gas but no solids to flow 
out. Depending on the particles, tube diameter, bed 
height and superficial gas velocity, a variety of changes 
in the appearance of the bed occurred, ranging from 
almost imperceptible (fine particles, small pipes), to 
sub-fluidisation (large particles, large pipes) in which the 
bottom of the bed remained well fluidised but the top 
collapsed into a fixed bed. 


Effective Size of the Orifice 


Although sub-fiuidisation explains the reduced de- 
pendence of solids flow rate on bed height it does not 
explain why, even when the orifice size is small, the flow 
rates of coarse solids are appreciably smaller than those 
of fine powders (Figure 4). Our attempts to use D, — kd, 
as the effective orifice or tube size, as discussed earlier 
were not successful so long as we assumed equation (3) 
to be correct, since the back-calculated values of k 
ranged from | to 8. However, we then used as a basis 
the following equation: 

Mi aC, tee 5 (Ds ~ ka, /(2.g)H" (8) 
and calculated n from the experimental results. By 
plotting M/psgy-H" against Dy — kd, for various values 
of k, it was found that k = 4 gave a slope of 2 (Figure 
11). This value of k is based on the mean particle size; 
if based on the largest 10% of the particles—a defensible 
proposition—then k would be nearer | to 1.5. In fact, 
although k = 4 provides the best fit for the experimental 
data, the value of the constant only begins to be critical 
as D,/d, falls below about 40. The use of values of k 
other than 4 increases the horizontal spread of the data 
on Figure 11. It is interesting to note that equation (8) 
predicts zero mass flow when the orifice size equals 4d, 
a value often used to give the minimum aperture size for 
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Figure 12. Correlation of n (from H") Against Dyd,/Dj, 


discharge of free-flowing solids from hoppers or through 
multi-hole distributors in fluidised beds. 


DEVELOPMENT OF A CORRELATION 


We have argued that the result of sub-fluidisation is 
to reduce the effective bed height, and that the effect 
increases as the orifice and particle size increase and bed 
diameter decreases. It seemed reasonable therefore to 
plot the exponent of H, that is n, against Dod, /Dj, and 
this is shown in Figure 12. The graph includes data from 
both the large and small beds, and although the scatter 
is large, the trend is unmistakable. 


and for 


ie 


n = 0.0546 vo? 10 
a) — 


Dod, >3~x 10-4 
De< 


B B 


The final correlation for intermittent discharge of solids 
through short vertical pipes is 


Tl > 
M = 0.48 ppur 3 (Dy — 4d,)°/(2g)H" (11) 


where n is given by equations (9) and (i0). The predic- 


tions of equation (11) are compared with our own 
experimental values and those of other workers on 


+30% 
e 32 
v Alumuir 
Sand 
Sand 
Polyethylene | 
Polyethylene 2 
ONX 7/14 
Plastic cubes 
Plastic ovoids 


Chin, Munz and Grace 


ae j~po0er amp <™ ; 


Jones and Da 


M Predicted kg/s 





O1 ro 


M Experimental kg/s 


Figure 13. Discharge rate predicted from equation (11) compared with 
experimental values 
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Polyethylene 2 ( 820 ym) 


s ° * | Do= 25mm 
Oo = 


a® 
' Do=20mm 
c 0 


Solid points 


Ac- 


Open points 





Polyethylene 1 (7IOum) 1° & 


a ol Do=20mm [ 
° 








H m 
Figure 14. Discharge from a side entry pipe at 45° compared with 


vertical discharge through distributor. 


Figure 13. For particles less than about 150 um dis- 
charging from orifices larger than about 6 mm in large 
vigorously fluidised beds equation (11) approximates to 


(12) 


m > 
M = 0.48 ppyr 4 Dj,/(2gH) 


which agrees well with our data and those of other 
workers taken under similar conditions. 


OTHER CONFIGURATIONS 


Some tests were made with tubes inclined at 45 
located in the wall of the 0.15 m diameter bed and some 
with short horizontal tubes in the wall of the 0.3m 
diameter bed. Compared with tubes in the distributor, 


o jx 320 
2} 20 ym 


@ | ONX 7/I4 
o | 128Oym 
22mm QD i6mm 


a 
4 }. 
a A 71Oym 
_, * 


La 1 1Smm 
’ i | 
| 


gd l6mm 


Solid Open 
points points 





Plastic 
ovoids 


2120 um 


Figure 15. Discharge through tapered pipe compared with square 
edged pipe. 


this made relatively little difference to the mass flow of 
finer powders, but increases the mass flow of coarser 
solids by 10 to 20°%, particularly at the larger bed heights 
(Figure 14). We think that there may have been less 
sub-fluidisation with the wall exit than with the centrally 
located tubes in the distributor. 

We made some tests using tubes tapered at their 
entrance (Figure 15) and this produced 40—60° im- 
provement in mass flow rates. In fluids the increase in 
discharge rate produced by tapering the pipe entrance is 
attributable to elimination of the vena contracta so that 
the full bore of the pipe is used. However there is no 
evidence that a vena contracta occurs when aerated 
solids flow out of orifices*. Jones and Davidson* showed 
that nozzles with a hyperbolic profile gave higher dis- 
charge rates than sharp-edged pipes, and attributed the 
increase to a change in interparticle forces. As shown in 
the next section and Table 3 the voidages of the stream 


Table 3. Velocity, density and voidage of solids discharge stream 


Stream Velocity 


Bed 
Height vt 
Comments Hm (ms~') 


Tube Tapered 0.19 3.29 
vertical, entry 0.28 3.79 
perspex 0.41 4.21 

0.55 4.37 
Sharp 0.21 
16mm dia entry 0.31 
(Bed dia = 0.41 
152 mm) 0.48 
0.61 


Tube horizontal, 0.46 
perspex, 0.67 

13 mm dia 0.88 
(Bed dia = 305 mm) 1.12 
1.33 


Solids 


Plastic ovoids 


4, = 2120 um 
ps = 1080 kgm 


Polyethylene 
d, = 820 um 
P= 942 kg m~> 


y-alumina 
d,= 75 um 
p, = 1900 kgm~* 


Tube horizontal, 0.65 
perspex, 0.69 
3 mm dia 0.73 
(Bed 600 x 150) 0.79 


+ from cross-correlation technique. 


/(2gH) 
(ms 


Density in 
discharge pipe 

Discharge rate p. 
) (mkgs~') (kgm _~*) 


Voidage 
Peet (Equation (14)) 


' (kgm ~*) é, 


ME 
1.93 0.086 605 
2.34 0.1 

2.84 0.114 

3.28 0.137 

2.03 0.051 

2.46 0.059 

2.84 0.066 

3.07 0.07 

3.46 0.078 


3.0 0.039 
3.61 0.048 
S45 0.057 
4.69 0.066 
5.1 0.073 


3.57 0.0108 
3.68 9.0113 
3.78 0.0114 
3.94 0.0117 


0.867 0.44 
0.875 
0.878 
0.879 
0.919 
0.917 
0.919 
0.919 
0.919 


0.847 
0.856 
0.844 
0.844 
0.847 
0.517 
0.495 


0.534 
0.523 
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of discharging solids are always higher than €y,p, and in 
the case of coarse solids, so much higher that the 
particles cannot have been in continuous contact. It 
therefore seems unlikely that interparticle forces play a 
major role. 

If the problem is treated as that of a very short 
pneumatic conveying line, it can be shown that most of 
the pressure head available is required to accelerate the 
particles. It seems more likely therefore that the increase 
in discharge rate which results from having a tapered 
entrance is the result of a more gradual acceleration of 
the particles. 


MEASUREMENT OF PARTICLE VELOCITY 
AND EXIT STREAM VOIDAGE 

Equation (11) and (12) imply that the bulk density of 
a stream of solids leaving the bed is similar to that of the 
bed at incipient fluidisation. Horizontal streams of fine 
(Group A) powders emerging through small diameter 
holes certainly appear to have a high bulk density and 
to be reasonably coherent. 

The usual method of determining the velocity of a 
horizontal stream of fluid emerging from a tank is to 
measure the horizontal (x) and vertical (y) coordinates 
of its centre. Application of particle mechanics and 
assumption of negligible air resistance gives: 


(13) 


Jones and Davidson’ used this technique on 150 um 
sand and using equation (1), derived values of 0.60.8 
for the coefficient of velocity. They also measured the 
mass discharge rate and were able to estimate the 
voidage of the exit stream from 


* 


nD) 
M = p,(1 —€,)—3> (14) 
For orifices this gave voidages in the range 0.5 < €, < 0.7. 
This technique is impossible to use with vertical or 
angied orifices, and suspect even for short tubes if gas 
separation occurs. It also becomes extremely difficult 
and inaccurate when the stream of solids is very diffuse. 
It was decided therefore to use the cross-correlation of 
electrostatic signals generated in the tube, to measure the 
average time of flight of emerging particles. This tech- 
nique could then be used for any orientation of tube. 
First however, the technique had to be validated by 
comparing it with the method outlined above. A short 
3mm shaped nozzle was used with the fine »-alumina. 
Agreement between the two methods was within + 10%. 
Having established the validity of the cross- 
correlation method we then used it on both horizontal 
and vertical short pipes, and the results are presented in 
Table 3. A number of interesting features emerge: (a) 
With the fine powder, the exit velocities are iower than 
those predicted by Benoulli’s equation, and the voidages 
and discharge densities are comparable with conditions 
at incipient fluidisation. This is in agreement with the 
findings of other workers.’ (b) With the coarse solids, the 
average exit stream velocities are appreciably larger than 
,/(2gH) and this must be caused by the high gas exit 
velocities accelerating the solids. This same gas produces 
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discharge densities and exit voidages considerably 
different from those at incipient fluidisation. (c) The 
increase in discharge rate which is achieved by tapering 
the entry to the pipe results from an increase in both the 
velocity of the stream and its density. 


CONCLUSIONS 


The discharge from fluidised beds of coarse and fine 
solids have been studied. The beds were 150 and 300 mm 
diameter and most of the experiments were done using 
vertical tubes 9 to 43 mm diameter and not more than 
200 mm long. Even when vigorously fluidised, the coarse 
solids showed a smaller dependency on bed height than 
that predicted by Bernoulli’s equation and this appears 
to be caused by partial defluidisation of the upper 
portion of the bed due to substantial quantities of gas 
escaping with the solids. We show that there are condi- 
tions under which beds even 0.6m diameter could 
become sub-fluidised even though they are slugging prior 
to the commencement of solids discharge 

Use of a cross-correlation technique enabled us to 
measure the average velocity of discharging solids: fine 
powders have an exit velocity consistent with a 
coefficient of velocity about 0.6 and this is in agreement 
with published results; coarse solids discharge at veloci- 
ties significantly higher than (2¢H)'’, probably due to 
the large flow of gas. This results in the stream of solids 
having a bulk density much lower than that of either the 
dense phase or of the fluidised bed as a whole. 

A correlation is presented for flow through short 
sharp-edged vertical or horizontal pipes. The equation 
allows for scaling-up by inclusion of an exponent which 
depends on the diameter of the bed, the orifice and the 
particles. 


SYMBOLS USED 


cross-sectional area of fluidised bed (m*) 
cross-sectional area of orifice or pipe (m*) 

discharge coefficient ( — ) 

velocity coefficient ( — ) 

= 1/2(X/d,), (m) mean sieve size of particles 

diameter of fluidised bed (m) 

diameter of orifice or pipe (m) 

gravitational constant (9.81 ms~*) 

mass flow of solids per unit area of orifice (kg m 
height of fluidised solids (m) 

height of fluidised solids (m) 

height of fluidised solids of incipient fluidisation (m) 
constant ( ) 

discharge rate of solids (kgs~') 

exponent ( — ) 

volumetric flow rate of a fluid (m°s~') 

volumetric flow rate of gas leaving with solids (m°s~') 
volumetric flow rate of gas in voids between particles 
(m*s~') 

volumetric flow rate of gas flowing under pressure 
gradient (m’s~') 

superficial velocity of gas in fluidised bed (m s~') 
superficial velocity of gas at incipient fluidisation (m s~') 
velocity of solids at exit from orifice (ms ~‘) 

weight fraction of solids between two sieves of average 
aperture d, (—) 

horizontal distance from end of pipe (m) 

vertical distance fallen by cenire of jet (m) 

voidage of solids in exit pipe, and in bed at incipient 
fluidisation ( — ) 
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bulk density of bed at incipient fluidisation and in exit 
pipe (kgm ~*) 
particle density (kgm ~*) 
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Nonlinear Analysis in Chemical Engineering, 

By Bruce A. Finlayson, 

McGraw-Hill, New York 

Pp. 366 £19.50 

and 

Numerical Solution of Partial Differential Equations in 
Science and Engineering, 

By Leon Lapidus and George F. Pinder, 

John Wiley and Sons, New York 

Pp. 677 £35.00 


The solution of ordinary differential equations is, for 
many chemical engineers, something to be carried out 
analytically if possible: the solution of partial differential 
equations is something to be avoided. The range of 
possible methods of solution to ordinary or partial 
differential equations is too wide to be covered by the 
average student: the number of problems to which 
analytical solutions are known can lead the practising 
engineer into a fruitless hunt for the piece of literature 
which will provide such a solution and save him from 
carrying out a numerical solution. 

But a large part of the solution of such problems arises 
from the need to construct satisfactory models. Thus a 
book which covers the solution of such equations from 
a specific technical perspective has much to offer both 
the practising and the student engineer: it gives a guide 
to the kind of realistic assumptions needed to formulate 
a problem with a solution both feasible and viable in 
terms of the manpower and computational resources 
available. 


These two books both provide readable tours around 
the solutions of different types of differential equations. 
Finlayson covers both ordinary and partial differential 
equations and his examples are drawn from his chemical 
engineering experience. This, of course, leaves the reader 
with the feeling of being in safe hands although it 
restricts the range of problems tackled. However, 
Finlayson’s treatment of problems solved by the use of 
partial differential equations covers examples from heat 
transfer and reactor modelling, of a kind likely to be 
relevant to a wide cross-section of the process industries. 

In the book by Lapidus and Pinder the examples are 
drawn from a fairly general engineering background, 
and are, of course, restricted to partial differential 
equations. It is therefore inevitable that this book is 
more theoretical than Finlayson’s and contains fewer 
numerical examples. But the high theoretical content is 
leavened by an easy style, good layout and clear dia- 
grams. It does contain an immense range of material in 
its 677 pages and for this it must be recommended as a 
reference text for engineers with numerical problems and 
for researchers anxious to ensure that their skills are up 
to date. 

Finlayson’s work is far easier to digest and could 
usefully be considered as a teaching text for chemical 
engineers. The theory is developed within a chemical 
engineering context and the influences of the method of 
solution upon the model adopted are of interest, not 
only to the student, but also to the practising engineer 
seeking to apply numerical methods. 


Boek Reviews continue on page 240 


Chem Eng Res Des, Vol. 61, July 1983 





CORRELATION OF SEPARATION RESULTS 
FROM LIGHT DISPERSION HYDROCYCLONES 


By D. A. COLMAN and M. T. THEW 


Department of Mechanical Engineering, Southampton University 


Hydrocyclones have been developed suitable for separating liquidtiquid mixtures, without disruption of drops, when the 
dispersed phase is the less dense and the concentzation less than a few percent. In this paper the results of extensive experimental 
tests on these hydrocyclones using dispersions of both oil and solid particles in water have been correlated. It is shown that 
for suitable hydrocyclone design the reduced migration probability curves are independent of operating split ratio and that these 
define a common curve when plotted against dropiet diameter normalised by the drop of 75% migration probability. An 
analytical expression is suggested to approximate to this curve that is found to be less steep than the corresponding curve for 
hydrocyclones for separating more dense dispersions, showing that the classification of droplets is less sharply defined. Further, 
using a non-dimensional group based on Stokes’ law, an expression is found as a function of hydrocyclone Reynolds number 
by which the Stokes diameter of droplet or particle of migration probability 75% may be calculated. 


INTRODUCTION 

The Hydrocyclone for Light Dispersions 
During recent years work at Southampton University 
has led to a design of hydrocyclone for the removal of 
a lighter dispersed material from a more dense con- 
tinuous phase and in particular this hydrocyclone has 
been shown to be successful when the lighter dispersion 
is a liquid. This paper shows that the experimental 
results from this work can be correlated using equiv- 
alence relationships previously well established in the 
comparison of results from hydrocyclones for more 
dense dispersions. 

A hydrocyclone of this type has immediate application 
in the oil production industry where large volumes of oil 
contaminated water frequently require rapid treatment 
for the removal of the oil before, for example, the water 
may be re-used or discharged to the environment. In this 
field of operation where space is often at a premium the 
hydrocyclone satisfies the demand for a compact sepa- 
rator with minimum maintenance. Other identifiable 
areas of potential use lie within the food-stuffs industry 
and also in some process industries where one fluid 
becomes contaminated by a dispersion of another lighter 
liquid. 

Under SRC sponsorship a solid particle in water 
analogue was used to develop a number of hydrocyclone 
designs suitable for separating light dispersions’ and 
more recently tests on these designs using dispersions of 
oil in water have identified one design (Figure 1) to be 
clearly superior’. Consequently the National Research 
Development Corporation (now British Technology 
Group) has taken patent action covering the designs and 
proceeded to promote the hydrocyclones commercially. 

This type of hydrocyclone differs significantly from 
hydrocyclones which in the past have generally been 
designed for the removal of a more dense particulate 
material from a lighter continuous phase*® although 
some work with more dense liquid dispersions has been 
done’*. 


Difference between Hydrocyclones 
for More and Less Dense Dispersions 

Fluid enters a hydrocyclone through inlet ports 
aligned tangentially at one end of the hydrocyclone, 
generating a vortex. Particles or drops of density 
differing from that of the continuous phase move out- 
wards or inwards, according to whether they are more 
or less dense, due to the centrifugal acceleration. Thus 
in a hydrocyclone for separating more dense material, 
which is generally of conical form, as the fluid passes 


Upstream axial 
outlet ~ 


Twin tangential | 
circular inlets 





D, = 0-140 
according to split ratio 


Major diameter D 
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(clean stream) nae 








! 


Figure 1. Hydrocyclone geometry for light dispersions (not to scale) 
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down the hydrocyclone the dispersion collects on the 
wall and is carried in the boundary layer away from the 
inlets towards the apex of the cone where it is removed 
from the hydrocyclone with a small amount of the total 
flow. The lighter continuous phase which is now 
dispersicn-depleted passes back towards the inlet end 
along the hydrocyclone axis where it leaves through the 
axially placed vortex finder in the upstream end wall. 

Conversely, a less dense dispersion that moves radially 
inwards collects aiong the hydrocyclone axis forming a 
central core of dispersion which is in the region of axial 
flow reversal and is thus carried towards the upstream 
end wall of the hydrocyclone. Thus the hydrocyclone for 
separating light dispersions is designed such that the 
bulk of the flow, the more dense phase, passes out of the 
downstream end while allowing sufficient axial flow 
reversal to carry the central core of dispersion to the 
upstream end wall, where it is removed through an 
axially placed outlet that is found to operate best with 
no projection like the vortex finder of the previous case. 

In the design of hydrocyclone for light dispersions the 
underflow comprises the bulk of the total flow (typically 
>90°,, total volumetric throughput), while the overflow 
takes oniy that necessary to carry the central core of 
separated dispersion into the upstream axial outlet, 
which ts generally no more than 10°% of total volumetric 
throughput according to the design of the hydrocyclone 
and upstream outlet (see section on “split-ratio”’). 


Measurements of Hydrocyclone Performance 
Throughout this work the major criteria for per- 


formance of the hydrocyclones has been the ‘cleanness’ 
of the bulk of the flow leaving the hydrocyclone relative 
to the concentration of dispersion in the influent so the 
natural parameter for determining the efficiency of the 
hydrocyclone has been the separation efficiency defined 


(1) 


where K, is the concentration (by volume) of light 
dispersion in the influent and K, is the concentration the 
clean stream effluent from the downstream axial outlet. 
This nas been referred to as the ‘reduced’ efficiency’ and 
was originally due to Kelsall*. It is readily seen that as 
the hydrocyclone becomes more effective and K,>0 then 
€—+1 while as the separation effect of a hydrocyclone 
decreases and K.>K,, «0. 

It is noted that this efficiency parameter which simply 
relates concentration in the influent and effluent does not 
include a measure of the split ratio F, the volumetric 
ratio of flow out of the upstream outlet with the 
separated dispersion to the total throughput. The split 
ratio is a very significant parameter in hydrocyclone 
operation and it is desirable in the majority of cases that 
it should be minimised consistent with maintaining 
hydrocyclone separation efficiency. 

In addition to the separation efficiency ¢, that is a 
function of not only hydrocyclone design and operating 
conditions but also the drop or particle size distribution 
of the dispersion in the inlet, the migration probability 


MP(d), defined as the probability that a drop of 
diameter d will leave the hydrocyclone through the 
upstream axial outlet in the overflow, has been used. 
The migration probability is equivalent to the grade 
efficiency in the terminology commonly used for more 
dense dispersion hydrocyclones’ and similarly if a hydro- 
cyclone has no separating effect upon a drop and it 
therefore follows the internal streamlines its migration 
probability will equal the split ratio F, while a drop that 
is always separated by the hydrocyclone has MP = | (or 
100%). Thus, for example, even if the separation 
efficiency, ¢, in a hydrocyclone remains constant for a 
change in split ratio F, then the curve of MP against d 
must also change. 

The work in this paper shows that migration proba- 
bility curves for light dispersion hydrocyclones can be 
reduced in the same way grade efficiency curves are by 
Bradley’ and Svarovsky°, and that they are then inde- 
pendent of split ratio. Drawing on the extensive experi- 
mental results that cover a wide range of conditions the 
migration probability curves are then correlated after the 
fashion of Yoshioka and Hotta’. In addition to this 
correlation a relationship is found between a non- 
dimensional drop size and the hydrocyclone Reynolds 
number, Rep, from which the migration probability of 
any light dispersion in a hydrocyclone of similar geom- 
etry to that used in this work may be derived. 

Firstly an outline of the experimental work upon 
which this is based is given. 


EXPERIMENTAL RESULTS 
Range of Conditions 

Many of the oil-in-water experimental results and also 
the test rig and run procedure have been discussed and 
published previously’, so only a brief summary will be 
given here. Both the input oil concentration K; and oil 
drop size distribution can be controlled independently in 
the test rig while hydrocyclone effluent concentration K, 
and drop size distribution can be measured simulta- 
neously at all conditions. In-line flowmeters record total 
throughput and split ratio. Hence both the separation 
efficiency € and migration probability MP are readily 
calculated, and for each migration probability curve at 
least three different input drop size distributions were 
used to build it up with generally good agreement in the 
regions of overlap (see Figure 2). 

Although three different hydrocyclone designs were 
developed using the solid-particle-in-water analogue! 
only results from the design shown to be superior by the 
work with oil dispersions (referred to as design III in 
Colman et al’) have been used here. (This design is 
shown schematically in Figure 1.) Twin tangential inlets 
introduce the flow into a large diameter swirl chamber 
creating the vortex with a minimum of turbulence and 
energy loss. As the mixture passes through the hydro- 
cyclone a region of high swirl and hence good separation 
is formed within the long finely tapering section. The 
dispersion-depleted continuous phase passes out of the 
cylindrical downstream outlet section where some sepa- 
ration still occurs while the separated dispersion that 
forms a core along the hydrocyclone axis moves towards 
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Figure 2. Migration probability against oil drep size. Test No 5 
Forties crude in water at 50°C. Reynolds No, Re, = 1.65 x 10° 


the upstream end wall where it is removed through the 
upstream axial outlet. 

In this hydrocyclone it was also shown that no oil 
drop break-up occurred, detrimental to separation per- 
formance. Recent work has shown that by suitable 
modification of the upstream axial outlet spiit ratios of 
0.5% to 10% can readily be achieved. The experimental 
work has investigated the performance of this hydro- 
cyclone design over a range of conditions likely to cover 
most foreseeable operations where the inlet oil concen- 
tration is less than a few percent by volume. (Clearly at 
high concentrations the continuity condition F > K, 
must be satisfied). It has been shown’ that the efficiency 
€ is independent of inlet concentration XK; over the range 
0 < K,< 1% provided F > K,; is satisfied. 

These tests include two sizes of geometrically similar 
hydrocyclones with major diameters D = 30mm and 
58mm having tested flow ranges 40-701m~' and 
160-2501 min~'. The hydrocyclones were constructed 
from ‘Perspex’ and the internal walls were hydro- 
dynamically smooth. Dispersions of stabilised Forties 
(p = 840 kgm? at 15°C) and Kuwait (9 = 870kgm~° 
at 15°C) crude oils have been used in freshwater both hot 
(~ 50°C) and cold (~ 15°C) as well as in cold brine of 
density 1050kgm~*. In all tests both the separation 
efficiency and migration probability have been measured 
and a typical plot of migration probability against drop 
size is shown in Figure 2 with experimental points. A 
Coulter counter is used for measuring the drop size 
distribution so each point corresponds to the average for 
a diameter range for which the geometric mean diameter 
d is taken as the characteristic diameter and the width of 
the range is 0.23d. Due to the ephemeral nature of oil 
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drops and the relatively low volume fraction represented 
by drops having MP < 50°, data at the lower end of the 
MP curves is unreliable and so the curves in this region 
must be somewhat notional. In comparison a plot of the 
migration probability of the solid-particle-in-water ana- 
logue is shown in Figure 3. The solid particles are 
polypropylene powder (p = 890 kg m~? at 50°C) having 
a mean particle size d, = 38 ym but again data at low MP 
is lacking due to the low volume fraction of particles 
below 10 wm (~0.2%). 

Although the tests have not been exhaustive in possi- 
ble combinations of conditions, some nine different 
migration probability curves with hydrocyclone Rey- 
nolds numbers Re, ranging from 0.7 x 10* to 1.6 x 10° 
covering a representative sample of conditions have been 
used as a basis for this work (see the Table). 


Split Ratio 

The split ratio F is the fraction of total volumetric flow 
that leaves the hydrocyclone through the upstream axial! 
outlet. This flow not only removes the central core of 
separated light dispersion but is necessary for maintain- 
ing the internal flow structure of the hydrocyclone and 
if it is not matched to the upstream axial outlet geometry 
then separation will break down and the core of dis- 
persion pass out of the downstream end of the hydro- 
cyclone in the supposedly clean stream. It was originally 
thought necessary to have F > 5°%% but recent work has 
shown that with a small diameter upstream outlet, F may 
be reduced to around 1%. 

A characteristic plot of efficiency € against split ratio 
F is shown in Figure 4 for both designs of upstream 
outlet. Provided the split ratio is sufficient to maintain 
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Figure 3. Migration probability against particle size. Test No 9 
Polypropylene particles in water at ‘S0°C. Reynolds No, 
Rey = 0.17 x 10° 
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Table Test conditions 


D Gj ) m 
(mm) (1 min~') (kgm~'s~') 


58 250 1000 160 1.23 x 10-3 


58 250 1000 130 1.27 x 10 


30 60 1000 130 1.1 x 10 


30 1000 1.1 x 1073 


58 25 990 0.55 x 10 


990 0.55 « 10 
1050 1.32 x 10 
1000 1.14 x 10 


990 0.55 x 10 


tdj.,=21.4um. tRep, = QOp/inDu. 


flow of all the central core of dispersion into the 
particular outlet then the separation efficiency remains 
constant. However if the split ratio is below ~ 5% in the 
first design of outlet the efficiency falls but by using the 
smal! outlet it is seen that the efficiency is maintained in 
the range F = 0.5% to 2%. 

Thus if the input drop size distribution pd) is con- 
stant the efficiency ¢, and hence K,/K;, can be maintained 
constant for any split ratio 0.5% < F < 12.5% and it is 
further shown (Figure 5) that if K./K; is constant then the 
oil drop size distributions in the clean stream p.(d) at 
F=1°% and 10% are similar; from which it may be 
assumed that p.(d) is independent of F for constant p,(d) 
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Figure 4. Characteristic plot of efficiency against split ratio. Forties 
crude in fresh water at 15°C. d= 35pm. Hydrocyclone diameter 
D = 58mm. Flow rate Q = 2201 min~'. 


, a 
(um) Description 
0.75 x 10° Forties crude. 
cold fresh water 
Kuwait crude 
cold fresh water 
Kuwait crude 
cold fresh water 
Kuwait crude 
cold fresh water 
10° Forties crude 

hot fresh water 
10° Forties crude 
hot fresh water 
Forties crude 
cold brine 
Forties crude 
low split ratio 
Polypropylene particles 
in hot fresh water 


0.72 x 10° 
0.10 x 10° 


0.069 x 10° 


provided separation efficiency is maintained over the 
above range of F. 


Pressure Drop 

While this paper is primarily concerned with the 
separating effect of the hydrocyclone, it is necessary to 
comment briefly upon the pressure drop across the 
hydrocyclone since this is a measure of the energy 
required to drive it and hence a parameter in the overall 
performance of the hydrocyclone. There are two pres- 
sure drops AP, from the inlets to the upstream axial 
outlet and AP.. from inlets to the down stream outlet. 
The value of AP,. is included in the Table for each test 
condition and in general AP., is 65°,—-75% greater al- 
though this will increase or decrease with split ratio and 
is dependent upon the upstream axial outlet being used. 
It has been found that, for both pressure drops, AP <Q" 
where n ~ 2.05 over the tested range of Reynolds num- 
bers, which is a smaller index than that usually given for 
hydrocyclones for more dense dispersions*. Further dis- 
cussion of the pressure dop in these hydrocyclones can 
be found in Colman et al.'”. 
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Figure 5. Oil drop size distribution in clean stream effluent. Forties 
crude oil in fresh water at 15°C. d = 35 um. 
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CORRELATION OF SEPARATION RESULTS FROM LIGHT DISPERSION HYDROCYCLONES 


ANALYSIS OF RESULTS 


Reduction and Correlation of 
Migration Probability Curves 


The tests on the hydrocyclone designed for separating 
light dispersions have shown that, provided the up- 
stream axial outlet geometry is compatible with the 
operating split ratio F, then for a given input size 
distribution pd) the drop size in the clean stream p.(d) 
and the separation efficiency ¢ = | — K,/K, are indepen- 
dent of F. The migration probability for a drop of 
diameter d is defined as the chance that it will be 
separated and pass out of the hydrocyclone through the 
upstream axial outlet, whence 


(d) P. 
pd) 


where P. is the volume fraction of dispersion in the clean 
stream and P. = K./K(1 — F). 
Thus 


MP(d)= ] cies 


(2) 


pAd) K, P 
MP(d)=1-— —(l1-—F 3 
(ad) >(d) K ) (3) 


which demonstrates that MP(d) is a function of F since 
the other terms are independent of F. 

Using the method common for more dense dispersion 
hydrocyclones the reduced migration probability can be 
defined 

MP(d)—F 


M P’(d) = —_——_— 4 
(ad) -y (4) 


MP(d)= _ PAA)K, (5) 
p(d)K; 


which from the above results clearly defines a migration 
probability curve for the hydrocyclone that is indepen- 
dent of the split ratio F, provided F is in the operating 
range of the hydrocyclone. As MP(d)-—1 then also 
MP’(d)->1 which means that a drop with 100% chance 
of separation has a reduced migration probability of 
100% but as MP(d)>F then MP’(d)}->0 so a drop 
having no separation has zero reduced migration proba- 
bility. The independence of the reduced migration curve 
from split ratio has also been found for more dense 
dispersion hydrocyclones’. 

Reduced migration probability curves have been de- 
rived for the experimental curves of migration proba- 
bility and are included with the migration curves in 
Figures 2 and 3 which were both from hydrocyclones 
operating at 10° split ratio. 

Yoshioka and Hotta ° showed that the reduced grade 
efficiency curves of hydrocyclones for more dense dis- 
persions are of similar shape and reduce to a common 
curve when normalised and plotted against the diameter 
ratio d/d% where dj is the particle with MP’ = 50%. 
Consequently the results from the light dispersion hy- 
drocyclones have also been normalised but since in some 
instances the drop with MP’ = 50% is not accurately 
measured (see the section on ‘range of conditions’) the 
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Figure 6. Normalised and reduced migration probability curves 


drop with MP = 75% has been used and the curves 
plotted against A,, = d/d;,. The resultant curves for the 
nine different operating conditions, listed in Tabie | and 
referred to above, were plotted and the envelope encom- 
passing all curves is drawn in Figure 6. The narrowness 
of the envelope means that the reduced migration proba- 
bility curves for this type of hydrocyclone are of similar 
shape and so again, as in the case of dense dispersion 
hydrocyclones a single curve relating MP’ and A,, is 
defined to which an analytical function may be fitted. A 
suitable such function is 


MP’ = | — exp[—1.8(A,; — 0.19)'*5] (6) 


This function defines a curve which is seen in Figure 6 
to follow closely the centre of the envelope of curves and 
to cut the axis at A,,=0.19. This is considered a 
reasonable approximation since although theoretically 
the curve should pass through the origin, turbulence and 
in some cases Brownian motion will cause the very small 
drops to have zero reduced migration probability. 
Hence in a hydrocyclone for light dispersions if MP’ 
at any drop size d is known, substitution in equation (6) 
using A,, = d/d5, will reveal d;,. Whence the migration 
probability curve for any split ratio F within the oper- 
ating range of the hydrocyclone can be found from 


MP(d)=MP(d)\(l\—F)+F (7) 


Inclusion in Figure 6 of the common curve found by 
Yoshioka and Hotta for dense dispersion hydrocyclones 
shows the cut in these to be more sharply defined than 
in the case of the light dispersion hydrocyclone. Al- 
though no similarity should be expected between the two 
forms of hydrocyclone since their operation is entirely 
different it may at first be thought that the difference 1s 
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due to the use of liquid dispersions in the less dense 
hydrocyclones, but the conformity of the less dense solid 
particles refutes this. Also it has been shown’ that liquid 
drops in more dense dispersion hydrocyclones conform 
to the curve of Yoshioka and Hotta. It is therefore 
apparent that the difference is due to differing internal 
flow structures and migration paths of the two hydro- 
cyclones. It is also noted that having less steep MP 
curves these hydrocyclones can be used in series with a 
significant improvement in the overall separation 
efficiency as shown previously’. Also, no trend was 
apparent in the distribution of curves across the en- 
velope of Figure 6 with no noticeable difference between 
the two sizes of hydrocyclones, unlike the trend observed 
with change in size of dense dispersion hydrocyclones*’. 


Hydrocyclone Similarity Criteria 

In the foregoing, knowledge of the migration proba- 
bility at some drop size is necessary before the complete 
migration probability curve against drop size can be 
derived. Bradley’ discusses a number of empirical re- 
lations by which dj, may be calculated for more dense 
dispersion hydrocyclones that are based on a dimen- 
sionless group derived from Stokes’ law for the terminal 
velocity of spheres in a fluid. This dimensionless group 

which may be defined by 
Hy = — (8) 

D> 

has been discussed further in a previous publication’ in 
direct connection with hydrocyclones for light dis- 
persions, where it is shown to relate drops of similar 
migration probability in hydrocyclones of similar geom- 
etry and to be a weak function of hydrocyclone Rey- 
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Figure 7. Reynolds number against hydrocyclone number. 


noids number Rep. Thus in hydrocyclones of similar 
Reynolds numbers the hydrocyclone number Hy,, can 
be defined 


(9) 


and is a constant. By plotting Hy,, against Rep a 
non-dimensional curve is obtained (Figure 7) from 
which d;, can be derived for any light dispersion hydro- 
cyclone of geometry similar to that used in this work. 
The points plotted in Figure 7 correspond to the nine 
different hydrocyclone conditions used above and it is 
seen that with the exception of the point from the solid 
particle result they all lie on the common curve. 


Hy; = 0.011 Re5*'’ (10) 


The discrepancy between the points derived from the 
dispersions of oil and one from polypropylene particles 
is not due to drop break up of the oil which has been 
discussed above and previously’, since break up would 
have manifested itself in the migration probability 
curves. Neither is it believed to be due to any internal 
flow of the oil drops causing a reduction in the drag 
coefficient since not only is the viscosity ratio of the 
crude oils to water of the order of ten or more, but 
naturally occurring surface active agents in crude oils 
create a shell round each drop which will cause them to 
behave like solid spheres. Rather it is due to the non- 
spherical nature of the solid polypropylene particles. 

In all the experimental work particle and drop size 
distributions were measured using a Coulter counter that 
responds to the volume of a particle or drop. Thus the 
measured diameter d refers to the diameter of a sphere 
of equal volume to the particle or drop. Whilst this is 
satisfactory for the oil droplets, assuming no defor- 
mation, the solid particles have been observed from 
Stereoscan pictures (Figure 8) to be irregular in shape 
although fairly well rounded. For a reasonable approx- 
imation they may be assumed on average to be eilip- 
soidal with major diameters in the ratio 3:3:1, and from 
the published data of Heywood’ a shape factor is 
suggested for particle Reynolds numbers < | such that 


d,= 0.89d (11) 


where d is the particle diameter measured by the Coulter 
counter and d; is the Stokes diameter or diameter of a 
solid sphere of equal density having the same terminal 
velocity. It has been shown! that in most regions of the 
hydrocyclone the particle Reynolds number will be less 
than unity. (It is noted that other similar diameter ratios 
yield similar results e.g. the ratio 3:2:1 gives d; = 0.88d.) 

Using this definition of particle diameter in the equiv- 
alence relation, Hy, that assumes spherical particles and 
drops through its derivation from Stokes’ law, 
di; = 0.89 d5, can be substituted in Hy,, in Figure 7 for 
the point relating to the polypropylene result. This 
adjustment makes the point compatible with the oil 
dispersion results reinforcing the need to use the Stokes 
diameter when comparing non-spherical particles. Since 
this correction multiplies particle diameter by a constant 
factor it will not change the shape of the polypropylene 
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Figure 8. Stereoscan pictures of polypropylene particles. 


migration curve in Figure 4, and it is noted that had a 
sedimentometer been used the Stokes diameter of par- 
ticles d,, would have been measured directly. 

Thus in a hydrocyclone of similar geometry to those 
used in this work for separating light dispersions the 
curve of migration probability against drop size can be 
predicted by using equation (10) to find d;, and writing 
MP as a function of d and F from equations (6) and (7). 
Alternatively the separation efficiency may be calculated 
if the input drop size distribution p,(d@) is known by using 


MP'(d)p{d) dd (12) 


The need for geometrical similarity between hydro- 
cyclones in order to use these relationships must be 
emphasized since it has been shown’ that apparently 
small variations in geometry can affect separation 
efficiency significantly. 
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CONCLUSIONS 


In the hydrocyclones developed at Southampton Uni- 
versity for separating light dispersions it has been shown 
that the efficiency, « = 1 — K,/K;,, is independent of split 
ratio F in the range 0.5 < F < 10% provided the design 
of the upstream outlet is appropriate to the particular 
split ratio being operated. In addition for a given input 
size distribution of dispersion the size distribution of 
dispersion in the clean stream effluent is independent of 
split ratio within the above limits. 

The reduced migration probability curves for hydro- 
cyclones of this design when plotted against a non- 
dimensional drop size, A,, = d/d+,, are similar and can be 
defined by a common curve which is independent of split 
ratio. 

Using an equivalence relation, based on Stokes’ law, 
that relates drops of the same migration probability 
in hydrocyclones of similar Reynolds number a re- 
lationship between the operating parameters of a hydro- 
cyclone and the diameter of drop with given migration 
probability, dj,, may be defined. Combining this re- 
lationship with the common migration probability curve 
the efficiency of any hydrocyclone of similar geometry 
may be found for a given input drop size distribution. 

If the dispersion is composed of non-spherical par- 
ticles, then use of the Stokes diameter rather than the 
equivalent spherical volume diameter is necessary when 
comparing results with the equivalence relationship 


SYMBOLS USED 


hydrocyclone diameter 
split ratio (fraction of total throughput removed with 
separated dispersion) 
= Qdpd?/D*, Non dimensional hydrocyclone number 
hydrocyclone number for drop diameter d 
concentration of dispersion in influent (by vol.) 
concentration of dispersion in clean stream effluent 
migration probability—the chance of a drop being 
separated 
reduced migration probability 
overall volumetric throughput 

Qp/jnDu hydrocyclone Reynolds number 
equivalent spherical volume diameter of drop or particle 
mean inlet drop diameter 
diameter of drop with MP’ = 75% 
Stokes diameter of a particle 

p{d) dispersion volumetric drop size distribution; of inlet; in 
clean stream 
AP.,; AP, pressure drop across hydrocyclone from inlets; to up- 

stream outlet; down stream outlet 

d/d‘,, normalised diameter 

| — K,/K, separation efficiency 
density of continuous phase 
density difference continuous phase/dispersion 
viscosity of continuous phase 
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Book Reviews continued from page 232 


Modelling of Chemical Reaction Systems 
K. Ebert, P. Deufihard and W. Jager 
Springer-Verlag, 1981 

Pp 389. US$33.60 


The chemical systems encountered by chemical engin- 
eers in reaction engineering and related fields, such 
as combustion, are invariably complex and even the 
simplest are still incompletely understood at a molecu- 
lar level. However, the need to scale-up new processes 


rapidly while at the same time keeping capital and run- 
ning costs low, places great demands on experimental 
data, kinetics and theories of heat and mass transfer. 
Reactions are highly sensitive to temperature, and the 
rates of the elementary chemical steps in a given pro- 
cess can differ by many orders of magnitude, so in- 
adequate modelling can lead to process failures or even 
explosions. At an early stage in reactor design, a sub- 
stantial amount of mathematics is involved and the 
recent academic literature contains a wealth of reaction 
and reactor modelling papers, often on systems of 
limited practical importance and often applying rather 
involved analysis such as perturbation, bifurcation and 
graph theories, sensitivity analysis and efficient numeri- 
cal integration routines for handling sets of stiff coupled 
differentia! equations. Practising, and other chemical 
engineers, well aware of the importance of satisfactory 
chemical and transport models have understandable 
difficulties in following this rapidly growing body of 
theory and need convincing of its usefulness and appli- 
cability. This volume reports the proceedings of a 
workshop held in Heidelberg in 1980 which brought 
together mathematicians, physical chemists and chemi- 
cal engineers to discuss common problems in an active 
interdisciplinary field. The range of papers (27). many 
presented by authorities in their various fields, is highly 
diverse and reflects the thinking and interests of the 
above three groups; all, however, share the view that 
modern computers provide the possibility of tackling 
systems of considerable complexity but much still needs 
to be discovered about the best method of formulating 
and solving such problems. 


In Part I, ten papers discuss the mathematical treat- 
ment of Chemical reaction systems. Two central com- 
putational problems are examined, that of integrating a 
complex system of kinetic equations efficiently to ascer- 
tain how the concentrations of different species vary 
with time and its inverse, i.e. estimating rate constants 
from experimental data. Many reaction systems of 
interest are so complex that some pre-processing of the 
model is desirable to establish the kinetic properties of 
the reaction network and possible simplifications in the 
defining equations. These topics are _ considered 
together with the numerical sensitivity tests for the ad- 
equacy of derived parameters. In Part II, ten papers of 
a Physical Chemical flavour examine the measurement 
and estimation of rate constants, combustion dynamics, 
polymerisation and polymer degradation, transients 
and oscillations in heterogeneous catalysis, and hydro- 
carbon pyrolysis and oxidation. Current thinking is 
that systems of some hundreds of coupled reactions are 
now computationally tractable. Part III is concerned 
with Chemical Engineering applications. The simula- 
tion of a hydrogenation reactor and polymerisation 
reactor are examined, together with a more general dis- 
cussion of multiple steady states and non-linear propa- 
gation in fixed bed reactors. 

No meeting on reaction modelling would be com- 
plete without mention of oscillating and chaotic reac- 
tion systems, and facets of such behaviour are discussed 
in all three sections. The workshop has clearly suc- 
ceeded in its aim and there are thoughtful comments on 
the limitations of modelling methods. One casualty in 
this informal gathering is that there is no report of any 
discussion. The papers are satisfactorily referenced, and 
the volume is well produced. 

Although part of a series of volumes on Chemical 
Physics, it is a reminder that reactor design can no 
longer be discussed in terms of text book examples of 
the type A+ B-—C, and that large computers are tools 
and not substitutes for chemical, physical and math- 
ematical insight. 


1. Kenney 
Book Reviews continue on page 252 
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MATHEMATICAL MODEL FOR THE FRACTIONATION 
OF DEXTRAN ON A SEMI-CONTINUOUS 
COUNTER-CURRENT SIMULATED MOVING BED 
CHROMATOGRAPH 


By P. E. BARKER (FELLOW), K. ENGLAND (GRADUATE) and G. VLACHOGIANNIS (GRADUATE) 


Chemical Engineering Department, University of Aston 


A large scale counter-current semi-continuous chromatographic refiner (SCCRS5) operating on the moving port principle and 
packed with porous silica was used for the removal of high molecular weight dextrans from an aqueous solution fed at a rate 
of approximately 0.8kgh~'. A simple linear exclusion controlled model modified to take into account concentration and 
temperature effects was used to predict the percentage of dextran removed with the high and low molecular weight products 
and the concentration profiles of dextran in the SCCRS5 unit. Good agreement between predicted and experimental results was 


obtained although further improvements can be identified. 


INTRODUCTION 

Dextran, a glucose polymer was fractionated by gel 
permeation chromatography (GPC)'* on a large semi- 
continuous chromatograph (SCCRS) into two product 
fractions. The high molecular weight dextrans were 
removed. The chromatograph consisted of ten 5.1 cm 
i.d. by 70cm long stainless steel columns packed with 
porous silica. Two grades of silica namely Spherosil 
XOBO75 and XOBO30 were used. Six pneumatic con- 
trol valves were connected to each column. The inlet and 
outlet port functions were changed by a centralised 
pneumatic controller. The programmed operation simu- 
lated the movement of the column packing in the 
opposite direction to the mobile phase which was water. 
The velocity of a dextran molecule through the packed 
column was dependent upon its molecular weight, where 
in the fractionating range, the higher the molecular 
weight of a molecule, the greater its velocity. By chang- 
ing the relative velocities of the mobile phase and the 
liquid phase held within the pores of the packing a 
variety of fractionated products could be obtained. 

The inlet streams were heated and the chromatograph 
was housed in an air heated enclosure that enabled 
isothermal experiments to be performed up to 60°C. 

A ‘dispersion model’, a widely used description for 
contacting devices in the chemical process industry has 
been applied to the chromatographic column. A simple 
linear exclusion model has been used to describe the 
transfer of dextran molecules into and out of the station- 
ary phase. 


PRINCIPLE OF OPERATION OF THE SCCR5 

The principle of operation of the SCCRS is shown 
diagramatically in Figures | and 2. 

The equipment can be considered to be in two sections 
(a) the fractionating section, that is between points E 
and P1, consisting of nine columns and (4) the purge 


section, that is between points PU and P2, consisting of 


one column isolated from the fractionating section by 


closing both the transfer valves connected to that col- 
umn. 

The feed enters at point F, and pure eluent enters at 
point E. The eluent moves towards point F stripping out 
large molecules that have preference for the mobile 
phase. At F there is a step change increase in the mobile 
phase flowrate. Material having a preference for the 
mobile phase is carried forward and finally eluted from 
port P|. The input and the product ports remain in a set 
position for a period of time, termed the switch time, 
before the port functions are indexed by one column in 
the same direction as the mobile phase flow. Smaller 
molecules having greater affinity for the stationary 
phase, namely the liquid phase held within the pores of 
the packing, will still move in the direction of the mobile 
phase but with a lower velocity. The purge section 
advances towards the greater retained components al- 
though they are still moving with the mobile phase, so 
that the smallest and therefore the slowest moving 
molecules are eventually enclosed in the purge section. 
These small molecules are removed from the purge 
section by flushing through with excess quantities of 
mobile phase. When all the columns on the chro- 
matograph have operated as the purge section, the 
chromatograph is said to have completed a cycle 

The operating conditions of the system can be selected 
by estimating the conditions under which a molecule will 
travel with the mobile or with the stationary phase. For 
a large molecule, say molecule | to move with the eluent 


(1) 


and molecule 2 will move with the stationary phase if 


). 
Ge - i” (2) 
Q, 


Therefore separation of molecule (or component) | 
from molecule (or component) 2 is achievable only when 
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Figure |. Principle of operation for the SCCRS. Dark spots indicate 
molecules having higher affinity for the packing. White spots indicate 
molecules having higher affinity for the mobile phase. 


ve. Sa 
Kg <— < Ky 


> 


and K, is defined as: 


(see list of symbols). 


RETENTION MECHANISMS IN GPC 


Literature dealing with the description of the mech- 
anisms occurring in chromatographic columns can be 
divided into two categories: equilibrium and transport 
models. in equilibrium models it is assumed that the time 
constant for transport in the mobile and stationary 


phase is very small compared to the minimum residence 
time in the column and so almost instantaneous equi- 
librium between the two phases is achieved. In GPC 
where the mobility of the macromolecules in solution is 
very low, non-equilibrium is more likely to occur. 

Models for the GPC separation mechanisms based on 
the equilibrium partitioning of the molecules between 
the mobile and stationary phases, have taken three 
forms: 

(a) Steric exclusion model 

(b) Stochastic model 

(c) Thermodynamic model 


Models based on mechanisms other than equilibrium 
partitioning have been based on: 


(d) Separation by flow model 
(e) Diffusion-controlled model 


More recently’, suggestions have been made that the 
chromatographic conditions occurring in practical GPC 
are neither under equilibrium nor in diffusion controlled 
regions but rather within a ‘transition region’ where the 
molecular diffusion or transport is important but not 
controlling. therefore the final class of model will be: 


(f) Phenomenological model 
These models for the GPC separation mechanisms are 
reviewed elsewhere’. 


The more recent models of the GPC processes are 
based on the non-equilibrium descriptions, but the com- 
plexity of these models together with insufficient knowl- 
edge of the thermodynamic properties of the dextran 
system prevented the use of such a model. A simple 
linear exclusion controlled model has been used in this 
work. 


LINEAR EXCLUSION CONTROLLED MODEL 

This model assumes that as the sample moves through 
the column, the rate of exchange of solute molecules 
between the mobile and stationary phases is greater than 
the interstitial velocity. then at equilibrium the concen- 


Direction of port 
movement —=-— 
~ W_ Direction of 
~ \ymobile phase 
eg 


Effective mobile 
phase rate, 


Simulated 
movement of 


mar hase, P v 
/ stationary phase, Q,=2,- = 
Effective mobile / 
phase rate, 


Purifying Stripping 
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Figure 2. Schematic diagram of the SCCRS. 
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Figure 3. Mass balance over a general tank, n, for a solute species. 


tration between the two phases is related by a distribu- 
tion coefficient K,; 


K,°x (5) 


where c and x are the concentrations in the stationary 
and mobile phases respectively. In GPC unlike other 
forms of chromatography the mobile and stationary 
phases contain the same solvent, and the distribution 
coefficient K, can be related to an accessible pore volume 
by equation (4). 

A computer program based on the dispersion model 
was used to simulate the operation of the SCCRS 
liquid-liquid chromatogram. 

A chromatographic column was considered to consist 
of a series of idealised mixing stages where the mobile 
phase leaving a stage was in equilibrium with the 
stationary phase in the column. For the operating 
conditions used in the SCCRS, correlations® suggest that 
the axial dispersion coefficient was small and it was 
permissible to use a plug flow model. 

A mass balance for the solute over a general stage n 
shown in Fig. 3, is: 

dx 
dt 


n 


2., iXn-1 - O;,, u, = | Ree + Vin . 


(6) 


(see the list of symbols). 


Assuming equilibrium between the mobile and sta- 
tionary phase: 


aes K, "Xp 
equation (6) simplifies to: 


dx, 
0; , as U, * Gas - iXn Sie Gia% = ( Yo + Ky V.) dt M) 


Rearranging gives 


(8) 
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_ Y. n 
£ + Ky : V, 
—, n 
V+ Kg: V, 


Assuming that a chromatographic column is divided 
into N stages the resulting set of equations is as follows: 


x(t) = A-x(t)+ B-u(t) (9) 


The general solution to equation (9), as shown in the 
Appendix is: 


” 


x(t) = exp(Ar)x) + | exp} A(t —1t)-Bu(t)dr (10) 


. 


and if feed input is not time dependent the solution is 


x(?)= @(t)-x,+ A(t): B-u (11) 
@(t) = exp(Ar) 


A(t)=A'[exp(Ar) —I]-B-u=A~'[@(1)-—TJ 


CONCENTRATION AND TEMPERATURE 
EFFECTS 

The fractionating performance of the SCCRS5 changes 
significantly as the dextran concentration in the system 
increases, as a result a simple linear exclusion controlled 
model’ was not capable of predicting the concentration 
profiles and fractionations observed experimentally on 
the SCCRS. This model has been modified and computer 
programs adapted to take into account some of the 
concentration effects. 

The data used to modify the existing simulation 
program were provided by the experimental work car- 
ried out in this laboratory by Holding’. He fractionated 
FITC dextrans that are labelled dextrans of narrow 
molecular weight range (marketed by Pharmacia Fine 
Chemicals Co, Upsala, Sweden) using eluents having 
different dextran concentration backgrounds. Operating 
at different temperatures in a batch chromatographic 
system, an attempt to evaluate the concentration and 
temperature effects on different molecular weight dex- 
trans was made. The results of his work are presented in 
Table |. Some of these results are plotted in Figure 4, 
where it can be seen that the elution volume of dextran 
increases as the on-column concentration increases and 
the elution volume decreases as the operating tem- 
perature increases. For the type of packing used (Porasil 
C) the change of the elution volutne is a linear function 
of concentration for FITC dextran 20, that is, a fraction 
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Figure 4. The effect of concentration on the elution volumes of | x(t), HMWP(K) | 
dextrans of different molecular weights at ambient temperature. 





















































having a molecular weight average of approximately 
20,000 molecular weight, but logarithmic functions for 
higher molecular weight dextrans such as FITC dexiran 
40 and 70. 

The approximate weight-average molecular weights 
for the main product fractions is about 40,000 which is 
similar to the FITC dextran 40. The concentration 
effects observed on the SCCRS have been modelled 
using results from the FITC dextran 40 experiments. 

The elution volume, Vg, were taken to be logarithmic 








Output 
functions of concentration (Figure 4, FITC 40), e.g. ee 


and 
concentration profiles 





Ve=a:‘log(x+c)+f (12) 





where « and B are constants and can be calculated from 
the change in the elution volume for a given change 
in the column concentration, for FITC dextran 40 
(Figure 4). 

From Table | it was calculated that the average — 

. : ‘ ° utput 

decrease in the elution volume for an increase in the product iis 
temperature from ambient at 15—20°C to 40°C was 1.5% 
and from ambient to 60°C was 2.5%. Therefore the 
change in elution volume, V,, was defined as: 


vec = V,(i-0.015) at 40°C 
and 





and 
concentration profiles 





Stop 





Index 
VR“ = Vp (1-0.025) at 60°C columns 


Finally the existing simulation program was modified 
and the effect of concentration and temperature were 
introduced into it. A flowsheet of the program is 
presented in Figure S. Figure 5. Flow diagram for the SCCRS simulation program profile. 


Table |. Results of the concentration and temperature work carried out by Holding’. Elution volumes (cm’) of 
different molecular weight dextrans at varying concentrations and temperatures. 
Dextran FITC 70 FITC 40 FITC 20 Dye (marker) 
Concentration Ambient Ambient Ambient Ambient 
background temp. 40°C 60°C temp. 40°C 60°C temp. 40°C 60°C temp. 40°C 60°C 


0 g/l 12.90 12.36 12.07 13.04 12.74 12.76 14.10 13.92 13.72 14.97 14.89 14.74 
100 g/1 14.69 14.06 13.88 15.23 14.87 1462 15.09 15.21 15.27 15.24 15.25 15.29 
200 g/! 15.03 14.86 14.54 15.76 15.52 15.52 15.99 15.87 15.59 15.51 15.53 15.46 
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Table 2. Preliminary simulation runs carried out to fix the simulation terms. Conditions and Results 
Mass Mass 
Step- Stages in in 
increment per No. of LMWP HMWP 


Computer time 
taken (Manchester 
computer 


Switch Eluent Feed 
time rate rate 


Mass Terms 
input in A 


(s) (cm*s~') (cm’s~') 


(g/switch) Matrix (s) column components 


(g/switch) 


(g/switch) 


(s) 


_ 
GS 


450 1.667 
450 1.667 
450 1.667 
450 
450 
450 
450 
450 
450 
450 
450 
450 
450 
450 


0.333 30 
0.333 30 
0.333 30 
667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.333 30 
.667 0.666 60 
.667 0.667 60 


L/HMWP = Low/High Molecular Weight Product. 


pt ak ee ee ee 
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SIMULATION RUNS 


Using constant operating conditions, the number of 
stages per column, the number of terms included in the 
calculation of the matrices @(¢) and A(t), and the step 
time increment were varied in order to obtain the highest 
accuracy for the simulated runs in the shortest computer 
time possible when using the simple linear exclusion 
model. It was found from early simulation runs (Table 
2) that for the standard range of operating conditions it 
was possibile to use five theoretical stages per column, a 
time-step increment of fifty seconds and five terms in the 
calculation of the matrices @(t) and A(t) without any 
significant loss in accuracy or effect in stability (Table 2) 
of the program. 

Since dextran 1s a polymer containing many hundreds 
of different solute species it was necessary to choose a 
few components to represent the system. In the pre- 
liminary simulation runs the dextran system was consid- 
ered both as a binary and a five component system 
(Table 2). 

Further computer simulations were carried out using 
binary feed mixtures because the model does not allow 
for interaction between individual dextran molecules. 
This is illustrated in the computer simulation 4.2.1 
and 1.5.2 shown in Table 2. The relative quantity of 
materials and average K, values were obtained from an 
elution chromatograph of dextran BT161D or HZ16K 
on Spherosil XOB 075 or XOB 030 as illustrated in 
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eee Average Kg for 
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10 
10 
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10 
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16.7 
16.7 
16.7 
12.8 
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16.5 
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16.7 
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16.5 
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Figure 6 for a binary feed mixture. This feed mixture was 
described as a binary in simulation 4.2.1 and as a five 
component mixture in simulation 1.5.2, as Table 2 shows 
the quantities of dextran in the high and low molecular 
weight products are not significantly affected by the 
number of components. 

The simulations of the experimental operating condi- 
tions on the SCCRS unit were carried out, and the 
conditions and results of two of these runs together with 
the corresponding experimental runs are presented in 
Table 3 and Figures 7 and 8. Comparison of the 
experimental and simulation runs showed that the pre- 
dicted and experimental amounts of dextran removed 
with the high and low molecular weight products agreed 
well. The simulation concentration profiles predicted 
lower concentrations than the experimental profiles, 
particularly towards the high molecular weight product 
port (Figures 7 and 8). 

In later simulation runs the constants « and f for 
equation (12) were varied in an attempt to achieve a 
better agreement between experimental and predicted 
concentration profiles. But the results of these runs 
showed that the change in the constants did not have any 
significant effect on the shape of the concentration 
profiles, but affected the amount of material to be 
removed with the high molecular weight product. 

The deficiences of the simulation model are probably 
due to the simple model used to describe such a compli- 
cated process, due to the limited amount of data avail- 
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Figure 6. An example of how to obtain the relative concentrations and average K, values for the components of a binary feed 
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Table 3. Results and conditions of the experimental and simultation runs. 


Run 3.1 
Packing Spherosil XOB 075 
Switch time (min) 1S 
Temperature (°C) 
Feed column number 
Feed rate (cm’ min~') 
Feed con. (g1~') 
Feed input (g cycle~') 
Eluent rate (cm? min~') 
Dextran in HMWP (°%) 
(Predicted) 
Dextran in HMWP (°;) 
{[Experimental) 
Dextran in LMWP (%) 
(Predicted) 
Dextran in LMWP (°%) 
(Experimental) 


abie for the concentration effects and because the con- 
centration and temperature effects were calculated on a 
different system under different operating conditions 
than that of the SCCRS. 


CONCLUSIONS 


The model describes an idealised picture of the GPC 
process taking place in the SCCRS5 equipment. The 
inclusion of a concentration and temperature-dependent 
distribution coefficient in the model provided a reason- 
able agreement between simulation and experimental 
results but it failed to describe the process completely. 

The model probably can be further improved by 
considering other effects that take place in GPC such as 
diffusion, but these effects will make the model non- 
linear and hence it will be necessary either to revise the 
existing model or to make the K, a function of them too. 
Also by taking into account the dead volume of the 
valves and piping between columns (approximately 1.5°% 
of a column volume) that helps back-mixing, and by 
obtaining more experimental data for the concentration 
and molecular weight effects, the model can describe the 


= w 
° ° 


Concentration (g/1) 


wo 
oO 





Oo 


1 l 1 
4 5 6 
Column number 





Figure 7. Experimental and simulation of on-column concentration 
profiles for run 3.2 on spherosil XOB 075. Continuous line = 
experimental profile. Broken line = simulation profile. 





Spherosil XOB 075 


3.2 81 sa 
Spherosil XOB 030 Spherosil XOB 030 
(Se 7.5 7.5 


fractionation process on the SCCRS more effectively. To 
evaluate these effects it is preferable to carry out the 
experimental work on the SCCRS5 under actual oper- 
ating conditions, instead of by batch mode techniques on 
analytical columns. 

APPENDIX 


The Solution of Equation (9) 
The general equation, 


x(r) = Ax(t) + Bu(7) 
Taking Laplace transforms, 


sx(s) — Xp = Ax(s) + Bu(s) 


Multiplying the LHS by the unit matrix and rearranging, 
sIx(s) — Ax(s) = x, + Bu(s) 


Inverting, 
x(t)= L~'{sI— A)~'x)} + L~'{(sI— A)~' Bu(s)} 


where (sI — A)~' is the inverse of the matrix difference 
(si—A) and L~' denotes the inverse of the Laplace 
transform. 


Concentration (g/!) 





} =} 
4 5 6 
Column number 





Figure 8. Experimental and simulatien of on-column concentration 
and mobile phase concentration profiles for run 8.2 on spherosil 
XOB 030. Continuous line = experimental profiles. Broken line = 
simulation profiles. Circles = on-column concentration. Crosses = 
mobile phase concentration. 
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FRACTIONATION OF DEXTRAN 


Now from standard transform tables 
L~'{sI— A)~'}x_ = exp(AZ)x, 


Using the convolution theorem 


L~'{st— A)~'Bu(s)} | exp(At) Bu(t — t)drt 


0 
t 


exp(A(t — t)) Bu(t) drt 


J0 
So, 


x(t) = exp(Al)x, + [_exocac — t)) Bu(t )dt 
0 


If Bu is not a function of time, then 


| exp(A(t — t)) Bu(t) dt 


= {—A™'exp(A(t — t)}) Bu 
= A~' fexp(Ar) — I} Bu 
Now, exp(Ar) can be found by the series 
exp(Ar) = @(t) =14+ A't'/1! + A’*r?/2! + A’r’/! 
and, 
A-'{o(t)-—T} = A(t) 
= t{1+ A'r'/2! + A’r?/3! + A’r?/ 
Therefore solution procedure is, 


(i) generate A(f) 
(ii) generate A(t) Bu 
(iii) calculate @(t) =1+AA(t) 


thus 
(iv) solve x(t) = @(t)x, + A(t) Bu 


SYMBOLS USED 


stationary phase concentration 

equilibrium distribution coefficient of a molecule 
effective mobile phase flow rate (see Figure 2) 
simulated stationary phase flow rate equivalent to 
movement of the pore volume of packing in one 
column per sequencing interval 

volumetric flowrate 

switch time (See Figure 2) 

time 

feed concentration 
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volume of phase 

pore volume of a column 

void volume of a column 

elution or retention volume of a molecule from a 
column 

mobile phase concentration 

constant in equation (12) 

constant in equation (12) 


Subscripts 
eluent 
mobile phase 
Stationary phase 
feed 
non-retained component 
retained component 
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CORRELATIONS FOR DISPERSED PHASE 
HOLD-UP IN PULSED SIEVE-PLATE 
LIQUID-LIQUID EXTRACTION COLUMNS 


By A. KUMAR (GRADUATE) and S. HARTLAND (FELLOW) 
Swiss Federal Institute of Technology (E.T.H.), Ziirich, Switzerland 


Empirical expressions have been determined for the hold-up of the dispersed phase in a pulsed sieve-plate liquid—liquid 
extraction column in terms of the physical properties, operating conditions and column geometry. Analysis of 725 data points 
on solvent dispersed systems gives correlations in the absence of mass transfer, for the mixer-settler, dispersion and emulsion 
regions the average percentage deviations being 13.5, 12.4 and 13.7 respectively. The boundary between the mixer-settler and 
dispersion regions occurs at the minimum value of the hold-up and between the dispersion and emulsion regions when the 


dimensionless group (4/)*p./B/Ap**a'*¢°* is equal to 0.05. 


INTRODUCTION 

Continuous counter-current liquid-liquid extraction col- 
umns are normally designed to obtain high rates of mass 
transfer. This is usually achieved by a high degree of 
agitation and large interfacial area between the phases. 
The interfacial area increases with decreasing drop size 
and increasing hold-up of the dispersed phase. In a 
pulsed sieve-plate column an axial pulsing motion is 
superimposed on the counter-current flow of the liquid 
phases. The agitation is produced as the phases flow 
through small holes in the horizontal plates regularly 
spaced along the column axis. 

The existence of different flow regimes in pulsed 
sieve-plate extraction columns has been observed by 
many authors! ’. These regimes are ill-defined but may 
be classified in terms of the phase throughputs and pulse 
frequency. The mixer-settler regime occurs at low 
throughputs and frequencies; the light phase initially 
resting under the sieve plate is forced through the holes 
during the upward movement of the pulse, the heavy 
phase descending during the downward movement of the 
pulse. The hold-up is high at low frequencies and 
decreases as the frequency increases until a minimum is 
reached, corresponding to the beginning of the dis- 
persion regime. In the dispersion regime the hold-up 
increases slowly with increasing frequency. Emulsion 
type operation, occurring at higher throughputs and 
frequencies, characterised by uniform dispersion of one 
phase in the other, provides good conditions for mass 
transfer due to the initimate contact of the phases and 
high degree of agitation. A further increase in through- 
put or frequency leads to unstable operation due to 
irregular coalescence and localised phase inversions in 
different sections of the column and is quickly followed 
by flooding. The correlations discussed in the following 
sections are based on the above definitions of the regions 
involved. 

Hold-up is an essential parameter in the design of 


extraction equipment; a number of authors have given 
empirical correlations for the prediction of hold-up in 
pulsed sieve-plate extraction columns, as summarised in 
Table |. 

Thornton” correlated the hold-up of the dispersed 
phase on the basis of characteristic velocity which is only 
valid for the emulsion region of operation. Miyauchi and 


Oya’® defined the mean rate of energy dissipation per unit 
mass of the mixed phases, e, (having dimensions of 
length squared divided by time cubed) as: 


Afy 
Ge 


- (1) 
pl 
where A is the pulsation stroke (twice the amplitude), f 
the frequency of oscillation, / the plate spacing and f a 
function of the plate free area, «, given by: 
4? 
f= 

(1 —a)(1 —a°) 

The dimensionless proportionality constant C is 
defined by: 


(2a) 


(2b) 


in which L is the column length and C, the discharge 
cofficient for flow through the holes in the sieve plate. 
When /«<L and C, ~ 0.61 the value of C is 9.5. 

Miyauchi and Oya also found that it was necessary to 
include the dispersed phase viscosity to correlate the 
hold-up data and postulated that the boundary between 
the dispersion and emulsion regions occurred when 
w, defined by (u3j/cAp)'* Af/(B/)'*, was equal to 
0.0031 m''? s~'. In view of the peculiar units it is not 
clear why the authors chose to modify e (defined by 
equation (1)) in this way. 

The parabolic form of the correlation of Bell and 
Babb’ enables the hold-up to be caiculated in all three 
flow regimes of a pulsed sieve-plate column operation 
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Table |. Correlations predicting hold-up in pulsed sieve-plate extraction columns 


Correlation (in c.g.s. units) 


Sato et al’: 


Af 0.70 / V 0.70 
&4 = 0.52{ — 1+— ‘-gsae 
; Va, ff 


for 0 < Af < 1.3 ye 22] 0.32 d> 0.37 


} 0.70 : 
eq _ 0.42(Af) ve(i + =; i] 068 70.5 


for 1.3 V9 1-8 ds" < Af < 0.8 V3 [9% 45097 
- V 0.70 : 
&4 = 0.54(Af al + *) [aa 
for Af > 0.8 V32 1935 d-037 
Miyauchi and Oya’: 
4 = 0.66 V3? p?™:; p < 0.21 
& = 6.32 V23 p*4, y > 0.21 
Af (ui \"4 
where Wy = sme Me and f= : - 
(B1)'’ \oAp (1 —a)(1 — a?) 
Bell and Babb’: 
&y = Va{C, + (C, + CyV.)(Af — C,)*} 


Angelino et al’: 


&4 = cs 


Mishra and Dutt’: 


(Afy \°?? : 
= Cl Bl vor 


Arthayukti’®: 

£4 = 0.38 V32 pW? Af < 4.57 cms~! 
&y = 3.46 V3 pe? Af>4.57cms™! 

Khemangkorn et al!': 
&, = 3.04 x 10-7 V,( Af)" Af'™ < 5.5 
&, = 5.40 x 10-4 VR(AS PAS > 
2 V,(Af' 24)! 38 4f! 24 < 5. 
> 


&4 = 2.66 x 10 
&g = 2.30 x 10-4 V23(Af PSAs 


c—continuous phase, d—dispersed phase. 


but requires the empirical determination of the constants 
C, and C, dependent upon the physicai properties of the 
liquid-liquid system and C, and C, dependent upon the 
column geometry. 

Although in Mishra and Dutt’s work’ the hoie di- 
ameter d, did not vary greatly, (4.8 to 6.4 mm), a strong 
dependence of the hold-up on this dimension in the 
dispersion region of operation was reported by these 
authors. 

Table 2(a) gives the physical properties for 725 data 
points for eight liquid-liquid systems in which the 
solvent was dispersed and no mass transfer occurred, 
taken from five different data sources. The operating 
conditions and column dimensions are summarised in 
Table 2(b). Only two sources** furnish data points in the 
mixer-settler region. Based on the data of Sehmel? on 
three liquid-liquid systems, Sehmel and Babb’ presented 
a correlation for the transition point between mixer- 
settler and dispersion type operation which was the 
frequency for the minimum hold-up: 


f = 0.667 ( — 3.373 + 3.883 x 10? pycAp —InA) (3) 


The quantities in this equation are in SI units. (In the 
original reference mixed units were used, namely, feet, 
inches, pounds, hours and minutes; moreover, the con- 
stants were incorrectly quoted). 
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Remarks 


Mixer-Settler Region 
Dispersion region 


Emulsion region 


System: Methyl isobutyl ketone (d)/acetic acid/water (c) 


Dispersion region 


Emulsion region 


'}, Cs—constants, dependent on physical properties 
>, C;—constants, dependent on column geometry 


constant, dependent on physical properties of system 
as defined by Miyauchi and Oya‘ 


System: carbontetrachloride (d)/water (c) 
y—as defined by Miyauchi and Oya‘ 


direction cd 


direction dc 
System: carbontetrachloride (d)/1odine/water (c) 


Bell and Babb’ found that all the data for a given 
system exhibited a minimum hold-up at the same A/ 
value. Although these authors employed the same 
liquid-liquid systems (n-hexane/water and methyl iso- 
butyl ketone/water) and a similar column to that used by 
sehmel- the values predicted by equation (3) do not 
correspond to the required values of the Af product for 
minimum hold-up for their data. Other criteria have also 
been defined*'* the first one being relevant to the partic- 
ular liquid-liquid system used and the second applying 
to reciprocating plate columns. Equation (3) was there- 
fore used to separate the data points in the mixer-settler 
region for Sehmel’s results and the reported A/ products 
for the minimum hold-up’ for Bell’s data 


CORRELATION OF HOLD-UP 

The dependence of hold-up on the column geometry, 
operating variables and physical properties of the phases 
can be expressed in dimensionless form as a product of 
dimensionless groups. Before the relevant indices can be 
obtained it is necessary to determine the break-point 
between the dispersion and emulsion regions of oper- 
ation. The dispersion region in a pulsed sieve-plate 
extraction column corresponds to moderate pulsation 
velocities and throughputs whereas the emulsion region 
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Table 2{a). Physical properties of systems investigated 
) prope g 


No. of Phases 
data Dispersed Continuous Du Pp. ; 7 o 
Source points (d) (c) (kgm~*) (kgm~*) as (mPas) (mN m~') 


Mishra and Dutt 73 Toluene Water 862.3 997.05 LS ; 33.5 
Toller 23 Toluene Water 866.94 ‘ ‘ t 35.7 
Ugarcic"* 70 o-Xylene Water 881.0 A . f 30.7 
Sehmel’ Hexane Water 651.96 a .2873 : 38.745 
Benzene Water 871.42 ¥ ‘ ' 32.13 
Methyl Water 796.13 x : ' 10.325 
isobutylketone 
Hexane Water 659.97 . 293 . 46.55 
Methyl Water 807.34 } ; . 10.22 
isobutylketone 


Table 2(b). Operating conditions and column dimensions 


Af V, Vv. D 
Source 84 (mm s~') (mm s~') (mm s~') (mm) 


Mishra and Dutt? 0.0148-0.0723 8.33-30.26 0.89-2.39  1.42-242 762 


Toller'* 0.0130-0.1130  6.99-19.00 1.39-3.61 1.39-3.61 47.3 
Ugarcic’* 6.0110-0.1010  9.80~31.65 1.37-4.29 1.27-6.66 101.5 
Sehmel 0.0120-0.2530  2.14~63.50 1.74-4.34 0.00—4.34 50.0 
0.0270-0.3830  3.18—39.53 1.74-4.34 1.74-4.34 50.0 
0.0340—-0.1780  2.07-36.83 1.74--4.34 1.74-4.34 50.0 
Beil 0.0107-0.6330  3.59-88.66 1.23-5.76 0.00—5.32 50.8 
0.0128-0.5700  4.27-84.67 1.16-4.74 0.00-5.38 50.8 


corresponds to high pulsation velocities and through- correlation for the mixer-settler region: 
puts. Hence equation (1), defining the rate of energy 
dissipation per unit mass of the mixed phases was made /A2p.g\-° ( f4g\ - 99 
dimensionless: 4 = 3.91 x 10> cr) (S) 
' 6G Pz 
(Afy p 


E _ - c ' 4 y4 0.28 V 0.19 
Bl Ap°’*a'“g°” “) x = 1+— 
go V4 


and used as a criterion to separate the two regions. 081 / 4 0.13 
. - i 
Based on the data in Tables 2(a) and 2(b) the ss (**) nie 


Se 
following correlations were developed with a break- sai 


point at E = 0.05: 
For the dispersion region (for E < 0.05): Hole size, plate free area and plate spacing were not 
aa included in the analysis for the reasons stated in the 
a tic : ) ( VP. \ foregoing paragraph. Moreover, in equation (5c) A and 
. \ Bla'*2°* go | f were treated as separate variables since this led to better 
V.\918 /Ap\-0.9 / 49\ 001 agreement between experimental and predicted hold-up 
' | eet } ( f (/ =) values than when A and f were combined. 
Vs Pe PO, This suggests that the rate of energy dissipation per 
For the emulsion region (for E > 0.05) unit volume is not the controlling factor in mixer-settler 
. operation as in dispersion and emulsion regimes. Equa- 
. tA fa. O@ (Vis. tion (5c) should be used to predict the hold-up when 
3.73 x 10 ( ( ~_ E <0.05 and when the predicted value is greater than 
e that predicted by equation (5a) for the dispersion region. 
V.\°* (Ap\~?* ( wag \~°” Sb The column diameter does not appear in any of the 
; | | =} (0°) correlations. Rouyer et al.'° found that the operation of 
columns up to 600 mm diameter was not affected by the 
Equation (Sa) is based on 367 data points for eight column diameter. 
systems and equation (54) on 151 data points for four The average percentage deviation: 
systems, listed in Table 3a. The hole diameter was not N 
hehe ee " ; 100 
considered as a variable since it was about 3 mm for y = — PY. |e,(exp) — €,(pred) | /e,(exp) (6) 
most of the data points. In addition, for the two data N i= 
sources investigated in the emulsion region the plate is given in Table 3(a) for the mixer-settler, dispersion 
free area was held constant and the plate spacing did not and emulsion regions for each of the data sources 
alter much, so were not included in equation (5d). investigated. In this equation ¢,(exp) is the experi- 
Consideration of 207 data points for five liquid-liquid mentally measured hold-up and ¢,(pred) the predicted 
systems from two data sources*’ gave the following value. The average value of in the mixer-settler region 


3 
Pc po 


4\ 0.31 


go go 
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Table 3(a). Prediction of hold-up in mixer-settler, dispersion and emulsion regions in terms of average 
percentage deviation, y 
Mixer-Settler Region Dispersion region Emulsion Regions 


No. of data Equation No. of data Equation No. of data Equation 
Source points (Sc) points (Sa) points (Sb) 


Mishra and Dutt’ — 73 

Toller'* — 23 

Ugarcic® 70 

Sehmel? 66 46 5 
31 a 23 l 
15 ‘ 31 , 

Bell® 68 5. 50 83 
27 3. 51 : 62 

Totals or means 207 ok 367 151 


Table 3(b). Comparison of different correlations for the prediction of hold-up in 
dispersion and emulsion regions in terms of average percentage deviation, } 
No. of 
data Miyauchi and Mishra and Equations 
Source points Oya’® Dutt” (Sa) and (5A) 
Mishra and Dutt’ 73 14.6 4.2 10.8 
Toller'* 23 24.5 36.0 20.6 
Ugarcic"® 70 15.4 10.2 
Sehmel’ 51 38.1 16.2 
24 21.0 ; 8.6 
31 11.7 - 14.2 
Bell® 133 42.7 13.3 
113 43.4 12.5 
Totals or means 518 31.1 38. 12.8 


is 13.5 and in the dispersion and emulsion regions 12.4 (equations Sa and 5b) are compared with those predicted 
and 13.7% respectively. by the correlations of Miyauchi and Oya® and Mishra 
and Dutt’ in Table 3(5). Linear regressions were per- 
. formed to calculate the relevant constant C, in the 
RESULTS AND DISCUSSION equation of Mishra and Dutt (Table 1) for each system 
The values of the hold-ups predicted by the proposed using the experimental data points. Their correlation 
correlations for the dispersion and emulsion regions appears only to be applicable in the dispersion region, 
i.e. for moderate pulsation velocities and throughputs. 
The average percentage deviations for these two cor- 
relations are 31% and 39% respectively, whereas that for 
our own correlation (equations 5a and 5d) is only 13%. 
Yes 251mm 5" No comparison is presented for the mixer-settler region 
Y= 2.39mms— since, to the best of our knowledge, no other generalised 
correlations are available. The Figure shows the experi- 
mental data of Bell’ for the methyl! isobutyl ketone/water 
system with flow rates V.=2.5l1mms™' and 
V, = 2.39 mm s~', together with the variation of ¢, with 
Af predicted by equations (Sa, 5 and c) for the dis- 
persion, emulsion and mixer-settler regions respectively. 
Once again, the agreement can be seen to be good. 





5 
SYSTEM MIBK — WATER 


Equation(5b) 


SYMBOLS USED 


pulsation stroke; twice the amplitude (m) 
dimensionless constant = (52°/6,/2) (1 + //L)/€ 
empirical constants 
column diameter (m) 
diameter of holes in sieve plate (m) 
= (Af)'p./Bl Ap**a'*g°* 
mean rate of energy dissipation per unit mass of the mixed 
phases (m’s~°*) 
ro ~ pulse frequency (s~ ') 
1 { acceleration due to gravity (ms~~-) 
axial height of one compartment (m) 
Figure. Variation of ¢, with Af product for the system MIBK/Water j column length (m) 
with V.= 2.51 mms~' and V,=2.39mms~' (black dots) measured N number of data points 
by Bell? and predicted by equations (Sa), (5b) and (Sc) (full lines) for ; superficial velocity of continuous phase (m s~') 
the dispersion, emulsion and mixer-settler regions. superficial velocity of dispersed phase (ms~ ') 


Equation( 5c) 








Af mms” 
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Greek Letters 
plate free area 
function of plate free area defined by equation (2a) 
average percentage deviation defined by equation (6) 
hold-up of dispersed phase 
viscosity of continuous phase (Pa s) 
viscosity of dispersed phase (Pa s) 
density of continuous phase (kg m~*) 
density of dispersed phase (kg m_~ °) 
density difference between phases (kg m_~ °) 
interfacial tension (N m~') 


4 


Af ; 
(1) tee) — 
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Book Reviews continued from page 240 


Biotechnology, Vol. 1 Microbial Fundamentals 
Edited by H. J. Rehm and G. Reed 
Verlag-Chemie 1981 

Pp. 520 DM 495 (£125 approx) 


The publishers suggest that this book is a comprehensive 
and up to date source of information concerning the 
basic principles of biotechnology. As such it should be 
suitable for microbiologists. biochemists, bioengineers, 
chemical engineers and food and pharmaceutical chem- 
ists either working in industry or undergoing graduate 
and post-graduate education. The cost of this first 
volume of a series of eight will place it out of the reach 
of most individual students or researchers and must 
therefore be judged as a library reference book. 

The division of the book into chapters written by 
experts in their particular field has resulted in firstly a 
lack of a unifying theme so necessary for textbooks, and 
secondly a condensation of material preventing in-depth 
study. Thus practising biotechnologists will find the 
chapters of relevance to them not sufficiently up to date, 
and students will find insufficient background, breadth 
and problems. Engineers will find Chapters |, 3, 5b and 
Se in particular difficult to understand because of the 
overwhelming amount of material. In fact it is remi- 


niscent of a student who, when set a question in an 
examination on the calculation of the heat transfer area 
required for a cooling coil in a fermenter, reproduces the 
whole of his heat transfer notes and hopes the examiner 
can find the answer. 

The presentation of the material in terms of type face, 
clarity of figures, paper and binding is very good. 
although the two column page ts not to my liking. The 
tables on the whole are particularly good as they present 
information from many sources in a clear and compre- 
hensive manner. 

A major criticism of the book is the poor editing. This 
manifests itself as poor indexing. repetition of material. 
and different nomenclature usage in different chapters. 
Although the number of references is enormous many 
are becoming out of date and their organisation could be 
improved. The format of further recommended reading 
accompanied by specific references at the end of each 
chapter should have been the preferred approach. 

In terms of value for money, originality and content 
it is not a book to be recommended 


G. Street 
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HEAT TRANSFER AND PRESSURE DROP 
CHARACTERISTICS OF SHORT LENGTHS OF 
SWIRL FLOW INDUCERS INTERSPACED ALONG 
A CIRCULAR DUCT 


By D. BURFOOT (STUDENT) and P. RICE 


Department of Chemical Engineering, University of Technology, Loughborough 


Experimental tests, over the Reynolds number range 15500 to 164000, show that single phase heat transfer coefficients obtained 
using short lengths of twisted tape interspaced along a tube can be greater than those obtained using a continuous tape. The 
tests were performed using water in a 20 mm i.d. copper tube. The largest heat transfer coefficients, which represented 2 two 
fold increase above the empty tube coefficients, were obtained using an insert spacing which was equal to the length of each 
tape segment. Further tests are required to confirm this effect under different conditions. None of the insert configurations were 
effective when compared to an empty tube using the constant power comparison. Methods of increasing the effectiveness are 
discussed. It is shown that the surface roughness of the inserts is important. 


INTRODUCTION 


The heat transfer improvement, in the turbulent forced 
convection regime, obtained by inserting a twisted tape 
into a tube of the same length has been studied many 
times. Typically, for tight twist ratios of approximately 
2, the heat transfer improvement is a factor of 1.9 that 
of an empty tube operating at the same nominal 
Reynolds number, see Gambill and Bundy*. The 
enhancement for constant pumping power is typically 
1.2, as shown by Lopina and Bergles'’. Blackwelder 
and Kreith’? and Kreith and Sonju‘ investigated the 
decay of turbulent swirl downstream of a twisted tape. 
They found that the decay is exponential over approxi- 
mately the first 25 diameters downstream of the tape; 
asymptotic empty tube values of the friction factor and 
heat transfer factor (Nu/Pr°*) are obtained approxi- 
mately 70 dia. downstream. Since frictional drag on the 
tape surface is not present in the decay region heat 
transfer enhancement at a given pumping power is 
obtained. Klepper® also investigated the turbulent swirl 
flow decay downstream of a twisted tape. In that study 
it was found that for a twisted tape and the decay region 
of 50 dia. downstream of the tape the heat transfer 
enhancement was up to a factor of 1.3, again on a 
constant power basis. The present work uses short 
lengths of ‘tape’ twisted through 360° and equidistantly 
spaced along the heated length of tube. The present work 
is essentially different from that noted above in that 
Kreith ef a/ and Klepper investigated the decay of a fully 
developed swirl flow and the effects of leading and 
trailing tape edges were not encountered. Furthermore 
the present arrangement offers an advantage over the 
conventional full length tape since it allows fluid mixing 
across the pipe diameter in the untaped regions. 

The effects of using ‘tape’ lengths twisted through 180 
and aligned with perpendicular edges was also 
investigated; the latter produces fluid core mixing. 


cero 61/4 —-p 


Lin et al’ and Azer et al’ investigated the character- 
istics of tubes containing intermittent helices. Their work 
differs from this study in that consecutive helices 
possessed opposite twist direction and the Reynolds 
number did not exceed 5500. The leading edges of 
consecutive helices were perpendicular in their studies 


EXPERIMENTAL EQUIPMENT 


Water was passed through the annulus of a copper 
double pipe heat exchanger where the mean temperature 
was maintained at 80 C. The water was heated by steam 
injection. Warm water was passed through a mixing 
mesh situated upstream of a 965mm long calming 
section, through the inner tube (20 mm i.d., 22 mm o.d.) 
of the heat exchanger, and through an adiabatic mixing 
chamber. Four circumferentially equidistant pressure 
tappings were located 102mm upstream and 51 mm 
downstream of the heated tube of 1067 mm. The average 
temperature of the water in the heated length was 35 °C. 
Rotameters, previously calibrated against orifice plates, 
see Burfoot and Rice’, were used to measure the 
fluid flowrates. Temperatures were measured using 
chromel—alumel thermocouples. Heat balances always 
agreed to within 6° and axial heat conduction losses 
never exceeded 0.4°, of the total heat transferred. Heat 
losses to the ambient air were found experimentally to 
be negligible. Pressure drops were measured using 
manometers of approximately 2000 mm in length; one 
manometer contained carbon tetrachloride, a further 
manometer contained mercury. 

Three stainless steel inserts, each possessing a 180 
anticlockwise twist, were used for some of the tests. The 
latter inserts were manufactured by the Kenics 
Corporation; further inserts were produced in a rubber 
mould using molten solder alloy (Grade J) as the formed 
material. Each insert had a diameter of 20 mm, a length 
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Figure |. Details of insert configurations. Black symbol indicates vertical leading edge. White symbol indicates horizontal leading edge. Rotation 


is anticlockwise in every case 


of 40.5 mm, and a thickness of 3.175 mm (steel inserts) 
or 2.8 mm (solder inserts). The inserts were held in their 
required tube locations by making a slight indentation of 
the tube wall at the required axial position. This opera- 
tion used a tube cutter with the cutting wheel replaced 
by a small metal wheel. The inserts were soldered 
together when fully packed arrangements were used; for 
these tests one tube indentation, at the exit of the insert 
lengths, was made. Using the empty tube configuration, 
prior to and after the slight indentations were made, it 
was found that the indentations had a negligible effect on 
the pressure drop and heat transfer tests. 

The configurations studied are shown as Figure 1. 
The packed and heated sections were geometrically 
coincident, the inserts were equidistantly spaced. 


CALCULATION PROCEDURES 
Measured pressure drops were corrected to allow for 
the empty tube lengths, between the packed section and 
the pressure tappings, using the Blasius equation. 
Pressure drop data was correlated in the form 


= in| oe, [= nla +B Inte (1) 
4pu‘l 
The symbol, @, will be considered as a friction factor 
though it does include form drag. 
The experimental heat transfer data was correlated in 
the form: 


ad; 

In| ———_———_—__ | = In[Nu/Pr°* 

i U)-- Clk | 
= In[F] + E In[Re] (2) 
Maintaining a constant annulus side fluid flowrate 
and constant tube and annulus fluid temperatures, the 
heat transfer resistance, C, was experimentally deter- 
mined using an empty tube either immediately prior to, 
or after, the test using inserts. A regression fit of 


equation (2), using 27 experimental values of U and Re, 
with iteration to satisfy the Wilson'’ assumption that 
E =0.80 (empty tube) allows the value of C to be 
determined. A regression fit of equation (2) with the 
determined value of C, but without the Wilson assump- 
tion, allows the heat transfer data for the insert tests to 
be converted to the conventional Nusselt number form. 


EXPERIMENTAL RESULTS 


The data scatter about the linear regression equations 
for each configuration was small, hence the experimental 
results are presented as Tables | and 2 rather than being 
shown graphically. 

Experimental pressure drop data was obtained under 
heating conditions over the Reynolds number range of 
15500 to 104000, under isothermal conditions at room 
temperature over the range Re = 11000 to 78000, and 
for some configurations, with an average fluid tem- 
perature of 35°C but without heating being applied, 
over the range Re = 15500 to 104000. Using the 
regression equations for each configuration and mode of 
operation the friction factor at Reynolds numbers of 
15500 and 78000 i.e. the values common to all of the 
tests, were evaluated. For the empty tube results the 
average isothermal friction factors thereby obtained 
deviated from the heating values by approximately 
10.6°%; this is due to the reduced viscosity of the fluid at 
the tube wall. For configurations | to 8 the maximum 
deviation of the average isothermal friction factor com- 
pared to the heating values was 6.6°% (for configuration 
1), with a mean deviation of 2.6°%%. These results show 
that the inserts reduce the effect of the fluid viscosity 
ratio, (u,/). This is to be expected since the pressure loss 
across a tube containing inserts is not only the result of 
the losses at the tube wail, it is also due to the losses at 
the surface of the inserts and in the bulk fluid. Hence a 
significant proportion of the total pressure loss occurs 
away from the tube wall where the viscosity reduction 
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Table |. Friction factor data obtained under heating conditions 


Configuration A B No 


0.0304 
0.134 
0.178 
0.204 
0.334 
0.609 
0.554 
0.590 
0.289 
S 0.175 


-~ 


0.234 405 
0.248 27 
0.217 27 
0.227 
0.231 
0.286 
0 281 
0.228 
0.266 
0.250 


—_oOnauwt wr 


A.A.D. R.A.D. M.A.D R? 


1.26 $.11 
1.17 2.82 
0.98 1.95 
2.06 5.17 
1.89 4.47 
1.74 3.43 
1.99 4.22 
1.53 3.49 
1.58 3.42 
1.06 1.67 


CON 
0.987 
0.99] 
0.992 
0.968 
0.973 
0.987 
0.980 
0.983 
0.986 
0.994 


0.003 
0.010 
0.008 
0.017 
0.016 
0.014 
0.011 
0.012 
0.013 
0.008 


A.A.D. = average absolute percentage deviation from the least square line 


CON 95°, 
t-distribution 


confidence interval, on the slope of the regression line, obtained using Student's 


M.A.D. = maximum absolute percentage deviation from the regression line 
R.A.D. = root mean square absolute percentage deviation from the regression line 
No. = number of experimental data points used to obtain the regression equation 


R* =correlation coefficient. 
iS = stainless steel inserts. 


occurs. Although, for the tubes containing inserts, the 
effect of the viscosity reduction was greatest for the tube 
containing the least number of inserts it was not pos- 
sible, due to the small observed effects, to determine any 
correlation between (y,/u) and the number of inserts. 


Lopina and Bergles’’ suggest that for water: 


<= (my (3) 
7 


where m = 0.35 for an empty tube and m = 0.35 (d,/d) 
for a tube containing a continuous twisted tape. 
Using equation (3) with the experimental empty tube 
results of the present work it was estimated that the tube 
wall temperature along the heated section was 50 °C. 
Measurements at the outside surface of the tube at each 
end of the heated section showed that the average 
temperature was 52.5 °C. Evaluating pu, and yp at 51 °C 
(approximately the average temperature indicated by the 
above two methods) and 35°C (the bulk fluid tem- 
perature) and substituting these values into equation (3) 
it is found that @/@’ is 0.947 for the geometry of 
configuration 6. Actual pressure drop measurements 
showed that @/@’ was 0.985 over the Reynolds number 
range of 15500 to 104000. It is considered that this value 
is higher than the result determined using equation (3) 
because of a slight roughness of the joints of the inserts. 
The effect of these roughnesses is considered later. Since 
the friction factors for the various modes of operation 


were reasonably close and because the pressure drop 
penalty, required to obtain the stated heat transfer 
coefficients, is that required under heating conditions, 
only the pressure drop results obtained under the latter 
conditions are given here. 

It is seen that a considerable number of empty tube 
tests were performed. These tests determined the tube 
wall and annulus fluid resistance to heat transfer, C, and 
also they checked the reproducibility of the experimenta! 
equipment and technique. A total of 16 sets of 27 data 
points were determined for the empty tube and since the 
Wilson assumption that E = 0.8 was used in analysing 
the experimental data it was considered that the same 
assumption should be made in analysing all of the empty 
tube data together. Hence the value of F for each data 
item for configuration 0 was determined and the value 
quoted in Table 2 is the mean value obtained. Since the 
latter procedure was not a regression analysis, values of 
the correlation coefficient and 95°, confidence interval 
are not given. For the 16 sets of data the average 
correlation coefficient and 
0.996 and 0.019, respectively. 

In order to maintain a constant heat transfer 
resistance, C, it is necessary to vary the rate of heat 
transfer through the tube wall as the tubeside Reynolds 
number is varied. All of the configurations were tested 
with a certain annulus fluid flowrate which required that 
for configuration 0 the heat flowrate varied from 


confidence interval were 


Table 2. Heat transfer data obtained under heating conditions 


Configuration F E No. 


0.0253 
0.0301 
0.0442 
0.0385 
0.0567 
0.0434 
0.0538 
0.0552 
0.0377 
S 0.0286 


0.800 432 
0.815 27 
0.783 27 
0.799 27 
0.790 27 
0.813 27 
0.784 54 
0.793 27 
0.796 27 
0.826 27 


For key to abbreviations see Table | 
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A.A.D. R.A.D 


3.21 4.16 
1.13 1.35 
1.90 
2.53 


M.A.D 


15.33 
2.43 
5.49 
7.49 
8.55 
4.43 
6.11 
5.54 
6.62 
7.34 


CON 


0.999 
0.997 
0.995 
0.993 
0.998 
0.998 
0.998 
0.996 
0.995 


0.009 
0.017 
0.022 
0.028 
0.015 
0.011 
0.014 
0.021 
0.024 
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Figure 2. Friction factor ratio against number of inserts. Material: solder alloy (Grade J). Black circle: perpendicular edges. White circle: aligned 


edges. Triangle: configuration 8. 


approximately 6.1 kW to 12.4kW (multiply by 14.9 to 
obtain the heat flux based on the tube i.d. in kW m~’) 
and for configuration 6 under the same conditions the 
corresponding range was 89kW to 14.3kW. 
Configurations 0 and 6 were also tested using one further 
annulus fluid flowrate, under these conditions the heat 
flows for the respective configurations were 6.5kW to 
14.4 kW and 9.7 kW to 16.4 kW. The regression analyses 
of Table 2 show the combined results for the two heat 
flew ranges. The low scatter limits for configurations 0 
and 6 show the reproducibility of the results when 
different conditions were used. 


DISCUSSION 


Figures 2 and 3 show the friction factor ratio and heat 
transfer factor (Nu/Pr°*) ratio versus the number of 
inserts positioned in the tube. The ratios given were 
evaluated using the regression equations for Re values of 
15500 and 104000; the results given are mean values. 
Using stainless steel inserts with configuration 1, the 
friction factor and heat transfer factor ratios are 
respectively 27.4°% and 7.1°% above the values obtained 
using solder alloy inserts. 

For the heat transfer data there appears to be a 
discrepancy for the tests using 3 and 6 inserts with 
aligned edges. It is considered that the inserts of 
configuration | will produce a swirling flow which will 


not have greatly decayed within the empty tube sections 
of one insert length immediately downstream of the 
insert; this is supported by the work of Klepper® and of 
Kreith and Sonju’. However the additional inserts of 
configuration 2 compared to configuration 1 will 
produce additional insert surface drag which is why the 
pressure drop data of Figure 2 do not show any dis- 
crepancy. The above discussion suggests that the use of 
equidistant spacing of inserts producing 180° fluid 
rotation would be better than the use of equidistant 
spacing of pairs of inserts. However, the use of separate 
inserts would not allow a comparison to be made with 
the use of aligned and perpendicular edges. 

The most interesting trend shown by the results is the 
peaking of the heat transfer and friction factor ratios for 
the use of 14 inserts. It is interesting to note, although 
perhaps by coincidence, that the spacing used with 14 
inserts is almost exactly the length of a pair of inserts. 
To check if this is a coincidence it would be interesting 
to use pairs of inserts with a different twist ratio and also 
to use single inserts equidistantly spaced along the tube. 
The heat transfer and friction factor increases above the 
fully packed value are probably the results of fluid 
mixing produced by the edges of the pairs of inserts and 
possibly by fluid mixing in the unpacked lengths of the 
tube. Again it must be recalled that the spacing of the 
inserts will produce a reduced surface friction drag. 
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Figure 3. Heat transfer factor ratio against number of inserts. For key see caption to Figure 2 
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Table 3. Comparison of the friction factor ratios with the results of other workers for the continuous tape arrangement 


Reference Conditions Twist ratio 


Present work 
Gambill and Bundy‘ 


Heating 2.03 
Generally 0.28-11.0 
Isothermal 
Isothermal 
Isothermal 
Isothermal 


Smithberg and Landis'® 
Lopina and Bergles’ 
Migay* 


1.81-11.0 
2.48-9.2 
1.75—-10.0 


A.F.R. = average factor ratio. 


d (mm) é/d 


3.5-75.9 


Re range A.F.R. 


0.14 1.55 x 10*-1.04 x 10° 9.58 
Various 2.5 x 10°-5 x 10° 5.28 


% Diff 


0.051 2.5 x 10°-6 x 104 6.66 
0.070 8 x 10°-1.3 x 10° 6.28 
0.050 2 x 10°-5 x 104 6.68 


The °% difference is a comparison of the results of the present work and those of the stated reference 


Table 4. Comparison of the heat transfer factor ratio with the results of other workers for the continuous tape arrangement 


Reference Fluid Twist ratio 


Present work 
Gambill et al 


Water 2.03 

Water 2.3-12.00 
Smithberg and Landis'’ Air and water 1.81-11.0 
Lopina and Bergles’ Water 2.48-9.20 
Thorsen and Landis'! Air 1.58-4.00 


A.F.R. = average factor ratio. 


d (mm) 6/d 


3.5-6.3 


Re range A.F.R 


0.14 1.55 x 10*-1.04 x 10° 1.786 
0.06—0.1 1 5 x 10°-4.27 x 10° 1.774 
0.05! x 10°-6 x 10* 1.867 
0.070 x 10°-1.3 x 10° 1.826 
Unknown x 10-1 x 10 2.04] 


The °% difference is a comparison of the present work with that of the stated reference 


Seymour” shows that for the full length tape the fully 
developed swirl flow is established after approximately 
10 to 20 dia. from the tape inlet. Also configuration 6 
includes the effects of the swirl production and flow area 
changes at the tape inlet and exit. Basing the friction 
factor for configuration 8 on the actual length of tape, 
rather than on the heated length of tube, and subtracting 
the equivalent pressure drop from the pressure drop for 
configuration 6, the friction factor for fully developed 
flow, without entrance and exit effects, is found for the 
tape. Evaluating results at Reynolds numbers of 15500 
and 104000, the results of Table 3 are obtained. The 
values of twist ratio, d, 6/d, and the Reynolds number 
range, shown in Table 3 are the actual values used by the 
reference authors in their tests. The correlation proposed 
by each of the authors was used with the geometric 
parameters of the present work, and with Reynolds 
numbers of 15500 and 104000, to evaluate the friction 
factor ratios which are presented in Table 3. Since the 
data of other workers is referenced to the empty tube 
friction factor @, defined as in equation (4), the data of 
the present work has also been compared to this 
equation. 


The friction factor ratios determined using the 
correlations of previous workers are increased by a 
factor of 1.049 if equation (3) is used to adjust their 
correlations to the heat transfer conditions of this work. 
The use of equation (3) with the reference empty tube 
equation, given above, increases the friction factor ratios 
of the present work by a factor of 1.107. The data of 
Figure 2 are based on the empty tube data of the present 
work since this represents the true pressure drop penalty 
required to obtain the heat transfer 
Figure 3. 

It is important to note that the values of (6/d), used 
by previous workers, are considerably less than that of 
the present work although it was considered that their 
equations when used with the hydraulic diameter con- 
cept should reasonably predict the results of the present 
work. The friction factor results of the present work are 
significantly greater than those predicted by previous 
workers. Lopina and Bergles'’ show that tube roughness 
has a significant effect on the swirl flow pressure drop, 
whilst Koch’ shows that the friction on the tape surface 
accounts for the majority of the pressure drop encoun- 
tered using a twisted tape. It is concluded that the joints 


increases of 


Table 5. Comparison of the effectiveness of the configurations using the 
constant power basis 


Configuration Nu/Nu 


0.94 
0.83 
0.85 
1.00 
0.97 
0.89 
0.85 
0.82 
S 0.94 


—AOnAU WN 


’% Variation 


(Nu/Nu)* °% Variation* 


1.07 
0.94 
0.97 
1.13 
1.10 
1.01 
0.96 
0.93 
1.07 


Nusselt number ratios are the average of the values determined at 
Re = 15500 and 104000. % variations are deviations, compared to the 
mean ratios, for the values at the latter values of Re. The asterisk refers 
to the use of equations (4) and (5) for the evaluation of the empty tube 
characteristics. 
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of consecutive elements, whilst appearing to be reason- 
ably smooth, do increase the pressure drop across the 
tape. 

If the above argument is correct, and it is assumed that 
the tape does not act as a fin, then the heat transfer 
results of the present work should be adequately pre- 
dicted by the work of others. Table 4 shows the good 
agreement of the present work and that of other 
workers. As in Table 3, the twist ratio, d, etc., are the 
values used by the reference authors in their work. 
The mean heat transfer factor ratios were evaluated 
using exactly the same method as for Table 3. The ratios 
are based on the experimental empty tube heat transfer 
tests of the present work. To obtain the ratio relative to 
the Dittus—Boelter equation (see equation (5) below) 
muitiply by 1.101. The ratios determined using the 
correlation proposed by Gambill et al* are slightly lower 
than those found using other correlations. This is 
because their correlation was not presented using the 
hydraulic flow concept and because of the variation of 
6/d in the tests of Gambill et al* it was not possible to 
convert their data to allow for the effect of the latter 
parameter. 

Table 5 shows a comparison of the configurations 
using the constant pumping power criterion used by 
Lopina and Bergles'’. The results marked with an 
asterisk were evaluated using the empty tube character- 
istics which neglect the wall fluid viscosity effect on the 
friction factor, and the apparent entrance length effect 
on the heat transfer data. The following correlations 
were used to represent the characteristics: 


cd, = 0.023 Re ~°” 


Nuo/Pr°* = 0.023 Re®*® 

These correlations have been used by a number of 
previous workers to evaluate the effectiveness of devices 
used for heat transfer enhancement. The ratio Nu/Nu, 
was evaluated using the actual empty tube results of the 
present work. This ratio is a correct comparison of the 
effectiveness of the configurations under the conditions 
of this work. It is seen that the effect of insert material 
was negligible for N = 3. Due to the increased power 
requirement of a perpendicular edge arrangement the 
latter is seen to be less efficient than the full length tape. 
None of the configurations enhance the heat transfer, 
based on the pumping power criterion, although for the 
conditions of the tests, configuration 4 is a better 
arrangement than the full length twisted tape. It should 
also be noted that configuration 4 requires approxi- 
mately one half of the insert material required by the full 
length tape; this may be important where equipment 
weight reduction is a design criterion. 

There are a number of ways by which the effectiveness 
of the configurations could be increased, for example: 

(1) The use of smooth inserts would reduce the 
pumping power requirements. For configuration 6, the 
reduction might be approximately 40°, although a 
smaller reduction would occur with configuration 4. 

(2) The use of thinner tapes (lower 6/d) will reduce the 
power requirement of configuration 4 perhaps with a 
iesser reduction in the heat transfer ratio. 

(3) In the present work the inserts did not act as 


effective fins. If the contact between the inserts and the 
tube wall is enhanced, for example by redrawing the tube 
over the inserts or by a tube rolling process at the 
location of the inserts, the heat transfer coefficients 
would be increased. In practice, using twisted tapes and 
the redrawing process, Lopina and Bergles'’ found that 
the heat transfer coefficients were increased by up to 14% 
compared to the coefficients produced with an insulated 
tape. 
SYMBOLS USED 


parameter in equation (1) 

Reynolds number exponent in equation (1) 

tube wall and outside film resistance to heat transfer 
tube inside diameter 

hydraulic diameter 

tube outside diameter 

Reynolds number exponent in equation (2) 
parameter in equation (2) 

tube wali thermal conductivity 

packed length of tube (including spacings) 

viscosity ratio, (u,/1) 

number of inserts 

Nusselt number based on the tube inside diameter 
Prandtl number 

Reynolds number based on the tube inside diameter 
superficial fluid velocity 

overall heat transfer coefficient 

twist ratio, number of pipe diameters per 180° of insert rotation 
insert thickness 

pressure drop 

fluid viscosity evaluated at the bulk fluid temperature 
fluid viscosity evaluated at the tube wall temperature 
fluid density 

friction factor (heating conditions) 

friction factor (isothermal conditions) 

empty tube value (subscript) 
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SIEVE PLATE SIMULATION STUDY: CONTACT 
ANGLE AND FREQUENCY OF EMISSION OF 
BUBBLES FROM A SUBMERGED ORIFICE WITH 
LIQUID CROSSFLOW 


By A. B. PONTER (FELLOW) and T. TSAY 


Department of Chemistry and Chemical Engineering, Michigan Technological University 


An apparatus, designed to simulate the operation of a sieve plate in a distillation column, was employed to determine bubble 
contact angles at and above the incipient weeping regime for the air—water—plexiglas system. The influence of both liquid 
crossflow and gas upflow upon bubble contact angle and bubbling frequency were examined. It was ascertained that a minimum 
contact angle was exhibited at the incipient weeping point with a corresponding maximum residence time. Bubble size was 
shown to influence profoundly the bubble contact angle at this point. A correlation was developed to predict bubble frequency 


in terms of orifice size, gas chamber volume and the liquid and gas velocities: / 


INTRODUCTION 


Although a large amount of data has been published on 
perforated plate dynamics, very little has been reported 
for the situation where liquid crossflow occurs although 
this is the condition existing when contacting 
vapour-—liquid systems in sieve plate columns. An im- 
portant early experimentai investigation of liquid 
crossflow influence on the transition from spray to 
bubbling column operation was made by Burgess and 
Robinson’ and recently two papers by Al-Hayes and 
Winterton’? and Tsuge et al.’ of a more fundamental 
nature have appeared in the literature. In the former, gas 
bubble diameters, measured on detachment into a num- 
ber of flowing liquids were used to estimate the surface 
tension and drag forces experienced by a bubble at- 
tached to a solid surface. The other investigation by 
Tsuge et al.’ showed that the bubble volume decreased 
as the liquid velocity was increased at constant gas 
flowrate as predicted from their model. 

Of particular interest to the engineer is incipient 
weeping—where the vapour pressure drop through the 
plate openings is just insufficient to prevent liquid from 
passing through them, since such weeping results in 
severe phase maldistribution with subsequent reduction 
in column efficiency. An elucidation of the mechanism 
describing the incipient weeping process requires a 
knowledge of the contact angles encountered under 
crossflow conditions and so the main aim of this in- 
vestigation were: 


(a) to ascertain the influence of the liquid crossflow on 
the contact angle subtended by the bubble emerging 
from a submerged orifice and 

(b) to assess the effect of the crossflow on the bubble 
frequency for ranges of orifice size and gas and liquid 
flowrate. 


Kupferberg and Jameson‘ reported in 1969 that the 
size of the gas chamber affected the bubble volume 


(0.153 + 0.004 U) UL /r°* ve* 


because of pressure fluctuations created by the bubble 
release and in this study a larger chamber volume was 
used to examine further its influence on the bubbling 
process. 


EXPERIMENTAL 

The apparatus, shown schematically in Figures | and 
2, comprised three main components; a plexiglas simu- 
lator, a high speed movie camera and light equipment 
The container of dimensions 50.8 x 30.5 x 40.6cm was 
fabricated from 0.95cm thick plexiglas sheeting. A 
0.95cm hose supplied water to the bottom of the 
container, the purpose being to produce a steady water 
flow over the shorter side before flowing down to a flat 
plate. The plate was made of 1.27cm thick plexiglas 
sheeting of dimensions 61.0 x 30.5 x 1.27 cm. 

Five different-size perforations were made on the 
plate, the distance between each hole centre and the 
shorter side of the container being maintained the same 
(22.9cm), with the diameters of the 5 holes, 1.20, 0.95, 
0.65, 0.47 and 0.30 cm respectively. For each experiment, 
only one hole was used to produce bubbles. All orifice 
surfaces were ground smooth and the edge was carefully 
machined to give a sharp 90 degrees profile. 

In order to guide the water flow onto the plate, two 
side walls were installed, and a level was incorporated to 
ensure that the plate was horizontal. The side walls were 
made of 0.95cm plexiglas and the central part of one 
wall was made of ground optical glass to prevent 
distortion when using the high speed camera to record 
the emerging bubbles. At the end of the plate a sheet of 
plexiglas was fixed 45 degrees downward to the plate for 
the water to discharge smoothly into the exit tank. 
Numerous plexiglas pieces were cut with dimensions 
30.5 x 5.1 x 0.95 cm which were stacked on the plate so 
regulating the heights of both inlet and outlet weirs. 
These heights were always maintained so that the water 
depths were twice that of the bubble height. 
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Figure 2. Plate simulator 


Immediately below the plate, an air chamber was 
installed This chamber comprised a 0.64 cm thick plexi- 
glas cylinder of 25.4cm outside diameter and 77.5cm 
height. The upper side of the cylinder was sealed to the 
bottom of the test plate while the bottom of the cylinder 
was joined to a circular plexiglas plate. Approximately 
Scm below the upper plate of the cylinder, an air inlet 
was installed, the air being supplied from a compressed 
air tank with a regulator via a rotameter. At the other 
side of the chamber, a manometer was inserted to 
measure the gauge pressure of the air chamber during 
the experiment. At the bottom of the cylinder, a vaive 
was included to discharge water which wept from the 
holes on the upper plate. Using this water discharge 
valve allowed the volume of the air chamber to be 
varied. 

The inlet water stream was maintained at a consiant 
temperature of 20+ (0.2 C by mixing a hot and cold 
water supply. A high speed rotating prism camera 
(HYCAM, 16mm) was used to study the growth of the 
emerging bubble and a 10 mm extension tube to the lens 
was necessary for close distance focus. 

For the constant air flow velocity experiments, the 
orifice under study was selected and the system ran for 
about 20 min to ensure steady state (water depth, air 
chamber pressure, etc). The test plate was previously 
immersed in water for 24h to ensure that equilibrium 
was established at the plexiglas surface. The water cross 
flow velocity was varied and pictures were taken of 
bubble formations at and above the incipient weep 
point. A series of air flow rates were studied and the 


procedure repeated for each rate. These experiments 
were performed using four different sized holes, and the 
experiments again repeated keeping the water cross flow 
velocity constant and changing the air flowrate. 

After each experiment had been photographed, the 
films were processed and a2 16mm manual projecto- 
editor employed so that the contact angles of the bubbles 
could be measured using a protractor and screen in a 
dark room. From each experimental run, three sample 
pictures were selected, the contact angles reported being 
the average of the three values. 


DISCUSSION 
Contact Angle Determinations 

The frontal contact angles measured were re- 
producible to within +2° and the flow velocities were 
averaged values of three measurements. The effect of gas 
upflow velocity on bubble frontal contact angle for both 
stagnant and flowing liquid conditions is shown in 
Figure 3. 

For each liquid crossflow velocity considered, the 
contact angles decreased initially with increasing gas 
velocity to a minimum value before increasing at higher 
gas velocities. The lowest point in each curve corre- 
sponded to the stage where incipient weeping occurred 
and where the bubble resided for the longest time. 
Bubble contact angles were larger at the higher gas 
upflow velocities than those at the incipient weeping 
point since the shorter residence time led to smaller sized 
bubbles. At gas flow rates lower than that for incipient 
weeping, weeping persisted for a period of time, from 
some seconds to several minutes, until the gas chamber 
pressure exceeded that at the orifice; bubbles then were 
emitted at a high speed for a short period before weeping 
started again. Because of this activity the residence time 
for each bubble was short so that the bubble contact 
angle was still larger than that for incipient weeping. 

The experiments demonstrated that the bubbles ex- 
hibited a minimum contact angle for both stagnant and 
flowing liquids, the angle being strongly influenced by 
the liquid crossflow velocity. Both the frontal and rear 
angles were affected and only the frontal values were 
recorded since the rear angles were disturbed by the 
wake produced behind the bubble. Figure 4 demon- 
strates that the bubble contact angle increased with 
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Figure 3. Effect of gas flow upon frontal contact angle. 
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increasing liquid velocity for a range of constant gas 
velocities as expected although it was not evident why 
the r = 0.15 cm line exhibited anomalous behaviour. For 
the largest orifice r=0.60cm, the effect of bubble 
distortion became significant as demonstrated later. 

Comparing Figure 4 with Figure 3, it is evident that 
the effect of liquid crossflow was much greater than that 
of the gas velocity and Figure 5 demonstrates the cos 6, 
shows a linear correlation with U?/r except again for the 
smallest orifice studied, this discrepancy at least partially 
being attributed to the error incurred when calculating 
the liquid crossflow velocity. 

Tsuge et al.’ studied bubble volumes at a single 
submerged orifice in a flowing liquid and showed that 
Cpp_Ui rs 

2D,0 


where f is the angle from the bubble centre to the plate 
surface. However from our investigation it was apparent 
that only when f was small did cos # show a linear 
correlation with U7/D,. Qualitatively this is to be ex- 
pected since the wake and liquid buoyancy will push the 
bubble against the liquid flow, this action becoming 


cos Bp = (1) 
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Figure 5. Relationship between frontal contact angle, liquid crossflow 
and orifice size. 
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Figure 6. Influence of liquid crossflow at incipient weeping 


increasingly insignificant on the angle f as the liquid 
crossflow becomes larger. The uncertainty of accurately 
ascertaining the centre of a distorted bubble precluded 
a rigorous evaluation of the Tsuge et al.’ 
however. 

Figure 6 shows that the bubble contact angle at 
incipient weeping point increased with increasing liquid 
crossflow velocity. Comparing this with Figure 4, the 
rates of increase were found to be almost identical 
(3.4 degree cm~'). 

The results of the series of careful measurements of 
gas up-flow velocity at the incipient weeping point for 
different liquid cross-flow velocities are presented in 
Figure 7. As the liquid crossflow velocity increased, the 
gas flow velocity required to keep the system at the 
incipient weeping point increased slightly . Arnold et al. 
concluded that the critical gas flow velocity (at incipient 
weeping) was independent of liquid cross-flow velocity 
whereas the data of McAllister et al.° showed a slight 
increase. The increase found in this investigation and 
McAllister’s work® probably results from overcoming 
the momentum of the turbulent downward flowing 
liquid. 

In Figure 8 contact angles are plotted against orifice 
diameter for a range of liquid crossflow rates and 
compared with values of contact angle predicted by the 


equation 
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Figure 8. Effect of orifice size on frontal contact angle. 


equation of Hunt et al.’ namely 
0 =n —2 tan '(2h/B) (2) 


which was derived for a bubble without a neck and 
without liquid crossflow. It is observed that the the- 
oretical and experimental values are in close agreement 
when U,=0 but that at increasing crossflow rates the 
model became increasingly inadequate for accurate pre- 
diction. At the higher flow rate studied (U, > 9.0cms~') 
it was further observed that the contact angle was 
influenced by both the liquid velocity and the orifice 
diameter. For larger hole sizes of course the bubbles 
produced distort from the truncated sphere mode. 


Bubble Frequency Determinations 

Using the same equipment as that employed for 
investigating contact angles, bubble frequencies were 
also measured under various operational conditions. 
This was a more intensive study than previously reported 
with the parameters orifice radius, gas chamber volume, 
gas upflow velocity and liquid crossflow velocity being 
considered. 
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For a series of constant liquid and gas flow rates, 
bubble emission was investigated using three 
different-sized orifices (r = 0.235, 0.325, 0.475 cm) and 
the results are presented in Figure 9. The average slope 
of 24 sets of data was approximately —0.42 which 
agreed well with the value reported by McGann et al.° 
(— 0.43) for bubbling from a submerged orifice without 
a gas chamber beneath. 

The influence of the gas chamber was also examined, 
the chamber volumes used in this investigation being 
selected principally so as to minimise the effect of 
pressure fluctuation. Two factors influence the 
fluctuations exhibited by the bubble contact angles—gas 
chamber pressure fluctuation and liquid wake. In indus- 
trial practice, these two factors are usually not encoun- 
tered because of the large gas chamber volumes and 
stable liquid flows. Three gas chamber volumes were 
considered, namely 19.0 x 10°cm*, 27.0 x 10° cm’ and 
33.0 x 10°cm*. The effect of gas chamber volume on 
bubble frequency for this volume range is shown in 
Figure 10. The experiments were performed using three 
different-sized orifices with nine sets of data for each 
orifice. The overall average slope approximated to 
—0.48. 
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Figure \1. Effect of gas flow on emission frequency. 
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with predicted values (equation (5)). 


In a final series of experiments it was demonstrated 
that the bubble frequency increased with increasing gas 
upflow rate for all liquid crossflow rates. The gas rates 
considered in this investigation varied between 
53.0cm*s~"' and 142.0cm’s~' for orifice radii 
0.235—0.475 cm. The results are presented in Figure 11, 
the average slope being 0.85. 

To correlate the data an equation of the form 

f=(X + Yuf)Uy* yr (3) 
was selected, where X, Y and Z were constants to be 
determined. When U, = 0, X = fr°* V2*/U?** and there 
were 27 sets of data available from which X could be 
determined. The average X value was found to be 
0.153 + 2% so that 


fr? yo48/Y985 _ 0.153 = YUF (4) 


The optimum values of Y and Z were found to be 
0.004 + 1% and 1.00+0.2% respectively by Powell’s 
method’ (SSQ Min Algorithm). Thus the frequency of 
bubble emission was found to be correlated well by the 
equation 


f = (0.513 + 0.004 U,) u° 85 / 042 70.48 (5) 


as demonstrated in Figure 12. 
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Figure 13. Relationship between frequency and chamber volume by 
McCann et al.*, Mahoney and Wenzei'® in this study. 


Chem Eng Res Des, Vol. 61, July 1983 


CONCLUSIONS 

The effect of gas chamber volume on bubble frequency 
at a submerged orifice has not previously been quan- 
titatively determined in the literature. McCann et al.* 
investigated the bubble frequency at a submerged orifice 
without a discernible gas chamber beneath. They con- 
cluded that fr°*/U®'’=9.1. Figure 13 presents the 
relationship between bubble frequency and gas chamber 
volume for the studies described by McCann et al.*, 
Mahoney and Wenzel" and this investigation. For larger 
chamber volumes in excess of 10* cm’ our data are well 
fitted with a slope of —0.48. For smaller volumes there 
is a deviation resulting in an increase in negative slope 
with decreasing volume. This relationship allows the 
influence of small chamber volume on the bubbling 
phenomena to be ascertained. 


SYMBOLS USED 


diameter of drop base (cm) 
drag coefficient (—) 


orifice diameter (cm) 
liquid crossflow velocity (cm s~') 
volumetric gas flowrate (cm’ s 


re 


gas velocity through orifice (cm* cm~*s~') 
gas chamber volume (litres) 

constants ( ) 

bubble frequency (s') 

bubble height (cm) 

orifice radius (cm) 

equivalent spherical radius of bubble (cm) 
angle from bubble centre to plate surface (—) 


~ 
N 


liquid density (gcm ’) 

equilibrium contact angle of bubble without liquid crossflow 
(degrees) 

frontal contact angle of bubble with liquid crossflow (de- 
grees) 

liquid surface tension (gs ~) 


REFERENCES 
Burgess, R. G. and Robinson, K 
No 32) 2: 34 
Al-Hayes, R. A. M. and Winterton, R. H. S., 1981, Int J Heat 
Mass Transfer, 24: 213 
Tsuge, H., Hibino, S. and Nojima, U., 1981, Int Chem Eng, 21 
630 
Kupferberg, A. and Jameson, G. L., 1969, Trans I1ChemE, 47: 241 
Arnold, D. S., Plank, C. A. and Schoenborn, E. M., 1934, Ind Eng 
Chem, 26: 98 
McAllister, R. A.,. McGinnis, P. H. and Plank, C. A., 
Eng Sci, 9: 25 
Hunt, C. A., Hanson, D. N. and Wilke, C. R., 1955, AIChE J, | 
444 
McCann, D. J. and Prince, R. G. H., 1969, Chem Eng Sci, 24: 801 
Kuester, J. L. and Mize, J. H., 1973, Optimisation Techniques with 
Fortran. (McGraw-Hill, New York) 251 

. Mahoney, J. F. and Wenzel, L. A., 1963, AIChE, 9: 641 


1969 (IChemE Symposium Ser 


1958. Chem 


ADDRESS 


Correspondence on this paper should be addressed to Dr A. B 
Ponter, Head of Department of Chemistry and Chemical Engineering, 
Aichigan Technological University, Houghton, Michigan 49931, 


U.S.A. 


This paper was communicated 26 November 1982 by Professor J. O 
Wilkes, Associate Editor for the Journal in the U.S.A 





HEAT TRANSFER TO FERMENTATION SYSTEMS 
IN AN AIR-LIFT FERMENTER 
Part II: Osmotic Effects on Heat Transfer 


By N. BLAKEBROUGH (FELLOw), W. J. McCMANAMEY (MEMBER) and G. WALKER 


Department of Chemical Engineering, University of Birmingham 


Enhanced values of liquid film heat-transfer coefficients were found for mycelial suspensions in laminar flow in the down-flow 
tube of an air-lift fermenter, using a heat-flux meter. The influence of osmotic pressure was investigated, using suspensions 
of Aspergillus niger and Penicillium chrysogenum in sodium chloride solutions. Although large reductions in the heat-transfer 
coefficients (of the order of 50%) can be produced by increasing the osmotic pressure of the suspending medium from water 
saturation to the plasmolysis value, during an actual fermentation any changes in osmotic pressure which occur probably have 
a minor effect (of the order of 10%) and the major factor in the enhancement of the heat-transfer rate is the presence of mycelial 


solids. 


INTRODUCTION 


When laminar flow conditions exist in tubes the rates of 
heat transfer between the fluid in the tube and the wali 
can be found from the correlation of Sieder and Tate’, 
for both Newtonian' and non-Newtonian fluids’. How- 
ever, greater rates of heat transfer than those predicted 
by the Sieder and Tate correlation have previously been 
found in an air-lift fermenter for Aspergillus niger fer- 
mentations with laminar flow conditions in the tube’. 
The mechanism of this enhancement was not definitely 
established in that work, although it was observed that 
the presence of the microbial aggregates had a con- 
siderable effect. 

In studies of the rheological behaviour of Penicillium 
chrysogenum Metz et al.* found that the osmotic pressure 
of the suspending medium had an influence on the 
rheological behaviour, probably due to alterations in 
hyphal flexibility, and Reuss et al.° also found an 
influence of osmotic pressure on the relative viscosity 
and volume fraction of yeast suspensions, reflecting 
changes in the volume and shape of the yeast cells. These 
shape factors would also be expected to have an effect 
on the heat-transfer rate if the microbial aggregates alter 
the hydrodynamic conditions near the wall of the tube, 
so the influence of changes in the osmotic pressure of the 
liquid on the rate of heat transfer was investigated in this 
work, for laminar flow conditions. 


EXPERIMENTAL 

The liquid-film coefficient of heat transfer was mea- 
sured by a heat-flux meter in the down-flow tube of an 
air-lift fermenter. The fluid was caused to circulate by 
sparging air into the bottom of the other tube; this also 
supplied the oxygen for cell growth. The equipment and 
its operation have been described in Part I of this study’ 
and the two micro-organisms used were A. niger and P. 
chrysogenum. The composition of the inoculum medium 
used for A. niger was (per m’*): glucose, 20 kg; malt 
extract, 40kg; urea, 10kg; K,HPO,, 2kg; corn steep 
liquor, 5x 10-*m* and water to make up | m’; the 


inoculum was prepared by the method described 
previously’. The fermentation medium was identical to 
the inoculum medium, except for the addition of 
300 ppm of polypropylene glycol as antifoam. For P. 
chrysogenum a medium containing (per m*) 20kg of 
glucose, 20 kg of malt extract, 10kg of urea, 2kg of 
KH,PO,, 4 x 10~* m’ of corn steep liquor and water to 
make up | m* produced dispersed growth when inocu- 
lated with spores from an active surface culture. The pH 
of the medium was adjusted to 4.5 before sterilisation 
and incubation of inoculated flasks was on a rotary 
shaker at 30°C for 2 to 4 days. 

Resuspended cells were used in a number of experi- 
ments. These were obtained by filtering off cells prepared 
in the air-lift fermenter with a fine-mesh sieve, washing 
them and then re-suspending them in the required 
solution. 

The osmotic pressures of the solutions were altered by 
adding sodium chloride. The osmotic pressures were not 
measured; the values quoted later in milli-osmols are 
based on the sodium chloride concentrations, | milli- 
osmol being the osmotic pressure due to a 0.001 molar 
sodium chloride solution. 

The dry weights of cells in the suspensions were 
determined by draining off the liquid from a measured 
volume of broth through a sintered-glass filter, washing 
the cells twice with distilled water, and then washing 
them on to a tared piece of aluminium foil which was 
dried to constant mass at 160°C. In some experiments, 
samples of the cells were examined under a microscope 
and the lengths and diameters of hyphae protruding 
from the tangled core were measured, using a calibrated 
graticule. For each observation the mean of twenty 
measurements of each dimension was taken. 


RESULTS 


The influence of osmotic pressure on the heat-transfer 
coefficient at constant dry weight was studied using 
resuspended A. niger and P. chrysogenum. For each dry 
weight, determinations of the heat-transfer coefficient 
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Figure |. The variation of heat-transfer coefficients with osmotic 
pressure for suspension of P. chrysogenum and A. niger (at constant 
fluid velocities). OQ =P. chrysogenum, dry weight of 6.6kgm 

OO @ =A. niger, dry weights of 3.8, 7.8 and 8.3 kgm~’. Lines | and 
2 represent values from the Sieder and Tate equation'; | corresponds 


to the flow conditions for A. niger, dry weight 3.8 kg m~?* (velocity of 


0.42ms~'), 2 to the rest (velocity of 0.50ms~'). 


were made at a number of different sodium chloride 
concentrations, which meant that the cells were in the 
equipment for several hours. To check that autolysis of 
the resuspended cells did not affect the results, sus- 
pensions were circulated for a number of hours in the 
same solution and the heat-transfer coefficient measured 
at intervals; consistent results were obtained for the first 
6 to 8h. 

Figure | shows that the heat-transfer coefficients 
decreased with increasing osmotic pressure in all cases. 
Observation of the fluid showed that the suspensions 
became less consistent and the aggregate size decreased 
as the osmotic pressure was increased. For A. niger the 
heat-transfer coefficient fell rapidly with increasing os- 
motic pressure up to about 1600 milli-osmols, after 
which the rate of decrease was less. 

This behaviour was similar to that observed for the 
yield stress in the rheological behaviour of P. chryso- 
genum by Metz et al*. They observed that the change 
with osmotic pressure ceased at approximately the plas- 
molysis value, when the osmotic pressure of the sus- 
pending liquid equals that inside the cell. All the heat- 
transfer coefficients are considerably greater than the 
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Figure 2. The variation of heat-transfer coefficient with the fraction of 


medium components added for an A. niger suspension (dry weight of 
7.2kgm_~’, velocity of flow of 0.50ms~') 


values calculated from the correlation of Sieder and 
Tate', which had been found to apply for solid-free 
liquids in this equipment’. As the results for A. niger 
show, the enhancement of heat transfer depends on the 
dry weight as well as the osmotic pressure. The results 
for P. chrysogenum differ from those for A. niger both 
in the form of the relationship between the heat-transfer 
coefficient and osmotic pressure and in the magnitude of 
the heat-transfer coefficient for a particular dry weight; 
these differences are, presumably, associated with 
differences in mycelial morphology. 

Microscopic examinations of aggregates of A. niger 
showed that each aggregate consisted of a packed nu- 
cleus of tangled hyphae surrounded by hyphae pro- 
truding radially from this nucleus. Mean values of the 
length (/) and diameters (d) of protruding hyphae were 
measured and the results presented in the Tabie show 
that / and d both decrease as the osmotic pressure 
increases. The change in d is due to shrinkage of the cells 
caused by the reduction in the osmotic pressure 
difference across the cell walls as the osmotic pressure 
increases. The decrease in / with increasing osmotic 
pressure was found to be due to parts of hyphae 
breaking away from the aggregates. Measurements of 
heat-transfer coefficients for these suspensions, also 
presented in the Table, show a reduction almost propor- 
tional to the change in hyphal dimensions. 

Further measurements, made over a period of time 
during which autolysis occurred, showed that changes in 
hyphal length had most effect. For example, in one 
experiment with resuspended A. niger, over a period of 
24h the heat-transfer coefficient decreased from 7070 to 
4500 W m~* K~' and the mean hyphal length decreased 


Table \. Influences of osmotic pressure on hyphal dimensions and heat transfer for A. niger 
suspensions 


Osmotic pressure 
(milli-osmols) 


0 


500 
1000 


Hyphal length 
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Hyphal diameter 


Heat-transfer coefficient 
(Wm-*K~') 
7880 


5440 
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from 175 to 121 um, while the mean hyphal diameter 
changed from 4.6 to 3.6um. In a similar experiment 
lasting for 45h the heat-transfer coefficient fell from 
7350 to 3290 W m~*K~1, the mean hyphal length de- 
creased from 191 to 90 um and the mean hyphal di- 
ameter changed from 4.2 to 3.8 ym. 

These results provide support for the hypothesis that 
the enhancement of heat transfer produced by the 
presence of the micro-organisms is due to disturbances 
in the boundary layer near the heat-transfer surface, 
caused by a scraping action of the hyphae, which will be 
greater when the hyphae are longer. A model for the 
heat-transfer process based on this hypothesis will be 
presented in a later publication. 

The results presented in Figure | show that variations 
of up to 50% in the heat-transfer coefficient can be 
produced by altering the osmotic pressure of the sus- 
pending liquid, but the changes in osmotic pressure 
during a normal fermentation would not be as great as 
those used in the measurements shown in Figure 1. To 
obtain an estimate of the changes produced by the 
components of the fermentation medium, the medium 
constituents were added incrementally in solid form to 
a 7.2kgm~?* resuspension of A. niger in a 100 milli- 
osmols saline solution. The results in Figure 2 show that 
the additions of the constituents do have an effect on the 
heat-transfer coefficient, reducing it by 10°, in total. A 
similar experiment was made with the medium added in 
normal sterilised form, and the total decrease in the 
heat-transfer coefficient was about 9%. 

Thus, during a fermentation, the major factor in the 
enhancement of the heat-transfer rate is the presence of 


cell aggregates. Any changes in osmotic pressure which 
occur in fermentations probably have a minor effect, but 
in resuspension of cells large changes in the rate of heat 
transfer can be produced by altering the osmotic 
pressure of the suspending liquid, up to the plasmolysis 
value. 
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Process Intensification 


P. J. HEGGS (MEMBER) 


Chemical Engineering Department, Leeds University 


The 10th Annual Research Meeting entitled Process 
Intensification was held at UMIST, Manchester, on 
18-19 April 1983. In all, 16 papers were presented 
covering a wide range of processes: mineral processing, 
chemical reactors, separation processes, heat transfer 
and design, control and operation of chemical plant. 


The first session was chaired by Professor E. T. 
Woodburn (UMIST) and the introduction to the sym- 
posium was presented by D. V. Greenwood (ICI Ltd, 
New Science Group). Process intensification is con- 
cerned with order of magnitude reductions in process 


plant and equipment, which is entirely opposite to the 
trends of the last two decades, when growth has been 
achieved by larger and better chemical plants. The 
reduction in size is not the only incentive, because a 
reduced inventory is a natural outcome of this approach. 
New design constraints must be circumvented by 
scientific innovations which may involve greater forces, 
but lead to greater simplification. The challenge is there, 
and the time is ripe for process intensification. 

The first paper considered ‘Underground processsing 
of gold ore by intensive methods’ (by Dr. P. Lloyd, 
South African Chamber of Mines). Comminution and 
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flotation processes were discussed in relation to reduc- 
tion in size for possible underground usage. In the case 
of comminution, the valuable material is obtained below 
ground, and the waste material used to alleviate grav- 
itational and thermal stresses. A centrifugal mill is being 
developed and the comminution forces are obtained by 
centrifugal accelerations. The present prototype grinds 
54 t/h and there is a very real reduction in size and mass 
of the machinery. In the area of flotation, attention is 
being focused on kinetic limitations in conventional 
cells. A cell has been designed to overcome these lim- 
itations, i.e. lack of air, particle-bubble interactions, 
cleaning and transportation of froth. Two sizes, 300L 
and 3m* have been tested, but it is still too early to 
conclude that all design objectives have been met. 

The next paper described ‘Enhanced liquid disen- 
gagement by electrostatic coalescence’ (by Dr. P. J. 
Bailes, University of Bradford). The technique uses a 
unidirectional field which is pulsed or at least 
fluctuating, and that has electrodes coated with a layer 
of insulating material. The conductance problem posed 
by the high proportion of the polar phase which is 
present in most solvent extraction dispersions has been 
solved in a novel electrostatic coalescer. The test work 
used a dilute sulphuric acid-20°% LIX64N in kerosene 
(Escaid 100) presaturated mixture of equal volumes of 
both phases. The frequency of pulsation has a pro- 
nounced effect on coalescence performance, which is less 
critical at high voltage. The correct combination of 
voltage and frequency allows total phase separation for 
the LIX system which is sustained for as long as the field 
is applied. 

‘The design of intensified coalescence equipment’ (by 
Dr. G. A. Davies, University of Manchester Institute of 
Science and Technology) continued the consideration of 
the separation of heterogeneous liquid mixtures. The 
presentation considered primary and secondary dis- 
persions, and emulsions, and two examples of separator 
development and intensification. These were a primary 
coalescer for dispersions, particularly relevant to solvent 
extraction plant and aspects of oil production, and a 
secondary coalescer relevant to intensification on off- 
shore platforms, and areas where space or performance 
is a premium. 

The final paper of the first session considered “The 
design of intensified continuous ion-exchange equip- 
ment’ (by Drs. M. Streat and F. L. Cloete, Imperial 
College London). The multistage fluidised bed ion ex- 
change technology was reviewed, and the Cloete-Streat 
concept of a multi-stage fluidised bed with controlled or 
periodic cycling to obtain countercurrent flow of liquid 
and solid in either a horizontal or vertical contactor was 
described. Since the early laboratory work started in 
1962, several large-scale plants for uranium recovery 
have been built and commissioned. 


The second session was chaired by Professor C. 
McGreavy (University of Leeds) and the first paper 
concerned ‘The development of a continuous shock tube 
for high temperature chemical reactions’ (by Dr. R. F. 
Flemmer, University of Natal). A process scheme was 
proposed for a continuous shock tube reactor for high 
temperature reactions. Process gases are preheated, ex- 


Chem Eng Res Des, Vol. 61, July 1983 


panded separately to supersonic speed through de Laval! 
nozzles, mixed and then passed through a standing 
shock creator, and finally quenched. Each stage of the 
process was discussed and shown to be feasible. Further 
development awaits a suitable candidate chemical reac- 
tion. 

The theme of intensification of chemical reactors 
continued with ‘The intensification of chemical reactors 
for fluids’ by Dr. J. C. Middleton and Mr. B. K. Revill 
(ICI Ltd, New Science Group). Equipment limitations 
are often in command over the expected performance of 
the chemistry when fast reaction steps are encountered. 
In these cases there are incentives to intensify the mixing 
or mass transfer. A mixing time related to the time 
required to reach 95° molecular hemogeneity is defined 
for reactions between miscible liquids. Turbulent jet 
mixers can give mixing times of the order of milliseconds 
which often will improve the yield of various reactor 
schemes. For multiphase reactors, the ejector and cy- 
clone devices can be used to provide the turbulence and 
mixing required for gas-liquid systems. 

Intensified mixing was then considered in the next 
paper on “The development of an inclined jet reactor 
system’ (by Mr. A. N. Leigh and Dr. P. E. Preece, 
University of Leeds). This inclined jet reactor combines 
reaction or extraction and separation in one unit and 
uses turbulent jets to generate high relative velocities 
between the two liquid phases. Inclined plates within the 
reactor reduce the reaction zone so keeping the dispersed 
heavy phase in the region of highest relative velocities. 
The reactor achieves power savings of between 20—70°, 
for simple extraction experiments in comparison with 
conventional mixer-settlers. 

The last paper in this session considered ‘The design 
of intensified polymer reactors’ (by Professor S. F. Bush, 
University of Manchester Institute of Science and Tech- 
nology). The paper discusses the polymer process and 
stresses that the reactor is only one part of the process. 
Product handling and monomer preparation stages con- 
tinue to show solid gains in relation to scale. However 
the fundamental relations between rate, precision and 
order are detailed, and suggestions are made that dedi- 
cated parallel reactors positioned between common ends 
of a process are a more attractive option with respect to 
grade flexibility, turn-down ratio and control 


The third session was chaired by Mr. B. F. Street (Air 
Products Ltd) and the first paper considered ‘Heat 
transfer on rotating surfaces’ (by Dr. J. Porter, Univer- 
sity of Newcastle upon Tyne). These devices have the 
great advantage that they exhibit enhanced heat transfer 
performance and satisfy some of the processing require- 
ments for high viscosity liquid processing. The paper 
discusses the aspects of liquid films flowing across the 
surface of a rotating disc with respect to hydrodynamics, 
heat and mass transfer. These include the effects of 
rotational speed, rheological properties of the liquid and 
entry conditions on film thickness, surface waves and 
minimum wetting rates. 

The final paper of the first day presented ‘Higee 
Chemical Engineering’ (by C. Ramshaw, ICI plc, HCBA 
New Science Group). The discussion is limited to ab- 
sorption and distillation, but the ideas can be extended 
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to other unit operations. At enhanced levels of acceler- 
ation, the forces stimulating counter-current motion are 
greater so that flooding velocities are higher, films 
thinner and bubbles smaller. These are the factors which 
can be used to raise film coefficients and to increase the 
interfacial area in a given volume. Recent experiments 
with packed rotors have shown an intensification factor 
of about 500 compared with convectional plate or 
packed columns. Also fine packings as small as 100 um 
at elevated accelerations have an intensified mass trans- 
fer coefficient at least 21 times greater than conventional 
2cm packings subjected to terrestial acceleration and a 
vapour velocity of Sms~'. 


The fourth session was chaired by Professor B. 
Linnoff (University of Manchester Institute of Science 
and Technology) and the first paper discussed 
‘Intensification of particle granular drying’ (by Mr. J. E. 
Gillett, ICI plc, Pharmaceuticals Division). The pharma- 
ceutical granule drying operation is often the process 
bottleneck in either conventional or integrated pro- 
cesses. The drving is beset by problems of granule 
attrition, biologically active dust emission, dust ex- 
plosion hazards and the need to clean down between 
product changeovers. Microwave drying under vacuum 
gives a 2-10-fold increase in intensification over con- 
ventional dryers. When feasible the use of volatile sol- 
vents can further intensify drying. 

‘Regenerative heat exchangers’ (by Dr. P. J. Heggs, 
University of Leeds) were considered next as an alterna- 
tive to shell and tube exchangers for gas-gas heat 
transfer. Regenerator matrices have a transfer surface 
area density at least an order of magnitude greater than 
plain shell and tube exchangers, and the heat transfer 
coefficients are also higher. An explicit design technique 
was presenied which provided the regenerator dimen- 
sions and the periodicity for specified flowrates, heat 
duties, pressure drops and matrix geometry. 

The third paper of this session considered ‘Heat 
transfer enhancement’ (by Dr. T. R. Bott, University of 
Birmingham). The paper discusses the factors that affect 
the enhancement of heat transfer for viscous liquids. A 
complex arrangement of wire was developed suitable for 
insertion into a tube. The matrix has an open structure 
and the outer elements press against the wall. In a 
particular application the overall size of the exchanger 
equipment was reduced by 80°, with reduced fan power 
requirements for a lubricating oil air cooled heat ex- 
changer. 


Dr. P. Lloyd (South African Chamber of Mines) 
chaired the fifth session and the first paper considered 
‘Designing for the control of intensified systems’ (by Mr. 
R. Benson and Mr. I. Prosser, ICI Engineering Dept.). 
This paper concentrates on the implications of intensi- 
fication on the control of processes and of control on the 
design of intensified processes. Intensified processes have 
small time constants in the order of seconds, are more 
interactive, which could well require multi-variable con- 
trol, and could have control degrees of freedom which 
are not available in conventional equipment. In addition 
intensified processes will require intensified measure- 
ments and control valves. Intensification offers the con- 
trol engineer a number of challenges and a tremendous 
opportunity to improve the performance of process 
equipment. 

‘Capacity increase in some Australian process plants’ 
(by Drs. D. J. Brennan and I. J. Harris, University of 
Melbourne) considered the technical and economic as- 
pects of previous capacity increases during the operating 
lives of the plants. A wide range of chemical plants were 
investigated by considering capacity assessment, capac- 
ity utilisation and capacity increase. The potential for 
capacity increase by intensification or parallel addition 
has implications not only for existing plants, but also for 
the design philosophy of new plants. 

The final paper of the meeting discussed ‘Intensifi- 
cation concepts in process design’ (by Dr. R. E. Smith, 
Davy McKee (London) Ltd). The current economic 
situation in the petrochemical industry demands that 
process design packages are: tight, exact and the risk 
calculated. These aspects can be obtained by innovation 
and intensification. The construction can be minimised 
by design modularisation. Often the phrase ‘that’s 
known technology’ is used in design, yet accepting this 
overlooks the possible improvement and innovation that 
could be included. 

The final session was chaired by Mr. D. V. Green- 
wood (ICI, New Science Group) and was a general 
discussion on ‘Developing the intensification theme’, 
which was introduced by Dr. C. Ramshaw (ICI, New 
Science Group). The discussions centred on: the advan- 
tages of clean feedstocks; energy economy has created 
many innovations, but the energy constraint must be 
removed when considering intensification; plant integra- 
tion and overall, good scientific methodology, and the 
application of the fundamentals of chemical engineering; 
and last but not least, the will to pursue the theme of 
intensification. 


The 11th Annual Research Meeting is to be held in conjunction with the AGM at Bath, 10-12 April, 1984. The two 
themes of the meeting will be “Applied Catalysis in Chemical and Biochemical Engineering’ and “Heat Transfer”. 
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In “Effect of high particle concentration on the boundary layer flow in a 
hydrocyclone”, G. N. Gaunt describes the solution of a mathematical model of 
a hydrocyclone with a high concentration of particles within the side wall 
boundary layer. Near the wall the particle concentration is very high and further 
out the concentration is lower. This distribution is assumed to be two step 
functions. Further the effective viscosity of the liquid is assumed to be an 
exponential function of concentration. The author then solves the integral forms 
of the equations of motion and presents graphs of velocity profiles, boundary 
layer thicknesses and wall shear stress. The author notes that there is a maximum 
in the wall shear stress at the cut-off point as feed concentration increases and 
concludes that overloading may be due to the shear stress in the slurry falling 
below its yield value. The paper indicates useful areas for experimental in- 
vestigations. This paper together with such investigations should be of consid- 
erable help to the designer of hydrocyclones 

B. E. Siddig-Mohammed, F. A. Watson and F. A. Holland report a “Study 
of the operating characteristics of a reversed absorption heat pump system (heat 
transformer)”. As in all heat pumps the reversed absorption heat pump raises 
the temperature of low grade heat energy to a more useful level using a small 
amount of higher grade energy. It has however the unique property of being able 
to raise the working fluid temperature above that of the waste heat source. The 
authors report experimental data for aqueous solutions of calcium chloride in the 
form of temperature ‘iift’ and coefficients of performance. The results indicate 
that ‘lifts’ of more than 40°C and coefficients of performance of at least 25°, can 
be achieved. The results also show the limitations on ‘lift’ imposed by crys- 
tallisation and the reduction of those limitations by the addition of lithium 
chloride. New data of the vapour pressure and enthalpy of aqueous calcium 
chloride solutions are also reported. This study indicates that this type of heat 
pump is a promising device for energy recovery 

In “Evaluation of mass transfer and backmixing parameters in extraction 
columns from measured solute concentrations”, V. Rod, Fei Wei-Yang and ( 
Hanson consider the problem of evaluating the non-ideal flow parameters from 
experimental measurements. They point out that most such data are obtained by 
stimulus—response techniques leading to a paucity of data for full-scaie industrial 
units and different values for the parameters for different experimental methods 
The authors report a Monte Carlo simulation of an extraction column in which 
the solute cencentration profiles in both phases were ‘sampled’. This enabled two 
backflow parameters and a inass transfer number to be estimated and compared 
with their true values. Good agreement is obtained. The influence of the location 
of the sampling points is also considered as are deviations from the model. In 
particular the authors recommend the use of a four parameter model (variable 
mass transfer number) to allow for variable interfacial area. It is noteworthy that 
the technique can be used for full-scale plant without disruption of the process 

The prediction of the effect of mixing on a chemical reaction is considered in 
“Micro-mixing and the selective iodination of |-tyrosine” by J. R. Bourne and 
S. Rohani. The authors applied a previously developed model requiring the 
kinematic viscosity of the reacting mixture, the rate constants and the power 
number of the impeller to the extensive data of Paul and Treybal. When either 
operating or tank configuration were changed, the model consistently predicted 
correctly the direction (but not always the extent) of the resulting change in yield 
Possible reasons for the discrepancies are discussed. It appears that the authors’ 
model deals successfully with a wide range of reaction parameters and should be 
useful to the designers and operators of chemical reactors 

A computer for use in flow-sheeting programs is described by P. Oliero and 
C. Amselem in “Decomposition algorithm for chemical process simulation”. The 
authors discuss the problem of identifying the minimal set of streams which must 
be assumed in order to solve a recycle system (the torn set). They propose a new 
algorithm for this problem based on the signal graph of the process flow sheet 
and give a BASIC program for its implementation. Examples of its application 
are also given. The method should be a useful additional technique for workers 
in this area 
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N. M. G. Oosterhuis and N. W. F. Kossen report on “Oxygen transfer in 
a production scale bioreactor”. The experimental work was carried out in a 
25m’ reactor fitted with two turbine impellers and equipped with a probe 
for measuring oxygen concentration at different heights in the reactor. The 
results from this reactor are analysed in terms of a two-compartment model 
consisting of a bubble zone and a well mixed zone. Published correlations are 
used for the parameters of the model including mass transfer coefficient, gas 
hold-up, power input and pumping capacity. A distinction is also made between 
coalescing and non-coalescing systems. The authors show that their model 
predicts the general shape of the oxygen concentration profile. In addition the 
oxygen transfer rate is predicted better by the two-compartment model than by 
a one-compartment (completely mixed) model. A four-compartment model did 
no: improve the agreement. Refinement of the model is in hand and the authors 
appear to have developed a useful technique for scaling-up stirred tank bio 
reactors 

“Hydraulic transport of coarse gravel particles in a smooth horizontal pipe” 
is discussed by Chhabra and Richardson. Experiments on the flow of three sizes 
of gravel and water in a 42 mm diameter pipe are reported in terms of total 
pressure gradient as a function of discharge concentration at a series of mean 
mixture velocities. In particular the authors examine the assumption that the 
two-phase pressure drop is a linear function of discharge concentration. They 
conclude that this is so only when a moving bed is formed in the pipeline. The 
transition from a linear to a non-linear dependence was found to correspond 
roughly to the Zandi~Govatos criterion. Finally, the authors found that the 
pressure drop could be correlated satisfactorily by a long-established equation 
due to Newitt et al. This paper clarifies a number of issues in this field and should 
be of value to designers of equipment handling solid/liquid flows 

In a Shorter Communication P. D. Martin reviews previous classifications 
of fluidisation, e.g.. bubbling versus non-bubbling, and points out that certain 
fluidised systems do not fall easily into one of only two categories 
Following the work of Geldart and Creasy he concludes that the three properties 
of density difference, particle diameter and fluid viscosity need to be considered 
The author presents and discusses a three-dimensional diagram of fluidisation 
regimes. It would be of considerable interest to see Martin's analysis tested 
further, particularly near the boundaries of his diagram 

The EFCE Working Party on Distillation, Absorption and Extraction has 
recommended two test systems for use in liquid-liquid extraction work. In a 
Shorter Communication P. J. Bailes, J. C. Godfrey and M. J. Slater analyse the 
characteristics of these systems and conclude that safety requirements could lead 
to prohibitively expensive measures being required for large-scale use. Operating 
experience with two alternative systems which do not have this limitation, and 
with two other test systems is reported. This communication will be a useful 
source of information for workers in this field 

The measurement of voidage in a bubble column is considered by J. J. J. Chen, 
Y. C. Leung and P. L. Spedding in a Shorter Communication. The authors 
describe the ‘spill-over’ probe as an alternative to isokinetic sampling. They 
report that this simple device compares favourably with data in the literature and 
also with conventional methods 

The operating flow regimes on a valve tray are reported in a Shorter 
Communication by H. Dhulesia. Using a light transmission technique the 
transitions between froth, froth-spray and spray regimes were observed. The 
measured transitions are reasonably correlated by Spell’s criterion of a linear 
dependence between gas hole velocity and clear liquid height at a transition 
These correlations should be of use to the designer provided that the author's 
note on systems other than air—water is observed 


Brian Gay 
Hon. Editor 





Notes for Authors 


Editorial Policy and Standards 

1. Papers published in the Journal will be original con- 
tributions to chemical engineering knowledge, not previously 
published. In particular, the Editorial Board encourages the 
submission of papers which show how the results of research 
may be used in chemical engineering design. Such implications 
for design should be brought out clearly in the paper and its 
summary. 

Accounts of research work of an experimental or theoretical 
nature which throw new light on established principles, which 
identify problems not yet solved, or indicate practical areas to 
which research effort may usefully be applied are also invited. 
Reports from industry and from research establishments are 
particularly welcome 

Papers may also deal with new developments of plant or 
processes if these developments are related to underlying 
principles and can be given quantitative expression. 

2. Authors need not be members of the Institution. Papers 
must be in English and should normally be of 2500 to 5006 
words, including Appendices. Figures should also be included 
in this count, each being estimated as equivalent to 250 words. 

3. The Editorial Board will, however, also welcome Shorter 
Communications (less than 2500 words) for consideration for 
publication; these would describe, for example, novel research 
techniques, new analyses of previous work, or interesting 
aspects of work still in progress. A faster refereeing procedure 
has been arranged for such short Papers. 

4. The Journal also publishes a limited number of longer 
Review Papers, which are critical assessments of previously 
published work in a selected area of chemical engineering. In 
conformity with editorial policy, Reviews should show how the 
results of research can be used in the design of plant and 
equipment. 

Most Reviews are specially commissioned by the Editorial 
Board, but authors are also invited to offer Reviews for 
consideration for publication. In view of the substantial effort 
required, authors are advised to communicate with the Editor 
before embarking on a Review. 

5. It is the policy of The Institution to publish only papers 
of the highest quality. To help maintain these standards ail 
papers submitted are sent to referees familiar with the branch 
of chemical engineering covered. They advise as to whether the 
paper is acceptable or not and, in addition, indicate to the 
author possible ways in which, in their opinion, the paper 
might be improved. The final decision on publication is taken 
by the Editor in light of this advice. 


Manuscript Requirements 

i. The text should be typewritten, using one side of the 
paper only, double-spaced and with adequate margins to allow 
for revision and copy preparation marks. A summary, pre- 
ceding the text, should briefly describe the essential original 
contents of the paper. 

2. Mathematical expressions can sometimes be more easily 
interpreted by the printer if carefully written by hand. Where 
many equations appear, a list of symbols used should be 
inserted at the end of the paper, before the references. SI units 
shouid always be used; the negative index notation is preferred 
to the oblique stroke. 

3. References are listed in the order in which they are first 
cited in the text, where they are indicated by superscript 
numbers. They should give in order: Authors’ surnames and 
initials, Year, Title of book or journal, Volume, Issue, Page 
numbers , followed by name and town of publisher in the case 
of a book. 


4. Tables, drawings and photographs should be on separate 
sheets at the end of the manuscript and not interspersed in the 


text. Tabulated data should not duplicate values detailed in the 
text or on graphs. Drawings submitted should be clear and 
complete and preferably in a form suitable for direct re- 
production. Photographs should be restricted to the minimum 
necessary. 

5. Where limitations of space preclude publication of de- 
tailed results, mathematical derivations, etc, authors are in- 
vited to include in their paper a statement that this information 
is available from them on application. Authors may make an 
appropriate charge for supplying items requested in this way. 
Such material should be supplied with the paper when submit- 
ted to the Editor. 
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EFFECT OF HIGH PARTICLE 
CONCENTRATION ON THE BOUNDARY 
LAYER FLOW IN A HYDROCYCLONE 


By G. N. GAUNT 


Department of Applied Mathematical Studies, University of Leeds 


In this paper the effect of particles on the side wall boundary layer of a conical cyclone is considered. To model the presence 
of a high concentration slurry within the boundary layer, formed by the build up of particles at the wall, a boundary layer 
consisting of an inner laver of very high concentration and an outer layer of lower concentration is considered. Within the 
boundary layer viscosity is taken to be a function of concentration and the boundary layer equations are integrated across 
the boundary layer and are solved by using a Pohlhausen technique. The effect of increasing feed concentration is considered 
and an explanation is given of the mechanism by which overloading occurs. 


INTRODUCTION 

The cyclone is used extensively in industry both as a 
separator and classifier of particles suspended in liquid 
and in some cases as a separator of liquid-liquid and 
gas-liquid mixtures. Its main advantages over its com- 
petitors are its simplicity of operation and design (Figure 
1) and small space requirement for a very high through- 
put. Separation is achieved by injecting the suspension 
tangentially into the upper region of the cyclone creating 
a strong swirling motion. The fluid then spirals down the 
outer region until it is forced into the central region 
where the bulk of it spirals upwards and exits at the 
overflow. A force field is created by the rapid swirling 
motion causing the denser particles to drift to the wall, 
where they become trapped in a downward moving flow 
and are removed at the underflow. These basic flow 
patterns are complicated by the existence of boundary 
layers on the top and side walls, an air-core at the centre 
and eddies in the upper section. 

One of the main draw-backs to the use of cyclones is 
the lack of predictability in performance which results 


from the complexity of the flow and the profusion of 


design and operating variables. However mathematical 
models are now being developed which should even- 
tually alleviate this problem, notably a recent paper' 
which utilises a turbulence model to predict the fluid flow 
and particle trajectories in a cyclone. This unpredict- 
ability is of particular importance when dealing with 
mixtures of high solids concentration since above a 
certain level of feed concentration the efficiency is so 
impaired that it becomes impracticable to use a cyclone. 
Overloading is characterised by a very sluggish dis- 
charge, with no spiralling, at the underflow. 

When the cyclone is operating normally there are two 
types of discharge, which have been classified as: vortex 
type, which consists of a spiral spray of liquid and solid 
with an air-core present; and ‘sausage’ or ‘rope’-like, 
which is a rotating almost solid spiral. The optimum 
choice of discharge depends on the operating require- 
ments. If a minimum of solids in the overflow is required 
then a ‘vortex’ discharge is preferable whereas if the 


requirement is a minimum of liquid in the underflow 
then the more solid ‘rope’-like discharge is perferable, 
although this may be difficult to maintain since a small 
increase in feed concentration may result in overloading. 

Prior to overloading, efficiency can be maintained for 
increased feed concentration by enlarging the underflow 
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to cope with the extra flow of particles. Laverack’ 
studied the boundary layer flow, accounting for particle 
concentration, and concluded that if a cyclone is oper- 
ating satisfactorily at a feed concentration of 5°, then 
the underflow should be increased by a factor of 1.6 
when the feed concentration is increased to 15°. The 
level of concentration at which overloading occurs will 
obviously depend on design and operating conditions 
but it has been variously quoted as: 25°, by Dahlstrom’, 
15°, by the same author* and 33% by Zhevnovatyi°. The 
catastrophic fall in efficiency when overloading occurs 
was demonstrated by Dahlstrom*, who, with almost 
identical operating conditions, recorded gross efficiencies 
of 61.7 and 7.3% for vortex and overloaded discharges, 
respectively. 

The possible causes of loss of efficiency for high feed 
concentrations are: interaction of particles resulting in 
hindered settling; an increase in effective viscosity both 
in the main stream and in the boundary layer at the wall; 
and higher concentrations at the wall and apex with 
resultant alterations to the character of the boundary 
layer flow and discharge. Hindered settling and in- 
creased viscosity in the main stream are unlikely to 
account for the sudden loss of efficiency when over- 
loading occurs. Even when the cyclone is overloaded 
there exists a high concentration of solids at the 
underflow, although the rate of discharge is impaired, 
indicating that it is not the way in which particles are 
separated to the wail which is important but the effect 
on the boundary layer flow at the wall and the sub- 
sequent discharge at the underflow causing particles to 
return to the mainflow. 

There have been several studies of the flow in the 
boundary layer of a cyclone and related problems. 
Burggraf et al.° solved the boundary layer equations 
numerically for a potential vortex about the axis of a disc 
and deduced that a double-structured boundary layer 
existed near the centre, consisting of a viscous inner layer 
and an essentially inviscid outer layer. Bloor and 
Ingham’ extended this work by including an inward 
radial flow as well as a potential vortex and again found 
that a double-structured boundary layer existed as the 
centre was approached. 

More approximate methods, based on a technique due 
to Pohlhausen, which makes use of the momentum 
integral equations, have also been used with some 
success. Taylor’ studied the boundary layer flow in a 
swirl atomiser, by considering the secondary motion due 
to a free vortex on the axis of the cone and using the 
circumferential and meridional momentum integral 
equations to determine the thickness of the boundary 
layer and the radial veiocity peak in the boundary layer. 
Binnie and Harris’ extended Taylor’s work to include a 
radial sink flow outside the boundary layer, but they did 
not allow for overshoot velocities in the boundary layer. 
Cooke’ also extended Taylor’s work by assuming two 
different boundary layer thicknesses for the radial and 
azimuthal velocities, but this refinement did not produce 
results as good as might have been expected. 

Rott and Lewellen'' produced an extensive review 
article in which both laminar and turbulent boundary 
layer flows, on bodies of various shapes, were studied, 
but the only external flow considered was a swirling 


motion. Wilks'? considered a swirl atomiser with a sink 
flow, but assumed a linear relationship between the 
momentum thickness and boundary layer thickness and 
between the mixed momentum thickness and boundary 
layer thickness, thus reducing the problem to solving one 
ordinary differential equation. His results showed an 
overshoot velocity of about 5°, in the boundary layer 
when the initial spin and radial components of velocity 
were equal. Bloor and Ingham" followed Wilks’ method 
but without the simplifying assumptions of linearity and 
obtained overshoot veiocities of 500°,, which were not 
of the same order of magnitude as indicated by the 
numerical results of Burggraf et al.°. Bloor and Ingham" 
also showed that a consistency relationship existed be- 
tween the radial and azimuthal velocity profiles, which 
had been omitted from Wilks’ work, and with this 
included produced results which were in close agreement 
with the numerical ones. 

The above studies were all for pure fluid flows and give 
a good indication as to the flow in a cyclone boundary 
layer and the methods which can be used in its deter- 
mination, but to gain a more detailed understanding it 
is necessary to consider the effects of the presence of 
particles. Laverack* followed the guidelines iaid down by 
Bloor and Ingham for the use of the Pohlhausen method, 
but extended the work by taking the viscosity to be a 
function of the particle concentration. He assumed that 
the concentration was uniform across the boundary 
layer and determined its value at stations along the wail 
by integrating back along a particle path to a level where 
the concentration was known and equating the mass flux 
of particles through the boundary layer at the station 
where the particle reached the wall to the mass flux of 
particles through the annulus between the wall and the 
source of that particle. 

Laverack"* also carried out a more detailed analysis of 
the effects of particles, and solved the two-phase bound- 
ary layer equations numerically. He found that the 
particles were distributed uniformly across the outer 
region of the boundary layer, but within a narrow region 
near the wail, where the centrifugal acceleration reduced 
rapidly to zero, there was a sharp increase in particle 
concentration. In using the Pohlhausen technique with 
an average concentration across the boundary layer the 
influence of this sub-layer of very high concentration at 
the wall was not taken into account. 

In the present work a concentration profile is intro- 
duced to represent two sub-layers of different concen- 
tration. As in the work of Laverack’ the viscosity is 
taken to be a function of concentration and the 
Pohlhausen technique is used to solve the governing 
equations. In this case, however, the effective kinematic 
viscosity varies between the two sub-layers and the usual 
velocity profiles are adapted to make them compatible 
with the variation in viscosity. Another unknown is 
introduced, essentially the ratio of the thickness of the 
two layers, which necessitates the inclusion of another 
equation and this is obtained by considering conser- 
vation of particle mass within the boundary layer. The 
advantage of this model is that the averaging process, 
inherent in the Pohlhausen method, does not average out 
the important effect of the very high concentration at the 
wall on the boundary layer flow. 
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BOUNDARY LAYER FLOW 


Two coordinate systems (Figure 1) are used, one to 
represent the flow in the main body of the cyclone and 
the other for the flow in the side wall boundary layer. 
For the main flow the coordinates are (R, 0,2), where R 
is the radial distance from the axis of the cone, @ is the 
azimuthal angle and z is the distance along the axis from 
the apex. In the boundary layer (r, #,) are used, where 
r is measured along a generator of the cone from the 
apex and n is normal to r and directed towards the axis. 

In order to model the effect of the heavy concentration 
of particles inside the boundary layer it is necessary to 
assume some relationship between the effective kine- 
matic viscosity, v, and the mass concentration of the 
suspension, c. Several forms of this relationship have 
been proposed by various researchers. Here, to be 
consistent with the work of Laverack’, the form chosen 
is: 


v = v, exp(mc) (1) 


where v, is the kinematic viscosity of the pure fluid, c is 
the mass of particles per unit mass of suspension and w 
is a constant. This equation was determined experi- 
mentally by Every et al.'° for a coke diesel slurry. 
Without doubt this relationship depends on the proper- 
ties of the material under consideration and would have 
to be adapted accordingly to obtain quantitative results. 
However, provided v is a realistic monotonically in- 
creasing function of concentration, the particular choice 
of relationship should not affect the general conclusions 
drawn from the model. 

Before solving the boundary layer equations the vel- 
ocities to be taken at the outer edge of the layer must be 
established. On the assumption that the effects of par- 
ticle concentration on the flow are negligible outside the 
boundary layer region, then the radial and azimuthal 
components of velocity at the outer edge of the bound- 
ary layer have been predicted by Bloor and Ingham'®"’ 
to be: 


UU) = ——>, 
(r/r.j" 

r 4 2 5/2 
VG, sL(r/ry >) 
(r/r.Jy GEL) 
where U; and J; are the radial and azimuthal com- 
ponents of the inlet velocity and r, is the distance from 
the apex to the inlet along the generator of the cone. L 
is a non-dimensional parameter, essentially a Reynolds 

number, and is given by: 

RU; 
) 

rm 
where R. is the radius of the cyclone and y,, is a measure 
of the viscosity. y(m, x) is the incomplete gamma func- 
tion, defined by: 


Vir)= (3) 


L=-f 


vin, x) = | t"—'e-"di 


J9 


Equation (3) represents a transition from free vortex 
to solid body rotation as the apex is approached. In 
practice this equation allows for a simple test of the 
effects of particle concentration in the main flow on the 
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boundary layer flow, since decreasing L is equivalent to 
increasing the viscosity, although this does noi take 
account of variations of concentration within the cy- 
clone and cannot be related to specific concentrations. 

The integral forms of the equations of motion within 
the boundary layer (momentum integral equations) can 
be written: 


( ‘ , . 
ru* dn — U-— 


ru dn - | v> dn 


) 


where u and v are the velocity components in the radial 
and azimuthal directions, respectively and 6 is the 
boundary layer thickness. in deriving these equations it 
has been assumed that the effect of viscosity is negligible 
in the main flow and use has been made of the continuity 
equation: 
C(ru) O(rw) 

- = () (6) 
On 
where w is the normal component of velocity. Details of 
the derivation of these equations can be found in 
Laverack’s paper’. 

To solve the momentum integral equations by the 
Pohlhausen method it is necessary to assume velocity 
profiles which satisfy some of the boundary conditions 
and are compatible with the physical situation. In this 
case it is also necessary to introduce a concentration 
profile, which adequately models the distribution of 
particles across the boundary layer 

Consider first the concentration profile. It has been 
shown by Laverack"* that the boundary layer essentially 
consists of two sub-layers of different concentrations, 
where the concentration of the outer layer is determined 
by the concentration just outside the boundary layer and 
the inner layer is a slurry of high concentration formed 
by particles shooting across the outer layer and gather- 
ing at the wall. The simplest model representing this 
phenomenon is a step-function profile for concentration 
of the form: 


O<n<d{r) 4 

(7) 

d(r)<n <d(r) 

where 6,(r) is the thickness of the slurry at the wall and 
Cy and c, are constants. cy represents the concentration 
of the slurry, and is essentially a measure of the ability 
of the particles to ‘pack’ and its value will, therefore, 
depend on the shape of the particles under consid- 
eration. In general regular shaped particles (e.g. spher- 
ical) will pack better than irregular shaped ones and will, 
therefore, have a higher value of cy. Strictly, c, should be 
a function of r and the feed concentration, but, for 
simplification, it will be taken to be a constant. The 
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corresponding feed concentration is then calculated 
from the flux of particles through the boundary layer at 
the cut-off point, after which no more particles enter the 
boundary layer. This simplification should not be detri- 
mental to the conclusions drawn from this work, since 
the cut-off point is critical in considering the effects of 
feed concentration on the boundary layer flow. 

Now consider the velocity profiles. The azimuthal 
velocity, v, merely increases from zero at the wall to the 
mainstream velocity, V, at the outer edge of the bound- 
ary layer. Similarly, in the absence of spin, the radial 
velocity, u, would increase from zero to U. However, the 
swirling motion in the cyclone produces a pressure 
gradient with a component down the cyclone wall which 
drives fluid through the boundary layer. The radial 
velocity profile must, therefore, allow for the possibility 
of an overshoot velocity. Having included a discon- 
tinuity in the concentration profile, the velocity profiles 
must have a discontinuity in gradient at the interface of 
the slurry and outer region of lower viscosity, to make 
the shear stress continuous across the layer. Hence 
suitable forms for the velocity profiles are: 


oa KH FYlE,r) +A) F(Er) 
-=—=F(é,r)+A(r)F (er 
UU | 

"° = G(é,r) 
oe 


“ = Fi(E,r) + A(r)F(é.r) 





v; ete 
V >= G(¢, r) 





where €(=n/0(r)) is a similarity variable, e(=6,(r)/d(r)) 
is the ratio of the slurry thickness to the overall bound- 
ary layer thickness and /A(r) measures the relative im- 
portance of F,(é,r) and F,(é, r) which are introduced to 
take account of the induced radial flow through the 
boundary layer. 

The functions F,(é,r), Fi(é.r), FiAlé.r), F(é.r). 
G(é,r) and G,(é, rr) are chosen to satisfy the boundary 
conditions, but first some consideration should be given 
as to which boundary conditions need to be imposed and 
as part of this work a detailed study was made to 
determine the essential ones. For brevity the details are 
omitted from this paper but the conclusion was that the 
necessary and sufficient conditions are: 


Uy =v = () 


together with continuity of velocity and shear stress at 
the interface of the two layers which gives the additional 


conditions: 


Uy = Uy 


Oly 
On 
Ov, 

eo — 

On 

The velocity profiles can now be chosen and the 
momentum integral equations (4) and (5) can be written 
as two ordinary differential equations of the form: 


a ee Oe a Ree 
L,.41—>- >= > 8 56,4,V' =F oe 
le dr’ dr’ dr’ } 


(see Appendix 1, equations (31) and (32)). 

V’ is given explicitly by the non-dimensional form of 
equation (3) but rather than calculate incomplete gamma 
functions it is more convenient to solve another 
differential equation which is obtained by differentiating 
equation (3) with respect to 7’: 

d(V’r’) L(5/2L)'” 
dr’ y@.¢L) 

Having introduced a concentration profile, the mo- 
mentum integral equations contain an extra unknown, ¢, 
the ratio of the thickness of the slurry to the overall 
boundary layer thickness and another equation is 
needed. If the velocity with which the particles enter the 
boundary layer is determined then the necessary equa- 
tion can be obtained by considering particle conser- 
vation within the boundary layer. 

Considering the main flow, there exists an equilibrium 
line for particles of a given diameter, along which the 
horizontal velocity of those particles is zero. The inter- 
section of this line with the wall of the cyclone (r = r,) 
is called the cut-off point, since below this level no 
further separation can take place. Assuming that par- 
ticles, which have entered the slurry prior to the cut-off 
point remain there and that the drag force on the 
particies obeys Stokes’ Law then, at n = d(r): 


r’exp(—: Lr”) (13) 


(o.—p) .,V? 
w — f f ": cot a* 
18 r 


r > r 
r<r, 


where w, is the velocity of the particles normal to the 
wall, dis the diameter of the particles, p, and p are the 
densities of the solid and liquid, respectively and «* is 
haif of the included angle. 
The final ordinary differential equation can now be 

derived: 

F ‘dd’ de di dV’ ea ) 

LA so a 8 A, =r 

hao dr’ dr’ dr 


n,Md?6‘(V'r’y 


(No i) n,)r’>? 
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(p,— p)V? cot a* 

18pr'?(—U,)'? v7? 
(see Appendix 2, equation (35)). 

Equations (11), (12), (13) and (15) are four simulta- 
neous first order equations, which are solved numerically 
using a standard Runge—Kutta—Merson method of inte- 
gration. 

Before this can be done the initial values of V’r’, 6’, 
é and 4 must be determined. In the upper region of the 
cyclone it can be assumed that, close to the wall, free 
vortex flow exists, therefore: 


M 


Assuming that the boundary layer thickness is zero at 
the inlet, then: 


Also the flow through the boundary layer, induced by 
the spin should be zero initially, hence: 


A=0 at r’'=!1 


An examination of equations (11), (12) and (15) shows 
that the derivatives of 0’ and ¢ are singular at r’ = 1. So 
in order to start the integration it is necessary to 
determine, analytically, their behaviour near the inlet. 
Knowing that the boundary layer is initially Blasius and, 
therefore, that the leading order term in the expansion 
of 6’ is QU —r’)'*, an examination of equation (15) 


reveals that the leading order term in the expansion of 


é must be O(1 — r’)'* Hence taking: 


6’=a(1 —r’)'? + higher order terms ) 
(16) 
é = b(1—r’)'* + higher order terms} 
the values of a, and 4, are found by substitution into 
equations (11), (12) and (15) and are given by 


) 


2 exp(wc;) 
ly = 
c \ ( -], om I, + I, + 21, + Is), 0 


uo( ed 
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PARTICLE DYNAMICS 


It now remains to calculate the cut-off point, r,, for a 
particle of given Stokes’ diameter and to determine the 
feed concentrations equivalent to the chosen boundary 
layer concentrations, cy and c,. To obtain these, use is 
made of an inviscid rotational flow model developed by 
Bloor and Ingham'® which predicted horizontal and 
vertical components of velocity in the main body of the 
cyclone, which were in close agreement with the experi- 
mental results of Kelsall'*. These are given as: 


99 = —BR??/z? (18) 
g. = +BR~'?(3a* — 5R/z) (19) 
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where gz and q. are the velocity components in the 
direction of the cylindrical co-ordinates R and 2z, re- 
spectively and B is given by: 


B= g 


+ 


= (20) 
2na”'*(a* —a/l) 


where Q is the flux of fluid through the cyclone, a is the 
outer radius of the vortex finder and / is the vertical 
distance from the apex to the level of the vortex finder. 
Furthermore the stream function, w, is given by: 
Ww = BR**(a* — R/z) (21) 
If the drag force on the particles is assumed to obey 
Stokes’ Law then balancing the radial fluid velocity, gp, 
from equation (18) with the outward drift velocity of a 
particle of diameter d, gives the line of zero horizontal 
velocity (equilibrium line) for the particle as: 
R” /d y7 


2”? A) 


(22) 


R’ 2 
where R‘(=R/R.) and z’(=z//) are non-dimensional 
variables and A’ is a parameter which is given by: 
I8uR2°B 
(p,— p)PV? 


The form used for the spin velocity, V, is that derived 
by Bloor and Ingham"’, i.e 
1 y@.¢ LR”) 
= — x (23) 
RK 97G$L) 

The cut-off point is given by the intersection of the 
equilibrium line (22) and the cyclone wall (R’ =z’) 

The line of zero vertical velocity is given by equation 
(19) with g. = 0 and in non-dimensional form is: 

al (24) 
Z P) 

Particles cannot cross their equilibrium line so, re- 
ferring to Figure 2, particles which reach their equi- 
librium line between D (the intersection of (22) and (24)) 
and C (the cut-off point) remain in the region of 
downward flow and must, therefore, enter the boundary 
layer between B and C. All other particles reach their 
equilibrium line in the region of upward flow and escape 
through the overflow. 

The path of a particle is given by the differential 
equation: 


dR qz+ (drift velocity of particles) 


dz q 
which in non-dimensional form is: 


dR’ —R??/2’24 (d/APV7/R 


-= (25) 
dz R*~**(3 — 5SR’/z’) 

Integrating equation (25), numerically, from D to the 
level of the vortex finder where the suspension can be 
regarded as homogeneous, with concentration equal to 
that of the feed, gives the point A (R,,2,) and all the 
particles which enter the boundary layer can be assumed 
to pass through the annular region between A and B. 
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Figure 2. Schematic representation of the path of a particle of diameter 
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Therefore the mass flux of particles entering the bound- 
ary layer is: 


—2nni (Ra, Z,) (26) 


where y, is the mass of particles per unit volume of the 
feed. 

The mass flux of particles through the boundary layer 
at the cut-off point is: 


(* dir) 


2nR(r)( No | Uy dn +n, | u dn | 
0 a(r)o(r) 


f ar)dtr) 
(27) 
evaluated at r =r. 

Since expressions (26) and (27) must be equal the 
equations which give the feed concentration for particu- 
lar choices of c, and c, are: 


R37(1— Ra) 


", = {Hr '°6 ‘Ino fae? 2+ n(l—e tah hi (28) 


and 


Ni 
Ci = ——e a 
ni + p (1 — n/p.) 
where non-dimensional variables have been introduced 
and use has been made of equations (20) and (21) and 
H is given by: 


Pena Ma 


a 
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RESULTS 


As discussed earlier the concentration of the slurry 
lepends on the nature of the particles, however, if a 
cyclone is operating efficiently it is this slurry which must 
be removed at the underflow so the probable range of 
values can be deduced by considering experimental data 
on underflow concentrations. These indicate that the 
slurry concentration is most likely to lie between 50° 
and 80% (e.g. Bradley’). Hence results are presented for 
slurry concentrations within this range. In all the results 
the dimensionless parameters K and L are taken to be 3 
and 200, respectively, which are appropriate to a three 
inch cyclone as used in Kelsall’s experimental work". 
With the exception of Figure 7, in which comparisons 
for different diameter particles are made, results are 
presented for Md’ equal to 4.24, which corresponds to 
a particle of diameter 20 4m, with M compatible with 
Kelsall’s work. 

Figure 3 shows the radial velocity profiles at various 
stations down the wall for a slurry concentration of 60°, 
and an outer layer concentration of 10°, which is found 
to correspond to a feed concentration of 9.0°,. For 
comparison, the corresponding profiles for the case 
when no particles are present are also shown. These 
illustrate the way in which the profiles have been adapted 
to model the presence of the slurry at the wall. In both 
cases the velocity peak increases as the solution 
progresses down the wall, and in the case where particles 
are present the choice of profiles also results in the peak 
moving away from the wall as the slurry grows relative 
to the overail boundary layer thickness. 

The slurry and overall boundary layer thickness are 
shown in Figure 4 as a function of distance down the 
wall for a slurry concentration of 60°, and outer layer 
concentrations of 5, 10, 20 and 27°,, which are found to 
correspond to feed concentrations of 4.4, 9.0, 20.3 and 
30.4%, respectively. In practice, the concentration at the 
outer edge of the boundary layer should not be less than 
the feed concentration. The contradictions, here, arise 
from the way in which the concentration in the boundary 
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Figure 3. Radial velocity profiles across the boundary layer along the 
wall. 
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Figure 4. Slurry and boundary layer thickness as a function of distance along the wall for a slurry concentration of 60.0 


concentrations 


layer has been modelled, but, since all the particles 
entering the boundary layer are accounted for in calcu- 
lating the feed concentration, the correlations to feed 
concentration should be sufficiently accurate for general 
conclusions to be drawn from the results. Again, for 
comparison, the boundary layer thickness when no 
particles are present is also included. For lower feed 
concentrations (4.4 and 9.0°,) the form of the boundary 
layer, prior to the cut-off point, is largely unaffected by 
the presence of the slurry, the main effect being to 


displace it from the wall. However, for higher feed 
concentrations (20.3 and 30.4°,) the slurry dominates the 
boundary layer prior to the cut-off point and causes it 
to thicken rapidly, in a region where for lower or no 
concentration the boundary layer is thinning. 

Figure 5 shows the variation in the shear stress at the 
wall as a function of distance down the wall, for the same 


and various feed 


feed concentrations as Figure 4. By considering the 
analytic value of the shear stress at the wall, near r’ = 1, 
it can be seen that it is proportional to [exp(wc,)]'* for 
fixed r’ and, therefore, initially it has a higher value for 
increased feed concentration. This results from the con- 
tinuity of shear stress at the interface of the two layers 
since, although the viscosity in the slurry is the same in 
all cases, the higher viscosity in the outer layer ensures 
that the shear rate must be higher in the slurry. For 
lower concentrations this effect is maintained down to 
the cut-off point but for higher concentrations the 
additional growth of the slurry becomes the dominant 
effect and causes the shear stress to fall below that of 
lower concentrations before the cut-off point is reached 
After the cut-off point the shear stress increases rapidly 
for all feed concentrations, being dominated by the main 
stream radial velocity, which is proportional to 7 
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Figure 5. Shear stress at the wall as a function of distance along the wall for a slurry concentration of 60.0° 
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, and various feed concentrations 
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Figure 6. Shear stress on the wail at the cut-off point (r/r, = 0.25) as 
a function of feed concentration for various slurry concentrations. 


although it should be stated that this representation of 
the velocity is probably not valid as the apex is ap- 
proached. However, the relative values of shear stress for 
different feed concentrations will be dependent on their 
values at the cut-off point. 

In Figure 6 the shear stress in the slurry at the cut-off 
point is shown as a function of feed concentration for 
slurry concentrations of 50, 60 and 70°. This clearly 
shows the balance of the two opposing effects of in- 
creased feed concentration. Up to a certain limit of feed 
concentration (5.8, 8.5 and 13.0% for slurry concen- 
trations of 50, 60 and 70°%,, respectively) the outer layer 
viscosity dominates and the shear stress at the wall 
increases as the feed concentration increases. After this 
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Figure 7. Shear stress on the wall at the cut-off point as a function of 
feed concentration for a slurry concentration of 60.0°, and various 
values of Md 


limit the growth of the slurry becomes dominant and the 
shear stress at the wall falls as the feed concentration 
increases. For a higher slurry concentration and fixed 
feed concentration the slurry is thinner and therefore the 
effect on the shear stress at the wall is less pronounced, 
which explains the different limits and the higher values 
of shear stress in the region where the slurry is becoming 
important. 

Figure 7 snows the shear stress in the slurry at the 
cut-off point as a function of feed concentration for a 
slurry concentration of 60°, and different values of the 
parameter Mad’. Since the cut-off point depends on the 
diameter of the particles, it varies with Md? taking values 
of 0.25, 0.31 and 0.36 for Md? equal to 4.24, 6.62 and 
9.54, respectively. For Kelsall’s design and operating 
conditions these parameter values correspond to par- 
ticles of diameter 20 4m, 25 um and 30 ym, respectively. 
Larger particles reach the wall more readily and there- 
fore cause the slurry to be thicker at any particular 
station of r above the cut-off points with the result that 
the shear stress in the slurry at the cut-off points is less 
for any given feed concentration. 


CONCLUSIONS 

It is probable that the boundary layer will be non- 
Newtonian in character, particularly in the slurry where 
there is a very high concentration of particles. However 
it is felt that the main features of the flow can be 
highlighted without including this further complication 
in the model. 

In this work only the direct effects of feed concen- 
tration on the boundary layer have been considered, but 
it should be noted that high concentrations will alter the 
main flow and this must have an effect on the boundary 
layer flow. The interaction of the particles in the main 
flow will cause a loss of efficiency in that more particles 
will be taken out at the overflow but this should not 
invalidate the conclusions drawn here since overloading 
is apparently due to the inability of the boundary layer 
to cope with the extra particles. Of more importance is 
the increased viscosity in the main flow since this will 
cause a reduction in the swirl velocity, which will directly 
affect the boundary layer by reducing the secondary 
flow. Strictly the parameter, L, should be reduced for 
increased feed concentration, but since the deter- 
mination of the relationship between L and concen- 
tration 1s beyond the scope of this paper it is considered 
to be more consistent to keep L fixed. 

It is known that slurries of high concentration possess 
a yield stress below which they will not flow. This is 
encountered when pumping slurries through pipes, in 
which case if a certain pump pressure is not maintained 
the slurry stops flowing. From Figure 6 it can be seen 
that the main effect of high feed concentration is to 
reduce the shear stress in the slurry at the wall. This 
offers an explanation of the mechanism by which over- 
loading occurs, in that, above a certain level of feed 
concentration the shear stress in the slurry will fall below 
its yield stress, resulting in the break-down of the flow 
in the boundary layer and the returning of particles to 
the main flow. This hypothesis is further supported by 
the catastrophic nature of overloading, in that there is a 
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dramatic loss of efficiency when the feed concentration 
exceeds some iimiting value. In comparing the shear 
stress of the slurry with its yield stress, the critical point 
will be the cut-off. Above this level the particles will be 
returned to the wall and the slurry will reform but if the 
shear stress is below the yield stress at the cut-off point 
then particles returning to the main flow will be en- 
trained in the upward moving fluid and exit at the 
overflow. It would seem from Figure 6 that the shear 
Stress in the slurry, at the cut-off point, may also be 
below its yield stress for very low feed concentrations. 
However, unlike the case for high feed concentrations, 
there still exists a significant outer layer with a strong 
downward flow which wouid prevent particles from 
returning to the main flow. 

To test the hypothesis against experimental data it 
would be necessary to determine more precisely the 
properties of the slurry for a given material. The exact 
form of the relationship between concentration and 
viscosity (equation (1)) and any constant dependent on 
the material properties would have to be determined. It 
would also be necessary to make some assessment of the 
ability of the particles to pack and hence the probable 
concentration of the slurry. Finally the yield stress at 
that level of concentration would have to be found 
experimentally. All of which is beyond the scope of this 
project. However, ICI have provided some data on the 
yield stress of a pigment suspension, which it should be 
noted has a different diameter and density than those 
particles for which results have been presented in this 
paper. The data is only available for concentrations upto 
50°, but by extrapolation the yield stresses for higher 
concentrations can be deduced and on the same dimen- 
sioniless scale as the shear stress in Figure 6 give yield 
stresses of 15, 60 and 240 for concentrations of 50, 60 
and 70°,, respectively. Whilst no great significance can 
be attached to this rather crude data, it is felt that, on 
an order of magnitude basis, they offer some 
confirmation that the yield stresses will fall within the 
range of the slurry shear stress predicted by this model, 
and it is, therefore, felt that this is a suitable area for 
further investigation. 


APPENDIX 1 
Applying conditions (9) and (10) to the velocity 
profiles (8) the conditions to be satisfied by Fo, F\, F5, Fs, 
G, and G, are determined: 
F(0,r) =0 
F(0,r) = 0 
G,(0,r) =90 


F(\,r)=1 
Fii,r)=0 
G,(1,r)=1 


FyX1,r)=0 
Fi(1,r)=0 
Gi(l,r)=0 
EF ((é, r) = Fe, r) 
EF \(e,r) = Fye,r) 
EG ((é, r) = Gye, r) 


File, r) = Fe, r) 
F(e, r) = Fe, r) 
Gle,r) = G,(e,r) 





where E = exp[@(cy — ¢,)]. 

The induced flow through the boundary layer at r = r, 
is zero and therefore F((0,r) and G((0,r) effectively 
determine the ratio of skin friction in the radial and 
azimuthal directions near r=r,. Bloor and Ingham" 
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showed that a consistency relationship exists between the 
radial and spin profiles and that both are initially Blasius 
profiles. These conditions also apply in this case and 
both are satisfied if G(é,r) is chosen to be equal to 
FC, r). 
Following the guidelines outlined above the forms of 
the velocity profiles are chosen to be: 
Fy _ folé ye 
Fi =f,(e)¢ 
F,= 1—(1 — €¥ (fle) + (é —€)) 
5 =(1 — EV (fe) + (€ —8)) 
G, = F, 


G, =F; 





where 
2—(l-—ey 
~ 2e + E(1 —«) 
(l-—ey 
2e + E(1 —e) 
E +e(l—ey 
(2e + E(1 —e))(1 
f = . é(1 | é) 
2e + E(l —e) 


Introducing non-dimensional variables: 


and making use of equation (2) the momentum integral 
equations (4) and (5) can be written: 


1A65-5) 


, (6° 
+ fol +feht+foh + Ahh, + fel, an 


dr 


- . e> ¢? : 
+6 fil 2.5 )+Sohit+h+ 2h 


+ 2(f5 +f, fe), + 


4+ 6°* 4 


(Af, 
| 4 = 


wh ad ( de 
x (I, + 2 I, + 2f],) 
| dr 


=~ F[65-3) 


+f5h+fb+f3h,+2 ile Fs 


é 
+ 
2) 


€ 
Y 
5 


f.( hi 


+ 31, + 3h + 26 3h + 4fel, + 2 Us | 





+ 2f,1, — 21, +f 31; — sI,+ 1) 


/ 


+ exp(Mcy)r hoe? 


+fsfily + fshs—S ly — 


rk 1 / 
ae | A( 05 


+ fsfols + (fs —So la — | 


a = 1) sat 


/ df,’ ) de 
1-2) L+6h+hs— 
+( qe i td + hl) eae 


6”? 7 : 
+ Pu (ff 3 - l oat Se ( hs +f; Mf, 


+ ( hs ai 1), +fefrl, + (fs fs —f, yl, — fel 


oe 
+ hele fi 5 >) | 


(V'r’) 
+37 9"). 


+ fel, me I+ fs fol, + (fsfs =, f, yl, “fils 


(V'r’) 
+ €xp(Wcy) —j> fo 
rl? 


where 


\ d(V’r’) 
dr’ 


1 
I,= (i—€)* dé 


l 
| (1—€)* dé 


I; (1 — €)*0? dé 


Fi 


APPENDIX 2 


Consider an annulus formed by rotating a cross- 
sectional element of the boundary layer about the axis. 
The mass flux of particles out of the annulus must be 
zero and assuming R(r) (=r sina*) is much greater 
than 6(r) this can be expressed as: 


2nR(r)n\w, or 


n or) 


ex )olx) 
+ 2mNp | R(x u(x, n) an | 
a 0 


(x) 
+ 27, | R(x )u,(x, nan | 


{x )O( x) x 





+ 2nn,R(r)U(r)[d(r) — d(r + dr)] 
= 0 


where or is a small element of length along a generator 
of the cone and n, and n, are the mass of particles per 
unit volume of suspension for the slurry and more dilute 
outer region, respectively, given by: 


Cp 
42 j=0.1 
1+ c(p/p,—1) 
Making use of equations (6) and (14) and taking the 


limit ér—+0, equation (31) can be written: 


“ ( r)d(r) 
| ru(r,n) in| 
0 


Y .— = 
Me. (f - p) PV? cota* r’>r, | 
ss (Mo — n) 18u ( (34) 
| 
0 r<r J 


which can be written in terms of non-dimensional vari- 
ables as: 


f a. 52 e° di 46% i 
al 54, - 5°, — 
*4 dr’ '2 dr’ “* Ar’ 


n, Mas '(V'r’y 


(No a6 n \r _ 
0 


(p, — p)V? cot «* 


" 18pr!?( — U)'2y3? 
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SYMBOLS USED 


outer radius of vortex finder 

a constant 

mass of particles per unit mass of suspension 

particle diameter 

a constant 

a non-dimensional parameter of the cyclone 

distance from the apex to the level of the vortex finder 
a non-dimensional parameter of the cyclone 


a constant (Md? is a non-dimensional parameter of 


cyclone) 

co-ordinate directed normally inwards from cyclone wall 
pressure 

flux of fluid through cyclone 

velocity component in R direction 

velocity component in z direction 

distance along cyclone wall from apex of cyclone 
cut-off point 

distance from axis of symmetry 

velocity component in r direction in the boundary layer 
value of u at the edge of the boundary layer 

azimuthal component of velocity in the boundary layer 


azimuthal component of velocity outside the boundary layer 


velocity component in n direction in the boundary layer 


particle velocity component in n direction in the boundary layer 


z distance along axis from apex of cyclone 
Greek letters 

semi-angle of cone 

boundary layer thickness 

siurry thickness 


ratio of slurry thickness to overall boundary layer thickness 


mass of particles per unit volume of suspension 
azimuthal angle 

coefficient of viscosity of the fluid 

typical viscosity of the fluid 


effective kinematic viscosity of the suspension in the boundary 


layer 
kinematic viscosity of the fluid 
similarity variable (=n/d) 
fluid density 

p. particle density 
stream function 

io) a constant. 

Affixes 
non-dimensional quantities 
conditions at the inlet 
conditions in the slurry 
conditions in the outer region of the boundary layer 
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STUDY OF THE OPERATING CHARACTERISTICS 
OF A REVERSED ABSORPTION HEAT PUMP SYSTEM 
(HEAT TRANSFORMER) 


By B. E. SIDDIG-MOHAMMED, F. A. WATSON (FELLOW), and F. A. HOLLAND (FELLOW) 


Department of Chemical Engineering, University of Salford, England 


Performance data have been obtained on an experimental reversed absorption heat pump constructed out of glass. Evaluations 
were made using concentrated aqueous calcium chloride solutions followed by experiments with aqueous solutions of a 30: 100 
mixture of lithium chloride and calcium chloride. Temperatures of more than 40°C above the highest available heat source 
temperature were achieved. The highest temperature at which heat was delivered was 132°C. Higher temperatures could 
be obtained in equipment designed te withstand higher pressures than those normally used in laboratory glassware. New 
experimental data for the vapour pressures and enthalpies of concentrated aqueous solutions of calcium chloride over a 
range of temperatures and concentrations are reported together with the limitation imposed by crystallization. This reversed 
absorption heat pump demonstrates that at least 25% of the energy available in the waste heat source can be upgraded 


in temperature. 


INTRODUCTION 


Heat pumps are devices for raising the temperature of 
low grade heat energy to a more useful level using a 
relatively small amount of higher grade energy. This 


input of higher grade energy may be in the form of 


mechanical energy or of relatively high temperature heat 
energy depending on the type of heat pump. The 
coefficient of performance of a heat pump is a measure 
of how many times more effective the heat pump is a 
supplier of heat than the higher grade energy would be 
if used directly for heating. 

The most common type of heat pump is the vapour 
compression heat pump using a mechanical compressor 
as shown schematically in Figure 1. It consists of two 
heat exchangers, a compressor, an expansion valve and 
a working fluid. In the evaporator heat exchanger, the 
working fluid evaporates at a temperature 7;, while 
extracting an amount of heat Q,, from the source which 
may be in the gaseous, liquid or solid state. The working 
fluid is then compressed and gives up an amount of 
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Figure |. Vapour compression heat pump. 


latent heat Q.o at a higher temperature 7,, in the 
condenser heat exchanger. The condensed working fluid 
is then expanded through the expansion valve and is 
returned to the evaporator to complete the cycle. 

A second type of heat pump is the conventional heat 
driven absorption heat pump shown schematically in 
Figure 2. The condensation, expansion and evaporation 
of the working fluid is the same as in the conventional 
compressor-driven system illustrated in Figure |. How- 
ever, in the absorption cycle, the compressor is replaced 
by a secondary circuit in which a liquid absorbent is 
circulated by a pump. The evaporated working fluid is 
absorbed by the circulating liquid and the pressure 
increased by the pump prior to entering the generator. 
An amount of heat Qo, is added at a temperature 7,, 
in the generator. This produces the high pressure work- 
ing fluid vapour required as feed to the condenser. The 
mechanical energy required to pump the recirculating 
liquids is usually negligible compared with the input of 
heat energy. 

A third type of heat pump is the reversed absorption 
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Figure 2. Conventional absorption heat pump 
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Figure 3. Reversed absorption heat pump. 


heat pump or absorption heat transformer shown sche- 
matically in Figure 3. Thermal waste heat is added at a 
relatively low temperature T,, to the generator. The 
vaporised working fluid is condensed in the condenser at 
a temperature 7,9. The liquefied working fluid leaving 
the condenser is pumped to a higher pressure region 
where it is evaporated by the thermal waste heat so that 
in this case Tyy = Top. The evaporated working fluid is 
then absorbed in the absorber at a higher temperature 
Tap: 

In the conventional absorption heat pump system 
where Tg > Teo = Tag > Tey, additional heat energy is 
required at a temperature higher than that of the waste 
heat. This is not the case in the reversed absorption heat 
pump system where 7,4, > Top = Tey > Teo. Thus the 
reversed absorption heat pump has the unique capability 
of raising the temperature of a working fluid above that 
of the waste heat source. 


A Brief History 
of Absorption Heat Pumps 


The earliest use of the absorption process was for 
refrigeration. Carre filed a patent in the USA in 1858 for 
a continuous absorption machine in which ammonia was 
the working fluid and water the absorbent'. In 1935, a 
development programme was initiated in the USA with 
the purpose of producing a wide range of absorption 
machines for air conditioning and water chilling using 
water as the working fluid and lithium bromide as the 
absorbent’. This system is nonflammable, nonexplosive 
and physiologically harmless which makes it particularly 
attractive for use in buildings. As a result of this 
development, the first commercial absorption machine 
using the system water—lithium bromide was installed in 
1949. 

Offenhartz and Brown’ have described the operation 
of an absorption system using methanol as the working 
fluid and calcium chloride as the absorbent. A compre- 
hensive literature survey on the wide range of applica- 


tions for absorption heat pumps has recently been 
published by Bjurstrom and Raldow’. 

The original idea of the reversed absorption heat 
pump or absorption heat transformer was proposed by 
Altenkirch and Tenckhoff* in 1911. The idea was further 
developed by Nesselmann® who described the dynamics 
of the system. 


Thermodynamic Considerations 
A heat pump is a heat engine operating in reverse. For 
the theoretically ideal case of zero increase in entropy, 
the Carnot coefficient of performance can be written as 


(COP). = a (1) 
Too — Tey 
In the conventional vapour compression heat pump 
system shown in Figure 1, the presence of an isenthalpic 
expansion valve makes this maximum (COP) impossible 
to attain. : 
It can be shown’ that the Carnot coefficient of per- 
formance for the conventional absorption heat pump 
system shown in Figure 2 is 


Tev \ To 
(COP), -(1-72)( co ) (2) 
Tor Tco 1 a Try 


for the simplified case of the temperature of the working 
fluid in the condenser being equal to the temperature in 
the absorber i.e., 7.9 = T,4,3. A comparison of equations 
(1) and (2) shows that the Carnot coefficient of per- 
formance for an absorption heat pump is less than for 
a compressor-driven vapour compression heat pump by 
a factor (1 — Tpy/Top). 
The following equations can be written for the re- 

versed absorption heat pump: 

Ow = Qce + Qev = Gas + Qco (3) 
and 

Qin < Pas , Qo: (4) 

Toe Tas Teco 


Equations (3) and (4) can be combined to give the 
Carnot coefficient of performance of a reversed absorp- 
tion heat pump 


(COP), =( 


(5) 
Ta - =) 


The actual coefficient of performance of a con- 
ventional absorption heat pump system can be defined 
as 

ua t+ Or 
(cop), = 242+ Leo (6) 
GE 

For a single stage system the (COP), will always be 
less than 2, and when losses are allowed for it is difficult 
to do better than 1.4. 

The actual coefficient of performance of a reversed 
absorption heat pump can be defined as 


_ Qae 
Ocr + Ory 
and this must be less than unity. A typical value for a 
reversed absorption system is 0.4 which implies that 40% 


(COP), = (7) 
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REVERSED ABSORPTION HEAT PUMP SYSTEM 
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Figure 4. Experimental reversed absorption heat pump. 1, 1’, electric heaters. 2, receiver. 3, 3’, 3” 
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of a supply of waste heat can be upgraded to a higher 
temperature by extracting heat from the remaining 60% 
of the supply of waste heat which is thereby cooled. 


EXPERIMENTAL 


Details of the experimental equipment are given in the 
Appendix. The general layout is illustrated schematically 
in Figure 4 with key sizes of the generator presented in 
Figure 5. 
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Figure 5. Generator of experimental reversed absorption heat pump. 
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The working fluid used in the first experiments was 
water with calcium chloride as the absorbent. Concen- 
trations of the calcium chloride solutions were deter- 
mined from refractive index measurements. These were 
obtained using a high quality Abbé refractometer man- 
ufactured by Belingham and Stanley Ltd, UK, which 
was equipped with a constant temperature bath. The 
light source was the 589.6nm sodium D-line. Re- 
producibility of measurement was excellent both with 
analytical reagent or commercial grades of calcium 
chloride dihydrate as supplied by Fisons Scientific Appa- 
ratus Ltd, UK. The experimental relationship between 
the percentage concentration of calcium chloride, x, and 
the refractive index at 40°C, mp, was determined to be 


x = 922.16 — 1591.03 n, + 679.18 n,° (8) 


with a maximum error of 0.433%. 

An amount of heat Qc, was added in the generator at 
temperature 7, by an immersion heater, causing water 
to boil from the solution. Entrainment was suppressed, 
as far as possible, by arranging for boiling to be smooth. 
Spray elimination sections were also included. Water 
vapour was condensed in the condenser at temperature 
Tco using mains water as the coolant. The condensate 
was pumped from the receiver to a higher pressure in the 
evaporator. An amount of heat Q;y was added in the 
evaporator at temperature 7;, by a second immersion 
heater. Water was again evaporated but this time was 
condensed by absorption into the strong solution of 
calcium chloride pumped from the generator. To ensure 
uniform concentration of the solution, part of the solu- 
tion leaving the absorber was recycled to mix with the 
strong solution entering the spray distributor of the 
absorber. The remainder was passed to an economiser 
heat exchanger. The heat of absorption Q,, was re- 
moved at temperature 7,, by pumped recirculating 
water warmed in a constant temperature bath. The 
temperature of the absorber was controlled by varying 
the temperature of the constant temperature bath and by 
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varying the flow rate of the circulating water. The 
temperature rise of this water enabled the value of Q,, 
to be established with adequate accuracy. 

About 10 litres of 42°, by weight calcium chloride 
solution was prepared and the system was charged with 
about 4 litres of this solution. If higher concentrations 
were required the solution was evaporated in the gener- 
ator and the excess water removed from the evaporator. 
Extra solution was added to maintain constant levels in 
the various vessels, particularly over the heaters. If lower 
concentrations were required concentrated solution was 
removed and the appropriate amount of distilled water 
added to maintain the levels. The latter procedure was 
adopted at shutdown of the equipment when there was 
any danger of the solution crystallising. 

Since the equipment worked under vacuum it was 
necessary to purge air from the system by means of the 
vacuum pump. The concentration of the solution in the 
absorber x,, and the temperature in the absorber 74, fix 
the pressures in the absorber/evaporator loop and 
thereby determine the temperature in the evaporator 
Tey. The concentration of the strong solution in the 
generator Xg- and the pressures’ in __ the 
generator/condenser loop fix the generator temperature 
Top. For each initial concentration of the solution a set 
of nine readings was taken by varying the absorber 
temperature while the solution recirculation ratio f was 
kept approximately constant throughout. In order to 
maximize the efficiency of the system the generator 
temperature was maintained as close as possible to the 
evaporator temperature. 

In order to establish steady state conditions it was 
necessary to maintain a constant temperature and flow 
rate of the water accepting heat from the absorber. It 
was also necessary to maintain a constant recirculation 
ratio. For each recirculation ratio there was a critical 
energy input to the system at the generator and evapor- 
ator. When correctly adjusted with the aid of an am- 
meter and voltmeter the immersion heaters provided a 
constant energy input to the system which ensured a 
constant flow rate of the working fluid throughout the 
system. This was confirmed by the levels of solution 
remaining constant in each vessel throughout the 4h 
duration of an experiment. The required energy inputs 
were determined as part of the general calibration of the 
equipment. 

For each run, samples of the strong and dilute solu- 
tions were collected and their concentrations were deter- 
mined using the Abbe refractometer. The flow rate of the 
strong solution Mg, leaving the generator was measured 
by a rotameter initially calibrated at 40°C using 44% 
calcium chloride solution. The solution recirculation 
ratio was determined by a mass balance to be 
coe 


f=- (9) 
XGe — Xs 

A second set of experiments was carried out in a similar 
manner using a stock solution made from a mixture of 30 
parts lithium chloride and 100 parts calcium chloride by 
weight. This mixture was chosen as the reasonable com- 
promise between the increased cost of lithium chloride 
solutions and the consequent advantages of increased 
solubility. As can be seen from the results quoted, at these 


higher concentrations increased temperature lifts can be 
obtained. 


RESULTS AND DISCUSSION 


Because of the absence of published data, the vapour 
pressure of solutions containing between 41.9% and 
56.7% of AR quality calcium chloride by weight were 
determined. The data were found to be correlated by 
equation (10) with a mean error of 1.74° and a standard 
deviation of the error of 2.91%. 


) 


logjyPs = 0.0557746x + 3.60351 
—(27.8467x + 1159.57)/T. (10) 


Based on 55 experimental values this implies a range 
of —0.40 to +3.88% for the mean error with 95°, cer- 
tainty. As this includes zero the correlation was con- 
sidered to be satisfactory for the experimental range 
41.9% <x < 56.7%, 40°C < T < 105°C. 

Enthalpy H against concentration x isotherms were 
calculated by using this correlation in conjunction with 
the theoretical relationship of equation (11)°. 

(* x 


H = Hy ~(x/%) | Hd(1 — x,/x) (11) 


H, is the enthalpy of a solution at the reference concen- 
tration x) at the temperature of the isotherm and was 
calculated by means of equation (12) with 0°C as datum. 


dH =C,dT. (12) 


The heat capacities per unit mass of a solution contain- 
ing 30° calcium chloride by weight were obtained at 
various temperatures from the literature’ and were inte- 
grated graphically. The enthalpies of solutions from 55 
experimentally determined vapour pressure readings 
were calculated in this way. The relationship is repre- 
sented by equation (13) with a mean error of 0.776%, and 
a standard deviation of the error of 8.44°,. 


In H = 0.147176x — 4.6662 
+ 6.49485 exp(—0.046855x) In T. (13) 


As the implied range of the means contains zero with 
95°, certainty the correlation was considered to be satis- 
factory for the experimental range 41.99, <x < 56.7%, 
40°C <T < 105°C. 

The enthalpy-against-concentration isotherms for cal- 
cium chloride solutions derived from equation (13) are 
presented in Figure 6 which also shows the limitation 
imposed by crystallisation of the solutions. The en- 
thalpies derived at the experimental concentrations and 
temperatures are also presented in Figure 6. 

Equations (7), (10) and (13) were used to obtain 
the maximum possible coefficient of performance, 
(COP) yx, attainable with given concentrations in the 
absorber and generator and a given temperature in the 
absorber. The vapour pressure in the absorber can be 
calculated from equation (10). Since the same heat source 
is used for both, ideally this is the same temperature as in 
the generator. If required, the condenser temperature can 
be obtained since the vapour pressure of water in the 
condenser is, ideally, the same as the vapour pressure over 
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Figure 6. Enthalpy against concentration isotherms for aqueous cal- 
cium chloride solutions 


the solution in the generator which can be calculated by 
equation (10). Corresponding enthalpies per unit mass 
can be obtained from the solutions in the various units 
either from equation (13) or from steam tables. The 
coefficient of performance appropriate to the con- 
figuration of the experimental equipment is that defined 
by equation (7). The required heat quantities may be 
obtained by heat and material balances and are con- 
veniently represented by equation (14) in terms of the 
circulation ratio, f, defined by equation (9), and the en- 
thalpies of the streams as numbered in Figure 3. 


Cf —1)H;y+ Hy — fH, 
(f — 1)H, — fH, + H,+ Hy — A, 


(COP )wax = (14) 


The coefficient of performance so obtained is the max- 
imum achievable since it assumes negligible thermal re- 
sistance in all heat exchangers, negligible unintentional 
pressure drops between units and that equilibrium condi- 
tions have been reached. 

Values of (COP)yax obtained in this manner are 
presented in Figure 7 against the temperature lift 
(T,,3 — Tgy), which is obtained during the above calcu- 
lation, for the extremes of the practical range of concen- 
trations x,, for this type of heat pump. This is considered 
to be 41.9% to 51.8% of calcium chloride by weight. It can 
be seen that the range of (COP), x is only between 0.48 
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and 0.52 a variation of only + 4° about a mean value of 
0.5. In practice, the coefficient of performance is unlikely 
to be an important criterion of performance since the 
energy source will be cheap, or free in the form of waste 
heat or of solar energy. 

A more important criterion is the highest temperature 
attainable, which is that in the absorber. Experimental 
values of this temperature are plotted against tem- 
perature lift for concentrations x,, of 44.60°,, 46.50°,, 
47.53% and 51.78% calcium chloride by weight. Straight 
lines fitted by the method of least squares have been 
drawn and, in general, the slopes of these lines are similar 
to the ‘ideal’ lines obtained during the calculation of 
(COP) ax. These are also shown in Figure 7 for 41.9°% 
and 51.8°%% solutions of calcium chloride. It is clear that 
the lift obtained is very sensitive to concentration but is 
almost independent of the temperature in the absorber, 
and hence of the temperature in the evaporator 

For a given concentration of calcium chloride in the 
generator it follows from equation (9) that an increase in 
the circulation ratio, a variable controllable during oper- 
ation, will result in an increased concentration in the 
absorber. The effect of changes in circulation ratio on lift 
and on coefficient of performance are presented for eight 
experimental points in Figure 8 for solutions of calcium 
chloride. The theoretically attainable values are also 
shown for comparison. The lifts are represented with a 
mean error of —1.42° and a standard deviation of the 
error of 13.84% by equation (15) 


Tey) = 26.153 
for 11.96<f<34.59 and 


(Tap 59.235/f (15) 


Xap =~ 48%. 





Figure 7. Absorber temperature and maximum coefficient of per- 
formance against gross temperature lift for aqueous calcium chloride 


solutions 
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Figure 8. Gross temperature lift and coefficient of performance against 
recirculation ratio for aqueous solutions of calcium chloride, 30: 100 
lithium chloride:calcium chloride, and lithium bromide. 


In Figure 8, experimental data are also presented for 
solutions of a solid mixture consisting of 30 parts by 
weight of lithium chloride and 100 parts by weight of 
calcium chloride. The corresponding lifts may be ob- 
tained from equation (16) which represents the data from 
seven experimental determinations with a mean error of 
— 1.29% and a standard deviation of the error of 17.02%. 


(Tx, — Tey) = 26.007 — 38.754/f (16) 
for 9.86<f<29.58 and x,, ~ 48% 


where X,, is the weight per cent of the mixed solids in the 
solution. In the absence of physical and thermodynamic 
data for this mixture a theoretical assessment of the 
performance to be expected could not be made. However, 
data for solutions of lithium bromide, often stated to be 
the best solute available for absorption heat pumps, were 
well documented'’ '* and lines of lift and coefficient of 
performance are presented in Figure 8 for comparison. 

In Figure 9 the data for 36 experimental deter- 
minations of lift for solutions of the above solid mixture, 
containing 23.08% lithium chloride and 76.92% calcium 
chloride, are presented in the same form as Figure 7. The 
conclusions from this data are similar to those for calcium 
chloride solutions except that a bigger lift is available for 
a given concentration and absorber temperature. 

In practice the temperature of the heat source, and 
hence the evaporator and generator temperatures and the 


required absorber temperature, will be specified. Figure 
10 presents the difference between these values, the lift of 
the system, against concentration for an absorber tem- 
perature of 110°C for solutions of calcium chloride and 
for solutions of the 30:100 lithium chloride:calcium 
chloride mixture. The limitation on concentration, and 
hence of lift, imposed by the crystallisation lines can be 
clearly seen. The practical limitation is even more strin- 
gent since a modest amount of cooling in the transfer lines 
will lead to blockage by calcium chloride. This is much 
less likely in the presence of lithium chloride. The pres- 
ence of lithium chloride permitted an experimental line to 
be determined at 130°C and this is also presented in 
Figure 10. The highest temperature reached was 132°C 
but this could have been increased if the solution rota- 
meter, which blocked, had been lagged. 


CONCLUSION 


The experiments have shown that reversed absorption 
heat pumps provide an attractive method for increasing 
the temperature of waste heat sources. Temperature lifts 
of 30°C or better can readily be obtained without the use 
of an expensive compressor. Actual coefficients of per- 
formance in excess of 0.25 were obtained even without 
adequate lagging. This means that over 25° of the waste 
heat can be upgraded to a significantly more useful tem- 
perature without the high temperature heat source re- 
quired by a conventional absorptica heat pump. 
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Figure 9. Absorber temperature against gross temperature lift for 
aqueous solutions of 30: 100 lithium chloride:calcium chloride. 
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Figure 10. Gross temperature lift against concentration for aqueous 
solutions of calcium chloride and of 30:100 lithium chloride: calcium 
chloride. 


APPENDIX 


The apparatus was constructed, as far as possible, 
from glass and other parts available from Quickfit Ltd, 
UK. This was to simplify modification or replacement 
of parts. In this way, only the generator had to be spe- 
cially constructed although some parts required minor 
modifications. The condenser, absorber and economiser 
were identical (catalogue number C23/77/3) with an ap- 
proximate surface area of 0.29m’*. The evaporator 
(EF11/1/28) and receiver (D32/500) were standard units, 
having the shapes shown in Figure 4, with capacities of 
0.001 m’ and 0.0005 m? respectively. The generator was 
custom made from a standard round bottomed flask 
(FR2L/5UM) with a capacity of 0.002 m* which was 
modified as is shown in Figure 5. Liquid was returned to 
the absorber through an adapter cone (45/40) to which a 
perforated glass disc was sealed to act as a distributor. 
The immersion heaters (EF13C) were 0.44m long and 
rated at | kW. The liquid transfer pumps for the condens- 
ate and strong solution were 12 W and 24 W gear pumps 
respectively. The dilute solution was transferred by a 
40 W centrifugal pump. These pumps were manufactured 
by Micropump, California, USA. The absorber cooling 
water was delivered by a centrifugal pump type 802 5836 
manufactured by Stuart Turner Ltd, UK. Liquid flow 
rates were measured by No. 7 Rotameters having a 
maximum capacity of 0.06 m’h~'. The necessary vacuum 
conditions were established and maintained by a 
Metrovac Rotary Vacuum Pump type GDP, manu- 
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factured by Associated Electrical Industries Ltd, UK. 
The manometers were type GML-450-070B or GML- 
590-J manufactured by Griffin Ltd, UK, having ranges 
500—0-500 mmHg and 0-960 mmHg respectively. Inter- 
connection was by neoprene rubber hoses. Temperatures 
were measured using | mm NiCr/NiAl thermocoupies 
type PK W 2N10 manufactured by BICC Pyrotenax, UK. 
These were read to +0.1°C using a type R33 CR/NIAL 
digital unit manufactured by Control and Readout Ltd, 
UK. 


SYMBOLS USED 


(COP) coefficient of performance (dimensionless) 
4 heat capacity per unit mass, at constant pressure 
(kJ kg~'K~') 
recirculation flow ratio = M,,/My (dimension- 
less) 
enthalpy per unit mass (kJ kg~') 
partial enthaipy of water in the 
(kJ kg~') 
mass flow rate (kgs~') 
mass flow rate of dilute solution leaving the 
absorber (kg s~') 
mass flow rate of refrigerant (water) (kgs~') 
refractive index for sodium D lines (dimen- 
sionless) 
absolute pressure (bar) 
heat load (W) 
temperature (K or °C) 
x concentration of solution by weight (°) 
Subscripts 
A actual 
AB absorber 
fe Carnot 
CO condenser 
EV evaporator 


solution 


generator 

maximum achievable 
solution 

initial or reference value 
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Backflow and dispersion models are the simplest models which take into account non-ideal flow of the phases in extraction 
columns. As these two models only describe real column operation approximately, the parameters of the models obtained by 
different methods can differ significantly. Parameter estimation from measured solute concentrations inside a column based 
on the Ricker—King algorithm, maximum likelihood objective function and Marquardt’s optimisation procedure is discussed 
in detail. The advantage of this method is the simultaneous determination of consistent values of mass transfer and backmixing 
parameters. The reliability of the parameter estimates and their covariance has been tested by the Monte-Carlo simulation 
technique. The effect of the number and location of the sampling points and of the experimental errors in measured 
concentrations on the parameter confidence intervals is assessed. The variations of local mass transfer coefficient and specific 
interfacial area with column height caused by change in drop size and hold-up can be detected and evaluated by this method. 


INTRODUCTION 


The major impact which non-ideal flow behaviour can 
have on the performance of liquid extraction column 
contractors has been recognised for some decades and 
much research has been devoted to the subject. Allow- 


ance for these non-idealities is important at both the 
design stage and for evaluation of the performance of an 
existing piece of plant. The cause of the non-idealities is 
usually described as axial mixing, this being a generic 


term covering a!] phenomena contributing to a spread of 


residence times in either phase. This can be broken down 
into forward-mixing and back-mixing components. 
Two general models—the backflow stage model and 
the dispersion model—have been developed to describe 
the non-ideal flow of the two phases. These have been 
widely studied and several methods are available by 
which they can be utilised in design calculations for 
extraction columns.'~ The two models are closely related 


and yield practically identical results if the number of 


stages is high. As the backflow model is more convenient 
for computerisation and is closer in concept to the more 
common types of agitated liquid extraction column 
found in industry, it has been adopted for the present 
work. The application of either model demands a knowl- 
edge of the relevant parameters. These can only be found 
experimentally. Most published data have been obtained 
by some form of stimuijus-response technique involving 
introduction of a tracer and measurement of the 
residence-time distribution. It is usuaily only practicable 
to carry out such measurements on a pilot plant scale 
and the designer is then faced with uncertainty as to the 
applicability of these parameters on a larger scale. 
There are two weaknesses inherent in the present 
situation. As indicated above, one is the lack of axial 
mixing data on full-scale industrial units, due at least in 


part to the difficulty of undertaking tracer experiments 
on industrial plant, with the associated introduction of 
impurities and disruption of production. The second is 
the fact that neither model gives more than an approx- 
imate description of real column behaviour. Thus the 
backflow model in its basic form assumes (a) ideal 
mixing of both phases in each stage and (4) constant 
mass transfer and backfiow coefficients along the col- 
umn. In real equipment, however, the dispersed phase 
will seldom (if ever) be completely mixed in a stage. 
Depending upon the drop coalescence—redispersion pro- 
cesses, there will be a distribution of solute concentration 
in drops of various sizes at a particular cross-section. 
Consequently, different experimental methods can yield 
different values for the model parameters for a column 
operating under fixed conditions. Thus, for example, the 
apparent value of backmixing coefficient of the dispersed 
phase obtained by the method based on the residence- 
time variance includes the effect of forward mixing 
(channelling) on the residence-time variance of the dis- 
persed phase. 

These difficulties or limitations can be largely over- 
come by a method in which the parameters are obtained 
by measurement of solute concentration profiles in a 
column.’ ® This allows simultaneous determination of 
mutually consistent values of both backmixing and mass 
transfer parameters. One of the established models still 
has to be used but, if the model differs from the real 
situation, at least the parameter values obtained are 
those which best fit concentration profiles in the column 
under normal operating conditions, including any effect 
of mass transfer itself. These are likely to give the best 
prediction of performance if used for design purposes. 
Finally, there is the great advantage that the method can 
be applied to industrial-scale operating columns without 
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any disruption of production or introduction of tracers, 
making it ideal for evaluation of the performance of 
existing plant. 

In any experimental programme there is incentive to 
minimise the number of samples requiring analysis. This 
is particularly the case with work on production plants. 
The reliability of the parameter estimates obtained from 
solute profiles in an extraction column depends on (a) 
the accuracy of the concentration measurements and ()) 
the number and location of the sampling points. The aim 
of this paper is to examine the effect of these variables 
on the vaiues of the model parameters obtained and the 
effect on the parameter estimates of deviations in real 
system behaviour from the assumptions inherent in the 

nodel. 


MODEL AND METHOD FOR 
PARAMETER ESTIMATION 

Several versions of the two-phase backflow model 
have been formulated which differ in the degree of 
simplification and means of expressing the mass transfer 
rate in the stages. Algorithms have been proposed 
allowing for non-linear equilibria, variable flow and 
backmixing of the phases, multi-component transfer and 
different conditions in the settling zones. 

Ricker and co-workers’ have recently proposed a 
general method for the computation of countercurrent 
separation processes where the performance is domi- 
nated by axial mixing and the phase equilibrium behav- 
iour is complex. A simplified version of this model with 
phase inlets only to the end stages has been adopted for 
the present study. The mass transfer rate in a stage is 
assumed to be governed by the principle of additivity of 
resistances. A constant distribution coefficient and con- 
stant flows and backmixing of each phase are also 
assumed but these assumptions do not affect the general 
conclusions drawn. 

The model is described by the following set of equa- 
tions (see Figure 1); 

(k.a hen ; 


9: * U (1) 


(3) 
—~mx;* = 0 (4) 
(1 + a,)x;_, — (1 + 2a,)x; + 4,x;_; — 9, = 0 (5) 
4,V;-) — (1 + 2a,)y, + (1 + oy), , + Aq, = 0. (6) 

For equations 5 and 6, i = 2, 
Xin — C1 + OX; + OX.) — Fy ae (7) 
Vin — (1 + a)y, + HY), Ag, =90, i=n,. (8) 


If constant interfacial area and constant mass transfer 
coefficients are assumed, the model contains four param- 
eters, viz. two mass transfer terms, k,a, k,a and two 
backmixing coefficients a,, «,. 

It can be shown that, even in the case of non-linear 
equilibria, the information in the concentration profiles 
is not sufficient to allow estimation of the two individual 
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Figure |. Backflow model 


mass transfer terms with any certainty because of the 
very strong correlation which exists between these two 
parameters. Hence it is necessary to have some addi- 
tional information independent of the profiles. For 
example, a ratio of the two coefficients may be assumed 
so that: 


k.a = Rk,a (9) 


Equation (9) reduces the number of parameters to be 
estimated to three, e.g. 


0,=4,, 6,=4,, 


x 


8, = k.ah,./U. =N, 


It can be assumed that the independent variables in the 
model, i.e. the phase flow rates, inlet concentrations and 
the locations of the sampling points, are known exactly, 
while the dependent variables (concentrations) x,, y, are 
subject to experimental errors. 

To use concentration profile measurements to obtain 
the parameters, it is necessary to adopt a statistical 
approach. The maximum likelihood method of param- 
eter estimation requires information about the errors in 
the measured data, which can be obtained from repeated 
experiments. If the errors in measured concentrations 
are mutually independent and normally distributed with 
zero mean and variances o<, o., the objective function 
takes the form: 


vAO)P (10) 


a 
o(0)=F LX, 
7 0. 


7 
(OP +5 S[Y 
Oo 


} 
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Table 1. Monte-Carlo study of the parameter estimation method. Number of stages: 17; Sampling in stages: 1, 5, 9, 13, 17; Flow 


ratio: A = 1; Distribution coefficient: m = 2; Ratio of mass transfer coefficients: R = | 


Experimental error in 
concentration data 
o,=0, 
Parameter 6, 
True value 1.0000 
Estimate 1.0019 
Average bias 0.0019 
Standard deviation 
of parameters 
True value 0.088 
Estimate 0.080 0.067 
Standard deviation 


of residuals 0.0044 


where X,, Y, are the measured values of concentrations, 
x,(@), y(@) are the concentrations calculated from equa- 
tions (1)}-(8). The minimum of the function @(@) deter- 
mines the maximum likelihood parameter estimate 6. 
The accuracy of the estimate*® can be expressed by the 
covariance matrix V, calculated by inversion of the 
Hessian matrix H 


[V] = [H}"' (11) 
whose elements are given by the following relations: 
0° r= 


oa (12) 
06.00. s= 


The estimated standard deviations of the parameters 
around their true values are expressed by: 
, ean 
6,= ||—— (13) 
V \4a-P 


and the confidence interval of an individual parameter 6, 
for confidence level « by means of Student’s ¢ distribu- 
tion with n, — p degrees of freedom such that: 


6, — [t, 12 (Ng — p 6, < 8, < 8, 


+ [ty — 22% — PIG, 


STATISTICAL PROPERTIES OF 
THE ESTIMATION METHOD 

The above statistical approach is only strictly correct 
for models linear in parameters. The present model is 
non-linear and so it was necessary to test the reliability 
of the method for the non-linear problem represented by 
an extraction column. The Monte-Carlo simulation 
technique was used. 

The concentration profiles were calculated by solving 
equations (1)}(8) by Ricker’s algorithm.’ Pseudo- 
random numbers drawn from a normal distribution were 
added to the calculated concentration, x;, y,, as ‘experi- 
mental errors’. Three distributions of experimental 
errors were studied with standard deviations (¢, = «,) 
equal to 0.005x;,, 0.01x,, and 0.03x,,. For each of the 
three cases, 100 replications of the sampling of the 
concentration profiles were generated, consisting of five 
sampling points in each phase uniformly distributed 
along the column. 

The parameters were estimated by minimisation of the 
objective function of equation (10) using Marquardt’s 


1.0000 1.0000 0.2000 
1.0337 0.9741 0.1985 
0.0337 —0.0259 —0.0015 


0.531 0.386 0.012 
0.481 0.399 0.012 


0.026 


optimisation method. The covariance of the parameters 
as well as the standard deviations were estimated by 
means of equations (11)}-(13). The mean values of the 
estimates for all experiments as well as the actual 
covariance and standard deviations around the means 
were computed. The results are summarised in Table |. 

The results show that the average bias is small com- 
pared with the standard deviations. The estimated stan- 
dard deviations of the parameters are close to the true 
values and the standard deviations of the residuals 
provide, on average, a fair estimate of the experimental 
errors. 

As the estimation of the standard deviations (i.e. 
precisions) of the parameters proved to be of acceptable 
accuracy, the estimation method is considered suitable 
for practical application and for analysing the effect of 
sampling point locations on the precision of the param- 
eters calculated. 


INFLUENCE OF LOCATION OF 
SAMPLING POINTS 


As discussed in the introduction, there is incentive to 
minimise the number of samples necessary for any 
particular determination. The accuracy with which a 
parameter can be estimated depends on the number of 
measured data, their accuracy and the iocation of the 
sampling points along the column. It follows from 
equations (10)-(13) that the standard deviations of the 
parameters are approximately proportional to the stan- 
dard deviations of the errors in the measured concen- 
trations (if o,/o, = constant) and more-or-less indirectly 
proportional to the square root of the number of 
experimental data, if this number is high (n,>p). 

As the information contained in an individual concen- 
tration datum depends on the position (stage) from 
which the sample is drawn, the accuracy of the param- 
eter estimate is affected by the choice of the sample 
location. To illustrate this dependence, consider a 
17-stage column operating under steady-state conditions 
(a,=5, «4,=5, N,=05, R=1, U,/U,=1, m=1, 
o,=06,=0.01x;,) when one sampie of each phase is 
drawn from the kth stage from the inlet of the phase, in 
addition to samples of the phase outlet streams. The 
information in the measured concentrations in these 
samples, related to individual parameters, can be ex- 
pressed by the reciprocal variance calculated from equa- 
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3 5 ae... T . = «CSF 
Stage number (counted from the phase iniet) 


Figure 2. Information obtained from samples taken in the kth stage 


from the inlet of each phase and in the phase cutlets: «, = 5, x, = 5, 
N,=0.1, R =1, U,/U,=1, o, =¢, =0.01x,, 


1. 1/V,, vs stage number. 
2. 1/V;, vs stage number 

3. [Det V]~'? vs stage number 
For curve 3, the determinant is in arbitrary units 


tion (11). The calculated reciprocal variances are plotted 
in Figure 2 against stage number. Line | shows that 
maximum information concerning backmixing param- 
eters is obtained when the sampling point is located near 
the particular phase inlet and that it sharply decreases 
when the sampling point is moved beyond the middle of 
the column. Line 2 indicates that the information con- 
cerning the mass transfer parameter exhibits a maximum 
in the region near the middle of the column and drops 
rapidly towards the outlet of the column. As the joint 
parameter confidence region is proportional to [det V}’, 
the maximum value of [det V]~? determines the optimum 
sampling point locations. The plot of [det V]~? against 
stage number (line 3) shows that maximum information 
with respect to all three parameters is obtained when 
sampling of each phase is close to its inlet. 

Figure 3 illustrates the dependence of parameter stan- 
dard deviations on the distribution of sampling points 
along the column. Five cases have been studied in the 
simulation. It was assumed that the inlet concentrations 
were known exactly and that the phase outlets were 
sampled in each case. The other eight simulated samples 
for the five cases were as follows: 


. x phase 
. y phase 
both phases 


uniform distribution of sampling 
points along the column 


4. each phase in the 
middle stage 

. each phase in the 
respective inlet stages 


four repeated samples 
of each 


Figure 3 shows that the best accuracy in all parameters 
is achieved with repeated sampling at the inlet stages. 
Similar results have been obtained in other cases studied, 
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with various values of the parameters [m: (0.5—2), U,/U 


(0.5-2), «, (0-5), «, (0-5), N, (0.1-0.5), R = 1]. Analysis 
of the results obtained over this wide range of cases leads 


to some general conclusions, valid for cases where the 
backflow model is exact: 


Location of a given number of sampling points near 
a phase inlet will provide more information with 
respect to all parameters than location of the same 
number of sampling points near the phase outlet. 
Sampling of a particular phase provides more infor- 
mation on the back-mixing parameter for that phase 
than equivalent sampling of the other phase. 

The standard deviation of an estimated parameter is 
higher if the value of the parameter is high. 
Sampling of one phase can provide a fair estimate of 
all parameters if back-mixing in the other phase is 
low. 

Under normal operating conditions the accuracy with 
which the mass transfer parameters can be estimated 
is better than that cf the back-mixing coefficients. 


Since back-mixing in the dispersed phase is commonly 
quite low under normal operating conditions in certain 
types of industrial extraction column, sampling of the 
continuous phase alone can provide a good estimate of 
all parameters. This is much easier to achieve and more 
reliable in practice than sampling of the dispersed phase. 

The main reason for providing sampling points other 
than for each phase in its respective feed stage (given that 
feed and exit streams are analysed) is the possibility of 
deviations in behaviour from that described by the 
simple model. Since the behaviour of the terminal stages 
may be affected by end effects, it is reasonable to add a 
few more sampling points for each phase in the stages 
close to the respective inlets. This makes it possible to 
test the adequacy of the model for any given conditions 


DEVIATIONS FROM THE MODEL 


For the same of simplicity, various effects have been 
neglected in the formulation of the model. The two 


x Y iniet 


Middie 
stages stage 


Profile Profiles Profile 


Figure 3. Dependence of standard deviations of parameters 
sampling point locations: U,/l l, m=l, N 1, R 
o,=6,=0.01x,, a. = 5, a, =5; a. =0, 0 5 
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factors most likely to cause significant deviations be- 
tween the behaviour of a real system and the simplified 
model are: 
(a) interfacial area changes along the column, and 
(/) channelling (forward mixing) in the dispersed 
phase 


Variable Interfacial Area 


As the drop size distribution produced by a distributor 
is not likely to be the same as the steady state distribu- 
tion corresponding to the rates of drop splitting and 
coalescence in the turbulent conditions in an agitated 
column, drop sizes can be expected to change along the 
column. This may also result from changes in physical 
properties due to changing compositions. The change of 
Grop size results in a change in the mean drop velocity. 
Under operating conditions not too close to flooding, 
the mean drop size usually decreases in the direction of 
the dispersed phase flow, as drop splitting prevails. 
There is then an increase of interfacial area caused by the 
combined effect of the increased specific interfacial area 
and the increased hold-up of the dispersed phase. If the 
column operates with a high mixing intensity and a high 
hold-up near to flooding, the back-mixing and en- 
trainment of smaller drops by continuous phase towards 
the dispersed phase inlet affects the hold-up and inter- 
facial area profiles in the opposite direction.’ 

Variability of the interfacial area and back-mixing 
coefficients can be incorporated easily into the back flow 
model. Attempts have been made to describe these 
dependences in the form of polynomials.'® 

For practical purposes, only the principal factor need 
be considered and this can be described in a simple way, 
thus leading to only one additional parameter. Since 
possible changes in back-mixing coefficient are of sec- 
ondary importance in this situation, only variation in the 
mass transfer term will be considered. This may be 
expressed by the relation: 

(K,a)h i 
: =6,+ 
l n. 
Equation (15) describes the linear dependence of mass 
transfer number between the values 6; and @,, corre- 
sponding to the inlet and outlet stages, respectively. 

If concentration profiles in both phases are measured, 
all parameters in this 4-parameter model can be esti- 
mated with acceptable accuracy. Table 2 compares the 
accuracy of parameter estimation calculated from equa- 
tion (13) in some typical cases using both the three and 
four parameter models. The data indicate that, despite 
some loss in accuracy in the estimated parameters, 
particularly mass transfer number, resulting from the 
introduction of an additional parameter, the overall 
accuracy 1s still within acceptable limits for chemical 
engineering design purposes. 


(6, — 9). 
l 


Forward Mixing 
Flow of the dispersed phase in a column is largely 
segregated.'' '° Low hold-up and suppression of drop 
coalescence redispersion by mass transfer into the drops 
and the presence of surfactant impurities all contribute 


Table 2. Standard deviations of parameters. Number of stages: 17; 
Sampling in stages: 1, 5, 9, 13, 17; R=1; o,=o6,=0.01 x,,; m =1; 
A=1 
3-parameter model 
0, 
0.023 


0.161 
0.007 


4-parameter model 
@ a 


~ 


0.0 0.061 
0.197 
0.018 
0.022 
0.367 
0.329 
0.024 
0.035 
0.081 
0.376 
0.024 
0.030 
0.776 
0.900 
0.037 
0.051 


0.171 
0.171 
0.008 


0.027 
0.303 
0.008 


0.375 
0.375 
0.009 


weno BRWNOK hWN KK hwWN 


= 


to drop segregation. As the mean drop velocity is 
dependent upon the drop size, the mean residence time 
of a drop depends upon its size. The so-called forward 
mixing or channelling in the dispersed phase contributes 
to the spread of residence times in the dispersed phase. 
It can be shown that the increase in the dimensionless 
variance of the residence time in n{ stages caused by 
forward mixing in fully segregated flow is given by: 


F \ 
Ac? = ( 1+ =) (EM — | (16) 
where f, is a volume fraction of the hold-up correspond- 
ing to drops with a mean residence time, ¢,, in a stage. 

If the residence time distribution is measured by a 
tracer injection technique and evaluated in terms of the 
back-flow model, the apparent increase of the back- 
mixing coefficient due to forward mixing depends on the 
position of the two tracer sampling points: 


ni+ | f 
Aa =“ (Six! i }. (17) 


Both the polydispersity of the phase and the residence 
time distribution thereby caused, produce a concen- 
tration distribution of solute in a stage. This causes a 
decrease in the effective driving force for mass transfer 
in comparison with that in fully mixed flow with uniform 
concentration in each phase and thus affects the concen- 
tration profiles in the column. 

The following example illustrates these effects on the 
parameters of the back-flow model, evaluated from the 
concentration profiles. 


Example 


The concentration profiles in a 17-stage column were 


simulated for the conditions U,/U,=1, m=1.5 
Xin = 1.00, Voy, = 0.90, x, = 1.0 and fully segregated dis- 
persed x-phase without backflow, characterised by the 
distribution in Table 3. 

The simulated concentration profiles are represented 
as points in Figure 4. The data from stages 1, 5, 9, 13 
and 17 were used for the evaluation of the four param- 
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Table 3. Distributions for the Example 


Drop size (mm) 0.5 1.0 ‘3 
Volume fraction 0.02 0.07 0.13 
Mean residence time/stage(s) 20.00 10.00 6.67 
Mass transfer number 0.845 0.422 0.282 


eters of the back-flow model with a variable mass 
transfer number. The following estimate was obtained: 


6, =0.193, 6, = 0.897, 


6,=0.141, 6,=0.102 


with excellent fits of the concentration profiles, charac- 
terised by the sum of residuals, S = 6.53 x 10~° (full line 
in Figure 4). The estimates of the backmixing coefficients 
#,, 6, are close to the true values «, = 0, «, = 1.0, while 
the estimates of the mass transfer number in the end 
stages 0,, 0, are considerably lower than the true average 
value Xf,N,, = 0.20. As expected, the forward mixing in 
the dispersed phase decreases the apparent value of the 
mass transfer number, especially in regions far from the 
inlet. 

It is interesting to compare the predicted concen- 
tration profiles, based on the true mean value of mass 
transfer number 0.20, when the apparent back-mixing 
coefficients are obtained from residence time distribu- 
tions. The calculated concentration profiles with param- 
eters 


2%, = 2.18, from equation (17) 
=a,=1.0 
, = TN, = 0.2 


shown in Figure 4 as dotted lines, exhibit systematic 
deviations and the fit (with sum of residuals 
S = 2.53 x 10~’) is not satisfactory. 

The example demonstrates possible failure of the 
application of the back-flow model to systems with 
forward dispersed phase mixing if a value for back- 
mixing coefficient evaluated from residence time distri- 
bution measurement is used. 


CONCLUSIONS 
The back-flow model commonly used to describe 
non-ideal flow behaviour in liquid extraction columns is 








Stage number 


Figure 4. Comparison of the concentration profiles simulated for 
segregated dispersed phase flow (points) with the prediction of the 
back-flow model. Parameters estimated from the concentration 
profiles; back-flow coefficients estimated from residence-time 
distribution. 
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2.0 2.5 3.0 3.5 4.0 4.5 5.0 
0.17 0.17 0.16 0.13 0.09 0.05 0.01 
5.00 4.00 3.3 2.86 2.50 2.22 2.00 
6.211 0.169 0.141 0.121 0.095 0.094 0.084 


not an exact description of reality and is best applied to 
design calculations using parameter values derived from 
measured concentration profiles rather than values ob- 
tained from residence-time distribution measurements. 
The method of parameter estimation from measured 
solute concentrations has the great advantage of being 
applicable to full-scale industrial installations without 
requiring any disruption of production or introduction 
of tracers. The four-parameter version of the model is 
recommended in that it can take into account changing 
specific interfacial area within the column. In addition, 
allowance for the effects of forward mixing in the 
dispersed phase is incorporated in the parameters. 
Finally, it has been shown that consideration of the 
location of sampling points can greatly increase the 
value of the data obtained from a given number of 
samples, those located near the inlet of a phase yielding 
the most information. 


SYMBOLS USED 


specific interfacial area 

drop diameter 

volume fraction of drops of diameter d 
stage height 

Hessian matrix defined by Equation (12) 
distribution coefficient 

number of sampling points 

number of stages 

number of stages in which the residence-time distribution is 
measured 

mass transfer number or number of transfer units per stage 
mass transfer coefficient 

number of parameters 

defined by equations (1) and (2) 

ratio of mass transfer coefficients, k,/k 
sum of squares of residuals 

residence time in a stage 

mean drop velocity 

superficial velocity 

covariance matrix, equation (11) 
measured concentration 

calculated concentration 

measured concentration 

calculated concentration 

backflow coefficient 

objective function 

parameter 

ratio of flows of phases 

standard deviation 


stage number 

fraction of drop size 
sampling point in x-phase 
sampling point in y-phase 
parameter 

parameter 

x-phase 

} -phase 

inlet 

outlet 

interface 
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BOOK REVIEWS 


Turbulent Buoyant Jets and Plumes 
Edited by W. Rodi 

Pergamon Press, 1982 

pp 184, £17.50 


This book contains three articles on aspects of turbulent 
jets and plumes, published by Pergamon Press as volume 
6 of the series HMT, the science and application of heat 
and mass transfer. In the first article entitled ‘Mechanics 
of turbulent jets and plumes’, E.J. List reviews and 
interprets experimental measurements of jets, plumes 
and buoyant jets discharging into an unconstrained 
environment; in the second entitled ‘Turbulent buoyant 
jets in shaliow fluid layers’, G.H. Jirka reviews the theory 
of jet intrusions into fluid, when bounded by horizontal 
surface and considers some comparisons with experi- 
ment; in the final article, ‘A turbulence model for 
buoyant flows’, M.S. Hossain and W. Rodi present the 
theoretical foundation of a model and compare predic- 
tions with experiment. The articles are of equal length, 
each about 60 pages, and cover the period to 1981. 
List examines the experimental evidence of vortex 
structure in unconfined jets first observed in 1935. The 


experiments show that ring vortices have the property of 


circumferential instability, and these and helical vortices 
interact and eventually destroy each other, so generating 
a turbulent eddying motion that appears about 40 jet 
diameters downstream. Beyond this distance the in- 
tensity of the turbulence expressed as the ratios of the 
root mean square of the velocity fluctuation to the mean 
velocity is constant at 0.29, and almost isotropic on the 
small scale, although this is not true of large scale 
variations. The mean axial velocity distribution in jets is 
apparently self similar and Gaussian in form with a rate 
of entrainment into the jet that is essentially constant. 

Jets are generated by forced convection, but turbulent 


plumes are generated by buoyancy forces that arise 
either from differences in molecular compositions, or 
temperature differences or both. Here conclusions drawr 
on the basis of experimental evidence, are not so clear. 

The study of turbulent buoyant jets in shallow fluid 
layers has been mainly concentrated over the past ten 
years, so that the theoretical correlations lean on experi- 
mental patterns established for deep fluids, but not yet 
for shallow fluids because of the lack of experiments. 
The discussion here is altogether more speculative, and 
as portrayed by Jirka, stability conditions in the jet are 
affected by the geometry of the fluid body into which the 
jet is discharged. The increasing practical importance of 
river and offshore discharges wil. ensure the growth of 
this field of study. 

The twin theoretical facets of jets and plumes are the 
manner in which instability develops, and flow, once the 
condition of turbulence has been established. Hossain 
and Rodi deal with a particular model for buoyant flows. 
In theory the turbulent flow may be described by a 
solution to the Navier-Strokes equations linked to con- 
servation equations for mass or energy; in practice the 
associated requirements for computational speed and 
storage cannot be met for complex flow and therefore 
empirical descriptions of turbulence correlations are 
introduced. Transport equations for turbulence proper- 
ties lead to sets of partial differential equations, but at 
least for simpler flow the differential transport equations 
for individual turbulence correlations may be reduced to 
algebraic expressions by neglecting convective and 
diffusive terms. Hossain and Rodi describe one algebraic 
stress/flux model when applied to vertical jets and 
plumes. Their description includes the setting up of 
numerical grids and shows reasonable agreement with a 
selection of profiles for velocity and temperature distri- 


Book review continues on page 320 
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MICRO-MIXING AND THE SELECTIVE 
IODINATION OF I-TYROSINE 


By J. R. BOURNE (FELLOW) and S. ROHANI 


Technisch-chemisches Laboratorium ETH, Zurich, Switzerland 


The applicability of a recent model of mixing on the molecular scale (micromixing) to extensive experimental results for the 
selective iodination of the amino-acid |-tyrosine is explored. Experiments had shown the dependence of the yield of 
3-iodo-I-tyrosine on 4 turbine diameters, 3 reaction temperatures, 3 reagent concentration ratios, 3 feed positions, 3 viscosities 
and many turbine speeds in two semi-batch reactors of different sizes. The kinematic viscosity of the reacting mixture, the 
rate constants and the power number of the impeller were required in order to predict the yield in a given tank. When either 
operating conditions or tank configuration were changed, the model consistently predicted the direction of the resulting change 
in yield correctly. The extent of this change was not always correct. Whether this was due to an inconsistency in the 
measurements (the yields did not tend to the vaiues expected in the chemical regime) or an inadequacy of the model is unknown. 


INTRODUCTION 

Advances within the last decade have clarified the inter- 
actions between mixing, especially mixing on the molec- 
ular scale (micro-mixing), and chemical reaction. Much 
has been learned in the areas of: (a) modelling, whereby 
diffusive and convective mass transfer have been coupled 
with reaction kinetics through mass balances, and (4) 
experimentation, where convincing examples of mixing- 
sensitive reactions have emerged and served to test the 
above-mentioned models. 

Table | refers to two streams, containing reagents A 
and B respectively. In the absence of any hindrance from 
inadequate mixing, A and B would react in a character- 
istic time (e.g. half-life time) equal to fg. In the absence 
of any reaction, which would tend to accelerate 
homogenisation, they would mix in a characteristic time 
equal to fy;. This mixing might be partly convective in 
character, but, in order to bring about reaction between 
substances initially present in separate streams, must 
include molecular diffusion. 

In the slow reaction regime (Table 1) concentration 
gradients on the molecular scale or segregation'’ are 
insignificant and mixing occurs before reaction. The 
quantity of the intermediate R in the competitive, con- 
secutive sequence: 


A+B 5R (1) 


R+B3S 


Table |. Mass transfer and chemical reaction. 


TR vi TR © Iv Ip “ly 


Regime slow fast 
Rate control kinetics kinetics and MT mass transfer 
Segregation negligible moderate intense 
Reaction volume all space narrow zone plane 
Rate A+ BR maximum moderate 
Selectivity for R ) 
A+B->R t maximum moderate 
R+B-+S 


instantaneous 


very low 


very low 


4 


is a maximum. Inhomogeneity on the molecular scale 
reduces the rate of a single, second-order reaction, 
although the potential loss of conversion may be com- 
pensated by a suitable increase in reactor volume. Such 
inhomogeneity, occurring in the fast regime, reduces the 
yield of R, which cannot be compensated by a change of 
reactor volume. No matter how favourable the kinetics 
(e.g. k,>k,) and the stoichiometric ratio (e.g. 
Neo < Nao), the yield of R will be zero in the instan- 
taneous regime. 

A change from a high to a low yield regime might, for 
example, be caused by: (a) designing a reactor from 
reaction kinetics alone, without considering possible 
mass transfer limitations; (+) transferring a reaction 
from a small scale, intensely agitated reactor to a larger 
scale, weakly agitated tank; (c) locating a feed pipe in a 
zone of low agitation intensity. The resultant loss of 
yield is likely to waste raw materials in manufacturing 
unwanted products and to increase the load on the 
separation stages following the reactor. 

Most text-books on Chemical Reaction Engineering 
consider the chemical regime for which kinetic informa- 
tion is the basis of design. The instantaneous regime 
requires only mass transfer (especially diffusion) rates 
for quantitative modelling**. The fast regime exhibits the 
most subtle interactions between kinetics and mass 
transfer and many kinetic and diffusional variables 
determine yield. A suitable model has beer derived’; here 
its applicability will be demonstrated. The yield of 
3-iodo-1-tyrosine, formed by the fast, single phase 
iodination of the amino-acid |-tyrosine, will be predicied 
using the model. These predictions will then be com- 
pared with the measurements of Paul and Treybal®” over 
a wide range of conditions. 


A MODEL OF MICRO-MIXING 
Outline of Model Structure 
The iodination of tyrosine was conducted by gradu- 
ally adding between 0.05 and 0.2 parts by volume of a 
concentrated, aqueous iodine (B) solution to | part by 
volume of agitated, aqueous tyrosine (A) solution in a 
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semi-batch operation. These solutions were completely 
miscible, but the reactions, which follow equations (1) 
and (2), were fast enough to cause partial segration on 
the molecular scale. 

In the model’ freshly entered B-solution is supposed 
to be distributed by convection and dispersed by eddy 
diffusion until small elements of B-rich solution are 
interspersed within the turbulent A-solution. Thus ini- 
tially mixing consists of reducing the scale of 
segregation’ without significant diffusion and hence 
simultaneous reduction of the intensity of segregation’. 
In the next phase, however, A diffuses into the B-rich 
layers, which are being gradually deformed by the 
surrounding shear field, bringing about mixing on the 
molecular scale and hence chemical reaction. A simple, 
one-dimensional representation is provided by the fol- 
lowing, unsieady-state mass balance on any substance ‘i’ 
within a deforming lamina: 

“6, 
x2 + Ri. (3) 


Oc, Oc, 0 

— + —— = D- 

Or Ox ¢ 

The shrinkage of a layer with velocity u represents a 

laminar flow, provided that the layer is thin relative to 

the Kolmogoroff velocity microscale A, . The velocity u 

depends generally on x and f, and has been determined 

from the kinematics of shear’ and compression*. For 

shear, the half-thickness of a layer 6 is related to the 

initial half-thickness 6,, the time ¢ and the shear rate y 
by: 


6= do(1 — yt?) 1/2 (4) 


u =(x/d)dd/dt can be found from equation (4) and 
when substituted into equation (3) gives: 


= =D— +R. (5) 


Ox? ; 
Changing to dimensionless variables X = x/0, 
T = Dyt/63, B =y 63/D, and C, = c;/co simplifies equa- 
tion (5) to: 


(6) 


Here ‘i’ = A, B, R and S, so that when four, coupled 
partial differential equations are solved numerically, the 
results can be checked by the two mass balances for A 
and B using equations (1) and (2). 

Initial and boundary conditions have been formulated 
for batch or plug flow’ and continuous, stirred tank 
reactors’. Tyrosine iodination employed semi-batch 
operation, whereby the iodine solution was added over 
1080s, and the diffusion-reaction time was of the order 
of seconds. The B-rich solution was sub-divided into o 
equal parts. Reaction was started by adding the first 
part, so forming a dispersion of B-rich elements in 
A-rich solution. With known initial conditions, diffusion 
and batch reaction then followed and were continued 
until the fraction of B remaining unreacted was less than 
i0-’. The dispersed elements then mixed with their 
surroundings to give a solution, which formed the 
surroundings for the next part of the feed i.e. gave the 
new initial conditions (composition and volume) in the 


surrounding, turbulent fluid. Thus the set of equations 
(6) was solved o times. 

The term R, in equation (6) is a source term coming 
from the chemical reactions. Examples are: (a) for A, 
R, = —kycacg, and (b) for R, Rp = kiCacg - 


kiceCp.- 


Solution of Model Equations 
and Parameter Estimation 


Although the equations (6) have to be solved numer- 
ically, the formation of dimensionless groups from these 
equations and their boundary conditions clarifies the 
functional dependences. It is readily shown for a given 
mode of reactor operation that: 


C; = f( me A k, k,, Nao Neo; Cao/Cpos 
Ds/D,, Dy/D,, M, B). (7) 


The iodination of 1-tyrosine in a stirred tank was so fast 
that the composition of the product solution had to be 
analysed when the reaction was complete, i.e. when all 
the iodine had reacted. Thus 7 takes on such a high 
value that C; no longer depends upon it. 

The method of analysis, spectrophotometry, deter- 
mines volume-averaged concentrations and not point 
values at each value of XY. The effect of position within 
a deforming lamina is thus not obtained, and in the 
model the effect of ¥ on C, is integrated out to give the 
average concentration. 

The rate constants k, and k, were determined in 
alkaline solution (buffered to pH = 11.7) at 284, 298 and 
316K°. With rising temperature their ratio k,/k, de- 
creased from 14.7 to 6.5, thus lowering the potential 
yield of R. Most iodinations were conducted at 298 K, 
where k, = 0.035 m’ mol~'s~! and k, /k, = 9.21. 

The initial stoichiometric ratio Nay /Ngo was always 1. 
The initial iodine concentration Cg). was always 
2 x 10° mol m~*, whilst the initial tyrosine concentration 
Cao ranged from 100 through 200 to 400 mol m 

Diffusivities were estimated from the Wilke—Chang 
equation”, giving at 298K D,=5.6x 10°'°m’s"', 
D, = 1.16 x 10-° m’s~' and D, = 5.1 x 10°"? m’s7!. 

The mixing modulus M_ was defined’ as 
M =k,cyd;/D, and the method of estimating 6, was to 
set it equal to half the Kolmogoroff velocity 
microscale”"'!: 

by = 0.5(v?/e)'*. (8) 


The kinematic viscosities v at 284, 298 and 316K were 
1.33 x 10-°, 1.08x10-° and 0.76x10-°m’s™' re- 
spectively, although in a few cases at 298K values 
3.7 x 10-° and 6.4 x 10-°m’s~' were obtained with a 
polymeric additive. The energy dissipation per unit mass 
of solution ¢ would ideally be evaluated locally. Local 
values are, however, usually uncertain or not at all 
known, so the volume-averaged value P/pV will be used, 
where P is the power drawn by the impeller. The 
significance of this average will be discussed later. Stan- 
dard, 6-bladed, Rushton disc turbines were used and the 
impeller Reynolds number was above 10*, so that a 
constant power number Po of 5 could be employed for 
well-baffled tanks. Thus: 


€ = Po N’d°/V. (9) 
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Table 2. Effect of number of feed increments o on 
yield in semi-batch reactor; k,/k,=9.2; 
Nao/ Ngo = 13 Cap = 10 Cag; Sc = 1936 (B = 242). 
a I 3 5 10 SO 
Yield (M = 80) 67.0 
Yield (M = 500) 


65.2 65.0 64.8 
§2.2 50.3 50.0 49.7 49.5 


In total, two tanks and four turbines were employed’. 
In the smaller tank (V = 0.005 m*) d was either 0.051 
or 0.076 m, whilst in the larger tank (_V = 0.036 m’) d 
was either 0.102 or 0.152 m. The stirrer speeds N will be 
given later. 

The shearing parameter f was defined® as B = » 


62 D, 
and the shear rate was estimated”"' by: 


y = 0.S(e/v)'”. (10) 


Introducing equations (8) and (10) into the definition of 
B, it follows that: 


B = Sc/8 (11) 


where the Schmidt number is v/D,. The values of Sc at 
298 and 316K were 1936 and 916 respectively. 

The yield of R was defined as (moles of R 
formed/moles of A initially present in the reactor). 


Computational Results 

Suitable spatial discretisation of equation (6) was 
obtained by increasing the number of spatial elements 
until the predicted yield of 1-tyrosine became constant 
under batch reaction conditions. When M was 5, 11 and 
more elements gave a yield of 75.3°%. When M was 50, 
21 and more elements gave a yield of 70.0°. When M 
was 500, 51 elements gave a yield of 52.0°%%, 61 and 71 
elements corresponded to a yield of 52.1°%%, and 81 and 
more elements gave a yield of 52.2°,. Thus 11, 21 and 
81 elements were suitable for computing the yield when 
M was 5, 50 and 500 respectively, the reaction tem- 
perature being 298 K. 

Although it was necessary to know the diffusivity of 
the reference material A with some accuracy, since D, 
enters M and f, the yield was not sensitive to the ratios 
of diffusivities D,/D, and D,/D, over the range consid- 
ered. For example, when M was 100, setting all 
diffusivities equal to D, gave a yield of 65.4°%% from a 
batch reactor, and with the actual diffusivities the yield 
was unchanged. As however the reaction becomes in- 
creasingly dependent upon diffusion, and correspond- 
ingly less so on kinetics, there is an effect. For example, 
with M = 500 and batch reaction, diffusivities all equal 
to D, gave 52.2% yield, whereas the actual values gave 
52.4°,. The small increase of 0.2% reflects the lower 
intensity of segregation resulting from the higher iodine 
diffusivity (D, = 2.08D,). 

In the slow reaction regime (Table 1) there are no 
differences in yield and conversion between a batch 
reactor and a semi-batch reactor, where B is pumped 
into an A-rich solution. In the fast regime, however, the 
yield from a semi-batch reactor is intermediate between 
those from batch and continuous stirred tank reactors, 
as shown in Table 2, where the batch reactor is repre- 
sented by o = 1, and in Figure 1. 
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When computing the product distribution from a 
batch reactor, the equations (6) have to be integrated 
once. However, for a semi-batch reactor the set of 
equations must be integrated o times. Physical c is likely 
to be of order 10°-10*, but the computer time needed for 
such high o values would be excessive e.g. one day 
Much smaller values of o were therefore chosen. The 
computer yields given in Table 2 justify the use of ¢ = 10 
for most of the calculations presented in Figure | and 


elsewhere, taking into consideration an error of 


1.0-1.3°,° in the experimental yields 


THE IODINATION OF I-TYROSINE 

The substances A, R and S in equation (1) and (2) 
were as shown in Figure 2. At 298 K, where k, /k, = 9.2, 
the conversion of A and the yield of R were calculated 
for the slow reaction regime in a batch or semi-batch 
reactor, giving 88 and 75.5%, respectively. (If reaction 
had been carried out in the instantaneous regime, then 
conversion and yield would have been 50 and 0°,) 

At 298K measured yields ranged from 50 to 72°,‘ 
This reduction in yield relative to 75.5°% is unlikely to 
have been due to analytical errors or side reactions since 
the mass balances on iodine as well as on organic 
material, following equations (1) and (2), checked to 
within experimental error (+ 1°) 


The following sec- 
tions will show 


that it was most probably due to 
inhomogeneity on the molecular scale, as outlined in the 
model 


COMPARISON OF MEASURED AND 
PREDICTED YIELDS 


Three feed positions were employed (Figure 3) and 
were designated”: ‘a’ turbine; *b’ upper and ‘c’ below 
turbine. For the 0.005 m° tank these positions were: ‘a’ 


Figure |. Predicted yield as a function of mixing modulus M for 
298 K: Cpp = 10ca9; N \ 


iodination of l-tyrosine. 7 . . 
semi-batch reactor 


Batch reactor 
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Figure 2. Formulae of the reactants A, R and S. 


Turbine: 3.2 mm diameter pipe, 6.4mm from blade tip, 
flow radially inwards. ‘b’ Upper: 3.2 mm vertical pipe, 
some 50 mm below surface, flow downwards. ‘c’ Below 
turbine: vertical pipe, 13mm _ below centre of turbine 
disc, flow upwards. Unless otherwise stated, T = 298 K, 
Cao = 10 cag, and v = 1.08 x 10-°m’s'. 


Feeding into the Turbines 

Although there is a small effect of the feed location in 
the neighbourhood of a turbine on _ product 
distribution®'’, too iittle is known about the spatial 
distribution of the energy dissipation rate to calculate or 
predict this effect. Following earlier work”'' the average 
é-value, equal to P/pV, will be applied to the feed point 
‘a’, turbine. Although ‘a’, turbine, probably gave some- 
what higher yields (faster micro-mixing) in the 
experiments’ than ‘c’, below turbine, only three rather 
scattered values were published for ‘c’ and these will not 
be evaluated further. 

Table 3 shows 8 pairs of measured and predicted 
yields. Using a temperature of 298 K, ‘a’, turbine, as feed 
point and a larger turbine (d = 0.076m) running at 
200 rpm, the measured yields in repeated runs were 69 
and 71°. The predicted yield was 74°. 

With the larger tank (V = 0.036 m*) 70% yield was 
measured using a d=0.102m turbine running at 
N = 150 rpm and feed position ‘a’, turbine. The pre- 
dicted yield was 72°. 


Feeding into Upper Part of Tank 
The mixing modulus M is proportional to 63 and thus 








Figure 3. Tank configuration with feed positions (schematic). ‘a’ 
Turbine. *b’ Upper. ‘c’ Below turbine’. 


Table 3. Predicted and measured yields for feed point ‘a’ 
Cao = 10 cag; V = 0.605 m’. 
T = 298 K; d=0.051 m T=316K; d=0.076m 
Ni(rpm) 200 300 §=6©400 =: 600 800 200 400 800 
Faust) 70 73 74 75 75 70 
Yt2 @¢ @ 2 on 2 5: 63 


, turbine; 


Table Predicted and measured yields for upper feed point. 
Cao = 10 cao; V = 0.005 m*; T = 298 K. 


d =0.051 m d =0.076m 


N (rpm) 400 600 3800 1600 200 300 400 800 
Yorea (%) 56 59s«O68 s 2-2 
Oo i Ss FF 2 83 2 eS 


also to e~'*. It seems likely that the local ¢ value near 
the feed point *b’, upper, (Figure 3) will be less than ¢ 
near the turbine and also less than the average P/pV. 
This was confirmed by lower yields than at feed points 
‘a’ and ‘c”’ in this work®, as well as elsewhere'’, because 
reaction is fast enough to occur locally. (Presumably the 
average value would apply if the time required for 
reaction and diffusion were long compared to the mean 
circulation time, although then the intensity of segre- 
gation would probably be so low that micro-mixing 
would not be a serious problem.) Too little is known 
about the spatial distribution of ¢ to make a direct 
prediction of yield, using feed point ‘bd’. 

A single yield value was therefore used to calibrate the 
upper feed point i.e. to find in effect ¢, and this value was 
used to predict the yields at all other stirrer speeds, 
assuming that « ~ N* and thus M~N~'°. Table 4 
shows some results. For the 0.051 m diameter turbine 
and using Figure 1, the yield was fitted at N = 400 rpm, 
whilst for the 0.076m turbine fitting was done at 
N = 200 rpm. 

For the larger tank (V = 0.036 m’*) and the upper feed 
point ‘b’, the yield of 50°, using a turbine (d = 0.102 m; 
N = 190 rpm) was fitted and the following values pre- 
dicted: N = 380 rpm, Y pred = 58%, Yann = 58%; 
N = 780 rpm, Yp..4 = 67%, Yep = 63%. The largest tur- 
bine (d = 0.152 m) with N = 100 rpm produced a yield 
of 51°. Using this value a yield of 67°, was predicted 
when N = 370 rpm, the measured yield being 64°. 


Effect of Reagent Concentration Ratio 


In the smaller tank (V = 0.005 m’*) using the smallest 
turbine (d = 0.051 m) running at N = 800 rpm, yields of 
56.3 and 57.7% were measured in duplicate runs using 
Keeping constant stoichiometric ratio 
Nao/Ngo = 1, the concentration ratio was changed to 5 
and also to 20 by varying c,,) and the volume of iodine 
solution of constant concentration added to the tyrosine 
solution. The upper feed position ‘*b’ was used. 

Finding the effective M value from the average yield 
of 57° when the concentration ratio was 10 using Figure 
| (as described in the last section), the model predicted 
the following yields at the other two concentration 

Yxp = 54%; Ratio = 20, 
Y wea = 60%, Yxp = 60%. In the slow reaction regime 
there would have been no effect of concentration ratio 
at constant stoichiometric ratio. 


Cao = 10 Cay. 
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Effect of Solution Viscosity 

Experiments have shown that with increasing viscosity 
the rate of mixing on the molecular scale and therefore 
also the reaction rate decrease*'*'*. Two iodinations 
were conducted when v = 3.7 x 10°° and one when 
»=6.35x 10°-°m’s"'; the yield decreased progress- 
ively’. The increase in viscosity was achieved by adding 
an anionic, polymeric flocculating agent and, in the 
absence of further information, its effect on diffusivities 
will be neglected'®. An increase in v causes an increase in 
M, which is proportional to v'* if D, is constant, as well 
as in Sc and f. The increase in M alone promotes a fall 
in yield (Figure 1), but this is offset by the rise in Sc and 
hence in the shear parameter f. For example, using the 
smaller tank, T=298 K, Cp = 10ce,), d =0.076m, 
N =800rpm, feed position ‘b’, upper, the yield de- 
creased from 56.3 and 57.7% (repeats) at v = 1.08 x 10°° 
to 53% at v =3.7 x 10°°m’s“'. 

The effect of M alone can be read from Figure |}, 
which predicts a yield of 43°,, but Figure 1 is invalid, 
since it refers to Sc = 1936, whereas Sc = 6633 when 
v = 3.7 x 10°°m’s~'. The full model predicts a yield of 
49°. when the appropriate values of M and f are 
employed. 

Similar results for the feed position ‘b’, upper, were: 
(a) v= 1.08 x 10°°m’s~', 62.3% and 63.6% (average 
63°,) measured; v then increased to 3.7 x 10°°m’s~' at 
constant turbine speed, where 60°, was measured and 
57% was predicted. (6) v was further increased to 
6.4 x 10°°m’s~' where 58.5°, was measured and 51% 
was predicted from the yield of 63% when 
v=1.08x 10-°m’s"'. 


DISCUSSION AND CONCLUSIONS 
The experimental results of Paul and Treybal refer to 
the fast regime and cover a wide range of conditions (2 
tank volumes, 4 turbine diameters, 3 viscosities, 3 con- 
centration ratios, 3 temperatures, 3 feed positions, range 


of stirrer speeds etc.). The analytical error in the yield of 


3-iodo-1-tyrosine (R) was 1.0—1.3°%°. The reaction mech- 
anism and kinetics have not been independently checked 
and the diffusivities are only available from a general 
correlation. 

The rate constants vary with temperature according to 
the Arrhenius equation. The measured yields of 
3-iodo-1-tvrosine showed, however, an unexpected trend 
with rising stirrer speed®, namely they exhibited asymp- 
totic yields, which were smaller than the yields in the 
chemical regime. Thus at 284 K the maximum yield was 
79% (chemical regime 81°), whilst at 298 and 316 K the 
corresponding yields were 71.5°% (75.5%) and 63°% (70%) 
respectively. Possible explanations include. 


1. Side reactions, although in the results used here the 
mass balances closed to within analytical error (+ 1°). 
2. Local overheating in the reaction zones. To judge 
from the temperature dependence of yield in the chem- 
ical regime, local excess temperatures of up to 20K 
would have been needed to explain the results and such 
excesses seem unlikely. 

3. Poor macromixing, because of the high 
height/diameter ratio of the tanks (approximately 1.7) 
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Recent work"* shows clearly that the standard deviation 
of the circulation time and the bulk blending time 
increase rapidly with increasing liquid depth i.e. the 
liquid in the upper part of a deep tank needs substan- 
tially more time to mix than when height and diameter 
are similar. Slow bulk mixing of the solution from the 
upper part of the tank wouid have limited the ratio of 
tyrosine to iodine near the turbine and so promoted the 
formation of § relative to R. 

4. Using feed position ‘a’, turbine, (Figure 3), there was 
a risk of forcing the high velocity jet of tyrosine solution 
leaving the turbine into the 3.2 mm diameter iodine feed 
pipe. The velocity of the iodine solution was 6.05ms"', 
whereas depending upon the turbine size and speed the 
discharge had a radial velocity component of order 0.2 
to 1.2ms° (turbine tip speeds 0.5 to 3ms~'). Such 
back-mixing has been observed in an analogous case 
Had it occurred here, the yield of R would have been 
reduced 


For the feed point ‘a’, turbine, the predicted yield, 
based on the average energy dissipation rate P/pV, 
always exceeded the measured value. As noted above, 
the measured yields were probably lower than those 
from a tank of conventional shape and bulk flow pattern 
(i.e. liquid depth = tank diameter). The variation of 
yield with speed, but not the absolute yield, was quite 
well predicted. The decreasing difference between pre- 
dicted and measured yields as the stirrer speed rose is 
consistent with faster bulk blending (see above) 

For the feed point *b’, upper, the difference between 
predicted and measured yields was smaller, because the 


initial values in Table 4 had been fitted. Here again the 


measured yield seemed to be too low. Table 4 and also 
results for the large tank show well in both measure- 
ments and calculations the increase of yield resulting 
from a larger turbine. The yields are generally much 
lower for the upper feed point than when feeding into the 
turbine discharge. This indicates a much lower energy 
dissipation rate high in the tank. No reliable, consistent 
spatial distributions of ¢ were found and thus no direct 
prediction for this feed point was possible 

Although only six yield values were available from the 
large tank, the agreement between predicted and 
measured yields was somewhat better than for the small 
tank. The temperature level also had no effect on the 
applicability of the model. 

The effect of the reagent concentration ratio was 
correctly predicted. This is significant firstly because an 
alternative formulation of the diffusion-reaction equa- 
tions predicts even the sign of this effect incorrectly'’ and 
secondly because no changes in hydrodynamic variables 
occurred (i.e. the same stirrer speed and diameter and the 
same solution viscosity were employed). Thus the uncer- 
tainty about the variation of yield with stirrer speed did 
not arise. 

In the fully turbulent region—and here the impeller 
Reynolds number exceeded 10°—-viscosity has no 
significant influence on the bulk flow pattern, the im- 
peller’s power number and the time required for macro- 
scopic blending. Rising viscosity clearly retards mixing 
on the molecular scale, as indicated here by a fall in 
yield. It is impossible to decide with the information 
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available whether the polymeric additive influenced the 
reaction. If not, then the model over-estimated the effect 
of viscosity on yield. 

The failure of the measured yields to achieve asymp- 
totically the levels corresponding to the chemical regime 
casts some doubt upon their consistency. The 
diffusion-reaction model predicts the effects of all vari- 
ables (tank volume, turbine size, temperature, turbine 
speed, viscosity and concentration ratio) for two feed 
positions in the correct sense. The error in the extent of 
these predictions is, however, often excessive. Whether 
this error is caused by inadequacy in the model or 
inconsistency in the experiments, remains open. Viewed 
semi-quantitatively, the experimental results offer im- 
pressive evidence for the range of variables determining 
the yield from fast, multiple reactions, and the applica- 
bility of the model employing simple physico-chemical 
and agitation parameters has been demonstrated. There 
is a need for more information on the spatial distribution 
of the energy dissipation rate in stirred tanks as well as 
for unequivocal yield measurements using fully charac- 
terised, fast, multiple reactions. 


SYMBOLS USED 


Reagents, particularly |-tyrosine and iodine respectively 
Concentration of ‘i’ (mol m~*) 

Dimensionless concentration of ‘i’ 

Impeller diameter (m) 

Diffusivity of ‘i’ (m-s~') 

Second-order rate constant (m* mol~'s~') 
Dimensionless mixing modulus 

Quantity of substance ‘i’ (mol) 

Turbine speed (s~') 

Turbine power (W) 

Turbine power number 

Primary product, particularly 3-iodo-l-tyrosine 
Secondary product, particularly 3,5-diiodo-l-tyrosine 
Schmidt number 

Time (s) 

Dimensionless time 

Local, instantaneous velocity of shrinkage of lamina (m s~') 
Volume of solution in reactor (m°) 

Position in lamina (m) 

Dimensionless position in lamina 


Yield of product R relative to A, 
Dimensionless shear parameter 
Shear rate (s-') 

Half-thickness of lamina at any tirne (m) 
Energy dissipation rate (W kg ') 
Kolmogoroff velocity microscale (m) 
Kinematic viscosity (m?s~') 

Density (kg m~°) 

Number of parts of feed 


Subscripts 
i Substance ‘i’ 
0 Initial value 


REFERENCES 

1952 Appl Sci Res A3: 279 

. Danckwerts, P. V. 1958 Chem Eng Sci 8: 93 
Toor, H. L. in R. S. Brodkey ed. 1975 Turbulence in Mixing 
Operations (Academic Press, New York). 

. Berker, A. and Whitaker, S. 1978 Chem Eng Sci 33: 889. 
Angst, W., Bourne, J. R. and Sharma, R. N. 1982 Chem Eng Sci 


. Danckwerts, P. V. 


L. and Treybal, R. E. 1971 AIChE J 17: 718. 
=. L. 1968 PhD Thesis (New York University, New York). 

. Bolzern, O. and Bourne, J. R. Chem Eng Sci, 1983, 38: 99. 

. Rohani, S. and Bourne, J. R. Chem Eng Sci, 1983, 38: 911. 

. Sherwood, T. K., Pigford, R. L. and Wilke, C. R. 1975 Mass 
Transfer ch 2.6. (McGraw-Hill, New York) 

. Angst, W., Bourne, J. R. and Sharma, R. N. 1982 Chem Eng Sci, 
37: 1259 

. Bourne, J. R., Kozicki, F., Moergeli, U 
Eng Sci 36: 1655 

. Bourne, J. R., Schwarz, G. and Sharma, R. N. 1982, Paper J3, 327 
4th Euro Conf Mixing NL-Leeuwenhorst (BHRA Fluid Engng, 
Cranfield) 
Bryant, J. and Sadeghzadeh, S. 1982, Paper B4, 49. 4th Euro Conf 
Mixing, NL-Leeuwenhorst (BHRA Fluid Engng, Cranfield) 


and Rys, P. 1981 Chem 


ADDRESSES 


Correspondence on this paper should be addressed to Professor J 
R. Bourne, Technisch-Chemisches Laboratorium, Eidgendéssische 
Technische Hochschule (ETH), Universitatstrasse 6, Ziirich, CH-8092, 
Switzerland 

Dr Rohani is now at the Department of Chemical Engineering, 
University of Saskatchewan, Saskatoon, Canada 

The manuscript was received 4 February 1983 and was communicated 
by Professor J. M. Smith, Associate Editor of the journal for Continental 
Europe 


Chem Eng Res Des, Vol. 61, September 1983 





DECOMPOSITION ALGORITHM FOR 
CHEMICAL PROCESS SIMULATION 


P. OLLERO and C. AMSELEM 


Dpto de Ingenieria Quimica, Universidad de Sevilla, Spain 


This paper describes a simple and fast algorithm for the tearing or decomposition of recycle process networks. It solves the 
tearing problem by a straightforward two-step procedure of non-essential and essential reduction of stream nodes in the signal 
flow graph. Applied to well-known examples taken from previous works, it gives tear sets containing a minimum number of 
streams. Processing of stream node pairs associated with two-way edges is unnecessary. 


INTRODUCTION 


In recent years, process simulation has become an 
accepted tool for the analysis and design of chemical 
processes. Many generalised process simulation pro- 
grams have been developed to compute the steady-state 
material and energy balances for broad classes of chem- 
ical process configurations. The more widely accepted 
type of simulation program is one which is constructed 
using a modular approach. According to this method 
each chemical processing step is represented as a sep- 
arate mathematical model called a unit module. The unit 
modules are connected by data sets which represent the 
streams of material and energy flowing between the units 
of the plant. 

Since most chemical processes involve many recycle 
streams, that is, connections in the form of loops, the 
direct sequential solution of the mathematical models 
for the units in the process is not possible. The units 
must all be solved simultaneously, but this is not feasible 
for real non-linear units. 

The problem of recycle calculation may be best ex- 
plained with reference to Figure |(a). The stream vari- 
ables of stream No. 3 may be easily calculated if all the 
data for the feed stream and the design variables of units 
A and B are known. But streams No. 4 and No. 5 cannot 
be calculated since there is no information for stream 
No. 8. The same problem exists for stream No. 6. The 
subsystem consisting of units C, D, E and F which are 
connected by recycle streams is called the maximal cyclic 
net. To calculate the streams of this recycle system, 
values for some of these streams must be assumed and 
the entire recycle system computed. From the calculated 
values of these streams, a better estimate may be ob- 
tained. This procedure is continued iteratively until the 
difference between the estimated and calculated values of 
the assumed streams becomes smaller than a desired 
tolerance. 

Those streams in the maximal cyclic net which must 
be assumed are the tearing streams, and the optimal 
tearing streams may be found by tearing or decom- 
position procedures. 

The aim of the different decomposition algorithms is 
to find an optimal computation order for a recycle 
system so that this computation order will lead to a 


solution of the recycle system with minimal computer 
time and storage requirements. There are no good 
criteria for tearing to minimise the computation time. 
There are three different accepted criteria for tearing: (1) 
minimum tearing streams, (2) minimum tearing parame- 
ters and (3) minimum of weighting factors for the tearing 
streams 

For the first criterion only the number of streams is 
taken into consideration; for the second, the number of 
variables or parameters in every stream is also taken into 
consideration. For the third criterion, it is possible to 
add weighting factors to the different streams according 
to the estimated sensitivity of the calculation process to 
those streams. None of these criteria have proved to be 
optimal for every type of convergence acceleration 
method. In fact, it has been shown’ that the minimum 
number of tearing streams or parameters will not neces- 
sarily lead to the more rapid convergence of the direct 
iteration method. 

The sensitivity of different tearing streams to con- 
vergence acceleration is not absolutely definitive. One 
reported experience’ in finding less sensitive tearing 
streams with quasi-Newton acceleration has shown that 
the procedure for locating the best tearing streams may 
be more time consuming than the solution of the whole 
recycle system since it requires an estimation of the 
maximum eigenvalue of the Jacobian for several aiter- 
nate tearing sets. However, more recently it has been 
shown* that the tear set with the minimal maximum 
eigenvalue can be identified for the direct iteration 
method by an a priori criterion. The optimum set 
belongs to a family of tear sets characterised as non- 
redundant in relation to a simple but powerful rule 
called the replacement rule 

The tearing procedures which have been developed in 
recent years contain two major stages’. In the first stage 


the streams which cannot be used as tearing streams, 1.e., 
the ineligible streams, are reduced and the streams which 


must be torn in any case are found. The search for 
optimum tearing point on the simplified system is made 
in the second stage. Two general approaches for the 
execution of this stage have been used: (1) exact 
methods*® based on dynamic programming or branch 
and bound methods and (2) probability methods” 

where the selection of the tearing streams is made 
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Figure 1(a) Flow sheet graph. Nodes are the process modules. 








Figure 1(b) Signal flow graph of the maximal cyclic net of the flow sheet graph shown in Figure |(a). Nodes are the streams of information. 


according to some supposition that gives large proba- 
bility that one tear will cut a maximum number of 
internal cycles. 

Although the probability methods are easier to pro- 
gram and require much jess manipulation, they do not 
always ensure optimal solution for every problem’. 

Generally speaking the tearing algorithms are difficult 
to program and sometimes computer execution is slow; 
on the other hand many of them may be applied 
manually relatively easily and quickly. 


REPRESENTATION OF RECYCLE SYSTEMS 


A method of representing a process plant for com- 
puter simulation is to construct a process flow sheet 
graph in which the nodes represent the chemical pro- 
cessing steps and the directed edges represent the process 
streams. However, for the purpose of tearing, a more 
useful representation is the signal flow graph of the flow 
sheet*. It is also a directed graph or digraph. The basic 
distinction between the two representations lies in recog- 
nising the streams or edges in the flow sheet graph as 
nodes (“stream nodes’’) in the signal flow graph. The 
nodes of the flow sheet graph, i.e., the process trans- 
formations, become the edges of the signal flow graph. 
The signal flow graph of the flow sheet in Figure 1(a) 
is given in Figure 1(). 

The tearing procedure on the signal flow graph is 
effected by tearing or cutting stream nodes rather than 
by cutting edges as in the flow sheet graph. 

For a better understanding of the algorithmic pro- 
cedure a brief review of graph theory is in order. 

A finite directed graph or digraph, G (N, E) is a finite 
collection of nodes N whose elements are joined by a 
finite set of directed edges E. Two nodes n, and n, are 
joined by a directed edge e,, if and only if this edge 


originates from n, and terminates on n,. The node n; is 
referred to as being an immediate predecessor of n,, and 
n, aS an immediate successor of n,;. The set of all the 
immediate successors to a node n is denoted by 7 () and 
the set of all the immediate predecessors to n is denoted 
by T~'(n). The number of edges directed toward a node 
n is Called the in-degree 6 * (n) of node n and the number 
of edges directed out from n is its out-degree 6~ (n). 


ALGORITHM DESCRIPTION 

As stated previously, a realistic a priori measure of 
computation time is not available. Therefore, there is 
some merit in a simple, fast algorithm for minimising the 
number of torn streams. 

The proposed method is a direct graph simplification 
technique which seeks to reduce a signal flow graph to 
an empty graph by systematically eliminating stream 
nodes in a manner such that the problem solution is 
unchanged. Only two simple graph operations are 
necessary (1) non-essential stream node reduction and 
(2) essential stream node reduction. 


Table 1. Examples taken from previous workst 


Tear set by 

DTA algorithm 
13, 16, 31 

12, 35, 40 

6, 8, 20, 25, 28, 31 
31, 47, 58, 66, 65 


Authors 


Christensen and Rudd (No. 1)’ 
Christensen and Rudd (No. 2)’ 
Sargent and Westerberg'® 
Barkley and Motard 
(sulphuric acid plant)* 
Pho and Lapidus 1, 14 
(counter-example of 
Christensen and Rudd’s algorithm)‘ 


+ The stream node numbers given in the tear sets correspond to 
those used by the original authors. 
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Figure 2. Reduction of signal flow graph 


This contrasts with other tearing algorithms which 
require additional types of reductions like simple and 
non-simple two-way edge reductions. Furthermore these 
algorithms which include two-way edge reductions may 
fail to reduce a signal flow graph. In this event the final 


phase of these algorithms would call for some sort of 


rule which is found to be unnecessary with our al- 
gorithm. 


Non-Essential Stream Node Reduction 


Let n, be a stream node in the signal flowgraph. Let 
T (n,) and T~'(n,) be the sets of all immediate successors 
and all immediate predecessors to stream node n,. Non- 
essential reduction means deleting the stream node n, 
from the signal flowgraph and joining the set of nodes 
in T~'(n,) to the set of nodes in T(n,) by directed edges 
originating from 7~'(n,) and terminating on T (n,). If as 
a result of this reduction two or more edges are directed 
from one stream node to another stream node they must 
be combined into a single directed edge. Figure 2(a) 
shows a signal fiow graph consisting of four stream 
nodes. The reduced digraph after non-essential reduc- 
tion of stream node 2 is shown in Figure 2(b). 


Essential Stream Node Reduction 


Essential stream node reduction of node n, means 
deleting node n, and all the edges connecting to it from 
the signal flow graph. 

One possibility which can result from repeated appli- 
cation of non-essential stream node reduction is the 
appearance of nodes with a self-loop. These must be 
members of the minimum tear set since there is no 
alternative which will reduce cyclicity. In our algorithm 
a node with a self-loop is deleted by means of the 
essential stream node reduction explained above. The 
reduced graph shown in Figure 2(b) has a self-loop on 
stream node 3. The essential reduction of this node 
results in the signal flow graph shown in Figure 2(c). 


Chem Eng Res Des, Vol. 61, September 1983 





Another possibility is the presence of stream nodes 
with either no inputs or no outputs, or the appearance 
of such nodes as a result of the essential stream node 
reduction application. These nodes are not, obviously, 
members of the minimum tear set but in our algorithm 
they are also deleted by means of the essential stream 
node reduction. 


DIRECT TEARING ALGORITHM (DTA) 


Now we are ready to state a two step algorithm of 
non-essential and essential stream node reductions: 


Set graph G equal te the signal flow diagram of the 
process flow sheet. 

Set ES = 1. 

Pick up a stream node n, from G. 

If stream node n, has either no input or output edges 
delete n, from G by means of the essential stream 
node reduction and go to 7; otherwise proceed to the 
next step. 

If stream node n, has a self-loop treat n, as a tear 
stream; delete it from G by means of the essential 
stream node reduction and go to step 7; otherwise 
proceed to the next step. 

If stream node n, has either ES inputs or ES outputs 
delete n, from G by means of the non-essential 
stream node reduction and go to step 7; otherwise go 
to step 8. 

If G is empty, STOP; otherwise proceed to the next 
step. 

If all nodes have been examined for the current value 
of ES then go to step 9; otherwise return to step 3. 
If at least one node has been removed in step 5 then 
return to step 2; otherwise set ES = ES +1 and 
return to step 3. 


The tear-set obtained by the proposed algorithm is not 
unique. Sometimes an alternative tear set to the set 
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actually found may prove to be more desirable. This can 
be achieved by the present procedure in the following 
way. At the outset of applying the algorithm the un- 
wanted tear stream node is deleted by means of the 
non-essential stream node reduction. The presented pro- 
cedure will then try to seek an alternative tear set with 
the same number of elements. It this is not possible the 
algorithm will automatically generate a tear set which is 
not minimal as to the number of elements. 


ALGORITHM IMPLEMENTATION 


Our algorithm can be implemented on a computer in 
a number of different ways, depending on how a finite 
digraph is stored in the computer. We use a method 
based on the representation of the signal flow graph by 
its adjacency matrix. This matrix is a Boolean square 
matrix whose (i, /) element is set equal to | if and only 
if there is an edge directed from node n; to node n; in the 
signal flow graph: otherwise it is set equal to zero. 
Therefore, given a stream node n,,,, its immediate succes- 
sors are given by the non-zero elements in row m; and 
the set of its immediate predecessors is given by the 
non-zero elements in column m. 

The number of inputs or in-degree, 6 * (n,,) of a node 
n,, 18 given by the sum of the elements in the column m; 
and the number of outputs or its out-degree is given by 
the sum of the elements in the row m. 

The non-essential reduction of a stream node n,, is 
made by crossing out row m and column m; then for 
each stream node n, in 7 (n,,), the elements in column q 
are modified by forming a Boolean sum with the corre- 
sponding elements in column m. 

The essential reduction of a stream node n,, is made 
simply by crossing out row m and column m. 

To illustrate our algorithm using the adjacency ma- 
trix, consider once again the signal flow graph shown in 
Figure 2(a). Its equivalent adjacency matrix is shown in 
Figure 2(e). 

The stream node 2 has one output edge; non-essential 
reduction of this node results in the matrix shown in 
Figure 2(f). The stream node 3 has self-loop; essential 
reduction of this node results in the matrix shown in 
Figure 2(g). The stream node 4 has one input edge; 
non-essential reduction of this node results in the matrix 
shown in Figure 2(h). The stream node | has a self-loop; 
essential reduction of this node leaves an adjacency 
matrix with all rows and columns crossed out, implying 
an empty signal flow graph G. Thus the algorithm 
terminates having identified | and 3 as the tearing 
streams. 

The Appendix illustrates a BASIC program written in 
APPLESOFT for tearing a signal flow graph by our 
algorithm. 


APPLICATION OF THE ALGORITHM 
The Table shows well-known examples taken from 
previous works that are successfully solved by our 
algorithm. The result is significant because the problems 
have been solved without additional reduction by the 
two-way edge as required in previous methods for some 


















































Figure 3. Signal flow graph. 


of them, for example the sulphuric acid plant problem 
of Barkley and Motard’. 

Another application of the algorithm is the decom- 
position of the signal flow graph shown in Figure 3. The 
steps in the algorithm will be illustrated in list format 
rather than graphically. 


(1) No stream node with in or out degree equal to 1. 
(2) No stream node with in or out degree equal to 2. 
(3) Non-essential reduction of node 1. 

(4) Non-essential reduction of node 3. 

(5) Non-essential reduction of node 4. 

(6) Non-essential reduction of node 5 

(7) Essential reduction of node 6. 

(8) Essential reduction of node 7. 

(9) Essential reduction of node 8. 

(10) Essential reduction of node 2. 


The tearing set is [2, 6, 7, 8]. If stream node 2 is an 
unwanted tearing stream node then the algorithm gener- 
ates the alternative tearing set [1, 4, 5, 8]. In a similar way 
our algorithm obtains [2, 3, 6, 8] and [4, 5, 6, 7] as other 
alternative tearing sets. 


CONCLUSIONS 

We have presented a tearing or decomposition algo- 
rithm based on the direct graph simplification of a signal 
flow graph. This algorithm was applied to well-known 
examples in papers on tearing procedures. In all cases it 
resulted in tear sets containing a minimum number of 
streams. This does not imply that the proposed algo- 
rithm is optimal, but despite its simplicity it is as useful 
as more complex procedures. 

The actual implementation may vary in detail de- 
pending on the computer language used as well as the 
manner in which a digraph is stored inside a computer. 
We use the adjacency matrix to represent the signal flow 
graph. This enables our algorithm to be performed 
entirely on a single matrix; consequently it is suitable for 
a rapid manual decomposition of a moderately large 
problem. 

No comparison in terms of computer time with other 
tearing procedures was attempted; however some obser- 
vations of their relative advantages can be made. 
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The proposed method is a simple and straightforward 
two-step procedure of non-essential and essential reduc- 
tion of stream nodes. The second step, i.e., elimination 
of self-loops, is common to other decomposition pro- 
cedures. The first one is a powerful concept which always 
makes the addition of a third step unnecessary. The 
decomposition technique proposed by Barkley and 
Motard* uses an interval reduction procedure. This step 
is identical to the non-essential reduction step when it is 
applied to stream nodes with only one input edge. As a 
consequence of this limitation many problems cannot be 
solved without consideration of the two-way edge reduc- 
tion, a step never required by our algorithm. 

A similar decomposition technique proposed by Pho 
and Lapidus? uses the concept of ineligible stream nodes. 
Although this technique solves the minimum weighted 
recycle stream problem it includes the minimum recycle 
stream problem as a special case. When all the stream 
weightings are unity any stream node with only one 
input or one output edge is automatically ineligible; 
therefore the ineligible stream reduction is identical to 
the non-essential reduction step of our algorithm for 
stream nodes which have only one input or one output 
edge. Hence the ineligible stream concept is more power- 
ful than the interval reduction concept but there still 


remain some problems that cannot be solved without 
consideration of the two-way edge reduction. 
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APPENDIX 


AZ(1, J) .ee++eADJACENCY MATRIX 


VECTOR OF REMAINING STREAM NODES 
NUMBER OF REMAINING STREAM NODES 
VECTOR CONTAINING TEARING SET 


REM 

LET ES=1:FL=0 

LET NX = 1 

LET N = CJZ(NX):GOSUB 10000 
IF NE ¢ ) 0 AND NS ( ) O THEN 1090 
GOSUB 10306 

GOSUB 10400 

ON SF GOTO 1170,1040,1190 

IF AZ(N,N) ¢ > 1 THEN 1130 

GOSUB 10300 

LET FL = 1:NW = NW + 1:CCZ(NW) = N 
GOTO 1070 

IF ES ¢ ) NE AND ES ¢ ) NS THEN 1160 
GOSUB 10100 

GOTO 1070 

IF NX ( WN THEN NX=NX+1; nr 1040 
IF FL = 1 THEN FL = 0: GOTO 1010 

ou ES = ES + 1: GOTO 1030 


IN & OUT DEGREE 


THE GRAPH IS EMPTY 


REM THE TEARING SET IS CCZ(I),I=1 TO Ni 
REM THE NUMBER OF TEARING STREAM NODES IS Nu 


PRINT : PRINT “THE TEARING SET IS “;:FOR I = 
PRINT : PRINT D$;“PRHO": STOP 


REM 

LET NE = O:NS = 0 
NS + AZ(N,CJZ(J)): NEXT J 
WE + AZ(CJU(I),N): NEXT I 


REM 

LET IJ = 0: FOR J = 1 TO NN 

IF AZ(N,CJZ(J)) = 1 THEN IJ = IJ + 1352(1J) = 
NEXT JeNS = IJ 

FOR K = 1 TO NS: FOR J = 
RETURN 


1 TO NNSAZ(CIZ(J) ,SA(K)) 


1 TO NW: PRINT CCZ(1);", "3: NEXT I 
SUBROUTINE FOR CALCULATING IN-AND OUT DEGREE OF STREAM NODE N 


SUBROUTINE FOR NON-ESSENTIAL REDUCTION OF STREAM NODE N 
CJZ(J) sAZ(N,CUZ(J)) = 0 
= 4 * (AZ(CJZ(J) ,SZ(K)) 


= 1 OR AX(CJZ(J),N) = 1) NEXT J,K 


SUBROUTINE FOR ESSENTIAL ee OF STREAM NODE N 


REM 
FOR J = 1 TO NN: AZ(N,CJZ(J)) = Os AZ(CUZ(J),N) = 
RETURN 


SUBROUTINE 


THEN SF = 1; NN ~ 1: GOTO 10430 


Ai 
=3 


Chem Eng Res Des, Vol. 61, September 1983 


. NN = 
CUZ(I) = CJZ(I + 1): NEXT Is SF = 


: NEXT 


2: NN = NN - 4 





OXYGEN TRANSFER IN A PRODUCTION 
SCALE BIOREACTOR 


By N. M. G. OOSTERHUIS and N. W. F. KOSSEN 
Department of Chemical Technology, Delft University of Technology 


A two-compartment model is presented to calculate the oxygen transfer capacity of a production scale bioreactor. This model 
divides the reactor into a mixed zone and a bubble zone. For both compartments well known empirical correlations are used 
to estimate the local oxygen transfer coefficient. The model is based on the measurement of the local oxygen concentration 
in different places in a production scale bioreactor. The measured profile shows an increase of the oxygen concentration in 
the stirrer region. Calculated values of the oxygen transfer rate are compared with measured values, which are in good 
agreement with each other. The presented model will give more reasonable values for the oxygen transfer capacity when scaling 


up a Stirred tank reactor than the use of empirical correlations. 


INTRODUCTION 

Much research has been done on oxygen transfer in 
gas-liquid contractors, especially in laboratory-scale 
equipment'. However, less is known about oxygen trans- 
fer in production scale reactors. For laboratory-scale 
reactors (up to 0.05 m’*), for oxygen transfer both the 
liquid phase and the gas phase are considered to be well 
mixed. However, Einsele? has shown that the liquid 
phase mixing time increases strongly with increasing 
reactor scale. For highly viscous fermentation broths, 
also in pilot scale reactors, the liquid phase mixing time 
will be larger than the characteristic time for oxygen 
transfer, which will lead to oxygen concentration gra- 
dients in the reactor. Steel and Maxon’ showed these 
phenomena in a 0.02m° reactor. Comparable results 
were shown by Carelli et al.* in a viscous fermentation 
broth in a 15m? reactor. 

For low viscous broths the occurrence of oxygen 
concentration gradients have, as far as known, never 
been reported. But, as already mentioned, less is known 
about oxygen transfer in production scale reactors, with 
the exception of some results from waste-water treat- 
ment reactors. 

When the liquid phase mixing time is equal to or 
greater than the characteristic time for oxygen transfer 
(1/k,a), the liquid phase still cannot be assumed to be 
completely mixed. So, for scale up, correlations as 
suggested by Van ‘t Riet' for calculating the oxygen 
transfer capacity of the reactor, have to be replaced by 
a reactor model in which the bulk liquid flow is taken 
into account. 

In this study measurements of the oxygen concen- 
tration at different heights in the reactor are done. A 
two-compartment model is used to calculate the oxygen 
transfer capacity of the reactor which will be compared 
with measured values. 


TWO-COMPARTMENT MODEL FOR 
OXYGEN TRANSFER 
It is suggested that the reactor be considered in two 
parts; a bubble zone and a well mixed zone. 


The bubble zone; the upper part of the reactor is 
considered to be a bubble column, so that in calculating 
the oxygen transfer coefficient for this part of the 
reactor, correlations appropriate to a bubble column can 
be used. It is supposed that in this part of the reactor the 
gas bubbles will rise freely. 

The mixed zone; the region around the impeller(s), is 
considered as a completely mixed tank for mass transfer 
purposes. It is also supposed that the impeller power is 
completely dissipated in this zone. This is in agreement 
with the results of Bertrand and Couderc*, based on 
liquid velocity measurements in a stirred tank. 

The liquid flow between the compartments is assumed 
to equal the pumping capacity of the stirrer. The gas 
phase is considered to be completely mixed, because of 
the short mean gas residence time compared to the 
oxygen transfer time in a production scale reactor. A 
schematic view of the model is given in Figure 1. 


AUXILIARY CORRELATIONS 
Oxygen Transfer Coefficient 

For calculation of the oxygen transfer coefficient for 
the mixed zone, k,a™, the correlations as given by Van 
‘t Riet' are used. In these correlations the oxygen 
transfer coefficient is related to the power input of the 
stirrer and to the specific gas velocity. A difference is 
Gas phase Liquid phase 
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Figure |. Two compartment model. 
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Figure 2. Two compartment model distinction between coalescing and 
non-coalescing conditions. 


made between a relation which holds for coalescing 
systems (like pure water) and one for non-coalescing 


systems (like salt-solutions). Generally the real value of 


k,a lies between these two extremes: 


. P 
k,a~’ = 2.6 x 10 7, . (1) 


for coalescing systems, and: 


: re 
k,a” = 2.0 x 10 (F) (v.)’* (2) 


for non-coalescing systems. 

When using a two-compartmental model, a distinction 
has again to be made between coalescing and non- 
coalescing media. In a coalescing system the character- 
istic time for the coalescence of gas bubbles, 1,,,,,, will be 
smaller than the liquid circulation time in the mixed part 
of the vessel, thus: 1,,,) < fj, This means that the gas 
bubbles will coalesce in the direct environment of the 
stirrer®. For this case we use correlation (1) to calculate 
k,a for the mixed region. The reactor part in which the 
stirrers are mounted, is taken as the volume of the mixed 
part of the vessel, as shown in Figure 2. 

In a non-coalescing system the coalescence time, (,,.), 
will be larger than the liquid circulation time, f,,., so that 
the gas will not coalesce in the mixed region. In this case 
we have used correlation (2) to calculate the k,a of the 
mixed region. However, in this case the volume of the 
mixed region is calculated from: 

V™ =nWinT’ (3) 
In which, 7 is the number of stirrers, W the stirrer blade 
width and 7 the tank diameter. The space between the 
stirrers and the upper part of the vessel is considered a 
bubble column. 


In order to estimate the k,a for the bubble region of 
the vessel, the following correlation is used’: 


ka” = 0.32(v,)”” (4) 


This was derived for coalescing conditions, but no 
alternative is known for non-coalescing conditions. 
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The k,a” (for 20°C) calculated from correlations (1), 
(2) and (4) can be corrected for temperature by: 


k,a’=07-k, a”, with @=1,020to 1.024 (5) 


Gas Holdup 
To calculate the gas phase balance, it is necessary to 
know the gas holdup in the different zones. Here again 
a correlation is used for the bubble zone, which is valid 
for a bubble column, and for the mixed zone a cor- 
relation for a mixed vessel. Namely, for the mixed zone 
the correlation’ 


F 
(1 - e)" = 0.134 2 
Ve 
and for the bubble zone the relation’ 
(1 —«)?=0.6(v.)”’ 
The gas phase volume can then be calculated from: 


(8) 


Power Input 

The oxygen transfer coefficient in the mixed zone, as 
well as the gas holdup in this zone are functions of the 
gassed power input of the stirrer, P,,. To calculate this 
power input, many correlations are available. In earlier 
work’ it has been shown that for a production scale 
bioreactor, the gassed power input can be described well 
by a correlation similar to that suggested by Reuss 
which was obtained from dimensional analysis 


O 


Po/ Py = 0.0312 Fr~° "Re VD | 


‘/T\08 
7)" © 
D 
The ungassed power input, P,, can be obtained from the 
power number, Np: 
P 


- 50to 6.0 


for a standard Rushton type turbine, with 7/D 


Pumping Capacity 
A review by Revill'' shows that a lot of correlations 
are available for calculating the pumping capacity of the 
stirrers, ®,. However less is known about the influence 
of gassing on the pumping capacity 
the pumping capacity, Revill 
tion: 


For calculation of 
gives the following equa 


®, = 0.75 ND' (10) 


for a six-bladed Rushton turbine impeller 
However a momentum balance for the stirrer region 
shows that: 


P = O50 (tim — Vin) (11) 


and if v,,>1 Vout © Usp. Under gassed conditions in 


correlation (11) P = P,, so the pumping capacity can be 
calculated from: 


©, =0.2N,ND° (12) 


out? 
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Correlations 


power 
P,,/P, = 90.0312 Fr 
hold-ups 
(1 —e)® = 0.13 (P,/Va)™ v2 
(1 —«)>=0.6 v?’ 
gas phase volume 
Vo=(l-—e?VE+C —eyV; 
oxygen transfer coefficients 
k,a™=a (P,/VP) vi 
k,a°=0.3 py?! 
pumping capacity 
@,=0.2 Ng ND 
liquid phase balance, mixed zone 
k,a™(C,/H — CP) + (®,/VP)(C? — CP) -r™ 
liquid phase balance, bubble zone 
k,a°(Cg/H — CP?) + (®,/V7) (CP — Cp) 
gas phase balance 
(v.A/Ve)(CE — Cg) — kya" VP/V Gg) (Ce 
k,a(V?/Vg)(Cg/H — Cp) =9 


6 Re®™™ (Q/ND*)-°* (T/D)* 


kinetics 
r™ =r, CTM(K + CT) 
Par Cr(K + Cz) 
total oxygen transfer capacity 
OTR =(V9V)r* + (V/V yr 


Total Oxygen Transfer Capacity 

To calculate the total oxygen uptake of the micro- 
organisms, the microbial kinetics for oxygen have to be 
known. Michaelis-Menten type kinetics are used here; 
the Michaelis-Menten constant for oxygen (the satur- 
ation constant Ko.) and the maximum oxygen uptake 
rate, r5°*, can be cbtained from laboratory experiments. 
The liquid phase oxygen concentration in the different 
parts of the reactor can be obtained from a liquid phase 
balance, in which stationary conditions are assumed, 
dCP/dt = 0. 

Figure 3 shows the balances and auxiliary correlations 
which are used for calculation of the total oxygen 
transfer capacity, OTR. 


MATERIALS AND METHODS 
Measurements of the oxygen transfer capacity and the 
local oxygen concentration were made in a production 
scale bioreactor with a maximum liquid volume of 25 m’. 
The reactor dimensions are given in Table 1. The vessel 
was equipped with two six-bladed Rushton type turbine 


Table 1. Reactor dimensions. 
Impeller/vessel diameter D/T 
Number of impellers 
Impeller speed / 6s 
Baffle diameter/vessel diameter 0.09 
Number of baffies 4 
Liquid volume up to 25.0 m3 


impellers. Air was supplied just below the lower impeller. 
The oxygen transfer rate was calculated from the oxygen 
concentration in the off-gas (measured by a Taylor- 
Servomex OA540 oxygen analyser) and the total gas 
flow (measured by a calibrated industrial rotameter) 
according to Esener”’. 

An oxygen probe (Electrofact Z152) was mounted on 
a cable in the reactor. This cable was fixed with help of 
pullies at the bottom and top of the vessel, so that it was 
possible to position the electrode at different heights in 
the reactor and measure the oxygen concentration 
profile. All measurements were carried out under prod- 
uction conditions. 


RESULTS AND DISCUSSION 
Oxygen Profile 


Measurement of the oxygen concentration at different 
heights in the reactor gave the profile shown in Figure 
4. The measured concentration was corrected for the 
liquid head pressure, so that the values obtained from 
different heights in the reactor are comparable to each 
other. It is seen that at the stirrer level the oxyge 
concentration increases. In the room between the stir- 
rers, a rather low concentration is measured, while in the 
upper part of the reactor the concentration decreases 
sharply. 

These results are in agreement with observations of 
Carelli et al. whose measurements were done in a highly 
viscous fermentation broth. In this case, however, the 
viscosity of the broth is about 1.5 mPas. This profile 
justifies the use of a multi-compartment model to de- 
scribe the oxygen transfer. 


Calculated, 
“non coalescing 


Calculated coalescing 


Measured 











Figure 4. Oxygen concentration profile in a production scale bio- 
reactor. 
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Figure 5. Calculated and measured OTR values as function of the 
superficial gas velocity. 


Oxygen Transfer Rate 


Under production conditions the OTR as function of 
the gas flow rate was measured with different liquid 
heights, resulting in different H/T values. Figure 5 shows 
the results for a stirrer speed N = 2.6s~'. It is seen that 
the liquid height expressed as H/T, does not influence 
the oxygen transfer rate much. The values for 
H/T = 1.55 are somewhat lower than other values of 
OTR at the other liquid heights, because just before the 
measurements with H/T = 1.55 were done an antifoam 
agent was added. The reason why H/T is varied is to 
demonstrate the influence of the volume of the top space 
of the liquid, which shows a low oxygen concentration 
(Figure 4), upon the total oxygen transfer capacity of the 
reactor. It will be clear that no good distinction can be 
made between these measurements. The oxygen transfer 
rate, OTR, is affected by the superficial gas velocity. 
These results are in accord with others reported in the 
literature. 


Computer Simulation 

In the first case the reactor is considered as one 
compartment. The gas phase as well as the liquid phase 
is completely mixed in this situation. For calculation of 
the oxygen transfer coefficient, k,a, relations (1) and (2) 
would be used. The result of this simulation is given in 
Figure 5 by the broken lines. It can be seen that the 
oxygen transfer capacity, OTR, is over-estimated for 
both the coalescing and non-coalescing conditions. On 
the basis of these results, it seems that correlations 
similar to (1) and (2) probably should not be used for 
production scale reactors. 

Secondly the two-compartment model as given by 
Figure 1, is used for the calculation of the oxygen 
transfer rate OTR. As can be seen from Figure 5 most 
of the measured data lies between the lines calculated for 
the extremes of coalescing and non-coalescing condi- 
tions. For the coalescing situation the volume of the 
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mixed zone V™ = 0.6HA, while in case of non-coalescing 
situation, V"=0.1HA, as follows from the measured 
profile (Figure 4). In both cases the remainder of the 
reactor was considered as a bubble zone. For calculation 
of the oxygen transfer in this part of the reactor, 
correlation (4) was used, which is derived for coalescing 
conditions’. So, this gives uncertainty in the OTR of the 
bubble zone. However, the contribution of this zone to 
the total OTR is reiatively small compared to the 
contribution of the mixed zone. 

Although the two-compartment model is still largely 
unstructured, the oxygen transfer capacity of a prod- 
uction scale reactor can be estimated. With help of a 
model for the coalescing phenomena in the stirrer part 
of the reactor, the model will be more structured. For 
this a model has been suggested by Oosterhuis et al® and 
this will be used for production scale reactors in future. 

For comparison of the results of the model calcu- 
lations with the measured data, the microbial reaction 
kinetics, described by a Michaelis-Menten equation 
have been used. However, it is not necessary to know 
these kinetics if one wishes to calculate the total oxygen 
transfer capacity of the reactor. The OTR then follows 
from the overall oxygen balance; 


OTR = k,a" “3 CE) + ka “s Cc) 


(13) 


and to calculate the maximum oxygen transfer rate, 
OTR, of the reactor C? = 0 and C? = 0. The values for 
k,a™ and k,a® can be obtained as set out in the 
foregoing. 

Finally a four-compartment model for the liquid 
phase is used to calculate the oxygen concentration 
profile. These calculations have only been made for the 
gas flow which was used when the profile was measured 
(v, = 0.028 ms~'). The values obtained for the oxygen 
uptake rate, OTR, is shown in Figure 5. Some higher 
values for the OTR were obtained this way. 

The calculated profiles are drawn in Figure 4, for both 
coalescing and non-coalescing conditions. It is seen that 
here again the real profile lies between the calculated 
extrema. However in both coalescing and non-coalescing 
cases, the measured oxygen concentration in the space 
between the stirrers is higher than calculated. There are 
two possible reasons for this. First, the pumping capac- 
ity as calculated with relation (12) might not be correct 
and secondly, which seems to be more reasonable, the 
volume between the stirrers might be considered to be a 
mixed region, especially for the coalescing situation. 


CONCLUSION 


For scale up of stirred gas liquid contacters the 
relations as suggested by Van ‘t Riet' should not be used 
directly. For production scale reactors these correlations 
give an over-estimation of the oxygen transfer capacity 
of the reactor. 

The use of a reactor model as suggested in this study 
will give more reasonable results for calculating the total 
oxygen transfer capacity of the reactor. However, it will 
still be necessary to define ihe liquid phase as a co- 
alescing or non-coalescing system. To solve this prob- 
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lem, a model in which the coalescence of the gas bubbies 
is described® will be built into the model as presented 
here. 

The use of a four-compartment model, in which a 
distinction is made between the two stirrer parts of the 
reactor and the volume between the stirrers and the top 
of the reactor volume, gives no better results than the use 
of a two-compartment model. So, in this case, the 
reactor can be considered in two parts, a bubble zone 
and a well mixed zone. For each zone, different oxygen 
transfer coefficients have to be estimated by using empir- 
ical correlations. 


SYMBOLS USED 


reactor surface (m’) 
concentration (oxygen, mol m~*) 
baffle diameter (m) 

impeller diameter (m) 

Froude number 

liquid height (m) 

Henry coefficient 

oxygen transfer coefficient (s~') 
saturation constant for oxygen (mol m~°*) 
number of stirrers 

power number 

stirrer speed (s~') 

oxygen transfer rate (mol m~*s~') 
oxygen uptake rate (mol m~*s~') 
power (W) 

gas flow (m‘s~') 

reaction rate (mol m~*s~') 
Reynolds number 

tank diameter (m) 

circulation time (s) 

time constant for coalescence (s) 
mixing time (s) 

liquid velocity (ms~') 

superficial gas velocity (ms~') 
impeller tip velocity (ms~') 
volume (m’*) 

impeller blade width (m) 


3 


Greek letters 
(1 —e)gas holdup 
p density (kg m~*) 
®, pumping capacity (m*s~') 
0 temperature coefficiert (equation (5)) 
Subscripts 
G gas phase 
L liquid phase 
0 ungassed 
liquid flow out of the stirrer 
in liquid flow into the stirrer 
Superscripts 
m mixed zone 
b bubble zone 
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Experiments have been carried out on two-phase flow of water and large gravel particles of three different sizes in a 42 mm 
internal diameter horizontal pipe. lt has been established that the two-phase pressure drop is linearly related to the 
concentration of particles in the discharged suspension only when a moving bed is formed in the pipeline. 


INTRODUCTION 

Several correlations are now available for the prediction 
of two-phase pressure drop for slurry transport in 
horizontal pipelines. An exhaustive review will not be 
given here, but attention will be drawn to some of the 
review papers which have recently appeared! °. In most 
of these correlations is an implicit assumption that the 
two-phase pressure drop (or excess pressure drop due to 
solids) is lineariy related to the volumetric concentration 
of solids in the mixture discharged from the pipe. 
Although this assumptior is central to all the cor- 
relations, there has never been an explicit experimental 
verification. This is so partly because of the inherent 
difficulties in performing experiments where the mean 
mixture velocity is kept constant and the solids concen- 
tration is gradually changed. Babcock* reported some 
preliminary experimental results which suggested that 
the total pressure drop depends linearly on the concen- 
tration provided that either homogeneous flow or mov- 
ing bed flow was occurring. In the transition region 
between these two modes, the frictional pressure drop 
was shown to be a non-linear function of the solids 
concentration. However, in Babcock’s investigations, 
the maximum particle size was limited to 1.25 mm in a 
25 mm pipe. 

In this communication are reported the results of an 
experimental investigation, in which gravel particles of 
three different sizes (3.5, 5.73, 8.11 mm) were trans- 
ported in water; the mean mixture velocity was main- 
tained at a number of constant values and the solids 
concentration was gradually increased at each. This 
permitted an examination of the dependence of two- 
phase pressure drop on solids concentration under 
otherwise constant conditions. 


EXPERIMENTAL MATERIALS 
AND PROCEDURE 
The apparatus, shown schematically in Figure 1, 
consisted of a supply tank, connected to a Vacseal pump 
which fed suspension to a 42mm nominal diameter 
unplasticised PVC pipe. The pipeline was in the form of 
two parallel limbs linked by a U-bend, giving an approx. 


18 m long horizontal pipe. Since the particles used in this 
work were quite large, they rapidly sank to the bottom 
of the feed tank and were recirculated. It was unneces- 
sary to keep the contents of the tank well-mixed. The 
heat imparted by the pump to the water during pumping 
was removed by passing cold water through a cooling 
coil which was immersed in the suspension in the tank. 

Flow rates of mixtures were measured both by using 
a precalibrated electromagnetic flow meter and by col- 
lecting samples over known periods of time. The two 
methods agreed within +4°% of each other over the 
entire range of variables. Since valves are known io 
cause blockages and to lead to other operational prob- 
lems, the mixture flow rates were regulated by control- 
ling the rotational speed of the pump by means of an 
inverter unit manufactured by Brammer Dynamics 
(UK). 

Because of the inherent fluctuating nature of the flow, 
pressure measurements are more difficult to make and 
less accurate than for the flow of liquid alone. In this 
work, the pressure drop was measured over a 4.57 m 
long straight, horizontal test section, using simple U- 
tube manometers, containing either di-iodomethane or 
mercury as the manometer liquid. The upper portions of 
the U-tubes and the manometer lines were filled with 
water which acted as the pressure transmitting liquid; the 
lines were flushed periodically with water to remove 
accumulated air or fine solids. 

The average volumetric concentration of solids in the 
mixture discharged from the pipe was measured by 
collecting a sample of given volume at the exit point of 
the pipe and weighing it. Each value of the concentration 
is the average obtained from two observations. The 
sample was collected over a sufficiently long time (not 
less than 12s at the lowest velocity) to average out any 
unevenness in the distribution along the length of the 
pipe. 

Gravel particles were sized using a set of screens of 
close size ranges, to give fractions with average sizes of 
3.5, 5.73 and 8.11mm. The specific gravity of the 
particles was estimated by measuring the volume of 
water displaced by a given weight; the mean value was 
2.65. The free settling velocities of particles of each size 
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Figure |. Schematic diagram of experimental set up. 


were determined experimentally by timing their fall over 
a known distance in water in a 150mm diameter by 
2.5m long QVF tube. Wall and end effects were consid- 
ered to be negligible’. At least 25 to 30 particles were 
dropped to obtain an average value for the free settling 
velocity. 

Experiments were carried out with each of the size 
fractions of particles at four constant values of mean 
mixture velocity; namely, 1.22, 1.95, 2.95 and 3.92ms™'. 
The pressure drop was measured as a function of the 
concentration of the discharged mixture which was 
gradually increased while the mean mixture velocity was 
held constant. 


RESULTS AND DISCUSSION 

Initially, a few experiments were carried out with 
water flowing alone. The values of friction factor so 
obtained corresponded to those for a smooth pipe within 
+ 5%; hence the pipe was considered to be hydro- 
dynamically smooth at the onset of the experiments with 
gravel-water mixtures. 

Average values of settling velocity for particles of each 
size are given in Table | which also includes the corre- 
sponding values estimated by assuming the particles to 
be perfect spheres of the same weight. As the two values 
agreed closely in each case, the shape factors were close 
to unity. The free settling behaviour corresponded to the 
Newton’s Law regime which is characterised by a con- 
stant value of 0.43 for the drag coefficient. In the pipeline 
experiments, the lowest value of the mean mixture 
velocity was about twice the free settling velocity. 


Pressure Drop Results 


In the past, the frictional head loss has usually been 
presented as the dimensionless ratio of the additional 


Table \. Properties of gravel particles 
Particle size Specific 
(mm) gravity 


Free settling velocity (ms~') 
Experimental Estimated 
3.50 .65 0.37 0.42 
5.73 65 0.49 0.55 
8.11 68 0.59 0.65 
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Figure 2. Total pressure gradient as a function of discharged concen- 
tration for V=1.22ms"'. 


pressure drop to that for the liquid alone at the same 
velocity. Thus the raw experimental data have been 
subjected to several arithmetic manipulations which 
have a tendency, as pointed out by Babcock*, to mask 
any real trends, and to exaggerate the experimental 
scatter. It was therefore decided to express the present 
results in the form of total pressure gradient versus 
discharged volumetric concentration at each constant 
value of mean mixture velocity. 

Figures 2 to 5 show the experimental results plotted in 
this fashion. The particle size does not seem to have any 
significant effect on the pressure gradient; this is consis- 
tent with the findings of James and Broad*. However, the 
form of the functional relationship between the total 
pressure gradient and the concentration changes from 
linear to non-linear as the mean velocity is increased 
from 1.22ms"' to 3.92ms"'. 

At the lowest value of mean mixture velocity 
(1.22ms Figure 2) a straight line may be drawn 
through the data points and this intersects the j-axis at 
a value which corresponds to the pressure gradient for 
the flow of water alone. Indeed the degree of linearity 
can be more readily appreciated from the information 
presented in Table 2, which relates to all three particle 
sizes. With a few exceptions at low concentrations, a 
constant value of (i — i, )/Ci, is obtained and thus under 
these conditions (i — i, )/i, or i varies linearly with the 
volumetric concentration. 


1 
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From visual observation through a glass section the 
conditions in the pipe appeared to correspond to a 
moving bed over the whole range of concentration. 

As the mixture velocity was raised, bed formation 
became progressively less marked and the flow moved 
towards the regime of heterogeneous suspension. In 
Figures 3 and 4, corresponding to mixture velocities of 
1.95 and 2.95ms~' respectively, the relationship be- 
tween pressure gradient and concentration was linear 
only at concentrations high enough for there still to be 
evidence of bed formation; at low concentrations bed 
formation was less pronounced and the pressure 
gradient—concentration relation was non-linear. At the 
highest velocity used, 3.92ms~', the relationship was 
non-linear over the whole range of concentrations stud- 
ied (Figure 5); it was not possible to attain very high 
concentrations at this velocity because of limitations on 
the pumping capacity. The general feature is therefore of 
pressure gradient being linearly related to concentration 
when there is a well established bed, but becoming 
progressively less linear as the flow regime moves to- 
wards heterogeneous suspensions. 

Newitt et al® proposed a simple criterion for the 
transition from hetercgeneous flow to flow with bed for- 2 
mation: that thecritical mixture velocity should be 17 times DISCHARGED CONCENTRAT 
the free settling velocity of the particles. This would give Figure 5. Total pressure gradient as a function of discharged concer 
values of approximately 7 to 10ms™' in this work, tration for V = 3.92ms 
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Table 2. Constancy of (i — i,)/Ci, = K’ with varying concen- 
tration C and diameter d. For V*/gD(s —1)=2.21 and 
J 1.22ms 


d=3.5mm d =5.73 mm d =8.11mm 


( Cc K c 
0.0177 
0.0335 
0.0476 
0.0624 
0.0835 
0.0995 
0.119 
0.145 
0.181 
0.219 

250 

282 
) 302 


297 
PA 


0.013 
0.029 
0.045 
0.058 
0.078 
0.094 
0.114 
0.140 
0.163 
0.193 
0.233 


0.254 


9 72 
14.92 
15.41 
18.45 
18.85 
19.93 
20.21 
19.12 
19.31 
19.24 
18.53 
19.10 


0.022 
0.048 
0.067 
0.091 
0.131 
0.167 
0.206 
0.239 


values which are very much higher than those at which 
any possible transition was observed. 

Zandi and Govatos’ suggested that flow in the form 
of heterogeneous suspension would cease to exist if N,, 
as defined below, was less than 40. 


N, == 
C Deg(s — 1) 


For the present work, the values of C corresponding to 
N, = 40 are as follows: 

Vims~') 1.22 
c 0.036 


1.95 
0.093 


293 3352 
0.20 0.36 


These values of concentration are indicated on Figures 
2 to 5 and it will be seen that they correspond roughly 
to the transitions from the linear to the non-linear parts 
of the curves, even though the correlation is not claimed 
to work for the large particle sizes used in this work. It 
should, however, be mentioned that the actual values of 
C above which bed formation would take piace are likely 
to be somewhat higher than those listed above, as they 
refer to the limits for heterogeneous suspension. 

James and Broad’ have also reported similar measure- 
ments on the transport of limestone aggregates (5, 10, 
20mm size and s=2.7) in pipes of three different 
diameters (102, 156, 207 mm). The data shown in Figure 
6 are typical of alli their results. Although admittedly the 
experimental scatter is appreciable, the particle size 
appears to have no significant effect. The criterion of 
Zandi and Govatos’ yields the value of critical concen- 
tration (for N, = 40) as 0.12 for these conditions. The 
experimental scatter is too wide for this value to be 
adequately tested. James and Broad’s results show a 
small degree of non-linearity in the relation between 
pressure gradient and concentration. Further analysis of 
their results has revealed the values of friction factor for 
their experiments on the flow of water alone were up to 
35°, higher than those corresponding to a smooth pipe. 
In view of this, the scatter in Figure 6 may be partly 
attributable to the pipe roughness. 


Comparison with Existing Correlations 


Many correlations of varying complexity and accu- 
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Figure 6. Total pressure gradient as a function of discharged concen- 
tration for conveyance of limestone aggregates.~ 
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racy have been proposed over the past three decades. 
One of the earliest, and the most successful equations is 
that due to Newitt et al® which applies to flow with a 
moving bed 


(1) 


A value of 66 is quoted for K but a regression analysis 
of the data of Turtle* and Abbott’ reveals that a value 
of 59 gives a better representation of the data. The values 
of (i — i, )/Ci, corresponding to the linear portions of the 
curves (Figures 2, 3 and 4) are compared with those 
obtained from equation (i) in Figure 7. Admittedly the 
present results are consistently lower than those given by 
equation (1) but they are well within the error band of 
the correlation. For the purpose of comparison the 
original data of Turtle* and of Abbott’ are also included 
in this figure. Due to the uncertainty of the effect of pipe 
diameter on the value of constant K, the results of James 
and Broad’ have not been included. 


CONCLUSIONS 


In this work, it has been established that the two- 
phase frictional pressure drop for the flow of mixtures of 
gravel and water varies linearly with the discharge 
concentration of solids only for flow with a moving bed. 
At higher flow rates of mixtures, this dependence be- 
comes non-linear. 

The values of the ratio of the excess pressure drop to 
that for water alone are in good agreement with those 
calculated using an equation previously proposed for 
flow with a moving bed®. The criterion of Zandi and 
Govatos’ for defining the conditions for transition from 
flow with a moving bed to heterogeneous suspension is 
consistent with the experimental results in the present 
study. 

It would be desirable in future to extend the range of 
the work to include a study of the effects of particle 
properties (density and size) and of operating conditions 
(mixture velocity and pipe diameter). 
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SYMBOLS USED 


discharged volumetric concentration of 
solids (—) 

drag coefficient of a single sphere (—) 
average particle size (mm) 

diameter of pipe (m) 

acceleration due to gravity (ms~*) 
total pressure gradient (Nm ~*) 
pressure gradient for the flow of water alone 
(Nm~*) 

constant in equation (1) (—) 
dimensionless number (— ) 

specific gravity of solids (—) 
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SHORTER COMMUNICATION 


ON THE ‘PARTICULATE’ AND ‘DELAYED BUBBLING’ 
REGIMES IN FLUIDISATION 


by P. D. MARTIN 


Department of Chemical Engineering, University of Cambridge 


A rationale is presented for considering the phenomenon of delayed bubbling fluidisation of fine particles by a gas as a regime 
distinct from both aggregative fluidisation and the particulate fluidisation given by liquid-like fluids. A conceptual plot is drawn 
up of fluidisation regimes defined by density difference, particle diameter and fluid viscosity. Between particulate fluidisation 
and gas fluidisation (delayed bubbling or aggregative) a transition criterion of the form g¢'“(p, — p)d>*/u < constant is 
appropriate; the two gas fluidisation regimes are separated by means of the criterion given by Geldart for air fluidisation: 


(p, — ppd, < 9 


INTRODUCTION 

The earliest studies of fluidisation distinguished two 
important classes of fluidised bed; the aggregative or 
bubbling bed, normally modelled by the two-phase 
theory of Davidson and Harrison', and the non- 
bubbling bed expanded uniformly according to the 
equation of Ergun’. The fact that most gas-fluidised beds 
are aggregative while most liquid-fluidised beds are 
non-bubbling has been circumstantially attributed to the 
greater particle/fluid density difference p,—p; in the 
former case than in the latter, indicating that particle 
weight (or lack of buoyancy) is the dominant force in 
aggregative fluidisation. This view is supported by the 
observation that even a liquid fluidised bed will bubble 
if the density difference is sufficiently great (e.g. lead shot 
in water’). This density difference therefore appears in 
many correlations predicting fluid bed behaviour, along 
with the particle diameter d, and fluid viscosity y. 

But the division of fluidised systems into bubbling 
or non-bubbling is too simple. Not only has the emul- 
sion phase in bubbling gas-fluidised beds of fine par- 
ticles (d, < 100 um) been found to have void fractions 
in excess of ¢,,-, contradicting the two-phase theory, 
but some particles of low or moderate density 
(p, = 2500 kgm~*) can be fluidised as an expanded 
non-bubbling bed provided the fluidising velocity does 
not exceed a critical ‘minimum bubbling velocity’ U,,,. 
For fluidisation by air Geldart* found empirically that 
this ‘delayed bubbling’ (i.e. delayed with respect to 
increasing fluidising velocity above U,,;) occurs if the 
criterion 


(p, — pp) d, < 0.225 (1) 


is satisfied. He was thus able to categorise air-fluidised 
beds into four groups in a now well-known plot of 
density difference against particle diameter, reproduced 
as Figure 1. 

Because Geldart’s criterion distinguishes a bubbling 
from a non-bubbling system, as have many previous 


criteria® '' designed to separate aggregative from liquid- 
fluidised systems, and because of the similar forms of the 
equations, there has been a tendency to treat a fluidised 
bed of, e.g., fine alumina powder in air, as mechanically 
identical to a particulate liquid fluidised bed. The use by 
Simone and Harriot’? of the term ‘particulate’ to de- 
scribe air fluidisation of a fine powder is an example of 
the confusion which exists in some of the literature. 


DELAYED BUBBLING AND 
PARTICULATE FLUIDISATION 


It is contended here that particulate, liquid-type, 
fluidisation and delayed bubbling fluidisation are dis- 
tinct regimes, and the relationship of these to the other 
fluid bed regimes is outlined. 


Gravity, Viscous and Interparticle Forces 

Though both particulate and delayed bubbling 
fluidisation are characterised by comparatively low val- 
ues of p, — ps, indicating the lesser importance of grav- 
itational forces (compared to aggregation fluidisation) 
for both cases, the particulate regime is dominated by 
fluid viscosity but the delayed bubbling regime by short- 
range interparticle forces. 

In the particulate bed buoyancy and hydrodynamic 
drag ensure that the particles are uniformly spaced and 
particle—particle contacts are transient; on increasing the 
fluidising velocity, bed expansion occurs by a homo- 
geneous voidage increase. The delayed bubbling bed, on 
the other hand, expands by the enlargement of discrete 
cavities, up to 10d, across, the surrounding particles 
maintaining surface contact. This bed structure has been 
well documented by Massimilla and co-workers'*:'*, who 
have also confirmed that the interparticle capillary forces 
are of an appropriate magnitude. Once the fluidising 
velocity exceeds U,,,,, the cavities become unstable and 
bubbling commences. 
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Figure 1. Regimes in fluidisation by air (after Geldart*). 1; Geldart 


criterion. 2; Creasy criterion, ¢,,, = 0.45. 3; Creasy criterion, ¢,, = 0.65 


Classification of Fluidisation Regimes 
Although many different mechanisms, and hence 
algebraic criteria, have been proposed for the non- 
bubbling bubbling transition (both particulate 
aggregative and latterly delayed bubbling aggregative), 


for empirical correlations only the three properties of 


density difference, particle diameter and fluid viscosity 
need be considered. (This assumes, of course, a constant 
bed geometry, with a large ratio of bed to particle 
diameter and perfectly uniform fluid distributor). The 
short-range interparticle forces, though difficult to quan- 
tify simply, are related to the particle diameter and 
particle diameter distribution. 

Using these three properties a fluidisation regime 
diagram such as Figure 2 can be drawn up; this is seen 
to be an extension of Figure | into a third dimension 
representing viscosity. Each of the regime boundaries 
can be expressed in the form 


(Pp, — Ps \‘d° uc=K (2) 


If only one fluid is considered then c = 0, and setting 
a=b=1 gives Geldart’s criterion for the group A 
group B transition. 

To define the aggregative/particulate (B/E) transition, 
a more recent variant of Wilhelm and Kwauk’s’ Froude 
number criterion: 


Fron ss Uns (gd,)' , (3) 


has been used. This is the expression due to Creasy’, who 
determined experimentally that for gas and liquid 
fluidised systems a non-bubbling bed results if: 


logi(g'(p, — pdd3*/1) < logyo(3.25 — 3.7€ mp + 1.4 me) 
(4) 
Referring back to Figure 1, and setting €,,, = €,, at 
0.45 and 0.65 (such high values of €,,-; are common for 
gas fluidisation of fine particles) it is seen that many 
powders classified experimentally in Group ‘A’ are pre- 
dicted by equation (4) to fluidise aggregatively; hence 
particulate and delayed bubbling fluidisation appear 
distinct. Creasy’s experimental criterion is based on that 
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Figure 2. Fluidisation regimes—dependence on particle diameter 


density difference and fluid viscosity. 1: Geldart criterion Creasy 


criterion, ¢ U.S) 


derived theoretically by Verloop and Heertjes* after 
Wallis’’ treatment of hydrodynamic shock waves, which 
ignored short-range interparticle forces. It is worth 
noting that Verloop and Heertjes acknowledged the 
existence of ‘dense homogenous fluidisation’ regime 
intermediate between particulate and aggregative 
fluidisation, without making any quantitative assessment 
of its range. 

To give a physical significance to the A, B and E 
regions of the figure, it can be seen that: 


(i) In moving from A to E the increase in hydro- 
dynamic drag with fluid viscosity tends to break down 
the cavity structure of a delayed bubbling bed to give the 
more uniform particulate bed. As the viscosity increases 
from y,;,, region A becomes narrower, and eventually 
disappears. 

(ii) On increasing the viscosity of a group B system, 
again, particulate fluidisation results, as was shown by 
the addition of glycerol to the lead shot/water system’. 
The exact line at which the plane produced from the line 
Pp > , = H,;, (the A/B plane) meets the plane 
given by the Froude criterion is uncertain; however, 
since no system has been reported which by a change in 
viscosity alone passes from group B to group A, it Is 
probable that the A/B plane is parallel to the viscosity 
axis. 

It should be distinctly noted that by introducing 
Creasy’s criterion in Figure 2 all of Geldart’s class A 
systems fall into the gas fluidised ‘super class’ along with 
classes B and D, rather than with the liquid-fluidised 
systems with which they have been so frequently con- 
fused. 

Having arrived in Figure 2 at a rather more complete 
overview of fluidisation regimes than has been proposed 
hitherto, albeit with some tentative boundaries, the other 
features of the diagram should be described; 

(111) For extremely small particles of low density, class 
C, interparticle forces become so dominant that hydro- 
dynamic drag is insufficient to produce the class A 
structure, and cavities agglomerate to form channels in 
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a cohesive mass. At the poorly-defined A/C boundary 
mechanical agitation can assist smooth fluidisation'®. 

(iv) As viscosity becomes very high, particle slip 
velocities become negligible and a suspension results. 

(v) The boundary between groups A and D (spoutable 
systems) has been extended into the third dimension by 
applying Geldart’s* somewhat arbitrary bubble rise ve- 
locity criterion, of the form 


(pp — pr) d;/u = constant (6) 


CONCLUSIONS 

The available evidence indicates that delayed bubbling 
fluidisation by a gas differs mechanistically from partic- 
ulate fluidisation because the relative strength of short- 
range interparticle forces compared to viscous and buoy- 
ant forces leads to a different bed structure. 

An overall plot of fluidisation regimes has been drawn 
up with axes of p,— p;, d, and yp. While gravity forces 
dominate aggregative beds, viscous forces particulate 
beds and short-range interparticle forces cohesive beds, 
delayed bubbling fluidisation results from a delicate 
balance between these three forces. 


SYMBOLS USED 


indices 

particle diameter (m) 

acceleration due to gravity (ms~’) 

constant 

minimum bubbling velocity (superficial) (ms ~ ‘) 
minimum fluidisation velocity (superficial) (ms~ °) 


bed void fraction at minimum bubbling (—) 
bed void fraction at minimum fluidisation (— ) 
viscosity (kgm~'s~') 

viscosity of air {kgm~'s~') 

fluid density (kg m~ *) 

particle density (kg m_~ *) 
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Book Review continued from page 296 


bution in plane and axisymmetric jets. Agreement be- 
tween theory and experiment is good in some cases, not 
so good in others, but the authors consider that the 
influence of buoyancy on vertical jets was simulated 
quite well by the model. However, it is not clear when 
algebraic models are adequate for interpretation of a 
turbulent flow, and when more elaborate models are 
necessary. 

The potential applications of fundamental studies on 
jets and plumes are so numerous that one is bound to 
welcome serious reviews in this field. Nevertheless this 
reviewer would have wished for more consideration of 


the statistical aspects of turbulence in jets and plumes, 
and some assessment of the present extensive series of 
experiments on the emission and spreading of dense 
gases. However, it is apparent that the set of articles is 
not intended to form a comprehensive review of funda- 
mental aspects of jets and plumes. HMT is described as 
a series of reports, reviews and computer programs, and 
this book is a mix of the first two ingredients. Perhaps 
some of the omissions might be made good in future 
contributions. 


D. J. Gunn 


Book Reviews continue on page 328 
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SHORTER COMMUNICATION 


LIQUID-LIQUID EXTRACTION 
TEST SYSTEMS 


BY P. J. BAILES (mMemper), J. C. GODFREY (GraApuatTe), and M. J. SLATER (FELLOW) 


Schools of Chemical Engineering, University of Bradford 


The two systems for liquid-liquid extraction recommended by the European Federation of Chemical Engineering Working 
Party on Distillation, Absorption and Extraction have the drawback of using solvents of low flash point (below 32°C) which 
support combustion, requiring the precautions of storage and handling governed by UK Department of Employment Regulations. 
Such safety measures are expensive to implement for large scale use of these systems in equipment performance tests so a 
search for other systems of higher flash point has been made. A medium interfacial tension system water/acetic acid/methy! 
iso-amyl ketone (7 to 12 mN m_ ') and a higher interfacial tension system water/iso-butyric acid/cumene (12 to 37 mN m~') 
have been investigated. Operating experience with the EFCE water/succinic acid/n-butanol system and the water/iso-butyric 


acid/cumene system is reported. 


INTRODUCTION 
The European Federation of Chemical Engineering 
Working Party on Distillation, Absorption and Extrac- 
tion has published its recommendations' on systems 
which can be used in liquid—liquid extraction work. The 
systems chosen after careful deliberation were: 


(1) water/succinic acid/n-butanol; 
(2) water/acetone/toluene. 


The selection was made with due regard to interfacial 
tension which is an important characteristic and should 
cover a wide range. System (1) has a low interfacial 
tension (about 2mN m~') and System (2) a high value 
(up to about 34mNm__'). Serious consideration was 
also given to the system: 


(3) water/acetic acid/methyl iso-butyl ketone 


which has a medium interfacia! tension (about 
10mN m_~'). However, reservations were expressed in 
this case presumably because of the uncertainties sur- 
rounding the behaviour of acetic acid. 

Many workers wouid consider the desirable features 
of a system to be: 


(a) a flash point above 32 

(b} no toxicity problems 

(c) one phase preferably water 

(d) limited mutual solubility of the two solvents 

(e) purity and availability of materials world-wide 

(f) simple recovery of components 

(g) no special requirements for 
construction 

(h) moderate cost of materials 

(i) a constant equilibrium distribution coefficient of 
solute near | to avoid the need for operation at 
extreme phase ratios 

(j) no interfacial turbulence during mass transfer 

(kK) no association or dissociation of the solute in 
either liquid 

(/) rapid and simple analysis of components 


C (closed cup) 


materials of 


moderate viscosities and densities 
continuous phase should be transparent and of 
different refractive index to the dispersed phase to 
allow photography 

(0) adequate solute solubility for accurate analysis 
and a reasonable extent of mass transfer 


The EFCE Working Party has been concerned to find 
a medium interfacial tension system which does not 
exhibit interfacial turbulence or chemical reaction. As 
emphasised by the EFCE group the acetic acid in System 
(3) can dissociate in the aqueous phase and possibly 
associate in the solvent phase, which can give rise to 
anomalous mass transfer results. The system also uses 
MIBK which is a solvent of low flash point. 

A wide variety of systems, many including carboxylic 
acids, has been used in the past for research in solvent 
extraction including EFCE Systems (2) and (3). Exten- 
sive surveys are given by Laddha and Degaleesan’ and 
by Hartland’ and recent work has been checked by us in 
various abstract systems and handbooks. 


DISCUSSION OF CRITERIA 


Safety ought to be a prime criterion. Modern safety 
regulations in the UK* define a highly flammable liquid 
as being one having a flash point (Abel closed cup 
method) below 32 °C and capable of supporting com- 


busion (as defined in a test procedure). Highly 
flammable liquids require particular storage conditions 
and the use of electrical equipment suitable for Zone | 
conditions (distinct probability of explosions or fire). 
The open cup method of flash point determination gives 
values higher than closed cup by 3 to 5 “Cin most cases. 
Values quoted in the literature do not always specify 
which method has been used and in any case variations 
are to be found. 

In general, hazards of flammability or toxicity can be 
mitigated for small scale bench work by limiting quan- 
tities and using closed apparatus and the authors are not 
aware of any serious accidents that have occurred with 
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the EFCE systems. However, quantities of solvent up to 
400 litres are required for realistic testing of pilot scale 
equipment, e.g., 152 mm diameter columns. The cost of 
fitting out with Zone | explosion proof electrical equip- 
ment is high, and in our case proved prohibitive, so 
System (2) was rejected. 

In a typical test facility one finds electronic measuring 
and computing instruments, small motors for pumps 
and agitators, solenoid valves and lamps—all of which 
could be ignition sources. In a university, laboratory 
security, limitations on access and training of students 
are further problems to be considered. In our own case, 
compressed air operated equipment was deemed imprac- 
ticable for eliminating all sources of ignition and we 
therefore work to Zone 2 conditions (possibility of 
flammable atmosphere under abnormal conditions). Exd 
code (UK flameproof) motor starters are used and pump 
motors are air purged. 

It is obviously possible to overcome these difficulties, 
albeit at some cost, and some industrial laboratories 
have invested heavily in safety precautions. In our own 
case, we have been forced to consider the use of alterna- 
tive systems. 

It is soon clear to the worker in this field that it is not 
easy to fulfil all the criteria listed above. In our search 
we have given flash point and toxicity the highest 
priority (Table 1). The hazards of toxicity have been 
examined using Sax as a guide (Table | gives system 
properties). MIBK has an unsatisfactory hazard rating. 

Criterion (i) requires some discussion. A constant 
distribution coefficient is convenient in mathematical 
interpretation but small deviations can be important for 


conditions near equilibrium. A coefficient near unity 
means that both extraction and stripping experiments 
can be undertaken with flow ratios near 1.0. It may also 
indicate that there is no chemical interaction between the 
solute and solvents. In the Whitman two-film theory, 
resistance to mass transfer may reside in both phases, for 
example, the terms 1/k, and m/k, may have similar 


Table ! 


Properties of solvents and solutes 


Hazard TLV Solubility in 
ratingt (mg/L) water (w/o) 


Flash point 
Substance (C) 


n-Butanol 29 (cc) 35 (oc)? 

35 (cc) 40 (oc)s 

MIBK 14 (cc) i00 7 a2 CC 

Toluene 4 (cc) 200 0.045 at 20 C 
18 (cc) 1000 

43 (cc) )/3 10 

Succinic acid 6.32 at 20 C 

Propionic acid 

n-Butyric acid 

iso-Butyric acid 

Escaid 100 , 

Solvesso 100 

Solvesso 150 66 | 0.005 at 20 C 

Shellsol A 43 (cc) | Typically 

Shellsol R 79 (cc) | 

Shellsol AB 63 (cc) J 
MIAK 36 (cc) 41 (oc) 100 

Cumene 36 (cc) 50 

n-Butyl acetate 27 (cc) 50 

Acetyl acetone 34 (cc) 41 (oc) 2 ? 


2 50-100 7.9 at 20°C 


Aceione 
Acetic acid 


22.5 at 20 °C 


0.01 at 25°C 
1.0 at 20°C 
15.4 at 30 °C 


+ Sax” toxic hazard ratings: | moderate, 3 
tcc =closed cup, oc 


§ Marsden and Mann 


slight, 2 
open cup. 


dangerous. 


values in the expression: 
1/K,. = 1/k, + m/k, 


where C,= mcC.,,. If m is very small, then the resistance 
is largely in the solvent phase. To make the extraction 
factor 
A=mF,/F, 

of the order of 1.0, high flow ratios F,/F, are then 
needed. if the value of m is large, a low flow ratio has 
to be used and, if solvent is to be the dispersed phase, 
very low hold-up may result. This has attractions 
in limiting solvent volume to be used in experimental 
work but also places severe restrictions on operating 
conditions. 

Systems of various interfacial tension are ideally re- 
quired; low values tend to be associated with partial 
miscibility of the two phases which also means that mass 
transfer of the two solvents, one into the other, as well 
as that of the solute is taking place. Presaturation of 
both phases does not completely overcome the problem 
since the extent of mutual solubility depends on the 
solute concentrations, which vary during experiments. 

Separation methods for the components are required 
for recovery of solvents and solute for re-use. The EFCE 
Working Party suggest distillation but we have used ion 
exchange and liquid-liquid extraction procedures in- 
stead for succinic acid and butanol, with the advantages 
of observing behaviour during stripping as well as 
extraction, improving safety and reducing cost. 

Many workers have used kerosine as a solvent. Ker- 
osine is not generally a liquid of known composition 
which can be reproduced world-wide now or in the 
future. Its physical properties vary and its use is to be 
discouraged. However, in hydrometallurgical applica- 
tions more closely specified kerosines have been used, 
some of which have a small boiling range and a high 
flash point. The aromatic kerosines have a well regulated 
composition but they contain a number of chemical 
components. 

With all these points in mind a thorough survey was 
carried out in an attempt to find other systems which 
might be added to those recommended by the EFCE. 
The ICI guide ‘Electrical Installations in Flammable 
Atmospheres” was used in addition to sources men- 
tioned above. By eliminating materials having a flash 
point below 32 C (closed cup) and definite toxic proper- 
ties, very few possibilities remain. These include special 
kerosines, methyl iso-amyl ketone (5-methyl hexan 
2-one, (CH,),CH-CH,CH, COCH,) and cumene (iso- 
propyl benzene, C,H;CH(CH,),) as solvents with acetyl 
acetone and iso-butyric acid as possible solutes addi- 
tional to acetic and propionic acids which are already 
used widely in solvent extraction work. 

A survey of the literature carried out on our behalf by 
Dr A. G. Medina (University of Oporto, Portugal) and 
Dr P. Rasmussen (University of Lyngby, Denmark) on 
the computer data bank at Lyngby showed that no 
experimental data are reported on ternary systems con- 
taining methyl! iso-amyl ketone (MIAK), but that data 
on three cumene systems are available: 


water/phenol/cumene 
(problem of phenol toxicity) 
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water/acetone/cumene 
(acetone flash point problem) 
formamide/acetone/cumene 
(acetone flash point problem). 
A further system noted by Francis’ is: 
water/trichloroacetic acid/cumene 
(solute is hazardous). 


The system water/acetone/cumene might serve as an 
alternative to water/acetone/toluene (2), presenting less 
fire risk. It should be noted that under basic conditions 
cumene can be oxidised to stable cumene hydroperoxide. 
Acidification of the peroxide can cause violent reaction 
to give phenol and acetone. 

The system, used by Pratt* and Berger’: 

water/acetone/butyl acetate 
is being considered by the EFCE Working Party to 
replace 

water/acetic acid/MIBK 
which exhibits interfacial turbulence and possibly dis- 
sociation and aggregation. Berger’ has also used the 
system: 

water/acetic acid/ethyl hexanol 
but ethyl hexanol is not commercialy available and the 
ester formed is not readily recoverable. 

Looking to the future, the use of an ion exchanging 
system rather than one undergoing physical exchange 
should be considered. Di-2-ethyl hexyl phosphoric acid 
is available as a reasonably pure chemical for industrial 
use. A kerosine diluent is usually used but cumene could 
be a substitute. For our own work, however, we have 


concentrated on finding a simply physical system of 


medium-to-high interfacial tension which meets the cri- 
teria, including our own requirements for safety 


EXPERIMENTAL WORK 


Despite the multicomponent nature of aromatic ker- 
osines, there is some assurance that cuts of a definite 
specification are available in major industrial countries 
from different stocks. Since the other criteria listed can 
be met, tests were carried out with Shellsol A, R and AB 
(Shell, registered trade names). MIAK was tested for use 
in a medium interfacial tension system and cumene for 
medium/high interfacial tension. The solutes used were 
acetic, propionic and iso-butyric acids. Iso-butyric acid 
is much less odorous than n-butyric acid. Acetyl acetone 
could also be used as a solute but was not investigated. 

The experimental work was exploratory; the labora- 
tory temperature was 19 to 22 °C and mass balance 
checks were considered satisfactory if no more than 1° 
of solute was unaccounted for after equilibration. An 
aqueous solution of about 10°, by weight of solute was 
made up in distilled water and contacted with an organic 
solvent in various volumes for periods of an hour or 


more using a mechanical shaker. The concentrations of 


the acids used as solutes were determined by titration. 
Organic samples were extracted with water first. There 
were small volume changes in some cases but no account 
was taken of these. The equilibrium concentrations are 
shown in the Figure, interfacial tension measurements at 
20 °C are shown in Tables 2, 3 and 4. 
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1. Equilibrium data 


Table 2. Interfacial tensions after equilibration (mN m 
at 20 C) 


Water/ butanol 
5°, Succinic acid in watert/butanol 
Water/ MIBK 

5°. Acetic acid in watert/MIBK 
Water/toluene 

10°, Acetone in watert/toluene 


Water/cumene 
10°,, iso-Butyric acid in watert/cumene 
Water/MIAK 

Acetic acid in watert/MIAK 


+ Initial value before mixing 


Table 3 


Interfacial tensions for water/iso-butyric acid 
cumene at 20 ¢ 


Interfacial tensions 


(mN m~') 


Equilibrium concentrations 
Ci(kgm ~°) C. (kgm ~*) 
47 167 
28 65 
15 20 


10 10 


Aqueous solution 93.04kgm iso-butyric acid 
before mixing: Cumene and 1so-butyric acid of industrial 


grade 
Table 4. Interfacial tension and equilibrium properties 
for the system water/acetic acid/MIAK at 20 ¢ 


Interfacial tensions 
(mN m~') 


Equilibrium concentrations 
C, (kgm~°) C, (kgm~°) 


98.2 


9) .3 


44.8 
41.4 
86.0 38.7 
77.9 34,1 
69.5 
25.0 


30.5 
12.1 
14.0 68 
0 0 





Shellsol A/propionic acid 
AB/ propionic acid 
R/ propionic acid 
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Table 5. Densities and viscosities at 20 °C 


Density 
(kg m~ +) 


Viscosity 
Solvent (mPa s) 


MIAK 810 4.46 
Cumene 867 0.81 


Table 6. Molecular diffusion coefficients for 
water/iso-butyric acid/cumene at 20 °C 
Densities D(m?s~') 
iso-Butyric acid in water 
lkgm-~ 0.923 x 10 
40kgm~° 0.754 x 10 
iso-Butyric acid in cumene 
lkgm ~~” 1.200 x 107° 
20kgm~° 1.163 x 10 


From the point of view of flash points and toxicity the 
most promising systems of those tested are: 

water/acetic acid/MIAK 

water/iso-butyric acid/cumene. 
Densities and viscosities are given in Table 5, diffusion 
coefficients for the cumene system in Table 6. In addi- 
tion, precise determinations of liquid—liquid equilibria 
covering the whole miscibility gap are now available for 
MIAK'" and Cumene” systems at 15, 25 and 40 °C. For 
our own purposes, we decided to adopt water/iso-butyric 
acid/cumene because of the high cost and poor avail- 
ability of MIAK. We accept that the use of a carboxylic 
acid as solute remains questionable but have not de- 
tected interfacial turbulence when observing an interface 
during mass transfer into the solvent. It is worth noting 
that for n-butyric acid Su er al.'’ found no interfacial 
turbulence in  kerosine/water. Also, Kimura and 
Miyauchi" in their laminar jet work with n-butyric acid 
in benzene/water report no interfacial resistance but, 
they do suggest dimerisation in the benzene as the reason 
for the curved equilibrium line obtained with this system. 


OPERATING EXPERIENCE 


We have been using cumene/iso-butyric acid/water as 
a medium interfacial tension system and water/succinic 
acid/n-butanol (iow interfacial tension) in a study of ex- 
traction column performance for comparative purposes. 
Our results will be reported in due course but both 
systems have proved satisfactory in terms of experi- 
mental use. Mass balances of better than 5°%% are obtain- 
able with careful operation. Coalescence of drops in the 
columns is rapid with both systems, dispersion bands 
typically being no more than a few cm thick. The odours 
of n-butanol, cumene and iso-butyric acid are unpleas- 
ant and such that good ventilation is required. Sampling 
from equipment presents as much difficulty in this 
respect as the preparation of solutions. 

Contamination of systems is always possible. Dis- 
colouration of n-butanol has occasionally been suffered 
and may be associated with impurities in the succinic 
acid, soluble in the organic phase and reporting as acid 
on analysis. Reductions in interfacial tension have been 
observed in the cumene/iso-butyric acid system as the 
solvent ages. 

The only materials of construction found entirely 
acceptable are stainless steel, glass and 
polytetrafluoroethylene (ptfe). Viton rubber, nitrile rub- 


ber and low density polypropylene have been examined 
and are not generally satisfactory. 


CONCLUSIONS 


The safety hazards of the EFCE recommended sys- 
tems should be noted and the search for other systems 
continued, although a proliferation of standard systems 
should be resisted. The system water/iso-butyric 
acid/cumene has proved satisfactory in our own work 
and its use avoids the expense necessary to obtain safe 
operation with acetone and toluene. 


SYMBOLS USED 


solute concentration in aqueous phase (kg m~ *) 
solute concentration in solvent phase (kg m~ *) 
aqueous fiow rate (m*s~') 

solvent flow rate (m’ s~ ') 

aqueous film mass transfer coefficient (ms ~ ') 
solvent film mass transfer coefficient (ms~') 
solvent overall mass transfer coefficient (ms ~') 
equilibrium line slope (C/C,) 

extraction factor. 
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SHORTER COMMUNICATION 


SIMPLE METHOD OF MEASURING 
VOIDAGE IN A BUBBLE COLUMN 


By J. J. J. CHEN (mMemper), Y. C. LEUNG and P. L. SPEDDING (rELLow) 


University of Hong Kong and Queen’s University of Belfast 


A simple apparatus for measuring the voidage in a bubble column is reported. It has the advantages that it is easy to construct 
and operate, does not employ any complicated electronic gadgets, and is capable of measuring point values of the voidage. 


INTRODUCTION 

The bubble column has become increasingly important 
in a number of chemical processing operations, and a 
knowledge of gas holdup is important for determining 
mass transfer rates, residence times, etc. Existing 
methods of measurement will give an average value 
either across a section of the column or for the entire 
column height, although point values may be obtained 
by using more sophisticated gadgets which are often 
expensive and difficult to operate’. This short note 
reports on the use of a so-called ‘spill-over’ probe for 
voidage determination in a bubble column. 

The applications and theory of the so-called ‘spill- 
over probe in two-phase flow have been reported by 
Shires and Riley’, and by Dussourd and Shapiro’. Its use 
in other two-phase flow systems has also been reported 
by many workers* °. The use of a sub-channel sampler, 
which is a form of the ‘spill-over’ probe, has also been 
reported by various workers”*. The use of a sub-channel 
sampler for determining voidage in horizontal gas—liquid 
flow has been carried out by Chen and Spedding’ who 
also give a review of the literature on voidage 
measurement using sampling techniques. 

In the operation of a ‘spill-over’ probe, a sample of the 
mixture is withdrawn using an upstream facing probe’. 
Upon entering the probe, the two phases interact and 
their veiocities are equalised, resulting in some fluids 
being forced to divert from entering the probe. The 
volumes of each phase collected by the probe will be 
proportional to their time of contact with the probe. In 
isokinetic sampling, the alternative concept of sampling, 
the mixture is withdrawn such that the velocity at the 
probe is the same as that in the main stream, and the 
sample collected contains volumes of the two phases in 
proportion to the velocity at the sampling point. From 
an experimental point of view, the ‘spill-over’ probe is 
easier to operate and the probe need only be a sharp- 
edged tube of sufficiently large diameter with a tube 
leading the collected sample out to some collection 
device. In addition, the sample collected by the ‘spill- 
over’ probe may be used to obtain the voidage or liquid 
holdup directly at the point of sampling. Further details 


and comparison of these two concepts of sampling are 
given by Shires and Riley 


EXPERIMENTAL APPARATUS 

The detail of the experimental set-up is given in Leung 
and Chen’. It is shown schematically in Figure | and 
consists of bubble column and voidage measurement 
apparatus. The bubble column consists of a transparent 
perspex colulmn 150 mm in diameter, | m long and wall 
thickness of 3mm. Between the bubble column and the 
air distribution chamber is an interchangeable per- 
forated base plate which acts as the bubbler through 
which air passes into the column. Three base plates with 
hole sizes of 2, 4 and 6 mm diameter with corresponding 
open areas of 0.4, 1.6 and 3.7% were used but the size 
of these perforations appeared to have little effect on the 
measured voidage (as shown later in Figures 2 and 3) 
A number of tapping holes are provided on the bottom 
side of the base plate, at the centre, and at 0.33, 0.64 and 
0.94 of the radius from the centre. These tapping holes 
are connected to water-filled glass tubes of 5mm 1.d 
placed on a rack alongside the column to facilitate the 
measurement of the clear liquid height in the bubble 
column. 

Air and water are the fluids used in the tests. The air 
is supplied by a blower and its rate is measured by a 
rotameter. The height of the gas-liquid mixture is fixed 
by having an outlet at a height Z, such that excess liquid 
is allowed to drain. To avoid a fall in the mixture level 
in the bubble column due to fluctuating mixture heights 
and losses resulting from the operation of the ‘spill-over’ 
probe, liquid is being supplied at a very small rate which 
was found to have negligible effects on the results 
reported here. 

The voidage measurement apparatus consists of a 
5 mm internal diameter stainless-steel pipe connected via 
a flexible tubing to a graduated cylinder “Cl’ which 
contains water acting as a piston. Cylinder ‘Cl’ is 
150 mm long, 50 mm o.d. and has a capacity of about 
150 ml. To facilitate measurement at different heights of 
the column using the same length of flexible tubing, three 
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Figure |. Schematic diagram of the bubble column and the voidage 
probe 


lengths of these stainless steel pipes were used: 300, 600 
and 900 mm. The water cylinder “C1’, is allowed to drain 
into a measuring cylinder ‘C2’ through a flexible hose 
such that steady draining takes place at a level about 
800 mm below the free surface in the bubble column. 
The rate of draining of “Cl” is dependent on the relative 
position between the free surface in the bubble column 
and the point of draining. A variation in the draining 
rate of 7 to 10cm’s~' did not show any effect on the 
results obtained. In the course of obtaining a mea- 
surement, the bubble column is first filled with water and 
the air rate to the bubble column is set at some fixed 
value while a certain amount of liquid is circulated to the 
bubble column via the pump to ensure that the liquid 
height remains at Z,. The clear liquid height Z,, is noted, 
and cylinder “Cl” is filled before valve ‘V’ is opened until 
some liquid is sucked into the cylinder. The volume of 
liquid V; remaining in ‘C1’ is noted. This procedure is to 
ensure that the gas-liquid mixture held up in the sam- 
pling line is the same as that which is to be sampled and 
thus eliminates further needs for corrections. Valve ‘V’ 
is again opened until a convenient quantity of liquid V; 
is collected in cylinder “‘C2’. The volume of liquid now 
in ‘Cl’ is V_. 

Data were collected at superficial air velocities ranging 
from 0.6 to 6cms~' giving R,, values in the range of | 
to 10°, where R,, is the voidage calculated from: 


Ro =(Z; — LZy)/Zr. (1) 


Data for V,;, Ve and V; were obtained with the 
stainless steel probe positioned at the centre and at 0.33, 
0.64 and 0.94 of the radius, and at different heights given 
by H/Z, of 0.23, 0.54 and 0.89. Data for Z;, Zw were 
also obtained using the pressure tapping points provided 
on the perforated base plate. 


RESULTS AND DISCUSSION 

The voidage R,, is plotted against the superficial gas 
velocity in Figure 2 and compares favourably with data 
obtained from similar systems published in the 
literature''. The value of (V; — V;)/V; is given the sym- 
bol €, and this value is compared with the corresponding 
R,, value in Figure 3 from which it is reasonable to say 
that ¢, = R,. The values of €, used in plotting Figure 3 
are arithmetic means of the radial values taken at a 
height given by H/Z, = 0.54. Weighted means were not 
used due to the uncertainties of the data in the regions 
close to the column wall as shown in Figure 4. Also 
shown on Figures 2 and 3 are the effects of variation in 
the perforation diameter. There appears to be no consis- 
tent trend and for comparison purposes data for the 
2 mm plate will be used in later discussions. The individ- 
ual €,, value for each radial position at H/Z, = 0.54 are 
shown in Figure 4 showing the radial distribution of 
voidage. The R,, obtained using equation (1) is of course 
an averaged value over the entire height over which the 
tapping point is situated and represents the pressure at 
the foot of the column. The value of R,, obtained by this 
method is not affected by the radial position of the 
tapping points since radial flow is insignificant’. 

It is possible to fit the Bankoff'’ type of power-law 
voidage distribution equation given as equation (2) to 
the data in Figure 4. The results are satisfactorily 
correlated by equation (2) when n = 6. Equation (2) may 
also be used to represent the voidage profile obtained by 
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Figure 2. Effects of the superficial air velocity on R,,. Data obtained 


using three perforated base plate bubblers of different hole sizes. 
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Figure 3. Comparison of the value of ¢, against R,,. Data obtained 
using three perforated base plate bubblers of different hole sizes at a 
height of H/Z, = 0.54. The solid line represent ¢, = R, 


3° 


Hills’? using resistivity probes. 


EG 


The ‘point’ value of the voidage as measured by this 


method is limited by the diameter of the sampling probe. 
Further, since a certain degree of vibration and 
deflection is experienced with the sampling probe due to 
its length, values close to the column wall were difficult 
to obtain. Thus, to obtain a ‘point’ voidage value with 
the ‘point’ as small as possible’, it will be necessary to 
use a rigid ‘L’-shaped probe of a suitable diameter 














Figure 4. Variation of ¢,, with radial position measured at a height of 
H/Z,. = 0.54. Base plate bubbler used had 2 mm diameter perforations. 
Solid lines represent equation (2) with n = 6. 
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capable of accurately traversing the flow cross-section. 
The method described in this work was adopted because 
of the ease of operation and it required virtually no 
fabrication. Nevertheless, the data presented proved to 
be reliable and reproducible, and the method had also 
been found to be applicable for determining the holdup 
profiles above a sieve tray. In addition, a somewhat 
similar method employing a fixed sub-channel had been 
used with some success in two-phase gas-liquid flow. 
However, the use of the ‘spill-over’ probe described in 
this work for determining holdup in a high velocity 
system remains yet to be confirmed. 

The effect of elevation on ¢, may also be examined 
using the ‘spill-over’ probe. It had been noted in these 
tests that €, increased with height. At and beyond 
H/Z, = 0.54, the ¢€, values remained essentially con- 
stant. 


CONCLUSIONS 

An apparatus of very simple construction which em- 
ploys the principles of the ‘spill-over’ probe has been 
shown to be capable of measuring the point voidage in 
a bubble column. The measured averaged voidage com- 
pares favourably with data in the literature and also with 
that obtained using conventional methods. The radial 
voidage profile obtained may be represented using a 
power-law type of equation due to Bankoff'*. Axial 
variation of voidage may also be determined. 


SYMBOLS USED 


size ol perforations 

position of ‘spill-over’ probe above perforated base plate 
exponential index in Bankoff’s equation, equation (2) 
radius of bubble column 

voidage as given by equation (1) 

gas superficial velocit y 

radial distance from column axis 

final volume of liquid in cylinder ‘C1’ after sampling 
initial volume of liquid in cylinder “Cl” before sampling 
total volume of sample collected in ‘C2’ during sampling 
height of gas—liquid mixture in column 

clear liquid height in column 

point voidage determined by ‘spill-over’ probe 

value of ¢,. at centre of column 
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Book Reviews continued from page 320 


Molten Salt Technology 

Edited by D. G. Lovering 
Plenum Press, New York, 1982 
pp 534, US$6S. 


The main subject areas in molten salt technology cov- 
ered are extractive metallurgy (pp 13-121); treatment of 
metals, carburisation and corrosion (pp 123-182 and 
265-283); fluxes and glasses (pp 185-264); molten salt 
reactors for industrial processes (pp 395-455); uses of 
molten salts in energy production and storage (pp 
287-393 and 457-523). Fifteen authors have contributed 
and some of the chapters are more adequate than others 
but all include a good reference section which is partic- 
ularly detailed for molten salt reactors (360 references). 
Printing and presentation of the diagrams is clear and 
there is a useful index; this book will be of use to 
industrialists and process designers. 

Cryolite melts have particular importance in the alu- 
minium industry and G. A. Wolstenholme gives atten- 
tion to the need to save electrical power and optimise the 
operation of the reduction and electro-refining cells. 
Chapters on the alkali metals (W. E. Cowley) and 
transition, lanthanide, actinide and B. group metals 
follow (D. G. Lovering and D. E. Williams). Emphasis 
here is on suitable molten electrolytes and the problems 
of diaphragms and separators to prevent recombination 
of the electrolysis products. 

Brian Hatt discusses reactions in melts especially the 
gasification of coal in lime-slags and molten carbonates 
and the hydro-cracking of heavy oils and coals in molten 
metal halides containing ZnCl, as the catalyst. Molten 
carbonates can be used for the pyrolysis of municipal 
waste and the destruction of toxic chemicals whilst 
MgCl,-KClI melts are used to destroy PVC and poly- 
styrenes. 

Molten salts can be used as electrolytes in primary and 
secondary batteries (E. J. Cairns) and in fuel cells (J. R. 
Selman and L. G. Marianowski). Molten salt nuclear 
fission and breeder reactors have been developed and 
melts are used for the reprocessing and storage of 
nuclear products and waste (R. J. Gale). Thermal energy 
can be conveniently stored as sensible or latent heat in 
molten saits or hydrates, and because of the thermal 
stability and high heat capacity of many fused systems 
they are useful heat transfer fluids (Y. Marcus). 


Elizabeth Rhodes 


Surface Chemistry of Froth Flotation 
J. Leja 

Plenum Publishing Corp., 1982 

pp 758 US$69.50 


Froth flotation is a separation process which exploits the 
surface characteristics of solids and is one which finds 
application in industrial operations ranging from sepa- 
ration and selective concentration of minerals to the 
treatment of industrial effluents. 

The importance and scale of flotation operations 
merits the extensive treatment of theoretical and applied 
aspects of surface chemistry of flotation provided by this 
book. Chapter 1 reviews the field of flotation and 
identifies the main areas of application. This is followed 
by chapters on: 2, chemical and molecular bonding 
(interfacial energetics; 3, structure of solids and; 4, water 
and aqueous solutions. Flotation surfactants used to 
control the characteristics of interfaces are described in 
some detail in Chapter 5. Chapter 6 is devoted to the 
physical chemistry of surfaces and interfaces, particular 
attention being paid to the structural features of solid 
interfaces and their heterogeneity. Electrical character- 
istics of interfaces and aspects of electrical double layer 
and zeta potential are dealt with in Chapter 7. Research- 
ers with particular interest in electrokinetic phenomena 
and the role of zeta potential in flotation will find this 
chapter disappointing. Chapter 8 summarises adsorption 
mechanisms of flotation collectors. Chapter 9 discusses 
the formation of froths and foams and the mechanisms 
of thinning of liquid films. Inorganic additives as activa- 
tors and depressants are dealt with in Chapter 10. 

The book contains an extensive bibliography, is ade- 
quately illustrated and appears free of typographical 
errors. It complements existing literature on practical 
aspects of flotation and forms a useful text for university 
students, researchers, particular those in mineral pro- 
cessing, and also those scientists more directly concerned 
with practical aspects of flotation. 
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SHORTER COMMUNICATION 
OPERATING FLOW REGIMES ON 
THE VALVE TRAY 


By H. DHULESIA 


Department of Chemical Engineering, University of Manchester Institute of Science and Technolog) 


The different operating flow regimes on the valve tray have been identified as froth, mixed froth-spray and spray regimes. 
Using the light transmission technique, the mutual transitions of these flow regimes have been measured for commercial gas 
and liquid loadings. The transitions are plotted as a function of gas and liquid flow rates for three different weir heights. The 
measured transitions are reasonably correlated by Spell’s criteria of a linear dependence between gas hole velocity and clear 
liquid height at a transition. A flow-regime diagram for the valve tray has been developed in terms of conventional design 


parameters. 


INTRODUCTION 
In recent years, several workers' * have described the 


gas-liquid mixture formed on a sieve tray in terms of 


flow regimes, particularly the froth regime and the spray 
regime. In order to understand the mechanism of mass 
transfer on a tray, it is necessary to identify the partic- 
ular operating flow regime on the tray, as different 
models should be required for the different regimes. 

In the literature, flow regimes and flow patterns on 
valve trays are relatively unexplored and experimental 
data on transitions between different regimes on a valve 
tray are not available. Thus, there is an obvious need to 
identify the different operating flow regimes on a valve 
tray and to measure experimentally their mutual transi- 
tions. This is the subject of the present work. 


EXPERIMENTAL 


Three different techniques, namely light transmission, 
electrical resistance probe and residual pressure drop, 
have been employed by various workers! * to determine 
the transition of froth to spray regime on a sieve tray 
with stagnant or cross flow liquid. Each technique is 
based on a different principle and different criteria to 
define the transition of froth to spray regime or vice 
versa. 

The difference in hydrodynamic characteristics of 
sieve and valve tray makes the electrical resistance probe 
or the residual pressure drop technique difficult to use on 
a valve tray. The electrical resistance probe cannot be 
used simply because of the complex nature of the gas jet, 
which is not vertical like that on a sieve tray. 

The light transmission technique was not successful® 
at a high liquid rate on a sieve tray. There exists a 
maximum dispersion density at some distance above the 
tray floor which moves upwards with the superficial gas 
or vapour velocity for a constant liquid rate. This 
behaviour interferes with the function of the light trans- 
mission technique, which should give a sharp change in 
the light transmitted through a dispersion for the transi- 
tion from froth to spray regime. Apparently light trans- 
mitted is related to dispersion density. 


Owing to the significant effect of the horizontal com- 
ponent of the gas or vapour passing through the valves, 
it seems likely that the position of the maximum of the 
vertical dispersion density profile on a valve tray should 
be a weak function of the superficial gas or vapour 
velocity. Weiss and Langer’ measured the vertical dis- 
persion density profile on a valve tray using the gamma 
ray absorption technique and their results support the 
above conclusion. Hence, it was possible to use the light 
transmission technique to measure the mutual transi- 
tions of different flow regimes on a valve tray. 

Experiments were performed on the hydraulic simu- 
lation column containing air and water and having a 
cross section of 0.61 m x 0.98m and four trays. The 
bottom tray was a valve tray having standard V1 Glitsch 
valves (diameter = 38 mm, hoie diameter = 48 mm, tri- 
angular pitch = 76.2 mm and lift = 8 mm). 

The inlet weir of 12mm was used to prevent the 
excessive weeping at the inlet of the tray at high liquid 
loadings. Three exits weirs of 25, 50 and 75mm were 
used and tray spacing was 700mm. At the gas inlet of 
the column, the turning vanes were fixed and adjusted to 
obtain a uniform air distribution below the valve tray. 
Moreover, two gas distributor grids were installed be- 
tween the valve tray and the turning vanes. Full details 
of this simulation column have been published”. 

A light beam was arranged to shine horizontally 
diagonal to the column at a distance above the tray 
somewhat greater than that at which the froth interface 
was expected to form. The blower was started and 
superficial air velocity was adjusted at a lower limit of 
about 1.0ms~'. Water was pumped and its flow rate was 
adjusted to the required value. The air flow was in- 
creased in small steps and the voltage from the photocell 
was recorded for each step. 

While carrying out experiments?” using the light trans- 
mission technique, the clear liquid height, froth height 
and tray pressure drop were also measured. 

When the voltage ratio V/V, was plotted against the 
superficial air velocity, two transition points were ob- 
tained. A typical plot of the ratio V/V, versus the 
superficial air velocity is shown in Figure 1. 
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Figure 1. Typical results of the light transmission technique on the 
valve tray. 


RESULTS AND DISCUSSION 

In spite of experimental determination of a sharp froth 
to spray transition on a sieve tray by many workers***, 
Ellis* commented that there could be no sharp transition 
between the froth regime and the spray regime, but a 
mixed froth-spray regime should exist. Recent works of 
Hofhuis and Zuiderweg’ also support Ellis’ comment. 
Hofhuis and Zuiderweg classified four different flow 
regimes On a sieve tray as: (1) Free bubbly regime (2) 
Emulsified flow regime (3) Mixed froth regime and (4) 
Spray regime. In this classification, the emulsified flow 
regime corresponds to the froth regime as defined by 
other workers. 

Using the light transmission technique, which appar- 
ently indicates the rate of entrainment, the two phase 
mixture on the valve tray was classified into three 
different flow regimes. One at the lower gas or vapour 
velocity in the froth regime for which the entrainment is 
negligible. The second at the higher gas or vapour 
velocity is the spray which is characterized by excessive 
entrainment. The intermediate flow regime consists of 
partly froth regime and partly spray regime. The two 
mutual transitions reported in this work are the transi- 
tions from the dominating froth regime to the mixed 
regime and from the spray regime to the mixed regime 
respectively. The experimental results of mutual transi- 
tions between the three flow regimes are shown in Figure 
* 


Effect of Liquid Rate 

The effect of the liquid rate on the mutual transitions 
of the three flow regimes can be seen from Figure 2. A 
liquid rate above 30 m* h~' m~' has little effect on the 
transition from the froth regime to the mixed regime, but 
a liquid rate below 30 m*h~'m~' has some effect. The 
transition from the mixed regime to the spray regime is 
nearly independent of the liquid rate above 20 m* h™' 
m~'. A low liquid rate favours the formation of the 
mixed and spray regimes. 


Effect of Weir Height 


The effect of the weir height on the mutual transitions 
of the three flow regimes can also be seen from Figure 


2. A small weir height favours the formation of the 
mixed regime and this effect is marked at a low liquid 
rate. For liquid rates higher than 30 m* h~' m~', the weir 
height has a negligible effect on the transition from the 
mixed regime to the spray regime, but at the lower liquid 
rate, the small weir height favours the formation of the 
spray regimes. 

The effect of the weir height on the mutual transitions 
can be explained in terms of the clear liquid hold-up as 
there is a linear dependence between the clear liquid 
hold-up and gas velocity at the transitions. It has been 
found® that for a valve tray the clear liquid hold-up is a 
function of weir height at a moderate gas rate, and a 
small weir height gives the smaller clear liquid hold-up. 
This is why a small weir height favours the formation of 
the mixed regime. On the other hand, the weir height has 
little effect on the clear liquid hold-up at a high liquid 
rate (>30m* h~' m~') and a high gas rate, which 
explains that the weir height has nearly no effect on the 
mixed-spray transition. 

The effect of weir height and liquid loading on the 
transition from the mixed to the spray regime on the 
valve tray is found to be similar to that on the sieve tray 
as reported by many workers' *. 


Flow-Regime Diagram 
Now it is possible to develop the flow-regime diagram 
for the valve tray (Glitsch V1) based on the present 
experimental results. Figure 3 shows the flow regime 
diagram in terms of the conventional! flow parameter (@) 
and capacity factor (A) which are defined as follows 
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Figure 2. Transitions between different flow regimes on the valve tray. 
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Figure 3. Flow-regime diagram for the valve tray (Glitsch V1) 


The flooding limit was calculated in accordance with the 
manufacturer’s instructions'’. The flow regime diagram 
shown in Figure 3 should be useful for designing a valve 
tray for a particular flow regime as the different charac- 
teristics of the three flow regimes should have an 
influence on the tray performance. 

Spells’ criterion'' of a linear dependence of liquid 
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Figure 4. Dependence of clear liquid hold-up at transition from the 
mixed regime to the spray regime on hole gas velocity. 
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Figure 5. Comparison of experiment data of transition from the mixed 
regime to the spray regime with Barber and Wijn’s correlation 


hold-up at the mixed-spray transition on gas hole veloc- 
ity, which was adopted by Pinczewski and co-workers 
has been examined for the valve tray. The liquid hold-up 
at the mixed-spray transition f,; shows a linear de- 
pendence on the gas hole velocity to a certain extent as 
shown by the full line in Figure 4. The hole gas velocity 
was calculated for the valve lift areas. 

For a comparison of the transition from the mixed 
regime to the spray regime on the valve tray with that 
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Figure 6. Correlation for the froth-to-spray transition on a sieve tray 
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The validity of the above correlations (i.e. equations 
4 and 5) for a system other than air—water and a different 
type of design of valve tray needs to be verified by 
experiments. 
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Figure 7. Correlations for transitions on the valve tray. 


on the sieve tray, the data of Pinczewski and Fell’ were 
extrapolated for the sieve tray of hole size equal to twice 
the valve lift as shown in Figure 4 by dotted line. Twice 
the valve lift is an equivalent hole diameter for the valve 
tray. It shows from the comparison that a larger gas or 
vapour velocity is required to cause a valve tray to 
operate in the spray regime than for a sieve tray for the 
same liquid hold-up on the tray. This conclusion can 
also be drawn from Figure 5 in which the experimental 
esults of the mixed to spray regime transition of the 
valve tray have been compared with Barber and Wijn’s”” 
correlation for a valve tray. The correlation proposed by 
Barber and Wijn is primarily for a sieve tray, and cannot 
be applied for a valve tray’. 

Simple correlations for the mutual transitions of the 
three flow regimes on the valve tray can be obtained in 
a simlar way to that obtained for a sieve tray®. When the 
published data of the froth to spray transition on sieve 
trays for different hole diameters and different liquid and 
vapour densities are plotted in terms of (A, ;/d,) and u, 
,/ (Pc/P,), it gives a good linear relationship (Figure 6). 
Consequently, a simple correlation for the froth to spray 
transition on a sieve tray can be deduced as 


hy 
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In analogy to sieve trays, h,;/d, versus u, ./ (Pg/p,) 1s 
plotted for the mutual transitions of the three flow 
regimes on the valve tray as shown in Figure 7, which 
gives the following correlations. 

Froth-mixed transition: 
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SYMBOLS USED 


exit weir length (m) 

equivalent hole diameter for valve tray (m) 

hole diameter for sieve tray (m) 

gravity constant (=9.81 ms~’) 

gas or vapour molal flow rate (kmole s~') 

clear liquid hold up at transition (m) 

exit weir height (m) 

liquid molal flow rate (kmole s~') 

hole pitch (m) 

liquid volume flow rate (m* s~') 

superficial gas or vapour velocity (ms~') 

hole gas or vapour velocity (ms~') 

voltage measured by photocell through dispersion (mV) 
voltage measured by photocell through empty column (mV) 


Greek symbols 


o flow parameter defined by equation (1), (—) 
/ vapour capacity factor defined by equation (2), (ms~') 
Uy, \/ (Pc/p,) Vapour capacity factor through holes (m s~') 
vapour or gas density (kg m~*) 
liquid density (kg m~*). 
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EDITORIAL 


The Journal Review Paper in this issue is ‘Some recent 
developments in condensation theory’ by R. G. Owen 
and W. C. Lee. The emphasis of the review is on 
information available for the design of shell-and-tube 
condensers and on developments which have occurred 
over the past ten years; for both tubeside and shellside 
condensation, design methods for predicting flow re- 
gimes, pressure drop and heat transfer in the condensate 
film. The paper, which brings together the results of 
much research, should be of great value to the 
designer. 

In ‘Experimental study of the operating characteristics 
of a water-—lithium bromide absorption cooler’, J. M. 
Landauro-Paredes, F. A. Watson and’F. A. Holland 
report the performance of such a cooler with generator 
temperatures in the range 85° to 110°C. Evaporator 
temperatures in the range 2° to 12°C were produced 
without incurring crystallisation problems. The detailed 
results are compared with the predictions of a computer 
simulator and good agreement is shown. The particular 
significance of this work is to demonstrate that it is 
feasible to operate absorption coolers with air tem- 
peratures in this region of 35°C. Thus a closed-cycle 
cooler with its negligible water losses could be widely 
used in countries with hot, dry climates. 

J. H. Hills reports on an ‘Investigation into the 
suitability of a transverse Pitot tube for two-phase flow’. 
The transverse Pitot tube (or Pavlov tube) is used to 
measure liquid velocities in bubble columns and bubbly 
two-phase flow. For liquid velocities in excess of 
0.5m-s~', the author shows that the measured values do 
not deviate by more than + 15%. 

Momentum, mass and heat transfer analogies are 
employed frequently by chemical engineers in both 
research and design. In ‘Optimisation of experimental 
conditions for electrochemical mass transfer mea- 
surements’, Berger and Ziai consider the theory and 
practical problems of one important experimental 
technique—the ferri-ferro-cyanide electrochemical mass 
transfer method. The method is conceptually attractive 
and easy to use. This paper provides a useful review of 
the precautions required for its successful and accurate 
use. 
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Previously published work on ‘Heat transfer to fer- 
mentation systems in an air-lift fermenter’ is continued 
in “Part II: Mechanisms of heat transfer’ by N. Blake- 
brough, I. A. Fatile, W. J. McManamey and G. Walker. 
Results are reported for heat transfer to suspensions of 
Aspergillus niger in laminar flow. The micro-organism 
was suspended in sodium chloride and sodium carboxy 
methyl cellulose (CMC) solutions. The measured heat 
transfer coefficients were higher than those predicted by 
the Seider—-Tate equation but this equation could be 
adapted by modifying the definition of heated length. At 
higher microbial concentrations in CMC solution a 
scraped-surface model gave better representation of the 
results. Coefficients measured in the presence of fer- 
mentation could also be correlated by a similar 
modification of the Seider-Tate equation. The papers 
represent an interesting contribution to a complex and 
difficult problem. 

In a Shorter Communication, F. J. Zuiderweg dis- 
cusses the influence of the Marangoni effect on dis- 
tillation tray efficiency, particularly at total reflux. He 
points out that large increases in surface tension and 
high driving forces at total reflux are liable to yield high 
tray efficiencies but that these effects will be less marked 
at partial reflux. It is therefore inappropriate to compare 
efficiencies for alcohol-water systems with those pre- 
dicted by data derived from hydrocarbon systems (such 
as the AIChE method). 

The theme of distillation is continued in the Shorter 
Communication by M. F. Fahmi and H. A. Mostafa. 
The authors present calculations of the effect of inter- 
mediate vapour compression upon total energy cost of 
distillation and compare these with the cost of con- 
ventional distillation and of distillation with com- 
pression of the distillate. The ratio of the costs of 
electrical to thermal energy is an important factor. It 
would be interesting to see the analysis extended to 
include capita! as well as operating costs. 

This issue is completed by Correspondence and the 
Annual Indexes and List of Referees. 


Brian Gay 
Hon. Editor 
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REVIEW PAPER 


SOME RECENT DEVELOPMENTS IN 
CONDENSATION THEORY 


By R. G. OWEN and W. C. LEE 
HTFS, Harwell and GEC Energy Systems Ltd, Whetstone, Leicester 


Recent developments in the theory of condensation are discussed in relation to the design of equipment for condensing duties. 
For both tubeside and shellside condensation, improvements are described in the methods for predicting flow regimes, pressure 
drop and heat transfer in the condensate film. Developments in the prediction methods for multi-component condensation, 
including the effect of non-condensing gas, are considered. Also reviewed are recent improvements in predicting flow phenomena 


and heat transfer during direct contact condensation. 


INTRODUCTION 


This paper attempts to give a brief review of some of the 
recent developments in the theory of condensation. The 
review is strongly biased towards the engineering aspects 
of condensation: those aspects which are directly appli- 
cable to the design of condensing equipment for industri- 
ally important fluids. 

In their own defence, the authors do not claim that the 
review is comprehensive, definitive or exhaustive. The 
limited space available has forced the authors to be 
selective in their choice of topics and of references. 
Inevitably, there are reliable and authoritative papers 
which are neither discussed nor referenced. 

The main thrust of this paper is a review of the 
information available for the design of shell and tube 
condensers for chemical-process and oil-refinery applica- 
tion. The emphasis is on the developments which have 
occurred over the past ten years and this paper thus 
updates a previous review by Butterworth’. This review 
does not include either dropwise condensation or the 
molecular-kinetic resistance occurring at the vapour- 
liquid interface, despite their importance in some cir- 
cumstances. Also omitted is discussion of wet-wall de- 
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superheating, condensation on enhanced heat transfer 
surfaces, fog formation, condensation of vapours of 
immiscible condensates and the calculation of mean 
temperature differences in condensers. 

In deciding which papers and methods to include in 
this paper, priority has been given to soundly-based 
theories or to empirical formulae suitable for use in 
design methods. Where different authors have correlated 
or analysed similar data in apparently unrelated ways, 
an attempt is made to show how the methods relate. 


FLOW PATTERNS 
Flow Patterns for Tubeside Condensers 


Horizontal tubes. An indication of the changing flow 
patterns which can exist during condensation in a hori- 
zontal tube has been given by Palen et al.* and by Breber 
et al.’ from visual observation of condensation in a glass 
tube. The sequence of flow patterns from vapour inlet to 
outlet depends on the liquid loading (i.e. total flowrate) 
as shown in Figure |. This figure shows that there are 
two distinct regimes for condensation inside a horizontal 
tube: that in which the flow is vapour shear controlled 
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Figure |. Illustration of flow patterns in tubeside condensation. 
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and that in which the flow is gravity controlled. When 
vapour shear controls the flow, the flow pattern is 
usually annular and the condensate film thickness is 
primarily determined by the axial vapour shear force at 
the vapour-liquid interface. There is usually entrainment 
of the condensate into the vapour phase in the form of 
droplets and also circumferential variation in condensate 
film thickness although the predominant velocity com- 
ponent in the condensate film is axial. As condensation 
proceeds, the condensate flowrate increases and the 
vapour flowrate correspondingly decreases and the effect 
of gravity on the flow pattern becomes more important. 
In gravity-controlled flow, the condensate drains from 
the top and sides of the tube to the bottom and flows 
along the bottom of the tube. There may be waves on 
the thick film flowing along the bottom of the tube and 
these waves may form frothy surges or may bridge the 
tube to give slug flow. Thus in gravity-controlled flow, 
there is significant variation in the circumferential ther- 
mal resistance of the condensate layer because of the 
large variation in the thickness of the condensate film 
around the tube. 

For condensing flow in horizontal tubes the transition 
from shear-controlled flow (i.e. annular flow) to gravity- 
controlled flow (i.e. stratified-wavy or slug flow) is thus 
very important. It is worth examining and comparing the 
various criteria available in the literature for predicting 
this transition. Palen et al.’ suggest characterising this 
transition using a parameter which is the ratio of the 
shear force to the gravitational force on the condensate 
film. This approach had previously been suggested by 
Quandt* and also by Golan and Stenning?® for flow 
regimes in vertical tubes. This idea has also been used by 
Wallis® in analysing the transition from slug (or churn) 
flow to annular flow in vertical tubes to predict the 
flooding velocity. 

Palen et al. have plotted their data, together with 
those of Soliman and Azer’* and those of Traviss and 


Rohsenow’, as a function of the 
superficial gas velocity, 0%, where 


dimensionless 


ce penne A. ee 

" JigD (p. — po) © 
and where D is the tube diameter and #, :s the superficial 
gas velocity. 

This plot is shown in Figure 2. From this diagram 
Palen et al. infer that the transition from  shear- 
controlled flow (annular, semi-annular) to gravity- 
controlled flow (semi-annular wave, wave etc.) falls 
between values of 0% of 0.5 and 1.5. Support for this idea 
can be found from the flow pattern map of Fisher et al.'° 
In Figure 3 the Fisher et al. map has been redrawn with 
co-ordinates of v* and &%. The transition from annular 
flow to slug flow and that from annular flow to wavy 
flow occur at a dimensionless gas superficial velocity just 
exceeding unity. This value falls within the transition 
range suggested by Palen et al. Moreover, the transition 
between the annular-dispersed flow pattern and the 
stratified-wavy flow pattern has been found by Taitel 
and Dukler'', using simple physical modelling, to be a 
function of 6% and the Lockhart-Martinelli'? parameter 
X (sometimes called the Martinelli parameter) defined as 


-((2)(@),] 


where (dp,/dz), « are respectively the local frictional 
pressure gradients for the liquid and gas phases flowing 
alone in the tube. As shown in Figure 4, Taitel and 
Dukler'' have obtained a relationship between 6% and XY 
for the transition between annular and stratified flow. 
For the small values of X¥ which are typical of annular 
flow, the annular stratified transition occurs roughly at 
a dimensionless gas velocity of approximately unity. 

It is worthwhile examining whether there is any 
supporting evidence for this simple transition model for 
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Figure 2. Condensation flow regimes as a function of the dimensionless superficial gas velocity. 
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experimental studies of condensing flows. Such studies 
have been made by Traviss and Rosenhow’ and by 
Soliman and Azer’ for refrigerants and by Jaster 
and Kosky" for low pressure steam-water. Traviss and 
Rosenhow found that for refrigerant 12, this transition 
occurred at a condition of 


ue 
where F, = ad 
go 


F, = 2025 (3) 
where u, and 6 are respectively the mean liquid velocity 
and film thickness if the flow were annular. For low 
pressure steam-water condensation, Jaster and Kosky" 
proposed the following alternative criteria: 


for annular flow, F, > 29 

for transition flow, 5 < F, < 29 

for stratified-type flow, F, < 5 
where 


a. ca (4) 
~  (P_— Pg) ge 

In equation (4), 1, is the wall shear stress and 6 is the 
annular flow film thickness as before. Butterworth! has 
shown that the criterion of Traviss and Rosenhow agrees 
quite well with the criterion of Jaster and Kosky. This 
has been simply done by taking the middle value of F, 
for transition to be 17 so that 


F; 
—~8x 10 (5) 
F 


However, dividing equation (4) by equation (3) gives 
(6) 


where €, is the void fraction and 1, is the superficial 
velocity of the liquid phase (i.e. the velocity if it occupied 
the whole tube). The wall shear stress t,, can be calcu- 
lated from 


ty = Si Pei gi (7) 
where the two-phase frictional multiplier @j may be 


approximated by 


(8) 


Combining equations (6), (7) and (8) yields 
F, F,=f,/2 (9) 


The friction factor f, is that obtained if the liquid alone 
were flowing in the tube. Although the friction factor is 
not strictly constant, it does not vary very greatly and a 
value of f,/2 of 8x 10~* is reasonable, thus making 
equations (5) and (6) compatible. 

While it has thus been shown that the criterion of 
Traviss and Rosenhow for the transition from shear- 
controlled flow to gravity-controlled flow is compatible 
with the criterion of Jaster and Kosky, it has yet to be 
proved that either of these criteria are compatible with 
the simple formulation suggested by Palen et al.? How- 
ever, it is possible to perform such a comparison as 
follows: in equation (4), the wall shear stress t, may be 
calculated from 


t= So Pcbs Gs (10) 


where $ is a two-phase frictional multiplier and the film 
thickness 6 is approximated by 


5 =!D(1—¢é) (11) 


Equations (10) and (11) may be substituted into equa- 
tion (4) to give: 


(12) 


where the term in parentheses in equation (12) is a 
function of the Lockhart-Martinelli parameter XY. The 
friction factor f, is that obtained if the gas phase alone 
were flowing in the tube. Although this friction factor is 
not strictly a constant it does not vary very greatly and 
a value of 7.5 x 10~* has been chosen. 

Equation (12) may be rearranged to yield 


(13) 


where the annular flow limit corresponds to a value of 
F, of 29 and the stratified flow limit corresponds to a 
value of F, of 5. 

For low pressures, the Lockhart and Martinelli ex- 
pression for void fraction may be given in the form": 


(l—€,)= where A =0.28 X°®”! (14, 15) 


(1/A + 1) 
and where X is the Lockhart-Martinelli parameter 
defined in equation (2). It is therefore possible using 
equation (13) to evaluate values of 6% which correspond 
to the annular and to the stratified limits of Jaster and 
Kosky. For low pressures this is done in Table | for a 
range of values of YX. 


Table |. Values of 6& corresponding to annular flow and stratified flow transition criteria of Jaster 
and Kosky; at low pressures 


1/2 F 
(I — €) b& at annular 


flow transition 


dé at stratified 
(1 —€) ; d, flow transition 
0.0105 , 0.0847 3.45 1.55 
0.0518 ms 0.130 5.32 2.38 
0.219 0.117 4.77 2.14 
0.589 l 0.044 1.81 0.81 
0.880 12 0.00775 0.32 0.14 


Recommended values of Palen et al.’ Ls 0.5 
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Table 2. Values of 6% corresponding to annular flow and stratified flow transition criteria of Jaster 
and Kosky; at pressures near the critical point 


(1 —«,)!” 


X (1 —€,) 


0.01 0.0060 
0.1 0.0720 
] 0.5 
10 0.928 
100 0.994 


PG VG 
1.32 
2.04 
4.92 
20.9 
140 


Recommended values of Palen et al.’ 


0.131 
0.143 


At pressures near the critical pressure, the void frac- 
tion term in equation (13) may be expressed"’ as: 


(l -—¢€,)==———_ B~X'" (16, 17) 


Thus it is possible to calculate values of 1% which 
correspond to the annular flow and stratified flow limits 
of Jaster and Kosky. For pressures near the critical 
pressure, these are given in Table 2 for a range of X 
values. 

In Tables 1 and 2, the two-phase frictional multiplier 
$2, has been evaluated from Wallis®, 

go =[1+ "YP (18) 
where m = 4 at low pressure and m = 8/7 at pressures 
near the critical pressure. 

Tables 1 and 2 demonstrate that the Jaster and 
Kosky’ criteria predict higher values of 6% for both the 
annular and for the stratified transitions than those 
recommended by Palen et al.’ This is so for a range of 
X vaiues from 0.01 to 10 but at higher X values (> 10) 
there is a tendency for the Jaster and Kosky criteria to 
give v& values lower than those recommended by Palen 
et al. However, considering the uncertainties in defining 
flow patterns, and the large scatter in the available 
experimental data, there is thus a considerable measure 
of agreement between the criteria of Traviss and Rosen- 
how, Paien et al., Jaster and Kosky and Taitel and 
Dukler. 

Perhaps the most recent investigation of the shear to 
gravity controlled flow transition is that of Soliman’®. 
Eight data sets corresponding to different test fluids of 
R-113, R-12 and steam and to tube diameters in the 
range 4.8mm to 15.9mm were used to test the predic- 
tions of the available methods. None of the available 
methods gave predictions which were fully consistent 
with all of these data. Soliman therefore proposed a new 
correlation: 


Re = 10.18 Fr°® Ga?" (@/X)~°?* 
for Re, < 1250 

Re = 0.79 Fr®"? Ga®**! (@/X) 1.442 
for Re, > 1250 


where 
Ga = gD' |v} 
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0.0587 


0.0461 
0.00712 


o% at annular ve 


flow transition 


at stratified 
flow transition 
39 1.07 
5.37 2.41 
d 86 2.63 
8S 0.84 
0.29 0.13 


1.5 0.5 


is the Galileo number, and 


. 


u 
Fr = 0.25 Re (ev, ) 
go” Vv "1 


(21) 


where 6 * is given by equation (34), and in equation (19) 


®=1+1.09X"". (22 
A comparison of the Soliman'® correlation with others 
described previously is given in Figure 5 for adiabatic 
air/water flow in a 25.4 mm (1 inch) tube at atmospheric 
pressure. 


Vertical tubes. Vertical downwards cocurrent flow is 
more common than upwards flow in industrial con- 
densers. The main characteristic of vertical downwards 
flow is the existence of the annular flow pattern for a 
wide range of flow conditions, as shown in Figure 6. The 
best available map for downwards flow is that of Golan 
and Stenning? which was derived from data for air-water 
systems. An attempt was made by Oshinowo and 
Charles'’ to generalise the map of Golan and Stenning 
but there was some conflict between the experimental 
data of the two sets of workers. There is thus some doubt 
about the accuracy and generality of the Golan and 
Stenning map and it should be used with caution 


Shellside Flow Patterns 

Although there have been many flow pattern studies 
of adiabatic and condensing flow inside tubes, there has 
only been one systematic study of shellside flow patterns. 
This is the study of Grant and Murray’*” in which flow 
patterns were observed for adiabatic air-water flow in a 
model heat exchanger with a rectangular shell and 30 
triangular tube layout. 

A schematic diagram of the experimental heat ex- 
changer used in this study is given in Figure 7. Three 
segmental baffles were used, giving four baffle spaces on 
the shellside. In 1972, Grant and Murray investigated 
vertical (up and down) flow across the four baffled 
crossflow sections of the model exchanger and, in 1974, 
they obtained data for flow patterns and for pressure 
drop in horizontal crossflow with the same model ex- 
changer turned sideways so that the baffle cuts were 
vertical. 

Five flow patterns were observed. A spray flow pat- 
tern occurred at high mass qualities with liquid carried 
along by the gas as a spray. At low mass qualities bubbly 
flow occurred with the gas distributed as discrete bubbles 
in the liquid phase. For vertical up and down flow in the 
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Figure 5. Comparison between different transition criteria for water flow in a 25.4mm i.d. horizontal tube at standard (25°C) conditions. 





model heat exchanger, chugging flow was observed tation, a stratified spray flow was observed in which the 
under certain conditions. In chugging flow, intermittent liquid and gas tended to separate with liquid flowing 
slugs of liquid were propelled through the model by the _—along the bottom of the model. The gas was entrained 
gas phase. With the exchanger in a horizontal orien- _as_ bubbles in the liquid layer and also liquid droplets 
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Figure 6. Flow patterns in verticai tubeside downflow condensation. 
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Figure 7. Experimental heat exchanger of Grant and Murray'*"” 


were carried along by the gas as a spray. Also observed The observed flow patterns are illustrated in Figure 8 
for the model in a horizontal orientation was a stratified | and the flow pattern maps for horizontal flow and for 
flow in which the liquid and gas were completely sep- vertical flow obtained from these observations are given 
arated. in Figure 9. The parameters used as ordinates in these 
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maps are those of Baker’! modified according to Bell et 
al.” The map is essentially a plot of superficial gas 
velocity versus superficial liquid velocity, with each of 
the superficial velocities multiplied by a physical prop- 
erty parameter. The superficial velocity is defined as the 
volumetric flux of the phase divided by the average flow 
cross-sectional area. The shellside flow pattern map of 
Grant and Murray” for horizontal flow is compared with 
the original Baker map for tubeside flow in Figure 10. 
A similarity between the two maps may be observed, 
with the shear-controlled and gravity-controlled regimes 
falling in about the same regions both for tubeside and 
for shellside flow. The similarity between the shellside 
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and tubeside maps for horizontal flow leads one to 
speculate that use of the simple é criterion of equation 
(1) may be adequate in determining the transition be- 
tween shear and gravity controlled conditions in shell- 
side flows. There is, however, little evidence available to 
support (or refute) such a conjecture. 

A similar comparison has been made between the flow 
pattern map of Grant and Murray" for vertical flow and 
that of Hewitt and Roberts” for flow in vertical tubes. 
This is given in Figure 11 and, again, shear-controlled 
and gravity-controlled regions fall in similar areas for 
both types of flow. 

Althouth the Grant and Murray flow pattern map is 
the only one currently available, it is based solely on 
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Figure 9. Shell-side flow pattern maps obtained by Grant”’. 
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observations of adiabatic flow and no flow pattern maps 
have yet been derived for shellside condensing flow. 
Furthermore, the experiments of Grant and Murray 
examined idealised crossflow in a rectangular geometry. 
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Figure 11. Vertical flow of air/water at atmospheric pressure 


For two-phase flow on the shellside of heat exchangers 
there will be leakage of fluid through the spaces between 
the tubes and the baffles and between the baffles and the 
shell. These leakages are coupled to phase separation so 
that the composition of the leakage streams may differ 
from that of the main crossflow stream. These effects 
increase the uncertainty in predicting shellside flow 
patterns in operating heat exchangers. 


PRESSURE DROP IN CONDENSING FLOW 
Tubeside Pressure Drop 
Tubeside pressure drop is obtained by integrating the 
local pressure gradient over the length of the tube. The 
local pressure gradient is the sum of the frictional, 
accelerational and gravitational components as given by 


dp (/dp,-\. d ( (l1—xy y 
—_ = — - “| —__. + 
dz ( dz )+ dz ” pL(l —€) es 


\ 


+8 [Pcéc + (1 — €g) pi] cos ¢ (23) 


where ¢ is the angle of the direction of flow from 
vertically upwards. In condensing flow, the acceler- 
ational term leads to a pressure recovery. 

The frictional pressure gradient is usually calculated 
from frictional pressure drop correlations such as those 
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of Lockhart and Martinelli’ or Soliman et al.*° How- 
ever, these correlations may not accurately predict the 
measured pressure distribution in condensing flow. For 
example, Figure 12 gives a comparison of the predictions 
of these two models with the experimental data of 
Traviss et al.’ for R-12 condensing in a horizontal tube. 
An alternative approach*” is to use an annular flow 
model of the type developed by Whalley and co- 
workers”. This annular flow approach also permits 
calculation of the local void fraction ¢,, which is required 
for the evaluation of the accelerational and gravitational 
components of pressure gradient. 

Whichever method is used for calculating the fric- 
tional pressure gradient, account must be taken in 
condensing flow of the effect of mass transfer to the 
vapour/liquid (V/L) interface. The adiabatic frictional 
pressure gradient is corrected by a factor #, such that; 


d ‘dpe 
e ( 4, } 0; (24) 
dz dz /ym1 


where 


m (Ue 
a and ¢$;=—— 


Og 2 oe 
i —exp(—r) t 


F 


and where (dp,/dz)yyr 1s the frictional pressure gradient 
in the absence of mass transfer to the V/L interface, m, 
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Figure 12. Variation of pressure gradient along a condenser tube. 


is the condensing mass flux and U, and U, are the axial 
velocities of the vapour phase and the V/L interface 
respectively. Equation (25) is based on the “film theory” 
of heat, mass and momentum transfer (see a later section 
of this paper)*'’. In some cases of high condensing rate, 
the mass transfer to the V/L interface can increase the 
frictional component of pressure gradient by as much as 
a factor of 2 over that for the corresponding adiabatic 
flow. 

Where the flow is shear controlled it is usual to 
assume, both for horizontal as well as for vertical tubes, 
that the shear stress is uniform around the circum- 
ference. Although not strictly correct for horizontal 
flow*’ this assumption permits the interfacial shear stress 
Tt, to be calculated from 


dp; 
dz 


4 
=— 1,0 (26 
D I’F ) 


where 6; is the mass transfer correction factor given in 
equation (25). 


Shellside Pressure Drop 


A shell and tube condenser has shellside cross baffles 
whose purpose is both to direct the shellside flow across 
the tube bundle and to provide support for the tubes. 
After each crossing of the bundle, the flow is turned in 
the baffle window to recross the bundle. The most 
common type of baffle is the single-segmental type as 
shown in Figure 13. Although the baffles are used to 
induce crossflow of the tube bundle, the baffles are not 
absolutely efficient in this respect. This is because varicus 
gaps must be left in order that the exchanger can be 
constructed. For example, the holes in the baffles 
through which the tubes must pass must be slightly 
larger than the tube o.d. and the baffle diameter must be 
less than the shell i.d. This allows some of the flow to 


leak through the gaps. In addition, the tube bundle does 
not completely fill the shell and some flow can bypass the 
bundle by flowing between the bundle and the shell. 
Measurements of shellside pressure drop in an ideal- 
ised heat exchanger without leakage and bypass (see 
Figure 7) have been made by Grant”. He considered the 
crossflow zone and the window-flow zone separately as 
is the usual procedure for shellside studies. The results 
were correlated using an approach originated by 
Chisholm™ for two-phase flow inside tubes 


Ap —|]+ (y? ad 1)[Bx° mre] — \e n)/2 + x? = (27) 
APio 

where Ap is the two-phase frictional pressure drop, Ap;, 
is the pressure drop if the total flow were flowing with 
liquid properties and x is the quality. The parameter y 
is given by 


y? = Apgo/APw (28) 


where Ap,» is the pressure drop obtained if the total flow 
were flowing with the gas properties. The index n is that 
in the Blasius type expression relating the friction factor 
to the Reynolds number for single phase flow. The 
values of B were obtained empirically and are shown in 
Table 3. Figure 14 gives an example of Grant’s com- 
parisons between the data and the empirical equation. 
Here a parameter w is used in the plot where 


- Ap APio =] 


v —| 


(29) 
This form was chosen because yw = x corresponds to 
homogeneous flow. Although results were obtained only 
for low pressure, air-water systems, the form of equation 
(27) has been shown by Chisholm™* to apply more 
generally. 

The crossflow and windowflow pressure drops calcu- 
lated from equation (27) are for an idealised condenser 
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Figure 13. Baffle space geometry in a shell and tube condenser (Ist angle projection) 
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Table 3. Values of B for use in equation (27) 


Crossflow oe and bubbly 


stratified and stratified spray 


Window-flow (n = 0) 


and must be corrected for leakage and bypass. This may 
be done, for example, by the method proposed by Beil’®. 
For pressure drop in the crossflow zone: 


APactuat = APweatF pF (30) 


where F, and F, are bypass and leakage correction 
factors respectively. These factors are given in Figure 15. 
The ideal window-flow pressure drop may be corrected 
in a similar manner. 

The procedure given above is typical of those pro- 
duced before the advent of economical and powerful 
computers. As shown in Figure 16, the more recent 
methods utilise the power of modern computers to solve 
the flowrates of the main (i.e. crossflow and 
windowflow), bypass and leakage streams. These meth- 
ods treat the shellside flow as though it were an eiectrical 
network in which current corresponds to flowrate, elec- 
trical potential corresponds to pressure and electrical 
resistance corresponds to flow resistance. Correlations or 
theoretical models are used to evaluate the flow re- 
sistance characteristics of the various streams. In some 
of these recent methods (e.g. Moore*’ and Palen and 
Taborek*), the procedure starts at the vapour inlet and 
steps along the shell to the outlet. In other methods (e.g. 
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Figure 14. Two-phase pressure drop in window zone (Horizontal 
side-to-side flow). 
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Johnston and Wills*) calculations are done simulta- 
neously for the complete exchanger. These latter meth- 
ods should provide a more accurate treatment of end 
spaces, bundle bypassing and of axial leakage than the 
former methods but at the penalty of additional com- 
puting cost. Many of these more recent methods are 
proprietary. However unsatisfactory this may seem from 
a purely academic viewpoint, the expense involved in 
developing and validating a shellside procedure deters 
research organisations from disclosing detailed informa- 
tion. 


HEAT TRANSFER ACROSS THE CONDENSATE 
FILM 


Downfliow in Vertical Tubes and on Flat Plates 


When a stationary vapour ccendenses on a vertical 
surface, the condensate film in the uppermost part of the 
surface is laminar. If the condensate Reynolds number 
Re, is greater than 30, there are waves on the surface of 
the condensate film and these enhance the heat transfer 
rate'**'*© If the Reynolds number of the condensate film 
attains a value of approximately 1600 to 2000 the film 
becomes turbulent. In the region of laminar flow, the 
classical Nusselt analysis” is applicable. In the turbulent 
flow region, Colburn*' has obtained an analytical solu- 
tion by assuming that all the thermal resistance of the 
turbulent film is in a thin laminar sublayer adjacent to 
the wall. Colburn’s result indicates that the heat transfer 
coefficient increases with increasing film Reynolds num- 
ber. 

When significant vapour shear is present, two effects 
are observed, viz: (1) vapour shear tends to thin the film 
thereby increasing the heat-transfer coefficient, and (2) 
the laminar-turbulent transition occurs at lower film 
Reynolds numbers. For film condensation with vapour 
shear, several theoretical solutions” ~ are available. The 
studies of Rohsenow et al.**, Dukler® and Lee™ take 
account of the effect of interfacial shear stress in reduc- 
ing the transition Reynolds number of the condensate 
film and utilise a turbulent viscosity variation similar to 
that in single-phase pipe flow. These analyses indicate 
that the heat-transfer coefficient increases with film 
Reynolds number raised to the power 0.2 in the tur- 
bulent region. 

Blangetti and Schlunder®*** have improved the anal- 
ysis of the turbulent region by utilising a turbulent 
viscosity profile which accounts for the reduction in 
turbulent viscosity close to the vapour-liquid interface. 
They found that the heat-transfer coefficient in the 
turbulent region depends on the film Reynolds number 
raised to the power 0.4. Figure 17 compares the results 
of the Blangetti and Schlunder theory with experimental 
data for water and for a high-Prandtl number fluid, 
MWA. Both the Blangetti and Schlunder*** and the 
earlier’ * models may also be used to give a more 
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Figure 15. Bell** correction factors for shell-side pressure drop. 


accurate solution than that of Colburn®! for the zero 
vapour shear limit. 


Horizontal Tubes 


Different types of theoretical model are used for 
condensation in horizontal tubes, depending on whether 
the flow is gravity or vapour shear controlled. Methods 
for identifying the transition from gravity-controlled 
flow to shear-controlled flow have already been dis- 
cussed. In the gravity-controlled region it is usually 
assumed that the flow is stratifying with the condensate 
running down the side walls and collecting in the bottom 
of the tube. The condensate layer in the bottom of the 
tube flows under the action of vapour shear or hydraulic 
gradient. However, this assumption of stratifying flow in 
the gravity-controlled region may not be valid at high 
liquid loading when the flow is usually of the slugging 
type. In the vapour shear-controiled region many 
theoretical models are available in which the flow is 
assumed to be annular with axial flow of the condensate 
film and no stratification. 

The models for heat transfer during stratifying con- 
densation are modifications to the Nusselt theory” for 
condensation outside tubes: 


Ai pi (Pr — Pc) 8 =} ¥ 
n.D(T, ie T,) 


where 7,, is the wall temperature, Q is a correction term 
which gives Nusselt’s result if set to 1.0, and D is taken 
as the tube internal diameter here. The correction factor 
is less than unity for in-tube condensation because of the 
layer of condensate at the bottom of the tube which 





(31) 


% = 0.72502( 
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makes that region less effective for heat transfer. Typi- 
cally, Q is about 0.8. Different methods for calculating 
Q have been given by several authors'**’*. 

The annular-flow models for the heai-transfer 
coefficient may be written in the following form 


% = ppu*cy/T* (32) 


where u* is the wall ‘friction velocity’ given by (t,,/p, )'” 
and 7* is a dimensioniess film temperature drop which 
depends on the dimensionless film thickness, 5* (i.e. 
p,.u*d/n,), and the condensate Prandtl number, Pr,. 
Relationships for 7* are normally calculated using some 
form of Martinelli analogy” and the following results", 
with minor variations’”®, are obtained by this method: 


T+ =Pr,6* for 6* <5 (33a) 

T* = S5[Pr, + In {1 + Pr, [(6*/5) — 1}}] 
for 5<6* <30 

T* = 5[Pr, + In (1+ 5 Pr,) +4 in (6 */30)] 
for 5*>30 (33c) 


Before equation (33) may be used, relationships are 
required which give 6* in terms of known quantities. 
These are usually obtained by integrating the velocity 
profile across the film. The velocity profile is often 
calculated by assuming the same turbulent viscosity 
profile as that for single-phase liquid flow in the tube 
with the given wall shear stress. The following simple 
relationships were obtained by Kosky and Staub”: 


6 * = (Re, /2)' 2 Re, < 1250 (34a) 
5* = 0.0504 Re?*, Re, > 1250 (34b) 


(33d) 
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Figure 16. Development of sheli-side pressure drop prediction methods. 


Where Re, is the liquid superficial (or liquid film) Also shown in this figure is a simplified relationship 
Reynolds number given by obtained by Carpenter and Colburn® which is 


Re, = (1 —x)mD/n, (35) T+ = 23.3 Pr}? (36) 
Equations (33) and (34) give T* as a function of liquid The shear stress t, is calculated from the two-phase 


Reynolds and Prandtl numbers as is shown in Figure 18. frictional pressure gradient as already discussed. 
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Figure 17. Condensing Nusselt numbers inside a vertical tube as a function of condensate film Reynolds number, after Blangetti and Schlunder 


The annular-flow type models would generally be 
expected to apply at high flow rates and a different 
model! by Boyko and Kruzhilin™ is also found to work 
in these circumstances. Their equation for the local 
heat-transfer coefficient is 


a, = 0.021 Ret Pr?®}14x(Pk-1)} = 37) 
D 


\Pa 
where Re,, is the liquid Reynolds number defined by 
mD/n,. Butterworth' has compared this equation with 
the above annular flow models by transforming equation 
(37) to the same form as equation (32) using the 
following homogeneous flow equation for the wall shear 
stress: 


iin py m? 
t, = 0.023 Rewy*| 1+x{——- 1 --- (38) 
Pc Pi 


/ 


Chem Eng Res Des, Voi. 61, November 1983 


CERD 61/6—-B 


This results in the following equation for 7* 


T* =7.22(1—x)-*' Re?! Pr?’ (39) 
The group (1 — x)~"" only varies slightly over the range 
of interest (e.g. it is 1.0 at x = 0 and is 1.49 at x = 0.98) 
and may be approximated as 1.17 for all circumstances 
giving 


T* =8.5 Re?! Pr?” (40) 


This equation is compared with other annular flow 
models in Figure 18. Close agreement may be observed 
for high Re,. 

Annular flow models give heat-transfer coefficients 
which are typically 5 to 15 times the corresponding 
all-liquid heat transfer coefficients. 
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Figure 18. Comparison of methods for calculating 7*, after Butterworth’. 


Shellside 


Neglecting vapour shear effects, the Nusselt” equation 
for the heat-transfer coefficient outside a single horizon- 
tal tube has been well substantiated since its derivation 
in 1916. This equation is number (31) above with Q 
taken as 1.0 and D as the tube outside diameter. 

The average coefficient for a vertical row of tubes is 
generally less than that given by equation (31) because 
of condensate from higher tubes falling onto the lower 
ones and thereby reducing the coefficients on the latter. 
If it is assumed that the condensate flows from tube to 
tube in a continuous sheet, as shown in Figure 19a, and 
that the flow remains laminar, extensions to the Nusselt 
analysis give 


50 


Gin /o, = N-' (41) 


where %\ is the mean coefficient for N tubes. The 
coefficient «,, is that for the top tube as calculated by 
equation (31). Berman compared equation (41) (and 
others) with a range of experimental data and found a 
tendency for most of the data to lie above the theoretical 
curve. This is attributed to the following: 


(i) the actual condensate flow is as illustrated in 
Figure 195 and this pattern is more favourable to 
heat transfer; 


b 


Figure 19. Downward flow of condensate. (a) According to Nusselt 
(b) actual flow pattern. 


(ii) it is likely that in a few of the experiments, some 
of the tubes encountered large vapour velocities 
which tended to increase the coefficient as a result 
of vapour shear effects. (Vapour shear effects are 
discussed further below.) 


An alternative method to equation (41) has been 
proposed by Kern® and this gained much popularity 
amongst designers of shell-and-tube condensers despite 
there having been little attempt to substantiate the 
method with experimental data. This method gives 


Gy /a,, = N-'* (42) 
Grant™ has, however, shown that the Kern relationship 
is in close agreement with the Grant and Osment 
method®’ which is based on experimental data. 
Butterworth” has shown that the empirical equations of 
both Grant and Osment®’ and Kern® are in close 
agreement with that proposed by Short and Brown”. 
The equation of Short and Brown may be expresses by; 


“LN — 1.24.N-"™4 (43) 


oY) 


This result is equivalent to 


- Pe. 1/4 
X11 (=) *) 


where I,, is the condensate drainage from the Nth tube 
and yy is the condensate generated on the Nth tube. 
Equation (44) agrees closely with that of Grant and 
Osment””’ 


- —0.223 
en (=) (45) 
X11 YN 


Figure 20 shows the Kern equation (solid line) compared 
with equation (43) (broken line) derived from Short and 
Brown’s equation. Equation (43) is only valid for large 
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Figure 20. Comparison of Kern method for inundation with the Short and Brown method 


values of N but it is possible to derive numerical values 
for low N. These are shown as the points on Figure 20. 
It may be seen that there is extremely good agreement 
between Kern’s result and the Short and Brown empir- 
ical equation. 

The analysis given above is relevant to laminar con- 
densate films. However for large tube bundles, film 
Reynolds numbers may become sufficiently large for a 
transition to turbulent flow to occur. Butterworth” 
presents a tentative method for such cases. However no 
experimental data are as yet available to test this ten- 
tative method. 

The above discussion relates to condensation with 
sufficiently low vapour velocity that vapour shear effects 
on the condensate film are negligible compared with 
gravitational effects. Shell and tube condensers, how- 
ever, often operate with high vapour velocities and the 
effect of vapour shear must be taken into account. In 
baffled shellside condensers the vapour flow is usually 
horizontal although, in crossflow condensers, vertical 
downflow of vapour is more common. As a first step 
towards understanding the condensation of vapour in 
crossflow over a tube bundle, several studies have con- 
sidered the simpler case of condensation on a single 
isolated tube in a uniform vapour stream. 


Single tube studies in crossflow condensation. Shekriladze 
and Gomelauri” have analysed the case of downward 
vapour flow over an isolated tube. They obtained an 
expression which fitted both the gravity-dominated and 
the vapour shear-dominated conditions: 


a, = 0.64 E[1 + (1 + 1.69 F)'?]'? (46) 
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where a, is the mean heat-transfer coefficient for the 
tube, 


E =(ii py ug/n, D)'” (47) 


and 


* = g Dn, Ah,/(ug A, AT) (48) 
When vapour shear forces are dominant, equation (46) 
reduces to: 


1 =0.9E (49) 


The above equations were derived using the assumption 
that there is no separation of the boundary layer as it 
flows around the tube. By considering the most forward 
position at which the boundary layer could separate and 
by ignoring heat transfer in the region beyond the 
separation point, equations (46) and (49) are modified to 


a, = 0.416 E[] + (1 + 9.47 F)!?}!? (50) 


4, =0.59 E (51) 
Since the pioneering work of Shekriladze and Gom- 
elauri, a significant amount of further work has been 
performed on crossflow condensation on an isolated 
tube”! *°. Fujii et al.’ have provided a more thorough 
solution which yields the formula; 

a, = Ex (1 +0.276 F/z*]'" (52) 
where 


¥ =0.9(1+1/G)'"” (53) 
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(54) 


. 1/2 
A ( ) (nN, Ah,) 
PoNG, 


Fujii et al.”' solved the governing equations by numerical 
methods. Equation (52) is an empirical fit to the numer- 
ical solutions. The maximum difference between the 
numerical solutions and equation (52) is 5%. For G>1, 
the result becomes independent of G. For G > 10, equa- 
tion (52) is in close agreement with equation (46). Recent 
analyses’*’* are refinements of the work of Fujii et al.” 
and give results which differ only slightly from equation 
(52). 

Equations (46) and (52) may be used to evaluate the 
extent to which vapour shear increases the heat-transfer 
coefficient. In Figure 21, the ratio of the heat-transfer 
coefficient with vapour shear to that for gravity- 
controlled condensation is plotted against the reciprocal 
of the parameter F. The reciprocai of F is used as the 
abscissa so that increasing values of the abscissa corre- 
spond to increasing vapour velocity. It is clear from 
Figure 21 that theory correctly predicts the heat-transfer 
coefficients for low and moderate vapour velocity (i.e. 
1/F < 10). The region of high velocity (i.e. 1/F > 10), 
however, is still unclear. The accuracy of the data of 
Nicol and Wallace’ is suspect since the measurements 
were taken when significant amounts of air were present 
in the steam. Further accurate data is therefore needed 
to confirm the theoretical predictions at high vapour 
velocities. 

While equations (46) and (52) were obtained for 
vapour downflow, Honda and Fujii” have shown that 


iF 


the results for horizontal vapour flow are almost identi- 
cal to those for vapour downflow. Hence equations (46) 
and (52) should also be applicable to horizontal vapour 
flow. 


Tube bundle studies in crossflow condensation. The phys- 
ical processes involved during crossflow condensation 
within a tube bundle are more complex than those for 
an isolated tube. The vapour flow within the bundle is 
not uniform and condensate inundation occurs. More- 
over the vapour velocity decreases as the vapour 
progresses through the bundle while the effects of in- 
undation become more important. Condensate films 
may be laminar on some tubes and turbulent on others. 
Owing to the complexity of the problem, little theor- 
etical analysis has been done. However, a number of 
experimental investigations” *' *’ have been performed. 
Fujii et al.” found that their data for horizontal steam 
flow could be correlated in terms of the single-tube 

equation [i.e. equation (52)], 
a, = KEy(1 + 0.276 F/y*)'4 (55) 


where K = 1.0 for the staggered bundle and K = 0.8 for 
the in-line bundle. More recently Fujii® reported exten- 
sive measurements for steam in horizontal, downward 
and upward flows in staggered and in-line bundles. 
These results were found to be in fair agreement with a 
semi-empirical correlation for single-tube data, see Fig- 
ure 22. The difference between the data for horizontal 
and downward flows is only slight while the data for 
upward flow are somewhat lower than these. No appre- 
ciable difference was found between the data for the 
staggered and in-line bundles. 
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banks, after Fujii®. 


While equation (55) predicts the data of Fujii et al.” 
satisfactorily, a general design method could utilise 
equation (50) for the effect of vapour shear and the 
Kern® method for condensate inundation, 


%~ = 0.416 E[1 +(1 + 9.47 F)!2]!2N-"6 (56) 


However, this method does not take into account the 
interaction between the vapour flow and condensate 
inundation. It should, however, be conservative since 
some condensate may be entrained in the vapour flow 
thus reducing the amount of condensate inundation. 

McNaught”’ has adopted a different approach which 
takes account of the combined effect of vapour velocity 
and inundation. The method uses an empirical cor- 
relation based on the Lockhart-Martinelli parameter 
(refer to equation (2)) for two-phase forced-convection 
heat transfer, 


= = 2 2 1/2 
Ain = (4sHear + “Gravity) 
where (57) 
_ r\b 
AsHEAR—~— %& a (1 X ) 


a and b are empirical constants and % is the mean 
heat-transfer coefficient for the liquid phase flowing 
alone in the bundle. In equation (57) a&praviry 8 calcu- 
lated using equation (45). McNaught*’ compared equa- 
tions (56) and (57) with a iimited dataset for conden- 
Sation of steam on staggered and in-line bundles” in 
Figure 23. Equation (57) showed better agreement with 
the limited data” than equation (56), with equation (56) 
being conservative with respect to most of the data. 

When applying the above methods to the design of 
process shellside condensers, account must be taken of 
bypass, leakage and window effects as already discussed 
in relation to shellside pressure drop. Hence using the 
method proposed by Bell*® 


OxcTuaL = pear phi Fw (58) 
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where Fy, F, and Fy are bypass, leakage and window 
correction factors respectively. They are evaluated in a 
similar manner to the correction factors for pressure 
drop. 

The more recent flowstream methods**’ solve simul- 
taneously for the flowrates the crossflow, windowflow 
leakage and bypass streams. The crossflow flowrate thus 
computed may be used directly in the evaluation of the 
shellside condensing coefficient. 


HEAT AND MASS TRANSFER WITH 
MIXTURES 
Three types of method are available for the analysis 
of heat and mass transfer during the condensation of 
mixtures. In order of increasing rigour and complexity, 
these methods are; 


(i) Simplified, approximate methods in which the con- 
densation process is assumed to pass through a 
series of equilibrium states. These equilibrium 
states comprise a condensation curve which is 
usually expressed in the form of a plot of condens- 
ing temperature 7 versus the cumulative heat 
release rate Q. 

‘Film theory’ methods in which primary consid- 
eration is given to heat and mass transfer in the gas 
phase. Concentration and temperature differences 
between the bulk vapour and the vapour-liquid 
interface are assumed to occur across a thin lami- 
nar film adjacent to the interface. This assumption 
may sound remote from the conditions prevailing 
in industrial equipment which are usually designed 
to ensure turbulent flow of the condensing fluid. 
But in a highly turbulent flow there is little re- 
sistance to mass transfer in the main body of the 
fluid and the principal resistance is confined to a 
thin film of fluid adjacent to the condensing sur- 
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face. The situation is idealised by assuming a thin 
film in which the movement is wholly laminar and, 
outside this film, a highly turbulent region in which 
the concentration and temperature gradients are 
negligible. A one-dimensional analysis is per- 
formed for the flow normal to the condensing 
surface and the thickness of the thin laminar film 
is usually obtained from correlations of experi- 
mental data. 

(iii) Boundary layer methods in which analytical or 
numerical methods are used to solve the boundary- 
layer equations which describe the heat and mass 
transfer processes in the gas phase. These methods 
start at the most upstream point and march down- 
stream. At the present time, these methods are only 
available for simple geometrical configurations and 
for simple mixtures (e.g. one vapour condensing in 
the presence of a non-condensing gas). Extension 
of boundary-layer methods to more complex ge- 
ometries, such as condensation in tube banks, is 
not straightforward. Moreover, the amount of 
computation increases markedly with the number 
of condensing components. 


The simplified approximate methods are already widely 
used by industry. They give satisfactory predictions for 
many condensing processes but are obviously inade- 
quate for non-equilibrium situations such as wet-wall 
desuperheating and fog formation. There is evidence 
that the simplified, approximate methods will predict the 
total condensation heat load more accurately than the 
exit compositions of the vapour and the condensate’. 
The ‘film theory’ methods are used by industry for some 
applications such as condensation of a vapour from a 
non-condensing gas. However, ‘film theory’ methods are 
not yet used widely for complex mixtures. Boundary- 
layer methods, although giving the promise of greatest 
accuracy, are still primarily research tools. 


Simplified Approximate Methods 


The methods of Silver* and Bell and Ghaly® for the 
condensation of vapour mixtures may be written as 


(59) 
ert 

The parameter Z was introduced by Bell and Ghaly and 
is the ratio of heat removal for sensible cooling of the gas 
phase to the total heat removal: 


Z =d0,,/dO0 (60) 


Equations (59) and (60) may be regarded as rigorous as 
written since the only approximation introduced is the 
comparatively minor one that all the heat released in 
cooling the condensate layer has to cross the whole of 
that layer. Loss of rigour occurs in practice when the 
equations are used because the following three further 
assumptions are then made: 


(1) Equation (60) is evaluated on the basis of an 
equilibrium condensation curve. 

(2) a, is not corrected for mass transfer effects. 

(3) a, is not corrected for two-phase flow effects (e.g. 
waves on the condensate layer). 
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Assumption (3) is usually conservative while (2) is 
non-conservative. Assumption (1) can be either safe or 
unsafe dependent on the circumstances. While assump- 
tions (2) and (3) can be removed without difficulty””', 
assumption (1) cannot without going to the much more 
complicated methods described in the next section. 


‘Film Theory’ Methods 


Condenser design using the ‘film theory’ methods 
involve calculating the local heat and mass transfer rates 
and integrating these local rates over the condenser 
length using differential mass and energy balances”. The 
energy flux at any local point is given by 


Gg =Got ¥ nAh, (61) 
j=l 


where 


9c = 


J 


py - y MG; XG 
and = 
Ah, = Ah, + E46(Ts — T;) (63) 


qc is the sensible heat flux calculated using Ackermann” 
analysis. gd is responsible for the cooling of the bulk gas 
core. Sardesai” observed that Ackermann analysis pre- 
dicts the experimental vapour temperature profile within 
an accuracy of +10°%%. 

The condensation flux n, of any component is given by 

hy = Jn, + Fyn, (64) 

The mass transfer models used to calculate J, can be 
classified into 2 categories; interactive models and non- 
interactive models. 

There are two interactive models: Toor’s” linearised 
theory and the Krishna-Standart model”. The inter- 
active models give the diffusion fluxes, J,,, as 


(J,) = [B] [¢] {exp [6] — “7 ,}-' i — SD (65) 


The elements of matrix [B] can be obtained from the 
binary mass-transfer coefficients £, for all the com- 
ponent pairs and the bulk vapour composition. The 
elements of the high flux correction matrix are a function 
of the condensation fluxes and are calculated iteratively. 
Sardesai” and Panchal®” found that the predictions of 
the Krishna-Standart method and Toor’s linearised the- 
ory were within +1% for a range of experimental 
conditions. 

The non-interactive methods are also known as 
effective diffusivity methods. The diffusion flux of any 
component is assumed to be a function of driving force 
of that component only and is given by 


(S,) =" Bere sD» — Jr) (66) 


where ‘fq, is a diagonal matrix of effective mass 
transfer coefficients and is a function of ‘2, ,. The 
effective diffusivity may be defined in several ways. Two 
commonly used definitions are 


(i) Y,. «= ad,» k = 1, 2 . (67) 
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The effective diffusivity is equal to binary diffusivity with 
respect to a fixed component n 


(ii) Fee = (1 — yn) || YS Feld (68) 


] 
j#k 


This is the Wilke equation”. 

Of the two ‘film theory’ multicomponent conden- 
sation methods, the interactive (Krishna-Standart) 
method is more complex than the non-interactive 
(effective diffusivity) method. The computational time 
decreases with decreasing complexity of the method and 
it may be useful to employ a less complex method if the 
difference between their predictions is within acceptable 
limits. The Krishna-Standart method and the effective 
diffusivity method (equation (67)) become identical at 
high concentration of non-condensing gases. Also, the 
effective diffusivity method (equation (68)) is identical to 
the Krishna-Standart method when a single component 
is condensing in the present of (n — 1) non-condensing 
gases. 

Sardesai”* and Deo” have carried out experimental 
validation of the Krishna-Standart and _ effective 
diffusivity methods in vertical condensers for ternary 
systems using a range of components of widely different 
molecular weights. It was found that the Krishna- 
Standart method predicted the experimental conden- 
sation rates within an accuracy of +10°,. The difference 
between the Krishna-Standard method and the effective 


diffusivity method was less than 20°,. Comparisons of 


both the simplified, approximate methods and the film 
theory with experimental data are also available from 
McNaught’. 

Recent research has also been directed at providing 
robust and efficient algorithms for the solution of the 
govening equations for film theory models’ '"'. 


Boundary Layer Methods 

The boundary layer methods currently available deal 
primarily with the simplest case of condensation of 
vapour from a non-condensing gas. The boundary layer 
equations are solved by similarity, numerical or integral 
methods. For example, Sparrow et al.', Schroppel'”’, 
Koh’, Fujii et al.'°° and Rose'”® have obtained solutions 
for condensation of a flowing vapour from a non- 
condensing gas on a flat plate. Rose'’’ and Lee and 
Rose’ have considered the case of condensation from 
a flowing vapour-gas mixture on an isolated tube. Much 
work is required to extend these methods for application 
to complex geometries (such as condensation in tube 
banks) and for treating mixtures with many condensing 
and non-condensing components. 


DIRECT CONTACT CONDENSATION 


When condensation occurs directly on a subcooled 
liquid and the heat of condensation is primarily ab- 
sorbed in raising the temperature of the subcooled 
liquid, the process is termed direct contact condensation. 
If the liquid is exposed to the vapour for a sufficiently 
long time, it will asymptotically attain the saturation 
temperature of the vapour whence condensation will 
cease. Figure 24 shows typical temperature profiles for 
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Figure 24. Temperature profiles during direct-contact condensation. 


direct contact condensation of (a) a pure miscible va- 
pour, (5) a pure immisible vapour, and (c) a multi- 
component mixture (which may include a_non- 
condensing gas). In (a) and (b) the major thermal 
resistance 1s the liquid phase while in (c) there may be 
significant resistances in both the liquid and vapour 
phases. 

Use of direct contact condensers in sea-water de- 
salination, in conventional and geothermal power plants 
and, more recently, in emergency core cooling and 
pressure suppression systems for nuclear reactors, have 
stimulated a considerable amount of research which has 
mainly focussed on the following: 


(1) condensation on droplets and sprays, 
(2) condensation on falling films or sheets of liquid, 
(3) condensation in subcooled liquid pools. 


Condensation on Droplets and Sprays 


Theoretical models have been developed for the con- 
densation of pure vapours (both miscible and immiscible 
with the drop)'”'' and vapour—gas mixtures!'*''®, In 
the theoretical modelling'’” ''*, it is generally assumed 
that (a) the drops are spherical, (b) convection within 
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Figure 25. Time of heating for spheres of water with thermal diffusivity of 1.68 x 10~’m*s~'. The numbers on the curves give the drop diameters 


in mm (after Brown'’”). 


the drop is negligible (except in''* ''®), and (c) the surface 


temperature of the drops as they emerge from the nozzle 
is the saturation temperature. Brown'” obtained a sim- 
ple analytical result for the mean drop temperature as a 
function of time and drop diameter, 


Ti2— Ty eT 4 ( 4n?r?Kt 
a = |—— — — ——_, 69 
Tg - Ty & p> E Sia D° ) ou 


This equation is shown graphically in Figure 25. For 
other fluids, the time required to achieve a desired duty 
1S, 


t = ty Ky/K (70) 


It is evident from Figure 25 that the drops which are 
smaller than | mm attain the saturation temperature of 
the condensing vapour in no more than a few tenths of 
a second. In such a short time, the drops would only 
have travelled a distance of a few nozzle diameters. Thus 
most of the condensation occurs in the near nozzle 
region where jet break-up and droplet formation are 
taking place. Beyond this region, the drops interact with 
the vapour and _ with each other only 
hydrodynamically''’ ''’. 

More recent numerical studies have considered the 
effect on heat transfer rate of the drop growth rate''’, 
drop size distribution''', the thermal resistance of the 
condensate film''’, the drop and vapour velocities'"’, 
convection within the drop''*''® and the gas-phase 
resistance''* ''®. The importance of these effects will 
depend on the drop size, the presence of non-condens- 
ing gases, and the physical properties of the coolant 
used. 


Condensation on Falling Films or Sheets of Liquid 


Theoretical solutions have been developed for the 
condensation of pure vapours (both miscible'*”’'*' and 
immiscible'” with the coolant) and binary miscible 
vapour mixtures'*’. In the theoretical formulations, it is 
generaliy assumed that the condensate film completely 
wets the sheet of subcooled liquid. The sheet is divided 
into two regions as shown in Figure 26. In the Figure, 
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the line y = 0 may either be considered as the centre line 
of the falling sheet of liquid or as a solid wall, in the case 
of the falling film. In some papers'”*'''”, the line y = 0 
was assumed to be isothermal, whereas in another'” it 
was assumed to be adiabatic. For the condensation of a 
pure vapour on a falling film, the total length of the 
plate, Zs,.,, required for the complete use of the heat 
capacity of the coolant is given by'™*: 


Zea = 55.9 Ja®* Pr" Pr} Ref?(v,/v,)!" = (71) 
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Figure 26. Physical model for condensation on falling films of liquid, 
after Jacobs'”*. 
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This empirical expression fits numerical solutions to 
within +10°% and is applicable to situations in which 
(v,/v¥p) < 0.2 and (A, /A,) > 0.3. 

In Tamir et al.'* considered the condensation of a 
binary vapour mixture on falling sheets on liquid. The 
general trends observed were similar to those found in 
film condensation of binary mixtures on a cooled 
wall!24 1260 


Condensation in Subcooled Liquid Pools 

Condensation of vapour by sparging into a pool of 
subcooled liquid is used for suppressing large amounts 
of vapour in the event of plant malfunction. It is aiso 
used for the direct steam heating of a process fluid. 
Variations in the injection configuration, flowrate, pool 
subcooling and other properties, result in distinct behav- 
iour patterns'’”'** which can broadly be classified as: 


(a) Bubbling—the vapour bubbles through the pool 
with little or no condensation. 

(6) Chugging—this is an irregular process which has 
four consecutive stages; 


(i) vapour flow forces liquid out of the injeciion 
pipe, 
(ii) a bubble grows at the end of the pipe, 
(iii) the bubble collapses, 
(iv) the liquid surges into the pipe. 


Large pressure pulses occur during chugging. 
Oscillatory—a regular oscillatory process with pres- 
sure variations approaching the level attained in 
chugging. 
Figure 27 shows a flow pattern map obtained for 
steam'** at about 100 kPa. 
Early theoretical investigations!’ '*° assumed the bub- 
bling flow pattern and were motivated by applications to 
sea-water desalination and geothermal power plants. 


The systems studied included one and two (immiscible) 
components with or without non-condensing gas. In 
these studies, the main assumptions made were: (a) the 
flow fiéid around the spherical vapour bubble is given by 
the potential flow theory; (b) the bubble rises at a 
constant velocity; and (c) a thin condensate film on the 
inner surface of the bubble continuously drains into a 
pool at the bottom of the bubble. The bubble collapse 


rate is given by Jacobs et al.'* as: 


5-1 -( px Pec.) D}? ‘| 
Do 4n Ah, pipPg // 

where C, is a complex function of fluid properties and 
the difference between the saturation and liquid tem- 
peratures and D, is the initia! diameter. 

With the exception of two papers'**'*, the work cited 
above'”’ '* is for the case of a single bubble. In those two 
papers'**'** Sideman considered the case of a bubble 
train. In this case, the bubble frequency is an important 
parameter affecting both the temperature field and the 
bubble rise velocity. Future work to improve the hydro- 
dynamic modelling, particularly for multiple bubble 
trains, and the modelling of the effect of non-condensing 
gas are needed. 

More recent work has been directed at understanding 
the chugging phenomenon. Sargis and co-workers!” '” 
have developed analytical models to investigate steam 
chugging phenomena in light water reactor pressure 
suppression pools. The models are based on funda- 
mentai mass, momentum and energy conservation equa- 
tions in both phases and include empirical descriptions 
of the motion and behaviour of the interface between 
phases. These investigations have resulted in several 
computer codes, e.g. CHUG and SAMPAC, which are 
able to reproduce both qualitatively and quantitatively 
the measurements of laboratory-scale experiments in 

small tanks. 
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CONCLUSIONS 


This review has revealed significant recent progress in 
many aspects of condensation theory. However, it is 
surprising that a number of fundamental issues are still 
unresolved and that there is a continuing lack of infor- 
mation on some important aspects of design. 

Many important processes relevant to condenser de- 
sign have not been discussed in this review. For example, 
the topics of condensation on enhanced heat-transfer 
surfaces, condensation of immiscible liquids, wet wall 
desuperheating, fogging and the calculation of mean 
temperature differences in condensers have been omitted 
entirely. For further information on these topics, the 
reader is referred to the papers by Butterworth’, Bell and 
Panchal'’*, Collier'*', Marto and Nunn’? and 
Nakayama”. 


SYMBOLS USED 


matrix of multicomponent 
(kmol m~?s~') 

specific heat capacity (J kg~' K~') 

specific molar heat capacity (J kmol~' K~') 
diameter (m) 

multicomponent diffusion coefficient (m*s~') 
binary diffusion coefficient (m*s~') 

local frictional pressure gradient (N m~°) 
dimensionless parameter defined in equation (47) (—) 
dimensionless parameter defined in equation (48) (—) 
bypass correction factor (—) 

leakage correction factor (—) 

window correction factor (—) 

Froude number defined in equation (21) (—) 
dimensionless parameter defined in equation (3) (—) 
dimensionless parameter defined in equation (4) (—) 
friction factor (—) 

dimensionless parameter defined in equation (54) (—) 
Galileo number defined in equation (20) (—) 
gravitational acceleration (m s~*) 
diagonal unit matrix (—) 

molar diffusive flux of component j (kmol m~*s~') 

Jakob number (—) 

mass flux (kgm~*s~') 

condensing mass flux (kgm~’s~') 

Number of tubes in a vertical row (—) 

molar flux (kmol m~’ s~') 

Prandtl number (—) 

pressure (Pa) 

cumulative heat release rate from condensing stream (W) 
heat flux (W m~’) 

Reynolds number (—) 

temperature (K) 

dimensionless film temperature drop (—) 

time (Ss) 

axial velocity (ms~') 
mean velocity (ms~') 
friction velocity (ms~') 
superficial velocity (ms~‘) 
dimensionless superficial velocity (—) 

Martinelli parameter defined in equation (2) (—) 
quality (—) 

vapour mole fraction of component / (—) 

factor defined in equation (60) (—) 

axial co-ordinate (m) 


mass-transfer coefficients 


} 


! 


Greek Letters 

ou heat-transfer coefficient (W m~? K~') 
binary mass-transfer coefficient for components j and k 
(kgm~?s~') 
condensate drainage from the Nth tube in a bundle (kg) 
dimensionless parameter defined in equation (28) (—) 
condensate generated or the Nth tube in a bundle (kg) 
specific enthalpy of evaporation (J kg~') 
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specific molar enthalpy of evaporation (J kmol~') 
pressure drop (Pa) 
temperature difference (K) 
film thickness (m) 
dimensionless film thickness defined in equation (34) (—) 
void fraction (—) 
angle of direction of flow, equation (23) 
viscosity (Ns m~’) 
mass-transfer correction factor defined in equation (25) (—) 
thermal diffusivity (m’s~') 
thermal conductivity (W m~' K~') 
kinematic viscosity (m*s~') 
density (kg m~°) 
surface tension (N m~') 
shear stress (N m~?) 
parameter defined by equation (22) (—) 
two-phase frictional multiplier (—) 
[?] elements of high flux correction matrix (—) 
oy heat-transfer rate factor defined in eqn (62) (—) 
x dimensionless parameter defined in equation (53) (—) 
W dimensionless parameter defined in equation (29) (—) 
Q factor in equation (31) (—) 
Subscripts 
b bulk 
eff effective 
f falling film 
G gas 
G0 when total flow has gas properties 
I vapour-liquid interface 
liquid (i.e. condensate) 
value for the Nth tube in a vertical row 
when tota! flow has liquid properties 
top tube of bundle; also inlet conditions (see equation (69)) 
exit conditions (see equation (69)) 
total 
water 
Ww wall 
Superscripts 
mean 
molar 
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Countries with hot, dry climates are often seriously short of water. An absorption cooler was constructed from glass parts 
to examine the feasibility of air-cooled absorption systems based on aqueous solutions of lithium bromide. These experimental 
studies have shown that coolant temperatures in excess of 50 °C can produce temperatures as low as 10 °C without incurring 
problems of crystallisation. Therefore, it is feasible to operate absorption coolers with air at temperatures in the region of 
35 °C. The studies also validate a computer simulation which may be used for the design of absorption coolers. 


INTRODUCTION 
A general overview of single stage machines was made 
by Loewer' and by Gazinski*. These references describe 
the various water absorption refrigeration machines 
available with brief accounts of their construction and 
function. 

A general historical review of the origin and devel- 
opment of absorption refrigeration machines was re- 
cently presented by Thevenot’. In 1859, Frederick Carré 
took out a patent for an absorption refrigeration ma- 
chine using ammonia as the working fluid and water as 
the solvent. The machines were manufactured commer- 
cially in Britain by Reece and Stanley from 1867. An 
improved version, pressurised with hydrogen gas, was 
manufactured by Electrolux in Sweden and by Servel 
Inc. in the USA in 1931. This enabled the circulating 
pump to be dispensed with to provide a truly heat-driven 
machine. 

A recent book by von Cube and Steimle* has given a 
clear exposition of the thermodynamic principles of 
absorption heat pumps and the desirable characteristics 
of working fluids. This may be used as the basis for a 
firm theoretical analysis of the absorption cooling pro- 
cess based on thermodynamic principles. The Carrier 
Corporation and Servel Inc. initiated studies on the use 
of lithium bromide solutions in 1938 and produced the 
first commercial machines in 1945. By 1960 the Carrier 
Corporation had supplied more than 1500 such ma- 
chines with refrigeration capacities up to 3.5 MW per 
unit. Much of the published information is based on 
such machines using solution strengths provided by the 
manufacturers for specified temperatures of refrigeration 
and of available cooling water. 

Studies were initiated in West Germany, Russia and 
Japan by the mid-1950s* ’ which showed that in practice, 
as well as in theory, the system water-lithium bromide 
was superior to other combinations for the production 
of chilled water. This is because water, apart from its 
availability, cheapness and lack of toxicity, has a higher 


latent heat of vaporisation than alternative working 
fluids such as ammonia or methanol. Such systems can 
operate at pressures below atmospheric as compared to 
the 2000 kPa needed to operate an ammonia—water 
system. Also, lithium bromide solutions have marked 
negative deviations for Raoult’s Law. Recent studies 
have mainly been directed to air-conditioning applica- 
tions, particularly when used in conjunction with solar 
energy sources. Russian investigators erected the first of 
a series of open-cycle air-conditioning units, using aque- 
ous lithium chloride solutions concentrated by solar 
evaporation, in Turkmenistan in 1976°. 

In open-cycle working water is necessarily lost from 
the system by evaporation. In closed-cycle working with 
available commercial designs, typified by Figure 1, water 
is used to cool the absorber and the condenser. The 
inclusion of a properly sized cooling tower is essential in 
such designs and water is necessarily lost from the 
system, particulary in hot, dry climates. Countries with 
such climates are often seriously short of water to make 
up for this evaporation loss. Maximum air temperatures 
in such countries can exceed 35 “C. To date, no studies 
have been published on the cold temperatures which can 
be reached when using coolants at such high tem- 
peratures. This requires very concentrated solutions with 
increased danger of crystallisation. Theoretically, with 
aqueous solutions of lithium bromide it is possible to 
produce a temperature of 10 °C in the evaporator with 
the absorber and condenser operating at 47 “C. The 
present study was undertaken to examine the theoretical 
and practical possibility of using air-cooled absorption 
systems based on aqueous lithium bromide solutions 


DESIGN CONSIDERATIONS 


To produce temperatures in the region of 10 °C it is 
necessary to operate at very small absolute pressures. 
Consequently, pressure drops in the vapour lines con- 
necting the various components of the system should be 
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Figure 1. Schematic of a Carrier absorption liquid chilier. 


as small as possible. In commercial machines this is 
achieved by locating the heat exchange surfaces within 
the bodies of absorber and generator as shown in Figure 
1. Although this is possible when a liquid coolant stream 
is used, the much greater size of heat exchanger and 
volume of coolant required for air cooling requires an 
external cooling unit. Also, although any heat source 
could be used, it was decided to use available electrical 
heating elements in the experimental equipment for ease 
of control and of measurement. Further, restrictions on 
finance and the availability of technical assistance dic- 
tated that the experimental unit be constructed as far as 
possible from available and interchangeable parts. 
Designs were produced in both metal and glass as the 
main material of construction. The present work de- 
scribes the glass unit. 

The choice of glass has immediate consequences, not 
the least of which is the fragility of the material and the 
tendency of glass cone and socket joints to work loose. 
In early designs of the generator and evaporator the 
sheathed electrical elements were submerged in the re- 
spective solutions. At the low pressures involved this led 
to excessive bumping with consequent entrainment of 
salt solutions, instability in temperature measurement 
and the impossibility of maintaining tight joints. As a 
pressure drop of only 0.3 kPa between the evaporator 
and absorber increases the temperature in the evapo- 
rator from 5°C to 10°C the importance of steady 
boiling can be appreciated. Several designs were tried. 
That shown diagramatically in Figure 2 proved success- 
ful. The circulating solutions were sprayed over the 
sheathed heating elements by means of a sparge pipe 
which smoothed the heat transfer so that temperature 
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fluctuations of less than +0.5 °C were observed over the 
whole range of working conditions. 

Since standard glass parts are available only in limited 
sizes the unit was constructed in as compact a manner 
as possible in order to minimise pressure drops. The 
photograph of the final equipment shows the unit, most 
of which is contained within the frame which measures 
2;m x 1;mx 1m. The vacuum pump at the bottom 
right was needed to pump air from the equipment at 
start-up and also to purge any air which leaked into the 
system at the absorber—evaporator section. It was neces- 
sary to supply a cold trap in this line to prevent water 
reaching the oil in the vacuum pump. 

The experimental programme was intended to extend 
the operating temperature in the condenser and the 
absorber beyond that previously reported in the litera- 
ture and, if possible, to establish an adequate design 
basis for commercial machines which could be cooled by 
relatively hot atmospheric air. This required a satis- 
factory computer simulation of the cooling process. The 
main aim of the experimental work was to validate that 
simulation. The theoretical and practical bases of the 
simulation and the resulting computer programme are 
fully described elsewhere’. The simulation was based on 
algebraic equations for the thermodynamic properties of 
water and of aqueous lithium bromide solutions pub- 
lished by Gazinski'® or Keenan et al.'' and by Dembecki 
and Gazinski'’ respectively. The computer model is 
novel in that it also takes account of the practical 
limitations imposed by the crystallisation curve of lith- 
ium bromide solutions. Experimental data of Kessis'’ 
and of Boryta'* were fitted to a third order polynomial 
as 


T, = —24482.825 + 119660.035 X 
— 193206.970 X* + 104338.263 X° (1) 


Equation (1) represents the data in the range of concen- 
tration 0.55 < ¥ < 0.68 with a standard deviation of 
+2.5K in the difference between observed and calcu- 
lated crystallisation temperature 7,K. The thermo- 
dynamic cycle is sketched in Figure 3. It is bounded by 
two constant concentration lines X,, and Xg,, for the 
absorber and generator concentrations respectively, and 
by two constant pressure lines Ppy and Peo for the 
evaporator and condenser respectively. Other points 
correspond to the numbered positions in Figure 4. 

The computer programme which contains 10 func- 
tional variables was validated by the results of the 
present work and by other published results. The pro- 
gramme has been used to establish optimum conditions 
for aqueous lithium bromide systems. However, the need 
to confirm the model meant that certain additives com- 
monly used in commercial units were not present. In a 
glass unit those used to protect against corrosion were 
not needed and the absence of additives to improve heat 
transfer coefficients probably means that the present 
results are conservative in design terms. 


EQUIPMENT 
It was decided to use readily available electrical heat- 
ers as the heat source and this choice determined the size 
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Figure 2. The experimental absorption cooler, (a) schematic, (b) photograph. 


and shape of much of the equipment which was to be 
made, as far as possible from available standard, inter- 
changeable glass units to allow for rapid modification. 
Preliminary studies indicated that 1 kW bayonet type 


heaters in a horizontal alignment would be most suitable 
and such a heat source was used in the generator and in 
the evaporator. These are not shown in Figure 2 but 
were enclosed in quartz tubes over which the circulating 
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Figure 3. Typical absorption cycle using aqueous lithium bromide solutions. 
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Figure 4. Block flow diagram of a water absorption refrigerating 
system. 


liquids were sprayed from sparge pipes. As previously 
mentioned, this final arrangement led to very smooth 
operation of the equipment. This arrangement deter- 
mined the dimensions of the generator and the evapo- 
rator which were specially made to the dimensions given 
in Figures 5 and 6. 

With reference to the numbering of Figure 2, the 
generator 1 contained a sparge pipe 11 extending longi- 
tudinally over the heater (not shown) and a sump 32 
which provides a constant level of solution in the 
gencrator. The overflow from the sump passed to the 
economizer 6 on its way to the absorber 5. The latter was 
designed semi-empirically to provide sufficient column 
height for the absorption process and sufficient hold up 
to ensure reasonably constant concentration and tem- 
perature of the solution leaving the absorber. The spray 
unit 25 was in the form of a standard shower head, made 
from 0.1 m diameter 316 stainless steel drilled with 2 mm 
holes, which condensed the water vapour leaving the 
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Figure 6. Detail of evaporator 
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evaporator 4 by direct contact with the solution re- 
circulated by pump 28 through the external cooler 7. A 
separate stream was transferred by the pump 38 through 
the economiser to the generator. Solution from the 
generator returned through the economiser by the trans- 
fer line 34 and stopcock 49 to the liquid held up in the 
absorber. The system was charged through stopcock 46 
and air could be removed through stopcock 47 by the 
vacuum pump. 

The solution returned to the generator by pump 38 
through the economiser was only about one fifteenth of 
the volume circulated by pump 39. The mixture was 
circulated through sparge pipe 11. Water vapour evapo- 
rated in the generator passed through a nylon sparge 
spray eliminator 9 located in a large dome 8. This vapour 
passed through the condenser 2 which was constructed 
from two standard glass units to form the shape indi- 
cated. The top of the condenser was connected to the 
vacuum pump by stopcock 10 to allow air to be removed 
from the condenser and generator during the start-up. 
The condensate passed to an accumulator 3 which acted 
as a surge vessel and then through the adjustable expan- 
sion valve 16 to the evaporator 4. The evaporator 
contained a sparge pipe 18 extending over the heater (not 
shown) and a level indicator. In operation the energy 
inputs were adjusted so as to maintain this level con- 
stant, as this implied constant concentration of other 
solutions in the system and steady state operation. 
Liquid water was recirculated to the sparge pipe by 
pump 20 and vapour left through the large dome 19. To 
prevent crystallisation, the water can be diverted directly 
to the absorber through transfer line 24 prior to shut- 
down. 

Solution samples could be obtained from the gener- 
ator and absorber through stopcocks 43 and 44 re- 
spectively. Stopcock 44 also enabled the apparatus to be 
completely discharged. Stopcock 45 had a variety of 
uses. It enabled the evaporator to be charged or dis- 
charged independently of the rest of the system. This 
allowed the evaporator to be washed out to remove any 
build up of solids which may have passed the spray 
eliminator 9. It also allowed excess water to be removed 
from the system or from extra water to be added so that 
the concentration of solution in the system could be 
varied. 

Condenser 2 was made from two multicoil condensers 
type C23/77/3 supplied, as was all glassware used, by 
Fisons, UK and had a total heat transfer area of 0.6 m’. 
This was considerably in excess of requirement but the 
choice was made because the wider cone size reduced the 
pressure drop through the condenser to an acceptable 
level. The consenser had thermocouple pockets added 
which were filled with silicone oil to measure the tem- 
peratures of the cooling water stream and of the con- 
densate. The surge vessel 3 was a modified 500 mL 
separating funnel type D32/2/500. The economiser 6 was 
a standard multicoil condenser type C4/12 with a heat 
transfer area of 0.06m?’, modified by adding thermo- 
couple pockets, selected to minimise hold up of the 
concentrated salt solution. The latter was outside the coil 
to facilitate cleaning in the event of accidental crys- 
tallisation. Thermocouples measured the inlet and outlet 
temperatures cf the strong and weak solutions. The 


economiser reduces both the heat supplied at the gener- 
ator and the cooling water required at the absorber. 
Connection was by 8 mm bore neoprene hoses 33 and 36 
to the generator and 34 and 37 to the absorber. 

The external cooler of the absorber was a multicoil 
condenser type C/23/77/3 with a heat transfer area of 
0.3m, modified by adding thermocouple pockets. 
Strong solution passed outside the coils in parallel with 
cooling water inside the coils to provide the best possible 
control of absorber temperatures. Thermocouples 
measured the inlet and outlet temperatures of the 
liquid streams. Connection to the absorber was by 
8mm neoprene hoses 27, 29 and 31. The absorber was 
constructed from a 2 L spherical flask with a wide neck 
type FR2LF, connected by flanges to a 0.8m x 0.1m 
glass tube, with 9 thermocouple pockets spaced at 0.07 m 
intervals from the bottom, as shown in Figure 7. The 
temperature profile indicated the position at which mass 
transfer equilibrium was reached. The three lowest ther- 
mocouples were submerged in the liquid hold-up which 
was maintained at a level between 0.20 to 0.25m from 
the bottom. All thermocouples conformed to BS4937 
type K and were connected to a 30-point digital indi- 
cator type 206CRL to give an overall accuracy of 
+0.5K. The temperature of the liquid phases in the 
generator, evaporator and absorber were monitored by 
a three-point recorder, Chessell Ltd (UK) model 393, 
with the reference junction in an ice bath. Steadiness of 
the temperature traces for more than 30 min was used as 
the criterion that steady state had been reached. 

The electrical heater in the generator simulated the 
waste heat source used to energise a commercial machine 
while the heater in the evaporator simulated the energy 
removed from the stream to be chilled or refrigerated. 
Thesel kW bayonet type heaters were encased in quartz 
tubes 0.38m long by 18mm diameter. To promote 
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Figure 7. Detail of absorber. 
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smooth boiling, the outer surface was roughened by 
grinding with carborundum paper and wrapped with 
nickel wire onto which liquid was sprayed from a 316 
stainless steel sparge pipe, 0.38 m by 18 mm, drilled with 
a line of 1.5 mm holes. This arrangement was successful 
and ensured very smooth boiling in both units. Electrical 
power was controlled by a Variac whose output power 
was measured by ammeter and voltmeter readings pre- 
calibrated against a standardising wattmeter. The liquid 
was circulated to the sparge pipe and to the absorber 
shower by 0.3 kW centrifugal pumps 20, 28 and 39 and 
weak solution was pumped through the economiser by 
a 0.i5kW gear pump 38. All were constructed with 
Stainless steel in contact with the liquid, were mag- 
netically coupled and were supplied by Micro Pumps 
Inc, Concord, California, USA. The circulation rates 
were adjusted by speed controllers on the pump drives. 
The transfer rate from the absorber to the external 
absorber cooler was indicated by a 5 L min™' rotameter. 
The cooling water flow rates to the condenser and to the 
absorber cooler were controlled by needle valves and 
monitored by rotameters having maximum rates of | 
and 2 Lmin™'. The cooling water supply was circulated 
to a constant temperature bath which had to be accurate 
since small variations in temperature or fiow rate had a 
marked effect on the performance of the generator and 
a smaller effect on the performance of the absorber. 
The equipment worked under reduced pressure ob- 
tained by pumping down with a vacuum pump. Edwards 
model CG3 dial vacuum manometers were used to 
measure the absolute pressure inside the generator and 
absorber with ranges of 0 to 12.50 kPa and 0 to 2.50 kPa 


respectively. These manometers were independent of 
changes in atmospheric pressure and had an accuracy of 


+ 5%, of full scale deflection. 


EXPERIMENTAL 


The variables measured and controlled in the experi- 


mental work were temperature, pressure, electrical 
power input and salt concentration; 27 temperatures, 2 


pressures and 2 power inputs were measured. The salt 


solutions were made from anhydrous lithium bromide of 


99.7°%, purity, as supplied by Foote Mineral Co, Frazer, 
Pa, USA, diluted with distilled and demineralised water 

A sample of the salt was subjected to repeated melting 
and recrystallisation to produce an almost chemically 
pure product. This was tested in the equipment but was 
found to be pale yellow after a short time, possibly from 
the Apiezo vacuum grease used to seal the many glass 
joints. There was also a light brown suspension of 
material present, possibly due to attack of the solution 
on the stainless steel parts of the pumps and sparge 
pipes. Consequently, it was considered that extra 
purification of the LiBr was not worthwhile beyond a 
double filtration of the solution to remove any insoluble 
matter. 

Analysis of such solutions based on refractive index 
and on density measurements showed excellent con- 
formity with published data. The latter two methods 
were selected for use since titrations were too time 
consuming and electrical conductivity might be affected 
by traces of corrosion or other contaminants. For this 
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reason, refractive index measurements, made with an 
Abbe 60/ED refractometer supplied by Bellingham Stan- 
ley Ltd, UK, were only used for a quick assessment of 
conditions when setting up an experiment. The data 
reported were obtained by density measurements taken 
with an Ostwald modification of the Sprengel pyk- 
nometer. The calibration data were in close agreement 
with published refractive index data’? and published 
density data for lithium bromide solutions’'®'’. The 
density data were fitted in the range 0.55 < Y < 0.65 by 
polynomial expressions at 30 ‘C and 50°C with devi- 
ations from the published data of less than 0.04°,. 


Py = 993.4336 + 735.2706X + 402.045LX 
+ 1028.731X* (2) 
= 985.7007 + 731.1280 + 402.4513X 


+ 1002.390X%. (3) 


The average deviation of the experimental data obtained 
with the LiBr supplied by Foote Mineral Co. was less 
than 0.04°, of these values and hence is comparable with 
the data of other workers. 

The main difficulty in the experimental work with so 
many joints in the equipment was to maintain leak 
tightness. This was effectively achieved by the use of high 
vacuum grease in the cone and socket joints which were 
additionally coated with plastic sealant. Individual units 
were protected from vibration by smoothing out boiling 
and minimising pump fluctuations. The remaining dan- 
ger, exacerbated by the high salt concentrations, was 
crystallisation. A safe temperature margin for a given 
concentration was decided by reference to equation (1). 
A specially designed temperature alarm was set to give 
an audible and visual warning of different kinds if the 
temperature of the strong solution at the outlet of the 
economiser or of the weak solution at the outlet of the 
absorber cooler fell below these values. This enabled 
rapid attention to be given if sudden changes occurred. 
Changes could then be corrected, or solutions could be 
diluted in the event of a circulation failure. Such dilution 
was a standard part of the shutdown technique as 
crystallisation required the breaking of many joints to 
remove obstructions. The crystals form a compact mass 
which is difficult to redissolve in situ. 

Start-up required evaporation of excess water to pro- 
duce a solution in the range 57°, to 62°, LiBr entering 
the generator and up to 65°, leaving it. These values 
were suggested as optimal by reference to the output of 
the computer simulation’. By adding about 500 ml of 
water to the system prior to shut-down no crystallisation 
occurred in the apparatus during experimentation. This 
represents about 10° of the liquid held up in the 
apparatus. Experiments were carried out during the 
exceptionally cold winter of 1981/82 when temperatures 
in the laboratory sometimes dropped to almost 5 C. 
The amount of the added water is a function of the size 
and shape of the equipment and is introduced through 
stopcock 45. 

The concentration determined by refractive index 
differed from that determined by density measurement 
by less than 0.08°, and was faster. Initially, this was used 
to set the approximate concentrations for an experi- 
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mental run. Later it was found that the vapour 
pressure-temperature—concentration relationship pro- 
duced by the computer simulation was almost as accu- 
rate and much faster to use for setting up an experiment. 
Consequently the temperature and pressure in the gener- 
ator and absorber were later used to preset the experi- 
mental conditions for a given run. 

Initially, the maximum possible vacuum was estab- 
lished over a period of about 2h. A solution containing 
about 55°, LiBr was then charged into the absorber 
through stopcock 46 and circulated by pump 38 to the 
generator. Solution would already be present for sub- 
sequent runs. The vacuum pump was operated through- 
out an experiment to remove any air which might enter 
the system. The vacuum line in the absorber was located 
below the point at which absorption was complete as 
established by calibration experiments. Pump 39 was 
started, the generator heater was operated at about 
150 V and the condenser was supplied with cooling water 
at a temperature appropriate to the particular experi- 
mental run. The flow rate from the absorber to the 
generator was adjusted by controlling the speed of gear 
pump 38. As vapour passed to the condenser, the Variac 
controller was gradually adjusted to provide 240 V to the 
heater. In about 20min the volume of liquid in the 
accumulator 3 reached a preset mark and the concen- 
tration difference (X<¢; — X,,) approached the operating 
conditions predicted by the computer simulation. The 
receiver was then discharged into the evaporator 4 and 
the above repeated until the desired concentration was 
obtained in the generator. When the concentration in the 
absorber reached the required value for a particular 
experiment, pump 24 and the evaporator heater were 
switched on and stopcock 16 was adjusted to maintain 
the preset level in accumulator 3. Excess water could be 
removed through stopcock 45. 

The Variac controlling the evaporator heater was 
adjusted until the liquid level in the evaporator was 
constant, which was a clear indication that steady state 
conditions had been achieved. During this adjustment it 
was also necessary to adjust the flow rates of the cooling 
water to the condenser and to the absorber cooler. 
Steady state conditions were considered to have been 


established when the liquid temperatures in the gener- 
ator, evaporator and absorber, as shown by the tem- 
perature recorder, were substantially constant for at 
least 30 min. 


RESULTS AND DISCUSSION 

More than seventy tests were carried out in the 
equipment over a period of five months without crys- 
tallisation occurring during operation or after shut- 
down. The temperature of the liquid in the generator Tg, 
ranged from 85°C to 110°C, in the evaporator Tpy 
from 2 C to 12 C and in the condenser 7; and in the 
absorber 7,, from 30°C to 51 -C. Table | presents 
typical values of these and other factors as the concen- 
tration of LiBr in the absorber X,, was increased from 
57% to 62%. Hitherto, this concentration has remained 
essentially constant in a given set of published experi- 
mental results. In all experiments the minimum tem- 
perature permitted was 14K above the crystallisation 
temperature 7, as compuied from equation (1). 

The aim of the work was to establish the validity of 
the computer simulation. At the low absolute pressures 
occurring in the apparatus the precise value of the 
pressure drops between the units is significant but is 
difficult to establish a priori. The most critical pressure 
drop is that between the evaporator and the absorber 
and for the present apparatus this was considered to be 
0.3 kPa. Table 2 presents a comparison between typical 
calculated and experimental values of the more 
significant parameters. The table also presents one value 
with the pressure drop between the evaporator and 
absorber set at 0.15 kPa in the computer program. From 
a design standpoint the important variables are the low 
temperatures achievable 7;, with a given coolant tem- 
perature which sets an upper limit to T., and Tg. It is 
considered that these and the remaining test data vali- 
date the computer simulation which can then be used to 
predict the effect of changes in design variables with 
adequate accuracy. A pressure drop of 0.3 kPa is proba- 
bly typical of that found in commercial machines and 
has been used in the present work. The model can be 
used for optimisation purposes. Figure 8 presents the 


Table |. Experimental response of the equipment to changes in weight fraction 
of LiBr in the absorber solution 


(1) (II) 
Temperature (C) 
Evaporator, Ty, 3.6 
Generator, 7, 
Condenser, Teo 34.4 
Absorber, 7T,, 
Concentration 
Absorber X,, 
Generator, X,; 


Cooling water 

temperature ( C) 

Inlet, condenser 18.9 

Outlet, condenser 34.0 39.2 

Inlet, absorber 17.9 22.4 

Outlet, absorber 21.8 26.8 

Thermal coefficient 

of performance 0.31 0.30 


(IIT) (IV) (V) (VI) 


7.4 10.3 11.1 10.3 
99.6 106.1 108.0 109.0 
42.5 47.0 50.9 50.0 
42.9 47.2 50.8 51.3 


0.605 0.605 0.61 0.62 
0.65 0.65 0.65 0.65 


33:3 
50.8 
38.7 
42.6 43.1] 


0.28 0.27 0.27 
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Table 2. Comparison of experimental values and computer predictions with an assumed pressure drop of 0.3 kPa 


(I) (II) 
Exp Cal 
0.590 
0.650 
279.3 
366.5 


Cal 

0.580 

0.640 
276.2 
355.8 


Cal 

0.600 

0.650 
281.8 
373.2 


Exp 


0.580 
0.650 


0.570 
0.650 
276.6 
360.7 
302.8 307.4 310.1 315.8 
302.8 304.6 310.1 315.8 
4.2 4.8 6.3 y 8.5 
0.46 0.65 0.66 0.82 
343.7 331.7 350.1 350.1 
313.5 317.2 324.4 336.4 


(TCOP) 0.66 0.31 0.65 0.64 


+ Computer programme with a pressure drop equal to 0.15 kPa. 


effect of changes in the concentration of LiBr in the 
generator X,, and in the absorber X,, on the energy Qc, 
required to be added at the generator in order to 
vapourise | kg of water. The corresponding design pa- 
rameters at clearly defined minima in the range 
0.645 < X¥ < 0.655 can readily be obtained from tables 
produced as output by the computer simulation’. 

An obvious discrepancy occurs between the calculated 
and experimental values of the thermal coefficient of 
performance (TCOP), which is defined as the energy 
absorbed in the evaporator to produce the desired 
cooling divided by the energy necessarily supplied to the 
generator. Experimentally this was taken to be the ratio 
of the respective energy inputs to the electric heaters. As 
the evaporator temperature was always below ambient 
temperature and the generator temperature always 
above ambient the numerator was reduced by heat 
gained and the denominator was increased by heat lost 
from large and inadequately lagged surfaces. A heat gain 
of about one-third of the heat input to the evaporator 
and a heat loss of one third of the heat input to the 
generator would bring the calculated and experimental 
values of (TCOP) into close correspondence. It should 
be emphasised that the value of (TCOP) is not a serious 
factor in deciding to implement an absorption cooling 
system since the generator would normaliy be supplied 
by a cheap and available source of waste heat, solar 
energy, geothermal energy, etc. Far more critical is the 
ability to provide adequate cooling with comparatively 
low technology, such as the use of low energy circulation 
pumps instead of a compressor, and the elimination of 
expensive fluorocarbon working fluids. 


CONCLUSIONS 

It has been shown experimentally that coolant tem- 
peratures in excess of 50 ‘C can be used to reject heat 
from a water-lithium bromide absorption refrigeration 
machine producing temperatures as low as 10 °C with- 
out incurring problems of crystallisation. Therefore, it is 
feasible to operate such a system with coolant tem- 
peratures in excess of 35 “C provided the solutions are 
diluted prior to shut-down. Such shut-down procedures 
would be required only occasionally in an industrial 
unit. This means that air-cooled units could be used in 
the chemical and other industries in hot, dry countries. 
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(IIT) 


(IV) 
Exp 


(V) (VI)t 
Cal Exp 
0.620 0.620 
0.650 0.650 
283.3 283.1 
383.2 
324.4 
324.4 
13.1 
1.09 
350.1 
355.5 
0.59 


Cal 

0.610 

0.650 
283.4 
378.6 


Exp 
0.605 
0.650 
280.4 
372.6 
315.5 320.3 
315.9 320.3 
8.3 10.7 
0.81 0.96 
341.0 350.1 
326.4 346.4 
0.27 0.62 


Cal 
0.620 
0.650 
285.0 
383.5 
324.4 
324.4 
13.1 
1.09 
350.1 
355.8 
0.59 


Exp 
0.605 
0.650 

283.3 

379.1 

320.0 

320.2 

11.0 
0.99 

344.7 

331.4 
0.28 


0.615 
0.650 
284.5 
381.3 
323.9 
323.8 
12.3 
1.12 
352.3 
338.0 


0.27 


The experimental work, which also confirms the re- 
sults of previous workers using lower salt concen- 
trations, establishes the validity of a computer model 
which can provide the design data for such industrial 
units. The computer programme contains subroutines 
for ten parameters relating to thermodynamic and other 
properties, which can be changed to establish corre- 


Figure 8. Heat input to the generator per kg of water evaporated 


against weight fraction of LiBr in the generator solution 
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Table 3. Suggested design operating conditions for some possible Subscripts 

applications / absorber 
(I) qi) (Iv) (VY) peresca’ 

X apl/Xoel(%) 58/64 5 59/65 61/65 62/65 sE generator 

Tey (C)T 3.2 *. 6.3 10.4 12.0 Z at the crystallising point 

Toe CC)T 82.8 si 93.5 105.6 110.5 : at 30°C 

T, (CHT 29.8 37. 37.1 47.3 51.4 ; at 50°C 

Water cooled 
Cooling tower No e Yes No No 
River, lake, well Yes ! No No No REFERENCES 

Air cooled No N No Yes Yes . Loewer, H., 1974 Kilma v Kaelte-Ing 2 (9): 389. 

Rnersisine source Gazinski, B. and Cieslinski, P., 1980 Chlodnictwo 15 (5): 19. 
Snip Oi Yes ‘ No No 3. Thevenot, R., 1979, A Histor) of Refrigeration Throughout the 
Sinan om Won Yes uv orld (International Institute of Refrigeration, Paris). 
iulnest gnacs Yes Wes . von Cube, H. L. and Steimle, F., 1981, Heat Pump Technology, 

ms (Butterworth, London) 32. 
. Loewer, H., 1961, Kaeltetechnik 13 (5): 178. 


Solar energy No No . Rozenfeld, L. M. and Karnaukh, M. S., 1958, Sov Tech Phys 3: 
Air conditioning e - No No 614 


Process cooling e Yes Yes 


Applications 


. Uemura, T. and Hasaba, S., 1964, Technol Dept Kansai Univ. 6: 


(TCOP)* 6 0.620 0.592 3] 


+ Computer output . Kakabaev, A., Khandurdyev, A., Klyschaeva, O. and Kurbanov, 
N., 1976, Int Chem Eng 16 (1): 60. 
3. Landauro-Paredes, J. M., 1982, PhD Thesis (University of Salford). 
. Gazinski, B., 1980, Chlodnictwo 15 (8): 13. 
sponding designs using other salt solutions in the units. mgm ce fang i~ and Moore, J. G., 1969, Steam Tables 
. te ol _ : pa we ge ohn Wiley, New York). 
Some Suggestions lor the use of lithium bromide solu . Dembecki, F. and Gazinski, B., 1980, Arch Termodyn | (2): 97. 
tions are given in Table 3. 3. Kessis, J. J., 1965, Bull Soc Chem (France): 48. 
. Boryta, D. A., 1970, J Chem Eng Data 15 (1): 142. 
Maust, E. E., 1967, PhD Thesis (University of Maryland). 
_ Anon, 1928, International Critical Tables, Vol 3. (McGraw-Hill, 
New York). 
Horn, R. K., 1969, Prog Refrig Sci Technol (Proc Int Congr Refrig 
SYMBOLS USED 1967) 2: 31 


P pressure (kPa) de 
Q energy input ADDRESS 


temperature (K or C) Correspondence on this paper should be addressed to Professor F. 
(TCOP) thermal coefficient of performance A. Holland, Department of Chemical Engineering, University of 
energy absorbed in the evaporator Salford. Salford MS 4WT 
(dimensionless) 
energy supplied to the generator 
weight fraction of LiBr in aqueous solution (dimensiontess) The manuscript was received 9 November 1982 and accepted for 
density of aqueous solution (kgm *) publication 7 February 1983 
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INVESTIGATION INTO THE SUITABILITY OF A 
TRANSVERSE PITOT TUBE FOR TWO 
PHASE FLOW MEASUREMENTS 


By J. H. HILLS (MemsBer) 


Department of Chemical Engineering, University of Nottingham 


The reliability of the transverse Pitot tube (Pavlov tube) has been studied in both single (liquid) phase flow and two phase (bubbly gas—liquid) 
flow in the range of liquid flux 0.2-2.7 ms~' in a 150 mm diameter vertical tube. Single phase results confirm that 4h « U} although the 
tube distorts the true velocity profile. Use of the single phase calibration in two phase flow leads to slight underestimation at high U/, and 
overestimation at low U,: for U, > 0.5ms~' the measured values do not deviate by more than + 15%. 


INTRODUCTION 


A knowledge of the liquid velocity profile in bubble 
columns and bubbly two phase flow is an important part 
of the understanding of their hydrodynamic behaviour; 
it serves as a check on theoretical calculations based on 
energy balances'* and it is essential for the accurate 
prediction of gas holdup in large scale columns 

In a static pool column, with no net liquid flow, the 
liquid circulates up the middle and down the sides in a 
fashion described as the ‘gulf stream’ profile by Freed- 
man and Davidson’. This circulation causes a reduction 
in the gas holdup compared with its theoretical, non- 
circulating value, and is also responsible for the intense 
longitudinal mixing observed in bubble columns’. 

Measurement of liquid velocities in the presence of gas 
bubbles is not easy, and a wide variety of experimental 
techniques have been proposed and tested. They include 
the measurement of the drag on a small suspended 
sphere’, Laser-doppler anemometry® and the mea- 
surement of the time of passage of a tracer between two 
electrodes’. 

For accurate and detailed work, hot film anemometry 
is probably the best technique*’, although the sensor is 
very fragile, analysis of the signal requires complex 
equipment, and the liquid phase must be sub-cooled 
below its boiling point. A much simpler and more robust 
device is the transverse Pitot tube first described by 
Pavlov’ and used by several workers, including the 
present author**'':'’. A standard Pitot tube is unsuitable 
as air bubbles enter the instrument, and Pavlov’s variant 
avoids this problem. However, there are indications that 
it may be less accurate’. 

The work described here used the ‘Pavlov Tube’ to 
measure liquid velocity profiles in a 150mm column in 
both single phase and two phase flow, and by comparing 
the integrated value of the iiquid flux across the column 
with the known total flux, calibration factors could be 
determined. 


EXPERIMENTAL 
The principle of the instrument is based on the 
variation of pressure around a cylinder held perpendic- 
ular to a flowing fluid. In atmospheric pressure work, the 


momentum of the gas phase is negligible, and only liquid 
phase will affect the result, while the use of a transverse 
flow arrangement in place of the standard axial flow 
Pitot-static tube reduces the problems caused by small 
bubbles entering the pressure tappings, as explained 
above. 

The instrument, shown in Figure |, consists of two 
lengths of 6 mm o.d. stainless steel tubing attached either 
side of a measuring element M machined in solid brass, 
forming a continuous 6mm cylinder which is placed 
along a diameter of the 150 mm column. The measuring 
element can be traversed along the diameter of the 
column by sliding the tube in its bearings, and the tube 
can also be rotated about its axis, to determine the 
angular variation of pressure around it. 

The element M carries four holes of | mm diameter 
drilled at 90° intervals around the circumference, two of 
which lead to 2mm stainless steel capillaries running 
down the centre of the Pavlov tube, while the other two 
lead to the annular spaces around these capillaries. Side 
arms are used to connect the annular spaces to the 
manometers: one of these is welded to the 6mm outer 
tube and doubles as a pointer in the experiments where 
the tube is rotated, while the other can be removed to 
allow insertion of the tube into the column. 

The manometers consist of four vertical glass tubes, 
joined to a pressurised manifold at their upper ends, and 
to the Pavlov tube via flexible tubing at their lower ends. 
Screw clips on the flexible tubing damp out pressure 
fluctuations to give a steady reading. The manometers 
can be read to +0.1 mm with a katharometer. 

Only the heights of the four manometers relative to an 
arbitrary zero were recorded; thus absolute pressures 
cannot be given, and for analysis all pressures are 
expressed relative to the mean: 


Ah, = h, — 4 (ZA) 


This does not affect the applicability of the standard 
velocity—head relationship: 


Ah«x U? 


The Pavlov tube was tested in the recirculating bubble 
column described previously'’* and is illustrated in 
Figure 2. 
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Figure 1. Modified Pavlov tube. 


Two 150mm tubes, 10.5m high are constructed of 


opaque PVC with transparent polycarbonate viewing 
sections, and are joined by a U-tube at the bottom and 
a 600 mm square disengaging tank at the top. Air enters 
at the foot of the riser through a 50 mm pipe, closed at 
the end and drilled with 60 x 3 mm holes on its vertical 
sides; the rising air driving a liquid circulation by means 
of the gas lift effect. Tappings at 450 mm intervals up the 
riser enable a pressure profile to be determined, and 
hence the mean voidage at any height can be 
calculated'*. The radial distribution of voidage is mea- 
sured by means of an impedance probe, which can be 
inserted into the riser either on level 1 at 4.0m (27 
diameters) above the injector or on level 2 at 7.2m (48 
diameters) above the injector. 

The same bearings used for the impedance probe will 
also carry the Pavlov tube for two phase measurements. 
The majority of the work was carried out with the 
impedance probe in level 1 and the Pavlov tube in level 
2; a few runs in which these positions were reversed did 
not show any significant variation. Single phase mea- 
surements with the Pavlov tube were made at the foot of 
the downcomer 6.5 m (42 diameters) downstream of the 
orifice plate. 

Bubble size was not measured. Visually, the bubbles 
at the wall were typical 5mm air—water bubbles; there 
was evidence from the impedance probe traces of some 
much larger bubbles in the centre of the column, es- 
pecially at higher gas rates, but fully developed slug flow, 
in which the large bubbles reached the column walls, was 
only seen at conditions of very high gas/low liquid rates. 
as mentioned later. 


RESULTS AND DISCUSSION 
Single Phase Flow 
Readings of all four manometers were made at various 
anguiar settings of the Pavlov tube with the measuring 


element on the column centre line. Angular position is 
determined by the rotation of the fixed side arm over a 
scale graduated in degrees, and is accurate to about +2”. 
Since the four tappings are 90° apart, as the tube is 
rotated the pressure versus angle curves for each hole 
should be similar but phase-shifted by multiples of 90°. 
Results confirm this, and the mean of the four values is 
taken as giving the best curve of angular pressure 
variation. 

To compare results at different flow rates, we use the 
expected proportionality between Ah and U’ to plot 
a modified Froude number gAh/Uj against angular 
position. Figure 3 shows some results from the whole 
range of flow rates studied, namely 0.17ms~'< 
U, <2.7ms~'. The Reynolds numbers quoted are based 
on the diameter of the Pavlov tube (6mm) and the 
estimated common centreline velocity (1.2 U,). A single 
curve is seen to cover the entire range of liquid rates. 
Also shown on Figure 3 are some measurements quoted 
by Batchelor'’ for a cylinder in a uniform air stream at 
Re = 110 x 10°. These results have been adapted to our 
graph by dividing the uniform air velocity by 1.2, the 
ratio of centre line to mean velocity in fully developed 
turbulent flow; the remaining discrepancy may be con- 
nected with the non-uniformity of our flow. 
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Figure 2. Two phase flow equipment. 
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Figure 3. Angular variation of pressure-effect of liquid rate. 


Transverses of the column diameter have been made 
with the Pavlov tube at a fixed angle so that AA, is at a 
maximum of the curve. It is this maximum which will be 
referred to as Ah in all discussion of column traverses. 

The result of Figure 3 enables us to write: 

Ah 

=k (1) 
l 2 
where k is constant over the range of velocities studied 
here. Thus: 

gAh 

7 
By continuity 


| 2nrUdr = 2R’ U, 
whence 


(3) 


Plotting (gAh/Uj)'” against r and integrating graph- 
ically leads to a value for k, the proportionality constant 
of equation (2). 

In Figure 4 may be seen a selection of results plotted 
as (gAh/U7)'? against (r/R) for 0.17< U,<2.7ms"'. 
The profile is similar for all values of U, and graphical 
integration leads to the result 


k = 0.755 + 0.009 (4) 


From equation (2) it can bee seen that Figure 4 is 
essentially a plot of ./kA(U/U,) against r. The range of 
values of U, corresponds to a range of Reynolds num- 
bers based on the column diameter (150mm) 
0.25 x 10° < Re. < 4 x 10°. This is well within the range 
of fully developed turbulence, for which the 1/7 power 
law’ holds and Figure 4 contains a solid line correspond- 
ing to this profile, which is more peaked than the 
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experimental results. The measuring position was 6.5m 
(42 column diameters) downstream of the nearest flow 
disturbance (an orifice plate) so a fully developed tur- 
bulent profile would be expected, but as a check we have 
also measured the velocity profile in the absence of the 
Pavlov tube with a standard Pitot-static tube 3 mm in 
diameter. The measurements confirm the universal 
profile and the discrepancy is thus due to the Pavlov tube 
itself and its interaction with the fully developed tur- 
bulent flow profile in the column. 

There are two possible explanations. First, the Pavlov 
tube is quite a large instrument which may disturb the 
flow in the column. Its cross-section perpendicular to the 
flow is 900 mm’, compared with the column cross section 
of 17,700 mm’, so about 5% of the column is filled by the 
intrument. A second, and more important reason is 
likely to be the flow in the vicinity of the tube itself. The 
streamlines, in high Reynolds Number flow around a 
transverse cylinder, separate from the cylinder at 80-90 
from the forward stagnation point’ to give a stagnant 
or circulating wake over the rear of the cylinder. This 
explains the small pressure variation in that region 
compared with the front of the cylinder which can be 
noted in Figure 3. The presence of this closed wake 
region could be inferred in two phase flows from the 
large cylindrical bubble which tended to form there. The 
varying velocity of the fluid outside the wake, being 
highest on the column centre line and lowest near the 
walls, generates secondary flows within the wake along 
the axis of the Pavlov tube, leading to differences in the 
pressure distribution around the tube at different dis- 
tances from the column centre line, which will affect the 
value of the constant k in equation (1) 

The data for Re;=1.1 x 10° from reference (13) 
quoted in Figure 3 were obtained in a uniform flow field, 
and the fact that they lead to a larger value of k (0.82 
as compared to 0.755 from Figure 4) is further indication 
that the instrument is not giving true values of U as a 
function of r. 

The fact that the apparent value of A from Figure 4 
does not vary with U, over the range considered here 
means that the Pavlov tube could be used in a fixed 
position as a flow indicator, using the empirical 
k =0.755, but that it would be unsuitable for velocity 
profile measurements. 


Figure 4. Radial variation of measured velocity in single phase flow 
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Figure 5. Angular variation of pressure in two phase flow. 


Two Phase Flow 


In order to compare the shape of the angular pressure 
variation curves with and without gas, the two phase 
results plotted in Figure 5 have all been scaled to give the 
same peak height by dividing Ah by 4A,,,,. The solid line 
represents the single phase results treated the same way. 

It may be seen that at the lowest voidage plotted 
(ce = 0.02, U, = 0.81 ms~') the two phase curve is almost 
coincident with the single phase result, but that as the 
voidage increases the minimum at the rear stagnation 
point becomes flattened out while the minima of around 
80° from the forward stagnation point become corre- 
spondingly deeper. (The sum of the four values of 0, 90, 
180 and 270° equals zero from the definition of Ah, ). The 
formation of the cylindrical bubble along the full length 
of the downstream side of the Pavlov tube will lead to 
a region of constant pressure there, which is consistent 
with this result. 

For a velocity-measuring instrument, the important 
parameter is the variation of the maximum in the 
pressure profile with velocity, expressed in equation (1) 
as the parameter k, and the effect of gas bubbles on k. 

To aliow for the effect of gas bubbles, we argue as 
follows. If the mean liquid volume flux (m° of liquid per 
m°* of column cross-section) at any point in the flow is 
U, then the mean velocity of an element in the liquid 
phase is given by the interstitial velocity, U/(1 —«) 
where ¢é is the voidage. It is this velocity which deter- 
mines the kinetic energy of the liquid and hence the 
pressure drop around the Pavlov tube, when the latter is 
surrounded by liquid. However, for a fraction ¢ of the 
time, the tube is in gas which causes negligible pressure 
drop: the actual measured value is a mean (because of 
the damping in the manometer lines) given by 


measured Ah = (true liquid Ah) x (1 — «) 


Hence, equation (1) becomes: 
gAh/(1 —é) o 
[U/(1 —e)P 


gAh/(1 —«) 
U2 
Thus it is the function (gAh(1 — «¢)/Uj)'? which repre- 
sents Jk(U/U,) in equation (2) and which on integra- 
tion should yield a value of 5,/k. 

In equation (5), ¢ and U are both functions of radial 
position. The former has been measured by impedance 
probe in separate experiments to be reported later, but 
some of the relevant results are presented in Figure 6 as 
a plot of ¢/é against r/R where é is the mean voidage and 
R the column radius. It can be seen that all results scatter 
quite closely about a single curve. This is remarkable, in 
view of the fact that in many cases coalescence was 
starting to form slugs near the column centreline, as 
evidenced by the traces from the impedance probe; in the 
two highest voidage cases actual slugs could be seen 
passing the measuring point. It appears that slugging 
does not greatly alter the voidage distribution and all the 
results can be expressed by the solid curve on Figure 6, 
given by the equation 


0.42 4.07 
=1.74(1-3) -02(1~5) (6) 


This equation has been used, together with the mean 
voidage determined manometrically'* in all the results 
quoted here. The result differs markedly from that 
obtained by Serizawa et al* in a narrower column, and 
wil! be discussed in a subsequent paper. 

Figure 7 shows a set of velocity profiles for a fixed 
value of U, = 0.8 ms~' and voidage varying from 2.2 to 
41.2%. It can be seen that small amounts of gas cause 
the profile to become more sharply peaked, while larger 
amounts reverse the trend and ultimately lead to a slight 
minimum in the centre of the column. Presumably, the 
greater buoyancy caused by the high gas content on the 
column centreline results in higher liquid velocities, but 
also there is less space available for liquid flow; at low 
voidages the latter becomes more important. At the very 


k (5) 
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Figure 6. Radial variation of voidage. 
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Figure 7. Radial variation of measured velocity: two phase flow 
U, =0.8ms~? 


high voidages, above 40°, slugging was visible at the 
measuring point, and this could also have an effect. 

The key on Figure 7 indicates the values of k for each 
of the curves, and it can be seen to be approximately 
constant although with a tendency to increase with é. 
The particular form of the voidage correction is thus 
justified. 

However, the value of k obtained at different values 
of U, and Ug varies dramatically, as shown in Figure 8. 
At high liquid and low gas velocities, k lies below its 
single-phase value of 0.75, while at low liquid and high 
gas velocities it is considerably higher. Use of a fixed 
value of k based on single phase calibration would thus 
lead to a considerable overestimate of U, at low liquid 
rates. This corresponds with the conclusion reached in a 
previous paper’, that the Pavlov tube overestimates 
upwards velocities in a static pool column. That work 
involved a two-holed Pavlov tube, calibrated in a bubbly 
flow with U~1ms"', and the calibration obtained 
there can be converted to the present basis by means of 
the pressure profile of Figure 5. The result is a value of 
k (0.71) close to the single phase result obtained in this 
work, and Figure 8 indicates that, at the lower velocities 
experienced in a static pool bubble column, an over- 
estimate of the upwards velocity will result. In the 
previous paper it was suggested that the high velocity 
pulses occurring in bubble wakes could be responsible 
for the error: such pulses are relatively less important 
when the mean velocity is greater. An alternative qual- 
itative argument is as follows. 

Let the instantaneous liquid velocity, u, be composed 
of a steady velocity U plus a fluctuating component w’ 

u=U+u’ (7) 


It is the mean square velocity, u*, which should be 
substituted in equation (5), and from equation (7) 


u2=U?+u” 
So that 
gAh(1 —e)=k(U2+u2) 


gAh (1 —e) ; ;) 
—_——.— =k| 1+—]=k 
U- ( U* 
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Here, k’ represents the ‘constant’ actually measured 
from the velocity profiles in Figure 7. 

In single phase flow, u” is a function of U? only so we 
would expect k’ to be constant. In two phase flow, we 
would expect the gas bubbles to increase u’ above its 
single phase value, giving a larger value of k’. The effect 
should be most marked when U is small, giving the 
results shown in Figure 8 for U, <1ms~'. However, 
Figure 8 also shows that for U, > | ms~' k’ is ower than 
its single phase value, implying a reduction in u” in the 
presence of gas bubbles. This unlikely result was also 
found by Serizawa et al* who measured u” with a hot 
film anemometer. They attribute it to energy adsorbtion 
by bubbles at low fraction voids in high speed flows. 

A quantitative explanation of the effect is not possible 
without much more detailed study of the effect of gas 
bubbles or turbulence intensity. 

It may be noted from Figure 8 that, for 
2.6>U>9.5ms~', k lies within +30% of its single 
phase value: the transverse Pitot tube could thus be used 
to estimate liquid velocities in two phase flow in this 
range with an accuracy of + 15%. 


CONCLUSIONS 

In single phase flow the Paviov tube is an unsuitable 
instrument for the measurement of velocity profiles since 
it causes distortion of these profiles by its presence. It 
can, however, be used as a flow indicator since, on the 
column centreline, Ah oc Uj. 

A unique, though distorted, profile is obtained in a 
150mm _ pipe over the velocity range 0.15< U,< 








: | ; 


Figure 8. Effect of U,; on calibration constant & 
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2.6ms-', and the dimensionless pressure variation 
round the Pavlov tube is also independent of velocity in 
this range. 

The effect of the gas bubbles on two phase flow 
measurements can be accounted for by multiplying the 
measured pressure drop by (1 — €) ata given liquid rate, 
but the apparent calibration constant, k, is a function of 
liquid rate, causing the tube as calibrated in single phase 
flow to over-read upwards velocities at low liquid rates. 

The velocity effect can be explained qualitatively in 
terms of an increased turbulent velocity component due 
to the presence of bubbles. Within the velocity range 
0.4ms°'<U,<2.6ms~' the integrated liquid flux 
using the single phase value for the calibration flux is 
within + 20% of the true value, so the Pavlov tube may 
have some value for rough measurements of two phase 
flows because of its simple, rugged construction, and low 
cost. For more accurate work, the thin film anemometer 
should be considered 

The velocity profiles measured in two phase flow are 
more sharply peaked than those in single phase flow, at 
low voidages, but flatter, even with a central minimum 
at higher voidages. 


SYMBOLS USED 
acceleration due to gravity 
height of manometer i above arbitrary datum level 
height of manometer i above mean of the four readings 
maximum value of Ah 
calibration constant (see equation 1) 
‘constant’ in equation (8) 
distance from column centreline 
column radius 
Reynolds number based on column diameter 
Reynolds number based on diameter of Pavlov tube 
local mean liquid flux (m*s~! per m?) 
mean liquid flux over column 
liquid flux on centre line 
mean gas flux 
instantaneous local liquid flux 
fluctuating component of local liquid flux 
Greek symbols 
é local void fraction 
E mean fraction voids 


angular position of Pavlov tube 
liquid density 
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OPTIMISATION OF EXPERIMENTAL CONDITIONS 
FOR ELECTROCHEMICAL MASS TRANSFER 
MEASUREMENTS 


By F. P. BERGER and ANNE ZIAI 


Queen Mary College, University of London 


INTRODUCTION 


Electrochemical techniques are used quite frequently for 
measuring mass transfer rates, and by analogy heat 
transfer and momentum transfer rates, between a fluid 
and a solid surface. The measured quantity is the electric 
current produced by the transfer of certain reacting ions 
to electrodes forming part of the studied surface. Vari- 
ous systems have been suggested, but the one most 
frequently applied in practice is an aqueous solution of 
the redox couple potassium ferri- and ferro-cyanide with 
an added non-reacting electrolyte, usually NaOH. 
Although the theory on which the method is based is 
relatively simple, in practice various problems arise 
which need to be solved if measurements are to be 
accurate and cover the widest possible range of flow 
conditions. Unfortunately, these problems do not seem 
to be well understood and information on how to 
approach them in the literature is at best controversial 
and more often non-existent. Consequently each experi- 
menter is forced to overcome these problems as best he 
can and in some cases their inadequate solutions have 
led to results of dubious quality. The aim of this paper 
is to give explanations of some of these difficulties and 
offer guidelines on how they can be overcome, on the 
basis of experiments with the ferri-ferro cyanide system. 


THEORY AND PROBLEMS ARISING 


Figure | shows the well known discharge character- 
istic which is obtained when a potential difference is 
applied between two electrodes separated by a fluid 
containing reacting ions. It can be seen that the curve 
can be divided into three regions; for our purpose the 
most important of these is the plateau where the current 
remains constant when the voltage is increased. In the 
voltage range of the plateau, the reaction rate on the 
electrode is so fast that the concentration of reacting ions 
on the surface is very near to zero and the magnitude of 
the current (the so-called limiting current) is determined 
by the rate of arrival of the reacting ions. 

Since the arrival of reacting electrolyte ions is the 
controlling factor at the limiting current condition, the 
mechanisms involved in the solute ion transport within 


the electrolytic solution can be directly linked to the 
limiting current. For flow parallel to the electrode sur- 
face these processes are diffusion (molecular and tur- 
bulent) and migration, so that 


a Li : lnig (1) 


The usual aim when applying the electrochemical 
method is acquisition, for a given flow situation, of heat 
or mass transfer rates in the absence of electric fields. It 
is obvious that the migration term has no parallel in 
these processes and its contribution to the limiting 
current should therefore be, as far as possible, elimi- 
nated. This is achieved by adding an excess of un- 
reactive electrolyte to the solution. Both the concen- 
tration and electrical conductivity of this additional 
electrolyte are high in comparison with that of the 
reacting species, thus ensuring that there is no sharp 
potential gradient; hence migration in the reduced elec- 
tric field can be neglected. An additional! benefit arises 
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from the increased conductivity, in that the ohmic 
resistance between the electrodes is reduced. However, in 
the case of the ferri-ferro cyanide reaction the unreactive 
electrolyte used is caustic soda (NaOH) which can affect 
the electrodes and other components of the rig adversely 
if used in high concentrations. It is therefore desirable to 
establish the minimum concentration that is required to 
make migration negligible. With the effect of migration 
removed, the reaction can be described as diffusion 
controlled, thus corresponding to a mass transfer pro- 
cess in the absence of an electric field, with constant 
concentration as the boundary condition. 

At diffusion controlled conditions the limiting current 
is given by the following expression: 


Dien = K,, Cc? Z| A F (2) 


Since in the system under consideration the valency 
change of reacting ions z, = 1, the only measurements 
required for determining the mass transfer coefficient K,, 
are the bulk concentration C®, electrode area A and 
limiting current; F is the Faraday constant. 

The diffusion rate of ions increases with increasing 
flow rate of the solution. If the conditions of electrolysis 
are kept constant the value of the limiting current 
increases as well, and the range of voltage over which the 
plateau extends decreases as shown in Figure 2, until 
beyond some critical flow rate, the flat portion of the 
discharge characteristic disappears altogether. In such a 
situation the rate of electrochemical reaction is too slow 
to cope with the increased number of ions arriving at the 
electrode due to the enhanced diffusion rate. Since the 
diffusivity is approximately a linear function of tem- 
perature, while the reaction rate varies exponentially 
with temperature, the critical flow rate can often be 
modified simply by changing the operating temperature. 
Previous users of this technique have not reported this 
fact, nor explored the extension of the ranges of flow rate 
involved; indeed this may account for some discrep- 
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Figure 2. Critical flow rate. 


ancies between reported critical flow rates under similar 
flow conditions. 

Another factor which can influence the measured 
current is chemical polarisation. Most users of the 
technique' * agree that for carefully prepared solutions 
and electrodes chemical polarisation in a redox reaction 
is negligible. However, preparation of solution and 
electrodes is essential; although some users of the 
method have not used all of the recommended pre- 
cautions, their justifications of these omissions are less 
than conclusive. 


OPTIMISATION OF EXPERIMENTAL 
CONDITIONS 


The various problems arising in the use of the ferri- 
ferro-cyanide method will now be discussed together 
with the ways in which they can be solved, namely; 


(i) Adjustment of critical flow rate exploiting the 
different temperature responses of electrochemical 
reaction rate and diffusion rate. The necessity for 
accurate temperature control. 

(ii) Estimation of relative concentrations of the com- 
ponents of the electrolyte needed to reduce the 
migration component of the limiting current to a 
known negligible amount. 

(iii) Effects of adverse conditions on sclution and elec- 
trodes. Ways of avoiding deterioration of solution 
and electrode activity. The need for cathodic prep- 
aration and activation, and conditions under which 
its use is essential. 


Effect of Temperature 


The dependence of current density on temperature at 
diffusion controlled conditions arises from the tem- 
perature dependence of the diffusion coefficient. The 
treatment of mass transfer generally is simplified at the 
high Schmidt numbers involved in electrochemical meth- 
ods (1000 upwards); it can be shown that at high values 
of Sc an effective diffusion coefficient can be used in the 
equation for the diffusicn controlled reaction even 
though physical properties through the boundary layer 
may vary. The strong dependence of the diffusion 
coefficient on temperature makes accurate temperature 
control necessary. Figure 3 is a sample set of limiting 
currents recorded on several equivalent electrodes for a 
range of temperatures, the flow conditions, bulk concen- 
tration, etc. being maintained at a constant level. Figure 
3 shows that for a 3°C rise in temperature, the limiting 
current can change by as much as 20°; as expected at 
diffusion controlled conditions the dependence is linear. 
This implies that, if the error in the limiting current is 
not to exceed 1%, temperature control should be accu- 
rate to +0.2°C at least. 

The diffusivity is a linear function of temperature 
whereas the reaction rate is an exponential function. 
This difference can be exploited to modify the critical 
flow rate, since at higher temperatures the electro- 
chemical reaction rate can accommodate an increased 
rate of arrival of ions at the reaction surface by diffusion. 
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Figure 3. Temperature dependence. 


This means that by raising the temperature the critical 
flow rate can be increased as shown in Figure 4. It is seen 
that the lengths of the plateau are similar in both curves. 
A further increase in Re (i.e. fiow rate) will soon lead to 
the disappearance of the plateau in both cases, meaning 
that for the higher temperature the critical flow rate is 
substantially higher. An insight into the amount by 
which the critical flow rate can be varied can be obtained 
from Figure 5, where the variation of critical flow rate 
with temperature for two particular solution strengths is 
given. It can be seen that for a temperature rise of 10°C 
the critical Reynolds number increases by more than 
40°. 
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Figure 4. Increased critical flow rate Re, (32°) > Re, (25°). 
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Figure 5. Dependence of critical Re on temperature 


Figure 5 shows further that a reduction of the fer- 
ricyanide concentration can also be used for increasing 
the critical flow rate. However, the smaller the concen- 
tration used the larger the error in measuring the 
currents and this makes concentration a less convenient 
variable for limiting current control than the 
temperature. 


Elimination of Migration 


As mentioned previously, unreactive electrolytes re- 
duce the migration current of the reacting species of ions 
by increasing the solutions conductivity, so reducing all 
potential gradients therein and making the contribution 
of migration negligible. This makes the equation for the 
mass transfer coefficient simply dependent on diffusion 
(equation 2). 

Although users of the method generally add un- 
reactive electrolyte (sodium hydroxide) to the solution 
for this purpose, the range of concentrations of hydrox- 
ide relative to the ferri-ferrocyanide concentrations used 
vary tremendously. Although some of this variation can 
be accounted for by the use of the hydroxide concen- 
tration to vary the physical properties of the solution, 
and hence the Schmidt number, over a wide range, 
quantitative statements of what concentrations are nec- 
essary to reduce the migration term to 1% or less of the 
total measured current are virtually non-existent. It is 
usually just a large excess of unreactive electrolyte which 
is mentioned; how large an excess relative to other 
components of the solution is not stated nor linked with 
the migration current in any definite way. 

The concentration of the hydroxide which is required 
for reducing the migration term below a given per- 
centage of the total current can be found by inserting the 
expressions describing /,i and /,,\. into equation (1). For 
a species of ions i: 


i 


R oC 
—fj, = -FAz(D, = 
. «Oy 
where 


y; = D,F/RT is ion mobility and @ is applied potential. 
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For the cathode, which is normally used as the 
measuring electrode, the current is given by the reacting 
ferricyanide ions, and the other ion species do not 
contribute to it. Thus for the reacting ions (ferricyanide) 


OC a 
I, = FAz, ( Foote Eo =) (4) 
\ V 


ia 
; Oy 


For the non reacting ions (sodium ions) 

' 0c, 

I, = FAz,( D; ce he 

. * Oy 

(Similar equations, both with opposite signs apply to the 

anions). 

Now assuming electroneutrality, a large excess of 

NaOH over the cyanides: 


C)>C, 
and the potential on the cathode equal to zero: 
y=0,¢ =0 


it is possible to solve the system of equations and express 
the migration current in terms of the total current and 
the concentrations. 

The approximate solution has first been given by 
Levich' and can be written in the form 


(6) 


This means that with the widely used equimolar 0.01 M 
ferri and ferrocyanide solution, a reduction of the mi- 
gration current to 1% of the total could be achieved 
using 0.5 M hydroxide. On the basis of these consid- 
erations, the following concentrations can be recommen- 
ded as optimal: For each of the cyanides 0.005—0.01 M 
and for NaOH 0.5—1 M.Comparison of these values with 
the ratios of hydroxide to cyanide concentrations re- 
ported in the literature, shows that the applied hydroxide 
concentrations are almost invariably much higher than 
necessary. Where possible low concentrations of both 
types of electrolyte should be used since diffusion theory 
in concentrated solutions differs from that in dilute 
solutions, for which the equation for the transfer 
coefficients is derived. 

A further reason for avoiding unnecessarily high 
concentrations of NaOH is the rapid increase of the 
Schmidt number with increasing NaOH concentration. 
The higher Sc the thinner will be the concentration 
boundary layer and the smaller become the protrusions 
and roughnesses which will affect the transfer process on 
the surface. Particularly critical in this respect are the 
joints between electrodes for local transfer mea- 
surements and a plastic surface into which they are 
usually glued, since the glue is easily corroded by the 
solution. It is essential to achieve a tight and absolutely 
flush fit of the electrodes with a minimum amount of 
glue used. The advantage of the lower corrosivity of 
solutions with lesser NaOH contents is obvious. 


{Fe (CN) ¢} 


HCN + OH 


Figure 6. Photochemical decomposition of ferrocyanide. 


Effects of Adverse Conditions 


Photochemical Decomposition 

Photochemical decomposition of ferri- and more 
significantly of ferrocyanide, resulting in the formation 
of hydrogen cyanide and hydroxide ions takes place 
according to the equations shown in Figure 6. The 
hydrogen cyanide would contaminate the solution and 
poison the electrode surface. Therefore the solution 
should not be exposed to light at any point in the 
apparatus and any transparent part of the rig must be 
covered with an opaque material. In particular, it must 
not be forgotten that polypropylene tubing which is 
often used for connections to measuring instruments is 
slightly translucent, and if left uncovered can lead to 
deterioration of the solution over a period of hours. 


Absorption of Gases 

Effects on solution and electrodes of exposure to air 
are complex and much uncertainty exists concerning the 
real effects of air on measurements. Oxygen is the best 
documented culprit’, but hydrogen sulphide is also likely 
to be absorbed due to the alkalinity of the solution and 


is thus another potential electrode poison. The possible 
side reaction involving oxygen at the cathode: 


O, + 2H,O + 4e--+40H 


suggested by Aggerwaal and Talbot’ is unlikely, since 
the discharge potential of this reaction is considerably 
higher than the normal voltage range over which 
diffusion controlled conditions exist. However, the pres- 
ence of oxygen may lead to oxide films on electrodes or 
more likely to oxidation of ferrocyanide. Other lesser 
components of air may dissolve in the alkaline solution 
forming solution contaminants and electrode poisons, 
hydrogen sulphide for instance is thought to be absorbed 
by the electrode rendering it ‘passive’. Electrode poisons 
act in various ways, usually either by increasing chemical 
polarisation so that diffusion controlled conditions are 
never achieved since competing reactions increase the 
current, or alternatively by blocking off some part of the 
electrode surface, rendering it unavailable for reaction. 
This latter contamination is more difficult to detect since 
the plateau region of the discharge characteristic still 
exists, but with a reduced limiting current due to the 
smaller effective area of the cathode. 


Preparation of Solution and Electrodes 

Considerable confusion exists in the literature as to 
the required pre-treatment of the electrodes. Eisenberg et 
al.,° performed an investigation into the chemical po- 
larisation in the ferri-ferrocyanide redox reaction at 
rotating electrodes and recommended cathodic activa- 
tion of the electrodes. This consisted of a hydrogen 
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Figure 7. Effects of precautions for elimination of contaminants 


discharge treatment on the cathodes using a current 
density of 20 mA cm~? in 5° sodium hydroxide solution 
for 12-15 min. They found that with freshly prepared 
solutions under the exclusion of light and with cath- 
odically treated nickel electrodes the chemical polar- 
isation was relatively small. Sutey and Knudsen also 
used the cathodic activation recommended by Eisenberg 
et al., whereas Hubbard and Lightfoot® and also 
Aggerwaal and Talbot found it was not necessary.” 

The present authors in their experiments found that 
cathodic activation was necessary but was not sufficient 
to achieve fully reproducible results. The standard elec- 
trode treatment adopted was as follows: the electrode 
surfaces (which were already polished) were buffed with 
fine emery paper and washed with a degreasing agent 
such as carbon tetrachloride prior to cathodic activation 
as prescribed by Eisenberg. 

In order to clarify the reasons for the conflicting 
recommendations on activation and to demonstrate the 
effects of the other steps in the adopted pre-treatment, 
a systematic series of tests was carried out. The results 
are shown in Figure 7. First of all it is seen that all the 
steps are needed to achieve the optimum characteristic. 
Further the curves show that the appearance of a plateau 
in the discharge characteristic is insufficient evidence for 
an accurate assessment of the degree of contamination 
of the solution. Chemical polarisation existing in 
sufficiently small magnitudes can also give the appear- 
ance of a plateau, for which the cell current may increase 
only slightly with increasing potential, but may still 
contribute a significant percentage to the total current. 
It was further found that chemical polarisation was more 
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serious at high flow rates if the cathodes were not given 
a cathodic activation prior to a run. The resulting error 
(i.e. the difference in values of /,,,, at the extremes of the 
plateau) was found to vary from 2—3°, at the lowest flow 
rate (Reynolds No 4 x 10*) to around 9-10°, at the 
highest (Reynolds No 4 x 10°) without activation 

Thus it appears that in the absence of activation, the 
extent of chemical polarisation over the plateau region 
increases with increasing current and potential. This 
error was reduced to around 1°, by cathodic activation, 
at the highest Reynolds number. These findings explain 
why Aggerwaal and Talbot and also Hubbard and 
Lightfoot found that activation was unnecessary. In 
Aggerwaal and Talbot’s experiments the Reynolds num- 
bers were never above 1000, where chemical polarisation 
may be expected to be negligible. In Hubbard and 
Lightfoot’s experiments the highest Re = 3 x 10° and 
inspection of their sample discharge characteristic at this 
Reynolds number reveals an approximate change of 2°, 
in limiting current over the plateau. This corresponds 
well to our findings at similar Reynolds numbers and 
suggests that some chemical polarisation was occurring 
in their experiments. The amount of polarisation may 
depend also on the temperature of the solution. Gener- 
ally speaking activation can be neglected at low Rey- 
nolds numbers < 10*, whereas high Reynolds numbers 
> 10° definitely need a pre-run cathodic activation to 
reduce chemical polarisation to a minimum 

Yet another effect of inadequately prepared cathodes 
is seen in Figure This is the apparently normal 
discharge characteristic with an abnormally low limiting 
current. The appearance of this condition supports the 
theory that some poisons render the area of the electrode 
which is contaminated passive, so decreasing the 
effective area for transfer and consequently reducing the 
limiting current. If electrolyte is left on the test section 
and exposed to air, the cyanide decomposes and if this 
occurs on an electrode it poisons the electrode. If the test 
section is then simply cleaned with acid and then de 
greased before activating (as some users of this technique 
claim as sufficient), the surface contamination on the 
electrode remains and a lower limiting current will be 
obtained. It is often inconvenient to dismantle test 
sections and use emery paper on the individual elec- 
trodes, but if this procedure is neglected, exposure of the 
test section even with small traces of cyanide solution to 
the atmosphere ts likely to cause the described effect. It 
is therefore desirable to remove the test section from 
the rig immediately after a set of experiments and 
thoroughly rinse it with clean water 

The bulk solution should be isolated from exposure to 
air at all times. Nitrogen is usually used to saturate the 
solution and drive off any oxygen before adding cyanides 
to the solution and a positive nitrogen atmosphere 
should always be maintained in the main tank to prevent 
contamination. Nitrogen bubbled through the tank be- 
fore the solution is used will help to maintain a high 
degree of nitrogen saturation, but will not reverse the 
effects of exposure of the solution to air. Large rigs, 
where large quantities of chemicals are necessary, invoke 
the need to preserve the electrolyte in an uncon- 
taminated state over long periods and this should be 
considered when designing or operating such a rig 
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HEAT TRANSFER TO FERMENTATION 
SYSTEMS IN AN AIR-LIFT FERMENTER 


Part III]: Mechanisms of Heat Transfer 


By N. BLAKEBROUGH (FELLow), I. A. FATILE, W. J. McMANAMEY (Memeer) and 
G. WALKER 


Department of Chemical Engineering, University of Birmingham 


The mechanisms of heat transfer to suspensions of a micro-organism (Aspergillus niger ) in laminar flow were investigated using 
a heat-flux meter in an air-lift fermenter. To reduce the effects of changes in cell morphology (shape) and solution conditions 
during growth, the micro-organism was grown separately, then re-suspended in solutions of sodium chloride and sodium carboxy 
methyl cellulose (CMC). The rheological properties of the re-suspensions were also determined. The heat-transfer coefficients 
were higher tian values predicted by the Sieder and Tate equation (corrected for non-Newtonian behaviour, if necessary) but, 
at low microbial concentrations in sodium chloride solution, this equation could be adapted to correlate the results by replacing 
the heated length with an equivalent length, which was empirically related to cell concentration. At higher concentrations in 
the CMC solution (when the mycelia were more pelletised) a scraped-surface model gave a better representation of the results. 
Heat-transfer coefficients measured in fermentations of A. niger (with filamentous growth) could be correlated by the modified 
form of the Sieder and Tate equation, with a similar form of relationship between the equivalent length and the cell 
concentration as was found for re-suspensions in sodium chloride, but with a different numerical coefficient. 


INTRODUCTION 
The presence of micro-organisms has been found to 


increase the rate of heat transfer between suspensions of 


micro-organisms in liquids and the tube wali for laminar 
flow conditions'’. The explanation previously suggested 
for this enhancement of heat transfer was that the 
mycelial aggregates disturb the liquid layer near the 
heat-transfer surface' and the purpose of the present 
work was to examine this mechanism further. 

In the earlier studies', changes in micro-organism 
concentration were due to growth of the micro- 
organisms. However, changes in the morphology 
(shapes) of the mycelial aggregates, which may result 
both from growth and from the concomitant changes in 
the osmotic pressure of the medium, may affect heat 
transfer’. To avoid these complications, in this work the 
micro-organisms were grown separately and _ re- 
suspended in suitable solutions; changes in concen- 
tration of micro-organisms were produced by diluting 
the suspensions. 

As in the previous work'” the heat-transfer coefficients 
were measured by a heat-flux meter in the down-flow 
tube of an air-lift fermenter, with laminar flow condi- 
tions in the tube. The micro-organism used was the 
mould Aspergillus niger, re-suspended in a 0.1 molar 
sodium chloride solution, which has a high enough 
Osmotic pressure to prevent cell rupture, and also in a 
1.5kgm~°* solution of sodium carboxy methyl cellulose 
(CMC), to investigate the effect of increased viscosity. 
Heat transfer to actual fermentations of A. niger was 
also investigated. 


EXPERIMENTAL 
The air-lift fermenter, heat-flux meter and techniques 
for the measurement of the heat-transfer coefficients and 


fluid velocities have been described previously’, as have 
the fermentation medium and inoculum preparation’. 
The contents of the fermenter were maintained at 30°C 
for all experiments. The re-suspensions were prepared by 
filtering off, with a fine-mesh sieve, cells grown in the 
air-lift fermenter, washing them and then re-suspending 
them in the required solution’. 

The concentrations of A. niger in the re-suspensions 
and fermentation broths were determined as cell dry 
weights, obtained by separating the cells from a mea- 
sured volume of suspension, then washing, drying and 
weighing them**. The dry weights of A. niger in the 
re-suspensions in 0.1 molar sodium chloride solution 
were between 3.6 and 8.0kgm~°, and heat-transfer 
coefficients were measured with several fluid velocities 
between 0.2 and 0.5ms~' for each re-suspension. The 
re-suspensions in 1.5kgm~° CMC solution contained 
dry weights of A. niger between 2.3 and 11.5kgm~° and 
heat-transfer coefficients were determined at a fluid 
velocity of 0.40 ms~'. The fluid velocity was controlled 
by the rate of air flow to the bottom of the upcomer tube 
and, in all cases, laminar flow conditions existed in the 
tube containing the heat-flux meter. As in the previous 
work'*, there was no air in the downcomer tube contain- 
ing the heat-flux meter. However, since the suspensions 
were not actively metabolising, adequate oxygenation 
was available over the whole range of air flow rates. 


RHEOLOGICAL BEHAVIOUR 


The rheological behaviours of the re-suspensions and 
A. niger fermentations were determined by measuring 
the pressure drop over a known length of tube for several 
fluid flow rates, as described by Blakebrough et al’. The 
rheological behaviour of all the suspensions could be 


© Institution of Chemical Engineers 





384 BLAKEBROUGH et al 


represented by the power-law equation 
DAP/4L = K'(8V/D)". (1) 


The suspensions of A. niger in 0.1 molar sodium chloride 
solution were Newtonian fluids (i.e. n’ = 1) up to a dry 
weight of S5kgm~*; for higher concentrations, n’ de- 
creased with increase in concentration, down to 0.33 for 
a dry weight of 8kgm~*. For the suspensions in 
1.5kgm~* CMC solution, n’ was always between 0.94 
and 1, even for dry weights of A. niger above 5kgm~*. 
This difference from the suspensions in sodium chloride 
solution could be due to differences in the morphology 
of the mould in the two liquids. Microscopic exam- 
ination of small particles which combine to form the 
aggregates in sodium chloride solution showed that they 
consisted of packed nuclei of tangled hyphae surrounded 
by hyphae protruding radially from these nuclei, 
whereas photographs taken with a stereoscan electron 
microscope of samples taken from re-suspensions in 
CMC solution showed that the nuclei were much larger, 
due to more hyphae having collapsed and produced 
enlarged nuclei, with fewer and shortened hyphae pro- 
truding from them. Hence the CMC re-suspensions 
behave more like a suspension of pellets, which are 
usually near to Newtonian in rheological behaviour’. 


DISTANCES BETWEEN MYCELIAL 
AGGREGATES 


For the suspensions in sodium chloride solution the 
distances between mycelial aggregates were estimated by 
briefly stopping the flow, shining a light through the 
stationary suspension in the downcomer and measuring 
the distance in the direction of flow between the aggre- 
gates (which showed up as dark patches). These dis- 
tances decreased as the mycelial concentration was in- 
creased and were in the range of 3 to 8mm, 
corresponding to dry weights between 8 and 3.6 kgm 
For the suspensions in CMC solution the method used 
was similar to that of Levenspiel and Walton® for 
suspensions of solid particles. Levenspiel and Walton 
showed that the typical distance between 
particles = md,/6(1 — <). Average diameters of the aggre- 
gates were estimated from photographs taken with a 
stereoscan electron microscope and were found to be 
between 400 and 700 um. Void fractions were found by 
centrifuging samples and measuring the proportion of 
clear liquid*; typical distances between aggregates were 
found to be 3 to 4mm. 


RESULTS 

Previously the Sieder and Tate equation’ had been 
found to represent the results for sucrose solutions in the 
air-lift fermenter used in this work', so the form of 
correlation based on it was tested for the present results 
by plotting Nu against dGz (here 6 is the correction 
factor for non-Newtonian behaviour and is unity for 
Newtonian fluids). Except for the rheological properties 
(measured in this work) the other physical properties of 
the suspensions were taken to be those of the liquid 
(water for the CMC solution). In Figure 1, typical results 
for A. niger suspended in sodium chloride solution are 
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Figure |. Heat transfer results for A. niger suspended in sodium 
chloride solution. The lowest line represents the Sieder and Tate 
equation, Nu = 2.0 (6 Gz)'®. 














plotted (on log-log coordinates), and also shown is the 
line representing the form of the Sieder and Tate equa- 
tion previously found for the air-lift fermenter, 


Nu = 2.0(6Gz)'* (2) 


(A viscosity ratio term to allow for differences between 
the wall and bulk fluid temperatures, which is sometimes 
included in the Sieder and Tate equation was taken to 
be unity because the differences were low; typically, 
10°C). The enhancement due to the presence of the 
micro-organisms is obvious, as also is its variation with 
dry weight. For dry weights up to and including 
6.4 kg m~* the slopes of the plots are near the theoretical 
value of 1/3, while for a concentration of 8kgm~* the 
slope is more than 0.4. The results for A. niger suspended 
in CMC solution, which were obtained at constant 
velocity, will be discussed later. 


MECHANISMS OF HEAT TRANSFER 
Re-suspensions of A. niger 

If the mycelial aggregates disturb the liquid layer near 
the heated surface, heat transfer would take place into 
a series of short laminar layers. For a similar situation 
(caused by slug flow of a gas-liquid mixture in a tube) 
Oliver and Young Hoon’ suggested using an ‘equivalent 
length’ in the Graetz—Lévéque equation, in place of the 
length of the heated surface. Applying this concept to 
equation (2) it becomes: 


Nu = 2.06'? (WC/KL,)'? = 2.0(6Gz,)'" (3) 


As mentioned above, up to a dry weight of 6.4kgm~°* 
the variations of Nusselt number with flew rate conform 
reasonably with the exponent of 1/3 predicted by equa- 
tion (3) and visual observation showed that the liquid 
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Figure 2. The ratio of equivalent length to distance between mycelial 
aggregates plotted against A. niger concentration (dry weight) for A. 
niger suspended in sodium chloride solution. 


near the surface did appear to be disturbed by the 
motion of the aggregates. However, equivalent lengths 
calculated from the experimental results using equation 
(3) were found to differ from the measured mean dis- 
tances between aggregates. The plot of L,/d against dry 
weight (Figure 2) shows that L./d decreases as the 
concentration of A. niger increases. This is not un- 
expected, as d is the mean distance between nuclei, 
whereas it is the hyphae protruding from the nuclei 
which will disturb the liquid near the surface and the 
distances between hyphae from adjacent nuclei will be 
less than the distances between the nuclei. Also, as the 
microbial concentration increases, the aggregates can 
become distorted in shape, reducing the effective dis- 
tances between hyphae still further. 

A correlation could be developed between L,/d and 
dry weight, but, in actual fermentations, the distance 
between aggregates is not likely to be known. More 
generally useful is a relationship for the ratio of the 
equivaient length to the heated length. From the pre- 
vious description of the effect of the mycelial aggregates 
this ratio would be expected to be affected by the volume 
fraction of micro-organisms in the suspension, which 
can be related to the dry weight as follows: The dry 
weight of the micro-organisms is found after oven- 
drying. Since the cells have a high water content (typi- 
cally, over 80 mass °,) the mass of micro-organisms in 
the volume of suspension taken for the determination of 
the dry weight is much greater than the mass after 
drying, but is proportional to it. The density of the 
micro-organisms in the form in which they are present 
in the suspension is approximately the same as that of 
the liquid (because of their high water content) and so 
the volume fraction of micro-organisms in suspension is 
proportional to the dry weight divided by the density of 
the liquid. Hence L./L,, was correlated with X/p,. The 
best correlation obtained was: 


L,/L, = exp(—730 X/p,) (4) 


and this is shown in Figure 3. Although empirical, the 
form of the relationship agrees with expected behavior 
in that L./L,, should tend to unity as the concentration 
of micro-organisms tends to zero, and each additional 
increment of A. niger concentration has less effect on L, 
than previous ones. 
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Figure 3. The correlation of the ratio of equivalent length to heated 
length as a function of X/p, on a log-linear plot for A. niger suspended 
in sodium chloride solution. The points indicate the mean values for 


each dry weight and the vertical lines represent one standard deviation 
from the mean 





The correlation of all the results obtained with sus- 
pended A. niger is shown in Figure 4 as a plot of Nusselt 
number against 0Gz,, with L, calculated from equation 
(4). As can be seen from Figure 4, the results for the 
suspensions in sodium chloride solution with a dry 
weight of 8kgm~?’ and for the suspensions in CMC 
solution deviate considerably from equation (3), possibly 
because in these suspensions the effect of the micro- 
organisms on the liquid layer near the heat-transfer 
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Figure 4. Correlation of all heat transfer results for A. niger sus- 
pensions, using the equivalent length (L.) in the Graetz number (Gz,) 


The line represents equation (3) 


White circles: A. niger in sodium chloride solutions with dry weights 
up to 6.4kgm~° and fluid velocities between 0.2 and 0.5ms 

Black circles: A. niger in sodium chloride solution with a dry weight 
of 8.0kgm~° and fluid velocities between 0.2 and 0.37 ms 
Crosses: A. niger in CMC solution, for dry weights between 
11.5kgm~° and a fluid velocity of 0.4ms 
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Figure 5. Experimental heat-transfer coefficients obtained for ‘scraped- 
surface’ conditions plotted against predicted values from the 
film-penetration model. The symbols are the same as on Figure 4. 


surface was nearer to a scraping action than disturbance 
of the liquid layer. For the 8kgm~* suspension in 
sodium chloride this was due to the close packing of the 
aggregates caused by the high concentration of A. niger, 
which also caused a marked increase in non-Newtonian 
rheological behaviour, the value of the flow behaviour 
index n’ decreasing from 0.65 at a dry weight of 
6.5kgm~* to 0.33 at 8kgm *. In the CMC solution the 
aggregates had pelletised to some extent and so the 
nuclei could approach the surface closer than was the 
case for the filamentous form. The mechanism of heat 
transfer suggested by these observations was the form of 
the ‘film-penetration’ theory used for scraped-surface 
heat transfer’, which is: 

ae} win 


TX 


l/h =6, k +( (5) 
The thermai boundary layer thickness, 6,, can be related 
to the laminar boundary layer thickness, 6,. by "°: 


d; = 6, (Pr) ie (6) 


For the flow of power-law fluids Skelland'' (in his 
equation 8.23) has shown that: 


0; = 


where 


a ee (a+) 
4= 37 (n + 1)2 


The mean distance between ‘scrapers’ is taken to be the 
mean distance between the nuclei, so the average heat- 
transfer coefficient is given by 


lal 


1 (é 
h, =- | h dx (9) 
d Jo 


with A from equations (5) to (8). When n’ was not unity 
the integral was evaluated by numerical techniques*. The 
comparison of calculated and experimental heat-transfer 
coefficients in Figure 5 shows that the ‘film-penetration’ 
model represents quite well (within 10°,) the results at 
the highest velocity (about 0.4 m s~') for both liquids but 
under-estimates the results at lower velocities (which are 
all for sodium chloride solutions), the difference being 
37%, at the lowest velocity. The order-of-magnitude 


agreement suggests that the ‘film-penetration’ model is a 
physically reasonable approximation, particularly for 
pelletised growth conditions. However, this could not be 
tested further for actual fermentations, because the 
results obtained for A. niger in the air-lift fermenter 
(discussed in the next section) were all for filamentous 
growth. 


A, niger Fermentations 


Heat-transfer measurements during fermentations of 
A. niger in an air-lift fermenter have been made by Tart' 
and Fatile*. On several occasions during each fer- 
mentation heat-transfer coefficients were determined for 
a number of different fluid velocities, over as short a 
period of time as possible, so that the mycelial concen- 
tration remained approximately constant. Plots of Nu 
against dGz on log-log coordinates for each dry weight 
showed linear relationships with slopes in the range 0.2 
to 0.4. (Some of these plots are given in Part I of this 
series', Figures 8 and 10). As the slopes were close to the 
theoretical value of 1/3 the equivalent lengths were 
determined from equation (3) and the form of cor- 
relation of L./L, with X/p, suggested by equation (4) 
was tested, as shown in Figure 6, where L,/L,, is plotted 
on a log scale against X/p, on a linear scale (the lines 
above and below the symbols represent one standard 
deviation from the mean value). During each fer- 
mentation there is a period of logarithmic growth which 
continues until the nutrients in the feed are consumed, 
followed by senescence, when cell disintegration can 
occur. In general, for any dry weight, the values of L, are 














° 2 
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Figure 6. The ratio of equivalent length to heated length as a function 
of X/p, on a log-linear plot for A. niger fermentations. The solid line 
represents the relationship found for suspensions in sodium chloride 
solution (equation 4) and the broken line is the relationship for the 
growth phase (equation 10). 

White circles: growth phase; Black circles: senescence. The points 
indicate the mean values for each dry weight and the vertical lines 
represent one standard deviation from the mean. 
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lowest for the growth periods of the fermentations 
(shown as open circles on Figure 6), then higher for 
senescence periods (shown as filled circles) and higher 
still for the suspensions of A. niger in sodium chloride 
solution (the solid line on Figure 6). This can be 
explained by the breakdown of the hyphae radiating 
from the nuclei during senescence and also in the 
handling processes (filtration, etc.) necessary to form the 
re-suspensions. Hence, fresh growth mycelia have most 
hyphae and so are most effective in disturbing the liquid 
layer near the surface. 

The considerable scatter of the results in Figure 6 is 
due in part to L,/L,, being proportional to Nu?’ and so 
experimental errors in the measurement of the heat- 
transfer coefficients are magnified. Also, changes in cell 
morphology and the solution conditions (e.g. osmotic 
pressure) which can occur during a fermentation, and 
between different fermentations, would have an effect on 
L.. The main practical interest is in the growth phase of 
the fermentations, and the relationship: 


L/L, = exp (— 1060 X/p,) (10) 


represents the results shown in Figure 6 for the growth 
period with a correlation coefficient of 0.9822. 


CONCLUSION 


The enhancement of the rates of heat-transfer found 
in the laminar flow of microbial suspensions can be 
explained by two mechanisms: disturbances of the liquid 
layer near the surface at low microbial concentrations 
and a ‘scraped-surface’ type of heat-transfer at higher 
concentrations or when pelletised growth occurs. At low 
concentrations the heat-transfer coefficients can be cor- 
related by the Sieder and Tate equation, with the length 
of the heated surface replaced by an equivalent length, 
which can be related to the dry weight of the micro- 
organisms, although the empirical relationships found 
here for A. niger may not apply for other micro- 
organisms. A film-penetration model gives order-of- 
magnitude agreement with the results at high mycelial 
concentrations, when ‘scraped-surface’ heat transfer oc- 
curs and also for the A. niger re-suspended in CMC 
solution, when the mycelia were more pelletised. 

As the enhancement of heat transfer is due to dis- 
turbances of the liquid layer near the walls it would be 
expected to be less for turbulent flow conditions, when 
turbulent flow eddies from the bulk of the fluid will 
disturb the boundary layer. Some _ experimental 
confirmation of this has been found’. 


SYMBOLS USED 


heat capacity of the fluid (Jkg~'K~') 
mean distance between mycelial aggregates (m) 
particle diameter (m) 
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inside diameter of tube (m) 
Graetz number (WC/kL,) 
modified Graetz number (WC/kL,) 
inside film-coefficient of heat transfer (Wm~* K~') 
thermal conductivity of fluid (W m~'K~') 
consistency index (N s" m~?) 
length along tube (m) 
equivalent length (m) 
length of heated surface (m) 
flow behaviour index 
Nusselt number (hD/k) 
pressure difference along tube (N m~?) 
Prandtl number 
mean fluid velocity (m s~') 
mass flow rate of fluid (kg s~') 
distance along heated surface (m) 
dry weight (kg m~*) 
Greek Letters 
coefficient in equation (8) 
correction for non-Newtonian behaviour, (3n’ + 1)/4n’ 
thickness of laminar boundary layer (m) 
thickness of thermal boundary layer (m) 
volumetric hold-up 
p density (kg m~*) 
Subscripts 
a liquid 
m mean value 
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MARANGONI EFFECT IN DISTILLATION OF 
ALCOHOL-WATER MIXTURES 


By F. J. ZUIDERWEG (FELLOW) 


Delft University of Technology, The Netherlands 


Evidence is given that in the total reflux distillation of alcohol-water mixtures the tray efficiency is markedly increased by 
the Marangoni effect. In the practice of partial reflux distillation the Marangoni enhancement will decrease, and lower 


efficiencies should then be expected. 


INTRODUCTION 


In a recent paper M. J. Lockett and I. S. Ahmed’ report 
about new experimental sieve tray plate efficiencies, 
determined in the semi-commercial column at UMIST, 
Manchester, with the methanol—water system. In a sec- 
ond paper M. J. Lockett and T. Plaka® analyse these 
data in terms of a bubble model in which the non- 
uniformity in the bubble sizes is taken into account. The 
experimental data were measured on a 0.59 m diameter 
tray with 4mm holes and about 9°%% open area. A 
concentration range of about 10 to 50 mol methanol 
was covered in the experiments. Both the vapour phase 
tray efficiency (Eyy) and the vapour phase point 
efficiency (£,,,) are reported. Eyy is about 90°%, a value 
frequently reported for alcohol—water mixtures*”; it var- 
ied only little with concentration. This level of efficiency 
is surprisingly high when compared with hydrocarbon 
efficiencies of sieve trays. Figure 1 shows the comparison 
of the UMIST efficiencies with c-hexane—n-heptane data 
obtained at both the same vapour density by Fraction- 
ation Research Inc. (FRI)'’. Table 1 lists the pertinent 
hardware and test system data of the UMIST and the 
FRI investigations. Regarding the hardware data, one 
would expect the highest efficiency for the FRI case 
because of the lower specific weir length (causing higher 
hold-up), the longer flow path length (causing a higher 
Peclet number) and the somewhat lower open area. The 
hole size was smaller in the UMIST tests; there are no 
indications that this would influence the tray efficiency 
positively”. 

Comparing the system data, the FRI system shows on 
an average about the same transport properties as the 
UMIST methanol—water system. Exceptions are the 
surface tension and the liquid viscosity. Liquid viscosity 
is generally accounted for by its relation to the diffusivity 
and influences therefore the liquid phase resistance. 
Surface tension however is not generally recognised as a 
significant physical property in_ distillation tray 
efficiency. The AIChE tray efficiency method' does not 
apply surface tension in the translation of air—water 
mass transfer data into distillation efficiency. Also Lock- 
ett and Plaka’ in their analysis of the methanol—water 
efficiencies do not refer to a possible effect of surface 
tension; Lockett and Ahmed’ however mention the 


neglect of the Marangoni surface tension effect as one of 
the deficiencies of the AIChE method. 


SURFACE TENSION 

In order to check the influence of surface tension, de 
Goederen’ made a special investigation by studying the 
evaporation of pure liquids into air on a 100mm di- 
ameter sieve tray. From his results it can be derived that 
under hydrodynamic identical conditions the effective 
interfacial area between gas and liquid depends on the 
surface tension to a power ranging between (minus) 0.25 
and 0.7. De Goederens data do not show an important 
or systematic influence of the liquid viscosity on the 
effective interfacial area. 

Stichlmayer'’ uses the surface tension as a variable in 
his study of tray efficiency and in a recent paper’? it is 
proposed to apply the surface tension in the correlation 
of FRI efficiency data in which a variation of 1.1 to 
18.5 mN m~' is reported. Employing this correlation it is 
found that because of the less favourable hardware 
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Figure |. Sieve tray efficiencies and bed heights in the FRI tests 
(cyclohexane-n-heptane) and in the Lockett-Ahmed experiments 
(methanol—water). 
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MARANGONI EFFECT IN DISTILLATION 


Table 1. Comparison of hardware and system data 


Lockett and Ahmed Sakata and Yanagi 
(FRI) 
Column diameter (m) 0.59 1.20 
Weir length (m) 0.457 0.94 
Specific weir length (m m~*) 2.37 1.09 
Weir height (m) 0.05 0.05 
Liquid flow path length (m) 0.374 0.76 
Active area (m’) 0.20 0.859 
Hole area (m’) 0.0185 0.0715 
Free area, fraction 0.0925 0.0832 
Hole diameter/pitch (mm) 4.8/12.7 12.7/38.1 
Tray spacing 0.60 0.61 


System methanol—water cyclo-C,-n-C 
Pressure, bar 1.0 0.34 
Vapour density (kg m~*) 0.7 11 

Liquid density (kg m~°) 850 700 

Liquid viscosity (mPas) 0.30 0.37 

Surface tension (mN m~') 30-40 18.5 

Liquid diffusivity (m*s~') 18x 10-9 35x10 
Vapour diffusivity (m*s~') 2.0 x 10 1.6 x 10 
Slope of equilibrium line 0.5—1.2 0.6 


M-index (mN m~') about 20(pos) 0.5 (neg) 


configuration and the higher surface tension the calcu- 
lated methanol—water efficiency is in the order of only 
40°, and thus’ markedly lower’ than _ the 
cyclohexane-heptane efficiency of about 80%. The 
difference with the measured methanol—water efficiency 


influence on the efficiency is found however. With larger 
scale sieve trays, operating at higher vapour velocities 
the efficiency increase is much smaller'®, but still about 
10° for the same M -index of 0.6 mM m_~'. There is only 
little information available on the influence of large 


is even more spectacular; 40°, as compared with 90°. 

A tray efficiency method, derived from data on hydro- 
carbon systems can possibly not be expected to predict 
accurately the efficiency for aqueous systems. However, 
the difference between prediction and measurement is so 
large that it would appear that in the efficiency predic- 
tion an important variable has been overlooked. The 
clue to the problem is probably the Marangoni effect 
which is known to increase the tray efficiency in the case 
wher a significant part of the phase contacting is 
brought about by bubbling and when at the same time 
the mass transfer process causes a significant increase in 
surface tension. Both these conditions seem to be well 
met in the UMIST experiments. 


THE M-INDEX 
Hovestreydt’ and later also Moens'” have suggested 
employing the so called M-index as a quantitative 
variable in the study of the Marangoni effect. 
do 


do 
M =(x —x*)—- = Ax 
=. eg iz 


in which Ax represents the mass transfer driving force 
and do/dx the change of the surface tension with 
concentration. This M-index is the main variable in the 
dimensionless Marangoni number Ma = M /nk,. 

For small laboratory sieve tray columns, operating at 
low vapour velocities, a spectacular gain in tray 
efficiency is observed'* with positive values of M, e.g. a 
factor of about 2 at M=0.6mNm_! for the system 
n-heptane—toluene. The increase is caused by the fact 
that vapour bubbles are stabilised against coalescence as 
can be judged from the simultaneously increasing bed 
height. With zero or negative M-index little or no 
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values of M. An important case is reported by van der 
Meer’, who found a considerable capacity loss of a 
commercial valve tray column in an application where 
the surface tension on the trays increased by 4mN m 
Laboratory and pilot plant experiments showed that the 
bed height was increased considerably due to ‘foaming’ 
under these conditions. 

Lockett and Ahmed’ give in their paper a typical 
concentration profile from which it can be derived that 
the surface tension of the liquid increased over the tray 
from about 30mNm~' to about 40mNm~'. In the 
Lockett and Plaka* paper it is mentioned that at a 


M, Marangoni driving force,mN/m 


methanol/water 


n. heptane/ toluene 


0s 0.6 0.7 08 

= x,liquid mol fraction 
Figure 2. Marangoni index for methanol—water, ethanol—water and 
n-heptane-—toluene 
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Figure 3. Enhancement of point efficiency by the Marangoni effect. 


specified vapour loading the bed height in the 
methanol--water experiments was 0.11m. This bed 
height is plotted in Figure 1. It is seen that this value is 
not insignificantly higher than observed for the FRI 
experiments in the same vapour loading range. This is 
the more surprising because one would expect a lower 
bed height in the UMIST case since the clear liquid 
height was undoubtedly lower (as a result of higher 
specific weir length or lower weir loading). 

All of the above suggests that in the UMIST study the 
Marangoni effect could have been significant. A try will 
therefore be made to relate the efficiency enhancement in 
a more quantitative manner with the M-index. Figure 2 
gives (approximate) M-index values as function of the 
liquid concentration for methanol—water, ethanol—water 
and heptane-toluene. The curves were calculated on the 
basis of the liquid side driving force, (x — x*), of the 
vapour-—liquid equilibrium. It is seen that the M-index in 
the alcohol—water systems is a factor of about 10 to 20 
larger than in the heptane—-toluene mixture. On a cross 
flow tray the M-index values are still higher than in a 
single equilibrium step. Accordingly the M -index will be 
corrected for cross fiow effects by the multiplication with 
the Lewis Case I ratio of Eqyy/Eog. 

The Marangoni efficiency enhancement was calculated 
as the ratio between the observed point efficiency (or Eo, 
calculated from observed Eyy) and the calculated Ep, 
on the basis of the efficiency correlation mentioned 
before’*. It is assumed that the latter values represent the 
‘Marangoni effect free’ point efficiencies. The enhance- 
ment ratios calculated for four different cases are plotted 
in Figure 3 against the (cross flow corrected) M -index. 
The expected trend*’ is noted; in fact with an enhance- 
ment of about 1.10 for the hydrocarbon system at M 
(corrected) =0.8mNm-~' the enhancements in the 
methanol—water system are not unreasonably high in 
view of the high M-index values with this system. 


CONCLUSION 


It appears that high efficiencies reported in the litera- 
ture for alcohol-water systems at total reflux are most 
probably to be ascribed to the large increase in surface 
tension in the distillation of these mixtures. This is 
caused by the large difference between the surface ten- 
sion of alcohols and water on the one hand and the high 
driving force at total reflux distillation on the other 
hand. In practical distillation at partial reflux this driv- 
ing force becomes smaller, causing a decrease in the 
Marangoni enhancement and therefore a decrease in 
tray efficiency. This loss in Marangoni enhancement 
explains many of the reportedly low efficiencies at partial 
reflux as was pointed out previously be van der Veen, 
Drinkenburg and Moens"’. As a matter of fact the low 
efficiency in the partial reflux distillation of 
methanol—water mixtures is one of the literature cases 
mentioned in the van der Veen ef al paper. 


SYMBOLS USED 
Capacity factor, vapour velocity on bubbling area times the 
square root of the vapour-liquid density ratio (ms~') 
Murphree tray efficiency based on vapour 
Murphree point efficiency based on vapour 
F-factor, vapour velocity on bubbling area times the square 
root of the vapour density [ms~'(kgm~')!?] 
Liquid side mass transfer coefficient (ms~') 
Marangoni effect index (mN m_“') 
Liquid concentration, mol fraction 
Liquid viscosity (N sm~’) 
Surface tension (mN m~') 
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SHORTER COMMUNICATION 


DISTILLATION WITH OPTIMUM VAPOUR 
COMPRESSION 


By M. F. FAHMI and H. A. MOSTAFA 


Faculty of Engineering, Cairo University 


It is found that vapour compression becomes much more effective if the heat of the compressed distillate vapour is used at 
some intermediate position of the lower part of the column instead of the normal vapour condensation in the reboiler. A method 
of determination of the optimum position of the intermediate reboiler is discussed. 


INTRODUCTION 

Several articles on applying heat pumps to distillation 
have appeared in the last few years. Danziger’ conducted 
pilot plant experiments and concluded that vapour 
compression is a feasible way for economising energy in 
distillation. Null’ discussed the use and feasibility of heat 
pumps. Several other authors*® studied the economic 
advantage of the use of heat pumps in specific distillation 
operations. Flower and Jackson’ were the first to recom- 
mend distillation with intermediate vapour compression. 
However, their analysis was imprecise and the number 
of plates varied markedly with the design conditions. 

In the present optimisation study the reflux ratio is 
adjusted to give a constant number of theoretical plates. 
The effects of important factors such as the ratio of the 
cost of electric energy to thermal energy, and the value 
of the thermal driving force in reboilers have been 
studied. 


DETERMINATIONS OF THE OPTIMUM 


Calculations to determine the optimum position of the 
intermediate point have been carried out for the follow- 
ing two systems: 

1. acetic acid—water 

2. n-butane-—i-pentane 
Overall heat pump efficiency was taken to be 70%. The 
thermal driving force in the reboilers was varied in the 
range 2-10°C. Total energy cost was calculated for 
normal and for intermediate vapour compression and 
for conventional distillation. 

Preliminary calculations indicated that the number of 
theoretical plates varied markedly as the intermediate 
point was changed. So it was necessary to adjust the 
reflux ratio in each case to give a constant number of 
plates. This was performed by applying the following 
procedure: 

(a) A McCabe-Thiele diagram was used for calcu- 
lating the necessary number of theoretical plates. For 
non-ideal systems the modified latent heat of vapor- 
isation method is applied. According to this method, a 
pseudo molecular weight of the heavy component is 
defined as: 


molecular weight of 1.v.c. x latent heat of m.v.c. 
latent heat of l.v.c. 





This makes the molar flow rates of the vapour and liquid 
streams constant. A reasonable reflux ratio was chosen 
and the number of theoretical plates was calculated for 
conventional distillation. This number is kept constant 
in further calculations. 

(b) For each location of the intermediate reboiler. 
there exist different combinations of operating lines in 
the three sections of the column which give the specified 
number of theoretical plates. This was established by 
choosing the slope of the top operating line and adjust- 
ing the slopes of the other two operating lines to give the 
required constant number of theoretical plates. 

(c) For all points satisfying the restriction of constant 
number of plates, the total energy cost was calculated for 
different values of the relative cost of the electrical to 
thermal energy. The details of the calculations are given 
in the example shown in the Appendix. It is clear from 
the results in Figure | that there is a definitive minimum 
of the total cost of energy at each position of the 
intermediate reboiler. This minimum shifts towards 
higher values of (L/V), as the relative cost, E, of 
electrical to thermal energy is decreased: 

The global optimum can be calculated by plotting the 
local optima against the position of the intermediate 
point as shown in Figure 2. It is clear that the total 
energy cost passes through a minimum corresponding to 
the optimum position of the intermediate reboiler. This 
optimum is, of course, dependent on the relative cost, E, 
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Figure |. Effect of (L/V), on energy cost for acetic acid/water system 
x. = 0.4, AT = 7, x, = 0.895, xy = 0.995, x, = 0.325 
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Figure 3. Comparison of different types of distillation for acetic 
acid/water system. Number of theoretical plates = 24.8 and AT = 7. 


and on the value of thermal driving force in the reboiler 
as shown in Figure 2. 

In Figure 3 for the acetic acid—water systems, for 
E > 3 the total energy cost for the vapour compression 
system at the optimum intermediate point is smaller than 
the cost of either conventional distillation or the normal 
vapour compression system. For E < 3, it is better to use 
the normal vapour compression system. 

It is clear that where normal vapour compression fails 
in competition with conventional distillation, distillation 
with intermediate vapour compression shows substantial 
savings over conventional distillation. Figure 4 shows 
the results obtained for the n-butane-i-pentane system. 
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Figure 4. Comparison of different types of distillation for 
butane/pentane system. Number of theoretical plates = 16.5 and 
AT =2. 


CONCLUSIONS 
Study of distillation with intermediate vapour com- 
pression indicates that it may be more economic than 


either conventional distillation or normal vapour com- 
pression. The relative merits of this type depend not only 
on the specific distillation problem but also on the 
relative cost of electrical to thermal energy and on the 
value of the thermal driving force in the reboilers. 


APPENDIX 


10 tons/hr of a mixture of acetic acid and water which 
contains 89.5 mole % of water is to be separated at 
atmospheric pressure into a bottom product containing 
3.25°,, water and a top product containing 99.5°% water. 
The feed enters at its bubble point. Solving material 
balance equations, we get: Distillate = 0.0957 kg mole/s 
and Bottoms = 0.0106 kg mole/s. For a Reflux Ratio of 
5, Reboiler Duty = 23370 KW and Number of The- 
oretical Plates = 24.8 for conventional distillation. 

Different concentrations of the intermediate reboiler 
were assumed and for each concentration, the different 
values of the slopes of the three operating lines which 
give the same number of theoretical plates were obtained 
by trial and error calculation. The results for a concen- 
tration of 0.5 for the intermediate reboiler are: 


) 1.9028 1.065 1.104 1.169 1.193 
), 0.835 0.844 0.856 0.892 0.921 


(L/V 
(L/V 


1.125 
0.865 


t 


The slope of the lower operating line is used to calculate 
the reboiler duty and the steam consumption. For each 
concentration of the intermediate reboiler, bubble point 
is calculated and the required condensation temperature 
of the top product after its compression is determined as 
the sum of the bubble point and the required thermal 
driving force of the reboiler, AJ. Power required for 
compression is then determined. Total energy cost is the 
sum of the cost of steam and the cost of electric energy. 
The results obtained are shown in Figures 1, 2, and 3. 


SYMBOLS USED 


E relative cost of electrical to thermal energy 
L liquid molar flow rate 

AT thermal driving force in the reboiler 

V vapour molar flow rate 

x liquid composition, mole fraction 
Subscripts 

d___ distillate t top 

f feed w _ bottoms 


l lower i intermediate 
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CORRESPONDENCE 


From 

Dr A. R. Mansour 

Department of Chemical Engineering 
Yarmouk University, Irbid, Jordan. 


Balzli, et al (1978) presented a mathematical solution to 
a multicomponent adsorption model in activated carbon 
columns. I wish to bring the following to the attention 
of the authors. 

The values of the mass-transfer coefficients used to 
predict the breakthrough curves for the ternary system 
were 


N, = 6912 s~', N, = 6336s~', N; = 4248 s~!. 


These values appear to be incorrect. The correct values 
should be respectively: ' 0.000489 s~', 
0.0003278 s~', since the original values they used were 
taken from the experimental results of Balzli’s dis- 
sertation (1977) (see pp. 88-89), and those are re- 
spectively: 


1.92h-', 1.76h7', 1.18h7'. 


Moreover, the same model has been solved by Mansour 
et al (1982), Mansour (1983), and it has been shown that 
these values (the correct ones) are high enough to 
achieve equilibrium between solid and liquid phases. The 
authors appear to have multiplied by the factor 3600 
instead of dividing by the same factor. 
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From 

Professor D. W. T. Rippin 
Technisch-Chemisches Laboratorium 
E.T.H. Zentrum, 8092 Ziirich, Switzerland 
and 

Professor A. I. Liapis 

Department ef Chemical Engineering 
University of Missouri-Rolla 

143 Schrenk Hall, Rolla MI 65401, USA 


The parameters N,, N, and N, referred to by Dr. Mansour 


are overall transfer coefficients used in the Glueckauf 


solid film model for adsorption (equation (7) of Balzli et 
al, 1978). As described in Balzli’s dissertation’, the values 
obtained by fitting single component breakthrough 
curves were used to predict the performance of binary 
and ternary adsorption with surprising accuracy consid- 
ering the crude nature of the model. The numerical 
values of these parameters used to obtain the simulations 
shown as Figures |—4 of Balzli et al, 1978 are given in 
Balzli’s dissertation (pp. 89 and 102) 2 butanol (com- 
ponent 1) 1.92h~', t-amylalcohol (component 2) 
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1.77h~', phenol (component 2) 0.53 h~'. As Dr. Man- 
sour suggests, an arithmetic error was made in changing 
the units to those required in the Trans IChemE publication 
and we thank him for pointing this out. However, we 
stress that the graphical results presented in the paper 
were obtained with the correct parameter values given 
above. 

The solid film model was used to test what can be 
achieved with a very simplified model of the system and 
was surprisingly successful in extrapolating the results of 
column experiments to other column conditions. How- 
ever, it was not successful in correlating the results of 
batch experiments. 

A more appropriate model was developed to represent 
the results of batch experiments, and pore diffusion 
coefficients derived from fitting this model to batch 
experimental results gave very good simulations of the 
results of column experiments when axial diffusion was 
also included in the column model. Good fits to column 
experiments could also be obtained without axial 
diffusion but to achieve this the pore diffusion 
coefficients had to be adjusted from those obtained in the 
batch experiments. This suggests that the inclusion of 
axial diffusivity gives the model a wider range of validity. 

The parameters N,, N, and N, fitted by Balzli are for 
a single parameter overall solid film model. Use of the 
same values of the mass transfer coefficients to charac- 
terise the transfer from the pore liquid to the internal 
surface of the solid particle, as by Mansour et al, is not 
apprepriate. The fact that the use of these values gives 
good agreement with experiment can only be fortuitous. 
If values of these coefficients can be found for which the 
pore liquid and the internal solid surface are always in 
equilibrium then the results of the simulation will not be 
affected by the choice of any higher values. Mansour 
indicates that this equilibrium is achieved so that the 
given values of the mass transfer coefficients or any 
higher values could be used with equal success. 

Results have already been published for a model in 
which equilibrium is assumed between pore liquid and 
internal solid surface but which includes pore diffusion, 
film resistance on the outer surface of the particle and 
axial diffusion in the external liquid. These results for 
binary'* and ternary’ adsorption fit Balzli’s experimental 
results at least as well as Mansour’s simulations. It 
should be stressed that in the above model values for 
external film resistance and axial diffusivity were ob- 
tained from literature correlations and values of pore 
diffusion coefficients were the same as those needed to 
simulate batch experiments using a different, simpler 
model. 
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